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Abstract: Ethylene, propylene and isobutylene are among the most important intermediates for the 

production for many chemical products in industry. These chemicals are mostly produced through 

catalytic dehydrogenation which has thermodynamic limitations in terms of performance. Mem-

brane reactors provide a unique opportunity to overcome these limitation. In this work, MFI zeolite 

membrane reactor was used to perform ethane, propane, and isobutane dehydrogenation. For 

ethane, propane, and isobutane dehydrogenation, impact of impact of different operating conditions 

on reaction performance was studied. In packed bed reactor (PBR), ethane dehydrogenation and 

propane dehydrogenation reaction performance decreased with increase in reaction side pressure. 

However, for packed bed membrane reactor (PBMR) reaction performance increased with reaction 

side pressure. The maximum ethane conversion, ethylene selectivity and ethylene yields obtained 

were 29%, 97%, and 28%, respectively. Similarly, the highest propane conversion, propylene se-

lectivity and propylene yields obtained were 49%, 97%, and 47%, respectively. For the isobutane 

dehydrogenation the impact of operating conditions like temperature, sweep gas flow rate, and 

space velocity was examined. The highest isobutane conversion, isobutylene selectivity and isobu-

tylene yield was 27%, 97% and 26% respectively. Also 1D plug flow reactor (PFR) model was 

developed for ethane, propane and isobutane dehydrogenation reaction. Model correctly predicted 

the conversion values and was also used to evaluate the conversion values beyond experimental 

conditions. However, dehydrogenation reaction in PBMR helped in overcoming thermodynamic 

limitations and also produced relatively purer products but still there is a need for further purifica-

tion of these products. For further purification of products in propane dehydrogenation reaction, 

novel ZIF-8 membrane were synthesized for separating propylene/propane gas mixture. ZIF-8 

membrane was synthesized on anodic aluminum oxide (AAO) using secondary growth method. In 

this study, effect of seeding type, membrane synthesis time, and effect of zinc source was examined. 

It was found that silicalite seeding, 10 h synthesis time, and ZnCl2 as precursor were the optimized 

conditions for ZIF-8 membrane synthesis and the reported separation factor for propylene/propane 

gas mixture was 170 and the corresponding propylene permeance was 0.9 × 10−8 mol m-2 s-1 Pa-1. 

Silicalite seeding helped in better attachment of ZIF-8 layer to the support. Though, ZIF-8 mem-

brane exhibited impressive propylene/propane separation performance but still there were inherent 

defects and pinholes in the ZIF-8 framework because of Zn vacancies. ZnO atomic layer deposition 

(ALD) was used to cure the defects in the membrane framework. After ALD, ZIF-8 membrane 

separation performance for propylene/propane gas mixture enhanced from 141 to 270 after two 

ALD cycles. Further ALD cycles only deposited ZnO on ZIF-8 pores and reduced separation factor 

for propylene/propane gas mixture. However, propylene and propane gas permeance decreased 

monotonously with number of ALD cycles.        



vii 

 

TABLE OF CONTENTS 

 

Chapter                                                                                                                                           Page 

I.INTRODUCTION ......................................................................................................................... 1 

II.BACKGROUND AND LITERATURE REVIEW ...................................................................... 6 

2.1 Zeolite membrane and zeolite membrane reactors................................................................. 6 

          2.1.1 Ethane dehydrogenation ................................................................................................ 9 

          2.1.2 Propane dehydrogenation ............................................................................................ 10 

          2.1.3 Isobutane dehydrogenation ......................................................................................... 13 

2.2 ZIF-8 membranes ................................................................................................................. 15 

III.ZEOLITE MEMBRANE REACTORS .................................................................................... 18 

3.1 Ethane dehydrogenation (EDH) reaction using MFI zeolite membrane reactor .................. 19 

          3.1.1 Experimental section ................................................................................................... 19 

          3.1.2 Modelling section ........................................................................................................ 24 

          3.1.3 Results and discussion ................................................................................................ 25 

3.2 Propane dehydrogenation (PDH) reaction using MFI zeolite membrane reactor ................ 39 

          3.2.1 Experimental section ................................................................................................... 39 

          3.2.2 Modelling section ........................................................................................................ 39 

          3.2.3 Results and discussion ................................................................................................ 42



viii 

 

Chapter                                                                                                                                        Page  

3.3 Isobutane dehydrogenation (IBDH) reaction using MFI zeolite membrane reactor ............ 55            

          3.3.1 Experimental section ................................................................................................... 55 

          3.3.2 Modelling section ........................................................................................................ 55 

          3.3.3 Results and discussion ................................................................................................ 57 

IV.ZIF-8 MEMBRANES .............................................................................................................. 70 

4.1 ZIF-8 membrane preparation ............................................................................................... 71 

          4.1.1 Experimental section ................................................................................................... 73 

          4.1.2 Results and discussion ................................................................................................ 75 

4.2 Atomic layer deposition (ALD) on ZIF-8 membrane .......................................................... 88 

          4.2.1 Experimental section ................................................................................................... 88 

          4.2.2 Results and discussion ................................................................................................ 89 

V.SUMMARY AND FUTURE WORK ..................................................................................... 103 

5.1. Ethane dehydrogenation reaction ...................................................................................... 103 

5.2 Propane dehydrogenation reaction ..................................................................................... 104 

5.3 Isobutane dehydrogenation reaction .................................................................................. 105 

5.4 ZIF-8 membrane for propylene/propane gas separation .................................................... 105 

5.5 Future work ........................................................................................................................ 107 

          5.5.1 Dehydrogenation reactions ....................................................................................... 107 

          5.5.2 Propylene/propane gas separations ........................................................................... 109 

REFERENCES ............................................................................................................................ 110 

APPENDICES ............................................................................................................................. 131 

 



ix 

 

LIST OF TABLES 

Table                                                                                                                                                   Page 

1.1. Production of ethylene, propylene, and isobutylene year wise in million tons per annum (mtpa)

 ......................................................................................................................................................... 2 

3.1. EDH membrane reactor conditions ......................................................................................... 23 

3.2. P0
m,i and Ea,i for equation 3.10 and 2/H i at different temperatures ......................................... 26 

3.3. PDH membrane reactor conditions ......................................................................................... 39 

3.4. IBDH membrane reactor condition ......................................................................................... 55 

3.5. Pm,i and 
2/H i values for H2, i-C4H10 and i-C4H8 after ~215 h of operation .......................... 59 

4.1. Elemental composition (wt.%) for MFI seeded AAO support, MFI seed+ ZIF-8 membrane, 

ZIF-8 seeded AAO support, ZIF-8 seed+ ZIF-8 membrane, and ZIF-8 in-situ membrane ........... 79 

4.2. BET surface area and pore volume of ZIF-8 membrane as measured by N2 adsorption at 77K

 ....................................................................................................................................................... 81 

4.3. Propylene/propane binary gas separation results with ZIF-8 membrane synthesized without 

seeding process, with ZIF-8 nanocrystals as the seeding layer, and with silicalite nanocrystals as 

the seeding layer, respectively. ....................................................................................................... 86 

4.4. Propylene/propane binary gas separation results with ZIF-8 membrane synthesized with zinc 

nitrate and zinc chloride as the zinc source, respectively, on silicalite seeded AAO ..................... 87 

4.5. Propylene/propane binary gas separation results with ZIF-8 membrane synthesized at 5, 10, 

and 20 h, respectively .................................................................................................................... 87 

4.6. Weight (%) for pristine AAO substrate, ZIF-8 membrane and ALD ZIF-8 membrane .......... 94



x 

 

Table                                                                                                                                              Page 

4.7. BET surface area and pore volume of ZIF-8 and two cycles of the ZnO ALD ZIF-8 membrane 

as measured by N2 adsorption at 77K. ......................................................................................... 100 

4.8. Gas permeation results for equimolar C3H6/C3H8 mixtures through methanol exchanged ZIF-8 

membranes with number of ZnO ALD cycles ............................................................................. 101 

 



xi 

 

LIST OF FIGURES 

Figure                                                                                                                                                Page 

1.1. Overall schematic of the membrane reactor and product separation setup used in the work ... 4 

2.1: Schematic description of zeolite membrane formation on a porous substrate (a) nucleation on 

surface, and (b) crystal growth into continuous polycrystalline membrane [37] ............................. 8 

3.1. Schematic diagram showing membrane reactor system used for dehydrogenation reaction .. 23 

3.2. SEM images of the secondary grown zeolite MFI membrane (a) surface and (b) cross section

 ....................................................................................................................................................... 26 

3.3. Effect of reaction pressure on ethane conversion for (a) 500 oC, (b) 550 oC, and (c) 600 oC in 

PBMR and PBR (WHSV = 0.74 h−1; FAr = 20 cm3/min; and pperm = 1 atm) .................................. 28 

3.4. Effect of reaction pressure on ethylene selectivity and ethylene yield for (a) 500 oC, (b) 550 oC, 

and (c) 600 oC in PBMR and PBR (WHSV = 0.74 h−1; FAr = 20 cm3/min; and pperm = 1 atm) ...... 29 

3.5. Effect of reaction pressure on RH2 and yH2,p for (a) 500 oC, (b) 550 oC, and (c) 600 oC in PBMR 

(WHSV = 0.74 h−1; FAr = 20 cm3/min; and pperm = 1 atm) ............................................................. 30 

3.6. Effect of H2 concentration in feed on (a) ethane conversion, (b) ethylene selectivity, (c) ethylene 

yield, and (d) ethane conversion versus EDH reaction time for PBMR at WHSV of 0.74 h-1, 

temperature of 600 °C, pfeed = 1 atm, pperm=1 atm, and the feed (H2+C2H6 mixtures) of 10 cm3/min

 ....................................................................................................................................................... 32 

3.7. Effect of pressure on methane selectivity at (a) 500 °C, (b) 550 °C, and (c) 600 °C for PBR and 

PBMR (WHSV = 0.74 h-1 and FAr = 20 cm3/min) .......................................................................... 34



xii 

 

Figure                                                                                                                                                        Page 

3.8. Effect of reaction pressure and temperature on ethane conversion for (a) WHSV = 0.74 h-1, (b) 

WHSV = 1.04 h-1, (c) WHSV = 1.34 h-1, and (d) WHSV = 1.63 h-1 for FAr = 20 cm3/min ............ 35 

3.9. Effect of reaction pressure along the normalized reactor length on ethane conversion for (a) 

PBR at 600 oC, (b) PBR at 650 oC, (c) PBMR at 600 oC, and (d) PBMR at 650 oC for FAr = 20 

cm3/min and WHSV = 0.45 h-1 ...................................................................................................... 37 

3.10. Effect of reaction pressure along the normalized area on ethane conversion for PBMR at (a) 

550 oC and (b) 650 oC for FAr = 20 cm3/min and WHSV = 0.45 h-1 .............................................. 38 

3.11. PDH reaction rates in PBR mode showing (a) relationship between rate constant and 

temperature and (b) relationship between equilibrium constant and temperature ......................... 42 

3.12. Permeation characteristics of (a) H2/C3H8 and (b) H2/C3H6 equimolar mixtures in MFI zeolite 

membranes as a function of temperature ....................................................................................... 43 

3.13. Effect of reaction temperature on (a) propane conversion, (b) propylene selectivity and 

propylene yield, and (c) Ø (WHSV = 1.1 h−1; pperm = 1 atm; and FAr = 20 cm3/min) .................... 44 

3.14. Effect of WHSV on (a) propane conversion, (b) propylene selectivity and propylene yield, 

and (c) Ø (temperature = 600 °C; pperm = 1 atm; and FAr = 20 cm3/min) ....................................... 45 

3.15. Effect of FAr on (a) propane conversion, (b) propylene selectivity and propylene yield, and (c) 

Ø (temperature = 600 °C; pperm = 1 atm; and WHSV = 1.1 h-1) ..................................................... 46 

3.16. Effect of reaction pressure on propane conversion for (a) 500 oC, (c) 600 oC in PBMR and 

PBR, and (c) Ø  (WHSV = 1.1 h−1; FAr = 20 cm3/min; and pperm = 1 atm) ..................................... 48 

3.17. Effect of reaction pressure on propylene selectivity and propylene yield for (a) 500 oC and (b) 

600 oC in PBMR and PBR (WHSV = 1.1 h−1; FAr = 20 cm3/min; and pperm = 1 atm) .................... 49 

3.18. Effect of reaction pressure on RH2 and yH2,p for (a) 500 oC and (b) 600 oC in PBMR (WHSV = 

1.1 h−1; FAr = 20 cm3/min; and pperm = 1 atm) ................................................................................ 50 

3.19. Effect of pressure on methane selectivity at (a) 500 °C and (b) 600 °C for PBR and PBMR 

(WHSV = 1.1 h-1 and FAr = 20 cm3/min) ........................................................................................ 51 



xiii 

 

Figure ......................................................................................................................................... Page 

3.20. Effect of reaction pressure and temperature on propane conversion for (a) WHSV = 1.1 h-1 

and (b) WHSV = 2.1 h-1 for FAr = 20 cm3/min ............................................................................... 52 

3.21. Effect of reaction pressure along the normalized reactor length on propane conversion for (a) 

PBMR at 500 oC, (b) PBMR at 600 oC, (c) PBR at 500 oC, and (d) PBMR at 600 oC for FAr = 20 

cm3/min and WHSV = 1.1 h-1 ........................................................................................................ 53 

3.22. Effect of reaction pressure along the normalized area on propane conversion for PBMR at (a) 

500 oC and (b) 600 oC for FAr = 20 cm3/min and WHSV = 1.1 h-1 ................................................ 54 

3.23. IBDH reaction rates in PBR mode showing (a) relationship between rate constant and 

temperature and (b) relationship between equilibrium constant and temperature ......................... 57 

3.24. (a) Surface and (b) cross sectional SEM images of the secondary grown MFI zeolite 

membranes before the IBDH reaction ........................................................................................... 58 

3.25. Separation performance of (a) H2/i-C4H10 (b) H2/i-C4H8 equimolar mixtures in MFI zeolite 

membranes as a function of temperature ....................................................................................... 59 

3.26. (a) i-C4H10 conversion, (b) i-C4H8 selectivity and i-C4H8 yield, and (c) RH2 and yH2,p in PBMR 

versus reaction temperature (WHSV = 1.37 h−1; pperm = 1 atm; and FAr = 20 cm3/min) ................ 61 

3.27. Molar concentration of i-C4H10, i-C4H10 and H2 for (a) PBMR retentate, (b) PBMR permeate, 

and (c) PBR versus reaction temperature (WHSV = 1.37 h−1; pperm = 1 atm; and FAr = 20 cm3/min)

 ....................................................................................................................................................... 62 

3.28. (a) i-C4H10 conversion, (b) i-C4H8 selectivity and i-C4H8 yield, and (c) RH2 and yH2,p in PBMR 

versus WHSV (pperm = 1 atm; temperature = 600 °C; and FAr of 20 cm3/min) .............................. 63 

3.29. Effect of FAr on (a) i-C4H10 conversion, (b) i-C4H8 selectivity and i-C4H8 yield, and (c) RH2 

and yH2,p in PBMR (pperm = 1 atm; WHSV = 1.37 h-1; and temperature = 600 °C) ......................... 65 

 

 

 



xiv 

 

Figure ......................................................................................................................................... Page 

3.30. i-C4H10 conversion in the PBMR as a function of (a) pressure and temperature (FAr = 20 

cm3/min and WHSV = 1.37 h-1), (b) WHSV and temperature (WHSV = 1.37 h-1 and pfeed = 1 atm), 

(c) FAr and temperature (pfeed = 1 atm and WHSV = 1.37 h-1), (d) WHSV and FAr (temperature = 

600 °C and Pfeed = 1 atm), (e) WHSV and pfeed (FAr = 20 cm3/min and temperature = 600 °C), and 

(f) pfeed and FAr (WHSV = 1.37 h-1 and temperature = 600 °C) ...................................................... 68 

3.31. Calculated i-C4H10 conversion along the reactor length as a function of temperature for (a) 

PBMR at 1 atm, (b) PBR at 1 atm, (c) PBMR at 2 atm, and (d) PBR at 2 atm (FAr = 20 cm3/min  

and WHSV = 1.37 h-1) ................................................................................................................... 69 

4.1. SEM images and schematics of (a) AAO substrate, (b) Silicalite seeding + AAO substrate, and 

(c) ZIF-8 membrane + silicalite seeding + AAO substrate ............................................................ 73 

4.2. Schematic showing the experimental setup for the C3H6/C3H8 separation ............................. 74 

4.3. XRD patterns of (a) pristine AAO substrate, (b) ZIF-8 membrane without seeding layer, (c) 

ZIF-8 membrane with ZIF-8 nanocrystals as the seeding layer, and (d) ZIF-8 membrane with 

silicalite nanocrystals as the seeding layer ..................................................................................... 76 

4.4. Surface SEM images and cross section SEM images of (a1, a2) pristine AAO support, ZIF-8 

membranes synthesized at 10 h (b1, b2) without seeding process, (c1, c2) with ZIF-8 nanocrystals 

as the seeding layer, and (d1, d2) with silicalite nanocrystals as the seeding layer, respectively .. 78 

4.5. XPS spectra for (a) Zn 2p 1s, (b) N 1s, and (c) C 1s of ZIF-8 membrane for in-situ ZIF-8 

membrane, ZIF-8 seeding + ZIF-8 membrane, and silicalite seeding + ZIF-8 membrane ............ 80 

4.6. FT-IR spectra of (a) in-situ ZIF-8 membrane, (b) Silicalite seeding + ZIF-8 membrane, and (c) 

ZIF-8 seeding + ZIF-8 membrane .................................................................................................. 80 

4.7. N2 adsorption and desorption isotherms for ZIF-8 membranes .............................................. 81 

4.8. Surface SEM images and cross section SEM images of ZIF-8 membranes synthesized at 10 h 

(a1, a2) with zinc nitrate and (b1, b2) zinc chloride as the zinc source, respectively, with silicalite 

nanocrystals as the seeding layer ................................................................................................... 83 



xv 

 

Figure ......................................................................................................................................... Page 

4.9. (a1, b1, c1) Surface SEM images and (a2, b2, c2) cross section SEM images of ZIF-8 

membranes with silicalite nanocrystals as the seeding layer with the synthesis time of 5, 10, and 20 

h, respectively ................................................................................................................................ 85 

4.10. Schematic diagram of the ALD process for depositing ZnO on the surface of ZIF-8 membrane 

using diethylzinc and water precursors .......................................................................................... 89 

4.11. Defect healing using atomic layer deposition in ZIF-8 membrane ....................................... 90 

4.12. SEM images of (a0) pristine AAO substrate, (a1) ZIF-8 membrane (b0) ZIF-8 surface, (b1) 

ZIF-8 cross-section, (c0, c1) ZIF-8 surface and cross-section after two cycles of ZnO ALD, and (d0, 

d1) ZIF-8 surface and cross-section after four cycles of ZnO ALD .............................................. 93 

4.13. EDX colored images of (a) pristine AAO substrate, (b) ZIF-8 membrane, and (c) ALD ZIF-8 

membrane ....................................................................................................................................... 93 

4.14. XRD patterns of pristine ZIF-8 membrane and ZIF-8 membrane after two cycles of ZnO ALD

 ....................................................................................................................................................... 95 

4.15. XPS spectra of ZIF-8 nonporous thin film: (a) Zn 2p, (b) N 1s, and (c) C 1s ...................... 97 

4.16. FT-IR spectra of ZIF-8 nonporous thin film: (a) Zn 2p, (b) N 1s, and (c) C 1s .................... 98 

4.17. N2 adsorption and desorption isotherms for ZIF-8 and ZIF-8 ALD membranes .................. 99 

4.18. Effect of number of ALD cycles on C3H6/C3H8 separation performance using ALD ......... 101 

4.19. Effect of number of ALD cycles on C3H6/C3H8 separation performance using ALD ......... 102 



1 

 

CHAPTER I 
 

 

INTRODUCTION 

 

The manufacturing of fuels and chemicals has been among the most important chemical processes 

and has been under scrutiny for technological improvements. Important parameters for improving these 

processes are catalysis, heat integration, product purification and efficient cleanup [1]. Alkane dehydro-

genation reaction generates products like ethylene, propylene and isobutylene that are highly important in 

chemical industry. Table 1.1 shows the increasing demand of ethylene, propylene, and isobutylene in the 

recent times.  

Summary 

This study is divided into three aims. Aim I: Perform alkane dehydrogenation reaction using membrane 

reactor for overcoming thermodynamics limitation. Aim II: Fabricate novel ZIF-8 membrane for high 

propylene/propane separation for purifying dehydrogenation reaction products. Aim III: Modify the 

structure of ZIF-8 membrane using ZnO atomic layer deposition (ALD) to cure pinholes and defects.  
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Table 1.1. Production of ethylene, propylene, and isobutylene year wise in million tons per annum (mtpa) 

 2013 2019 2023 

Ethylene [2, 3] 142 207.58 263.13 

Propylene [4] 85 122 150 

Isobutylene [5] 11.59 13.46 16.23 

 

Membrane reactor is one such evolving technology which has several benefits over conventional 

processes for the production and purification of these chemicals [6]. Combining membrane with catalysis 

has attracted a lot of attention in recent research [1, 7-11]. Inorganic membrane reactors have already been 

investigated for number of reactions [3, 12-20]. Alkane dehydrogenation reaction has H2 and corresponding 

alkene as products. Membrane reactors help in enhancing dehydrogenation reaction performance in terms 

of corresponding alkane conversion, product alkene selectivity, and product alkene yield. Apart from en-

hancing dehydrogenation reaction performance, membrane reactor also helps in separating products (H2 

and alkene) which helps in shifting the reaction equilibrium to the product side and thus helps in improving 

the product yield [21].  

 2Alkane Alkene H     (1.1) 

Dehydrogenation reaction is thermally unfavorable compared to cracking of hydrocarbon because 

the bond strength C-C (246 KJ/mol) is much lower than C-H bond (363 KJ/mol). However, the catalysts 

like Pt/Al2O3, Pt-Sn/Al2O3, and Pd/Al2O3 help in ensuring minimal C-C bond rupture. Metal catalyst helps 

in activating strong C-H bond σ orbital [22]. Thus membrane reactor along with suitable catalyst helps in 

achieving higher performance [23, 24]. Overall, membrane reactor can perform dehydrogenation reaction 

and product purification in one single step. The overall purpose of this work is to design efficient ways for 

conducting dehydrogenation reaction to produce industrially important alkenes and to further purify these 
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valuable products. In AIM I, we plan to use MFI zeolite membrane for the dehydrogenation of ethane, 

propane and isobutane. In dehydrogenation reaction, we plan to investigate the impact of different operating 

parameters such as temperature, pressure, sweep gas flow rate, and space velocity on the dehydrogenation 

reaction performance. In addition, we plan to develop 1D PFR model for the dehydrogenation reactions in 

order to validate experimental results and also to predict reaction performance beyond the experimental 

conditions. Moreover, most valuable products in dehydrogenation reaction are ethane, ethylene, propane 

and propylene. Dehydrogenation reaction using MFI zeolite membrane helps in a considerable separation 

of H2 and corresponding alkene. However, in the retentate, a mixture of unreacted alkane and product alkene 

still coexists. MFI zeolite membrane has pore size of 0.55 nm, which is higher than the molecular size of 

ethane, ethylene, propane, and propylene, and thus these gases cannot be separated using the MFI zeolite 

membrane [25-27]. Therefore, in AIM II, we plan to design the ZIF-8 membrane using novel fabrication 

techniques for the separation of propylene/propane gas mixture. This membrane can be used to further 

purify the industrially important dehydrogenation reaction products. In AIM III, we plan to use ZnO atomic 

layer deposition (ALD) on ZIF-8 membranes to cure the inherent defects in the ZIF-8 framework and to 

further enhance the separation performance of ZIF-8 membrane for propylene/propane gas mixture. Figure 

1.1 depicts the overall schematic used for membrane reactor and the product separation setup. All three 

aims with details are described as follows. 

 

Aim I: Perform alkane dehydrogenation reaction using membrane reactor for overcoming thermo-

dynamics limitation 

We plan to perform dehydrogenation reactions for ethane, propane and isobutane using packed bed 

membrane reactors (PBMR) and achieve the reaction performance higher than thermodynamic limitations. 

The purpose is to device new and efficient membrane reactors, which can enhance product yield in the 

dehydrogenation reactions. We also plan to develop 1D PFR model so that the dehydrogenation reaction 

performance can be predicted beyond experimental values.  
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Figure 1.1. Overall schematic of the membrane reactor and product separation setup used in the work 

 

Aim II: Fabricate novel ZIF-8 membrane for high propylene/propane separation for purifying dehy-

drogenation reaction products 

Propylene and propane are among the most important industrial products from the dehydrogenation 

reactions. In this work, we aim for the purification of propylene/propane gas mixture. Although membrane 

reactors perform separation, that is mainly for H2/hydrocarbon separation. Propylene/propane separation is 

more difficult because of similar physical properties and molecular size. Presently propylene/propane gas 

separation in industry is carried out via cryogenic distillation, which is very expensive and energy intensive. 

Membrane separation is a cheap and efficient way to purify these industrially important gases and therefore 

we plan to perform propylene/propane separation using ZIF-8 membrane under this aim. We plan to design 

the novel ZIF-8 membranes, which can separate the propylene/propane gas mixtures from dehydrogenation 

reactions.  
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Aim III: Modify the structure of ZIF-8 membrane using ZnO atomic layer deposition (ALD) to cure 

pinholes and defects 

ZIF-8 membrane exhibited excellent separation performance for the propylene/propane gas mixture 

in AIM II (selectivity ~ 170). However, there were still inherent pinholes and defects, which allow the 

viscous flow of gases across the membranes and thus reduce the separation performance of the membrane. 

Using ZnO atomic layer deposition (ALD) as a membrane modification technique, we plan to cure these 

pinholes and defects and tune the pore size in order to enhance ZIF-8 membrane separation performance 

for the propylene/propane gas mixtures.
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CHAPTER II 

 

 

BACKGROUND AND LITERATURE REVIEW 

 

2.1 Zeolite membrane and zeolite membrane reactors 

Zeolites are microporous aluminosilicate minerals made up of tetrahedral units. In the tetrahedral 

unit, one atom is either Si or Al, which is surrounded by four oxygen atoms. These tetrahedral units are 

linked to each other by common oxygen atom which gives cavities its structure with definite size and shape 

[28]. For completely siliceous materials, the framework is electrically neutral. There are more than 170 

types of zeolite structures that have been identified so far. Supported polycrystalline zeolite membranes are 

suitable for the energy efficient separation of gas and liquid mixtures [29]. Macroporous and mesoporous 

ceramic, stainless steel, glass plates and tubes are some common membrane supports mostly in the form of 

disc and tubes [30-32]. Many types of zeolites membranes have been tested for many molecular separations 

Summary 

We reviewed the literature that dealt with packed bed reactor (PBR) and packed bed membrane reactor 

(PBMR) for ethane, propane and isobutane dehydrogenation reactions. This chapter discussed different 

membranes used in dehydrogenation reaction and their corresponding performances. A comprehensive 

literature review about propylene/propane gas separation using different membranes is also provided.  
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[33-35]. The pore sizes of 8-member ring LTA, 10-member ring MFI, and 12-member ring FAU are about 

0.41, 0.56 and 0.74 nm, respectively. These are most extensively studied structures because their pore sizes 

are suitable for separating a large number of industrially important chemicals for industry. 

Zeolites membranes are commonly synthesized by hydrothermal treatment of the substrate surface 

in liquid phase aluminosilicate precursor, which can be either in the form of clear solution or sol or gel. The 

crystallization of zeolites and eventual crystal structure are sensitive to the precursor composition, the use 

of structure directing agents (SDA), the specific route of precursor preparation, the synthesis temperature, 

and duration. Undesirable impurity crystal phases might also be present in zeolite films and can affect the 

morphology, impurity, and chemical stability [36]. 

The process for the synthesis of polycrystalline zeolite membranes on porous substrate is shown in 

Figure 2.1. In an insitu crystallization process, zeolite nuclei form on the surface either by heterogeneous 

nucleation or by deposition of the nuclei generated in the bulk solution. While in the seeded secondary 

growth method, the zeolite seed layer is pre coated using separately synthesized zeolite suspensions. The 

discrete layer of nuclei or seed crystals subsequently evolves in a continuous film by crystal growth in a 

synthesis solution. Final zeolite membrane consists of inter-grown crystals with minimized intercrystalline 

spaces. These intercrystalline spaces are considered as microdefects because they are larger than the zeolite 

pores and decrease molecular separation performance [26]. 
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Figure 2.1. Schematic description of zeolite membrane formation on a porous substrate (a) nucleation on 

surface, and (b) crystal growth into continuous polycrystalline membrane [37] 

 

Alkane dehydrogenation reaction is highly energy intensive and it requires high temperature for 

operation [38, 39]. Moreover, the performance of alkane dehydrogenation reaction is limited due to the 

thermodynamic constraints. In order to successfully enhance the performance of dehydrogenation reaction, 

we need membranes, which are stable at high temperature and have good separation performance for the 

H2/alkane gas mixture. Zeolite membranes have known to be extremely stable for the high temperature 

operation and have shown good performance for H2/alkane mixture separation [40-44]. Other than the 

membrane stability, economic viability of membrane reactor is also an important aspect which needs to be 

looked at for their industrial implementation. Moparthi et al. conducted the feasibility study of silica and 

palladium membranes for dehydrogenation reactions. A comparative study of membrane and conventional 

reactor was performed using simulation methodology. Dehydrogenation of ethylbenzene and propane using 

silica and palladium membrane reactors were considered for the comparison. Impact of membrane area per 

reaction zone volume, temperature, reaction and permeation zone pressure, membrane thickness, and sweep 

gas flow rate on economics was investigated. It was found that membrane reactor operation was yielding 

60-70% more profit than conventional reactor using simulation [45]. This shows that membrane reactor 
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holds a brighter future for the industrial implementation. There has been substantial work done for the 

dehydrogenation of lower alkane as summarized in the following sections. 

 

2.1.1 Ethane dehydrogenation  

Ethylene is an important chemical engineering ingredient and is used in polymerization, oxidation, 

and alkylation [46]. Such diverse usage of the ethylene provides the driving force for studying the ethane 

dehydrogenation reaction (EDH). The increasing importance of H2 as a fuel also adds to the demand for 

designing efficient ways for EDH reaction. Because the EDH reaction is endothermic, the reaction is only 

favored at high temperatures for obtaining high ethane conversion, high reaction activity, and high ethylene 

selectivity [47-49].  

2 6 2 4 2C H C H H  ,    KH 15.298
= 136.94 kJ/mol                    (2.1) 

Various studies have been performed for EDH reaction in both packed bed reactors (PBR) and 

packed bed membrane reactors (PBMR). For example, Galvita et al.[47] conducted EDH reaction in PBR 

mode for Pt/Mg(Al)O and Pt-Sn/Mg(Al)O catalyst. The reported ethane conversions were 9.8%, and 4.3% 

respectively, less than the equilibrium limit of 16% at 600 oC. Gobina et al. [3, 50-52] conducted EDH 

membrane reactor (MR) experiments for Pd–Ag membrane with Pt/Al2O3 as a catalyst showing ethane 

conversion of 18% against an equilibrium limitation of 3.5%. Szegner. et al. [53] used composite alumina 

PBMR with Pt-Sn/Al2O3 for EDH, and ethane conversions were 16% and 8% in PBMR and PBR mode, 

respectively, at 550 oC.  

However, there have been very few reports about studying the effect of reaction pressure on the 

performance of EDH reaction. As EDH is a volume expansion reaction, ethane conversion is expected to 

decrease with an increase in pressure in PBR, but in PBMR, the effect of reaction pressure on reaction 

performance yields different impact on the reaction results. For example, there have been a few studies 
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performed on the impact of pressure in a PBMR operating at the high temperature. Brunetti et al.[54, 55] 

performed water gas shift (WGS) in combination of CuO/CeO2 catalyst and a silica MR. The temperature 

and pressure were varied in a range of 220–290 oC and up to 600 kPa respectively, resulting in the optimum 

CO conversion of 95%, which was 8% higher than PBR. Lee et al.[56] not only studied the effect of pressure 

on reaction equilibrium but also the permeability for catalytic dry reforming of methane for a MR. The MR 

showed better performance than a PBR but with increasing reaction pressure, the enhancement in H2 and 

CO yields in the MR reached a maximum value and then declined. Barbieri et al.[57] studied performance 

of the MR in a WGS reaction. In the MR mathematical modelling, the impact of the feed flow rate, feed 

pressure and temperature on the catalyst performance was studied, which confirmed the CO conversion 

enhancement and reduction of MR volumes. Alexander et al. [58] stated that WGS catalytic membrane 

reactor combined with a Pd-membrane showed enhancement in the efficiency of the WGS reaction when 

operated at elevated temperatures and pressures. In this work, we tried to see the impact of reaction pressure 

on the performance of ethane dehydrogenation reaction. 

 

2.1.2 Propane dehydrogenation  

Propylene is an important intermediate chemical for the production of petrochemicals such as pol-

ypropylene and acrylonitrile. After ethylene it is the second most important product in the chemical industry 

[59]. The propane dehydrogenation reaction (PDH) is a key step in propylene (C3H6) production, which, as 

stated before, is an important raw material for the production of polypropylene [60-65]. Propylene and other 

light olefins are mainly produced by light oil fractions through steam cracking and fluid catalytic cracking 

[66, 67]. Fixed bed reactors, fluidized bed reactors and membrane reactors are the common reactors used 

for the propane dehydrogenation reaction [15, 68-71]. Pt or Pt-Sn catalysts are widely used for the alkane 

dehydrogenation reactions [72-75].  

33 28 6C C H HH        KH 15.298
= 129.4 kJ/mol                   (2.2) 
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There has already been considerable work done on PDH reaction in membrane reactors. Chang et 

al.[76] performed PDH reaction in an isothermal high temperature tube MR containing a Pd-coated γ-Al2O3 

membrane and a Pt/K/Sn/Al2O3 packed catalyst. With Pd membrane propane conversion was 2 times higher 

than equilibrium values and 6 times higher than conventional reactor conversion. Ricca et al. [59] studied 

selective PDH reaction with Pd-based membrane. Selective removal of hydrogen from reaction side helped 

in substantial reduction of operating reaction temperature and also decreased the coke formation. Peters et 

al.[77] investigated PDH reaction using a Pd-based membrane. It was observed that coke formation was 

significant under the operating conditions (450-500 oC) and under low H2 to propylene ratio. In sequential 

membrane reactor process, the effect of steam content on catalyst and membrane activity and stability was 

investigated. It was found that the presence of steam is good for catalyst stability but amount of H2 produced 

is independent on steam content between 7% to 20%. A stable membrane performance is obtained at 200 

oC at hydrogen recovery factor (HRF) varying from 38% to 50%. Wu et al.[78] used a Pd/Ag composite 

hollow fiber membrane reactor (MR) by depositing submicron sized Pt (0.5 wt.%)/ γ-alumina catalysts for 

PDH reaction. At 450 oC, the propane conversion of 42% was reported in the hollow fiber MR at the initial 

stage of the reaction but diminished to 6% after 40 min of operation due to the deactivation of the catalyst. 

Yildirim et al.[79] studied the performance of dense Pd-Ag, silica and Pd-dispersed membrane systems on 

PDH reaction respectively. Pd-Ag showed very high H2 selectivity and thus showed a better performance 

giving a fourfold conversion increase on the equilibrium at a relatively low temperature of 400°C. Sheintuch 

et al. [80] presented a kinetic model for propane dehydrogenation on a Pt,Sn/Mg(Al)O which accounted for 

the product distribution due to main and side reactions, for deactivation rates and for diffusion resistance. 

Parameters were estimated from steady state experiments at varying pressure and from the temperature 

programmed experiments and were compared with previous published models with similar catalysts. These 

model suggested that pressure should be kept below 5 bar and steam around 10% in feed while pellet size 

mainly affects selectivity and its effect of conversion is very small. Didenko et al. [81] used PDH reaction 

to show that the effect of Pd membrane thickness, temperature, space velocity and sweep gas flow rate on 

process behavior are interrelated. It was concluded that in order to maintain the balance of the rates when 
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one condition was changed, a detailed optimization of the temperature, feedstock, and sweep gas flow rate 

consumption was required. Schäfer et al.[82] studied the PDH reaction in a high temperature packed bed 

catalytic MR with a H2 selective silica membrane and a commercial Pt-Sn/Al2O3 catalyst. Due to removal 

of H2 in the MR, high propane conversion was achieved in comparison to an analogous fixed bed traditional 

reactor (TR). The H2 removal in the MR increased coking of the catalyst, and the performance of the MR 

and TR became similar after 200–300 min. Ziaka et al.[83] investigated PDH reaction in MR with a sol gel 

alumina membrane and a commercial 5% Pt/γ-Al2O3 catalyst. Reported propane conversion was 22% in 

the MR and 11% in the TR at 550°C, respectively, which can be attributed to the separation and removal 

of the H2 and propylene in MR. Collins et al.[84] performed the PDH reaction in microporous silica based 

MRs and packed bed TRs with a Pt loaded aluminosilicate catalyst. Silica MR showed propylene yield 1.48 

times higher than the TR yield with the same flow rate at 550 oC. The catalyst deactivation rates in MRs 

were generally higher than TRs. Liu et al.[85] investigated bimetallic PtSn/γ-Al2O3 catalysts promoted by 

doping indium(In) for PDH reaction. Results showed that the In addition improved catalytic performance 

and stability of PtSn/γ-Al2O3 catalyst. The presence of In not only maintained the catalytic activity and 

propylene selectivity but also suppressed the hydrogenolysis reaction during PDH. Propane conversion and 

propylene selectivity of 41% and 96% are obtained after 53h of operation. 

However, there have been multiple studies for the propane dehydrogenation in conventional and 

membrane reactor but until now, there has not been a reported study for the effect of reaction pressure on 

the performance of propane dehydrogenation reaction in a membrane reactor. In this work, we used MFI 

zeolite membrane reactor to investigate the impact of pressure and the other operating conditions such as 

temperature, space velocity, and sweep gas flow rate on the performance of the propane dehydrogenation 

reaction. 
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2.1.3 Isobutane dehydrogenation  

Isobutylene is used in the production of synthetic rubber, plastics, and various chemical and petro-

chemical products such as methyl tert-butyl ether, alkylate gasoline, and butyl rubber [86]. The widespread 

method used to synthesize isobutylene is catalytic dehydrogenation of isobutane [87]. A dehydrogenation 

reaction requires relatively higher operating temperature for achieving high yield in a conventional reactor. 

Rigorous operating conditions result in inevitable catalyst deactivation because of coke formation [88-93]. 

However, in packed bed membrane reactors, with the addition of H2 selective membrane, higher reaction 

performance than a conventional reactor can be achieved at the same operating conditions because it allows 

the reaction equilibrium to move towards the forward reaction. 

0 8 24 41 i C H Hi C H    ,     
 KH 15.298 = 117.75kJ/mol                     (2.3) 

In recent years, isobutane dehydrogenation (IBDH) has received plenty of attention as an industrial 

process due to versatile use of isobutylene [94-98]. Takeshi et al.[17] used a palladium MR to conduct 

IBDH reaction with Pt-Al2O3 and Cr2O3-Al2O3 catalyst. Pt-Al2O3 catalyst exhibited lower isobutylene yield 

in comparison to the Cr2O3-Al2O3 catalyst, but in both the cases isobutylene yield was higher than the 

thermodynamic limit. Johan et al.[99] studied IBDH in a DD3R zeolite MR at 439 oC and 489 oC. Isobutane 

was used as the incoming feed stream with nitrogen as sweep gas. At 500 oC, the DD3R zeolite membrane 

exhibited an exceptional H2/isobutane permselectivity of 520 as well as a moderate H2 permeance of ~4.5 

× 10-8 mol m-2 s-1 Pa-1. The isobutylene yield in MR was 41%, where the equilibrium yield was 28% at 489 

oC. The increased performance can be attributed to the removal of almost 85% of H2 from the reaction side 

at lower space velocity. Removing H2, increased the coke formation, suppressed hydrogenolysis reaction, 

and decreased the catalyst activity [100-102]. Ciavarella et al.[20] researched IBDH reaction in a PBMR, 

integrated with a bimetallic Pt-In-zeolite fixed catalyst bed with a microporous MFI zeolite tubular mem-

brane. The effect of sweep gas flow rate on membrane performance was investigated in both countercurrent 

and concurrent mode. The isobutylene yield of PBMR was four times larger than that of the PBR. Weiqiang 



14 

 

et al.[103] studied IBDH both experimentally and by modelling for a PBMR and PBR using a Pt/alumina 

catalyst. Comparative tests showed that a PBMR had higher isobutylene yield and higher selectivity. The 

simulations results were in good agreement with experimental results but slightly over predicted values. 

Casanave et al.[19] studied IBDH in a zeolite PBMR in combination with the Pt-In catalyst. Increased 

isobutylene yield was achieved in a PBMR by separation of H2 from the reaction side. Both counter and 

concurrent methods were operated and it was found that H2 selectivity and reaction performance was higher 

in countercurrent mode.  

Van dyk et al.[104] investigated both Pd and MFI catalytic membrane reactors (CMRs). Both 

CMRs included Pt catalyst with the membranes for IBDH and showed higher isobutylene yield than PBR. 

Although both membranes showed different separation properties, the two CMRs showed a similar isobu-

tylene yield of 24%. This can be attributed to the fact that the whole process was kinetically limited and 

thus any increase in separation properties could not increase isobutylene yield. Loannides et al.[18] studied 

IBDH using a commercial chromia-alumina catalyst for both PBR and PBMR using a dense silica mem-

brane. The impact of temperature and feed composition on reactor performance was studied. A decrease in 

catalyst activity was observed in the initial 2-3 h and this reduction of catalyst activity escalated with the 

temperature but was reduced by H2 addition in the feed. H2 permeance for the membrane was found to be 

8.1 × 10-7 mol m-2 s-1 Pa-1 and the H2/hydrocarbon permselectivity was around 80-300. At all operating 

conditions, a PBMR showed better isobutylene yield and selectivity than a PBR. Farsi et al.[87] studied 

modeling for IBDH reaction in PBRs that operated in radial flow. It was simulated heterogeneously based 

upon the laws of energy and mass conservation. In the model, IBDH was treated as the main reaction and 

propane dehydrogenation, coke formation, and hydrogenolysis were considered as side reactions. The iso-

butylene yield and conversion of isobutane at optimum conditions were 91% and 40%, respectively. Koba-

yashi et al.[86] studied the impact of iron oxide on IBDH reaction over a Pt/Fe2O3-Al2O3 catalyst and found 

that catalyst activity, selectivity, and stability were greatly improved after a small amount of Fe2O3 was 
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incorporated to the catalyst. Analysis of the adsorbed carbon monoxide by FT-IR revealed that the electron 

density of the Pt was enhanced by the formation of bimetallic particles. 

In this work, we used MFI-type zeolite membranes in order to investigate the impact of operating 

conditions on the IBDH reaction at 500-650 oC. Moreover for zeolite PBMR, a one dimensional (1D) model 

of a plug flow reactor (PFR) was built and utilized to check for accuracy as well as to study the effect of 

operating conditions upon the performance of IBDH PBMR beyond experimental conditions.  

 

2.2 ZIF-8 membranes  

Products from membrane reactors like propylene and ethylene, along with unreacted reactants like 

ethane and propane are valuable and are sought after in industry. However, the separation of olefin/paraffin 

mixture is a difficult task because of the similar physical properties and similar molecular size [105-107]. 

Currently olefin/paraffin separation is performed in industry using cryogenic distillation involving more 

than 200 stages and it is very energy intensive due to low relative volatilities  [108]. Currently 120 TBTU 

(Tera British thermal units) is consumed for the olefin/paraffin separation using cryogenic distillation. 

Therefore even small improvements in separation performance can substantially save energy and thus cost 

in petrochemical industry [109-111]. Membrane separation processes have been recognized as an attractive 

alternative as they have the potential to be energy efficient, ecofriendly and cost effective [112]. Several 

types of membranes have been studied such as polymeric [107, 113], carbon molecular sieve [114-116], 

and zeolite membranes [117]. However, these membranes are not currently suitable for practical applica-

tions because of the drawbacks associated with their separation factor, permeability, and durability [118, 

119]. Therefore, there is a clear need for developing new membranes to enhance the propylene and propane 

separation performance. 

Various strategies have been developed to grow ZIF-8 film on porous substrates. Pan et al. [120] 

found that ZIF-8 membranes synthesized in a solution containing water can induce better intergrowth of 
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grains due to easier deprotonation of the imidazole ligands in water than in methanol. Kwon et al. [121] 

prepared a thin ZIF-8 membrane through in situ synthesis, which produced well intergrown ZIF-8 mem-

branes with significantly enhanced microstructure, resulting in the high propylene/propane selectivity. Shah 

et al. [122] investigated the role of sodium formate in the synthesis of ZIF-8 membranes to enhance ligand 

deprotonation in organic solutions. Pan et al. [123] measured the effects of activation procedure after ZIF-

8 membrane synthesis. The optimal activation process included solvent exchange to remove residual water 

by using methanol and room temperature drying at a low evaporating rate.  

Recently, zeolitic imidazolate frameworks (ZIFs) have been recognized as novel candidates for 

efficient olefin and paraffin separation. ZIFs are a subclass of metal organic frameworks (MOFs), pos-

sessing zeolite topologies originated from the metal-ligand-metal bond angle of 145°, which is similar to 

the Si-O-Si bond angle in zeolites [124]. Among the varieties of ZIFs that exist, ZIF-8, composed of zinc 

ions interconnected with 2-methylimidazole, has been the most promising candidate for propylene/propane 

separation [125-127]. The effective pore size of ZIF-8 falls in the range of 4.0-4.2 Å, which is larger than 

the crystallographic diameter of 3.4 Å owing to the flopping motion of the ligands. This allows the mem-

brane to separate propylene (~4 Å) from propane (~4.3 Å) based on the size exclusion mechanism [128, 

129]. Zhang et al. [129] reported that the diffusivity of propylene was approximately 100 times higher than 

that of propane by estimating diffusivity in a ZIF-8 crystal. These studies demonstrate the great potential 

of ZIF-8 membrane to be used for propylene/propane separation based upon their diffusivity differences. 

Various strategies have been developed to grow ZIF-8 film on porous α-alumina substrates. Pan et 

al. [130] found that ZIF-8 membranes synthesized in a solution containing water can induce better inter-

growth of grains due to easier deprotonation of the imidazole ligands in water than that containing methanol. 

Although significant progress was obtained on the propylene/propane separation with ZIF-8 membrane 

grown on porous α-alumina substrates, the preparation of substrate required rigorous conditions including 

hydraulic pressing at 10 tons and sintering temperature of ~1100 oC with high energy consumption and low 

reproducibility [128]. In addition, the relatively limited propylene permeance of as low as 0.2 ×10-8 mol m-
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2 s-1 Pa-1 were reported when the α-alumina disk was used as an substrate [119, 131]. Another promising 

choice for membrane support is an anodic aluminium oxide (AAO) substrate with straight nanochannels 

and narrow pore size distributions. This has been studied for the separation of larger molecules and used 

for the fabrication of porous materials [132]. Various MOFs have been successfully fabricated on AAO 

such as MOF-5 [133], HKUST-1[134], Sr/Eu(II)-imidazolate [135], MIL-53 [136], etc. The relatively thin-

ner AAO substrate with the straight pore channels inside are expected for a better ZIF-8 crystallization and 

resulted in higher gas permeance. There were very few studies which reported about ZIF membranes on 

AAO. 

Since the ZIF-8 particle sizes were demonstrated to induce changes in surface area, stabilities, and 

gas adsorptions, the species of zinc sources was investigated in order to generate the appropriate ZIF-8 

crystal size for propylene/propane separations [137]. For example, the effects of zinc salts on the ZIF-8 

membrane synthesis were studied by Kwon et al. [128]. When ZnCl2 was employed as the zinc source, the 

synthesized ZIF-8 membrane showed separation factor of around 38 and the propylene permeance of 

around 2.7 ×10-8 mol m-2 s-1 Pa-1. However, when the zinc source was changed to zinc nitrate, the ZIF-8 

membrane became non selective for propylene/propane gas mixture [128].                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                   

It should be noted that ZIFs and zeolites have similar crystallization process [138-140], which is 

feasible for the ZIF-8 film growth on a zeolite seeded substrate. Since the silicalite-type zeolite nanocrystals 

can be anchored on the AAO substrate through hydrogen bonding, it can be also used as the seeding layer 

to enhance the interactions between ZIF-8 membrane and AAO substrate compared to traditional ZIF-8 

nanocrystal seed layer. In this work, the effort has been made to find the optimal membrane synthesis time, 

the optimal seeding type material and the appropriate zinc source (linker) for efficient propylene/propane 

separation.
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CHAPTER III 
 

 

ZEOLITE MEMBRANE REACTORS 

 

In this chapter, MFI zeolite membrane fabrication procedure using secondary growth method is 

explained. The experimental setup and the operating conditions used in the dehydrogenation reaction of 

ethane, propane, and isobutane is also summarized. H2/Alkane separation performance as a function of 

temperature is evaluated in order to study the feasibility of MFI zeolite membrane for corresponding alkane 

dehydrogenation reaction. 1D PFR model development is explained for dehydrogenation reaction. In addi-

tion, experiment and modelling result for alkane dehydrogenation are discussed in details. 1D PFR model

Summary 

Using MFI zeolite membranes, alkane dehydrogenation reactions were performed. Packed bed membrane 

reactors (PBMR) were able to achieve higher performance than packed bed reactor (PBR) and thermody-

namic limitations. The highest conversion obtained was 24%, 49%, and 27% for ethane, propane and 

isobutane dehydrogenation reaction in PBMR mode, respectively (12%, 22%, and, 11% in PBR mode, 

respectively). A 1D PFR model was also developed in the MATLAB and the results were validated with 

experimental values. The model was used to successfully predict conversion values for dehydrogenation 

reactions.  
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 is first validated with experimental results and then the model is used to predict dehydrogenation reaction 

performance beyond experimental conditions.  

 

3.1 Ethane dehydrogenation (EDH) reaction using MFI zeolite membrane reactor 

3.1.1 Experimental section 

MFI zeolite membrane was used to conduct the dehydrogenation reaction for ethane, propane and 

isobutane in this work. The MFI zeolite membrane was synthesized on a seeded α-alumina disk by the 

secondary growth method. Macroporous α-alumina disks (Coorstek) of 1 in. diameter, 1 mm thickness, and 

25% porosity were used as supports for MFI zeolite membrane preparation. Details of polishing α-alumina 

disks prior to membrane growth are identical to those described previously [141, 142]. To prepare a seeded 

α-alumina disk, the MFI seeds were dip coated on the α-alumina supports and dried, using same procedures 

described elsewhere [142, 143]. The synthesis solution was prepared as follows: tetrapropylammonium 

hydroxide (TPAOH, 1 M, Sigma–Aldrich) was mixed in the deionized water. After 30 min of stirring, 

tetraethyl orthosilicate (TEOS, 98%, Acros) was added dropwise to the solution under constant stirring. 

The molar composition of the gel was TEOS: 0.095 TPAOH: 35.42 H2O. After the precursor was stirred 

for 3 h, it was transferred into the Teflon lined stainless steel autoclave (Parr). The polished α-alumina disk 

was placed vertically at the bottom of the vessel and completely immersed in the synthesis solution. The 

synthesis experiments were performed at 150 oC for 17 h. After the hydrothermal reaction, membrane was 

washed thoroughly with deionized water, dried, and calcined in air at 550 oC for 6 h to remove the template. 

The membranes were dried at 70 oC in an oven overnight. 

The membranes were used for gas separation experiments and membrane reactor experiments. The 

membrane was tested for the permeation of equimolar H2/Alkane and H2/Alkene gas mixtures at room 
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temperature and in a temperature range of RT to 600 °C. The membrane permeance for gas as component 

i is defined as  

i
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         (3.1) 

where Qi (mol/s) is the amount of gas permeated over a time period of t (s); Am (m2) is the active 

membrane area which is 2.01 cm2 excluding the area sealed by the graphite gasket; and iP  (Pa) is the 

transmembrane pressure, 
pifii PPP )()(  , where 

fiP )( and 
piP )( are the partial pressures of i in the 

feed and permeate sides, respectively. Permselectivity for a gas mixture A/B (ao
A/B) is defined as the ratio 

of pure gas permeance:  
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Separation factor for a binary gas mixture A/B separation factor (αA/B) is given by  
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where yA and yB are mole fractions of gases A and B, respectively. 

The membrane reactor system used for the dehydrogenation of ethane, propane and isobutane is 

schematically shown in Figure 3.1. The disc membrane was mounted in a stainless steel cell sealed by soft 

graphite gaskets (Mercer Gasket & Shim). A total amount of 550 mg of Pt/Al2O3 catalyst was spread evenly 

over the membrane surface to form a uniform catalyst bed. A thin pad of carbon cloth and quartz wool was 

placed on top of the catalyst layer to fix the catalyst bed and to allow feed gas to diffuse freely. The permeate 

side was swept by Ar flow at atmospheric pressure and its flow rate was maintained at 20 cm3/min for all 

experiments, except for those which focus on the effect of FAr. Flow rates of ethane and Ar were controlled 

by mass flow controllers (MFC, Aalborg).  
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The flow rate of the exit stream from the reactor was frequently checked by soap bubble tests. 

Preheating coils were employed for both feed and sweep gases to ensure that they reached set temperature 

before entering the reactor. The retentate and permeate gases were analyzed by an online GC (Shimadzu 

GC2014) equipped with a molecular sieve 13X column for the thermal conductivity detector (TCD) and an 

alumina plot column for the flammable ionization detector (FID). A heating and cooling rate of 0.5 oC/min 

was used. The corresponding alkene product, unreacted alkane, H2, and the byproducts (methane, xylene, 

and benzene) from side reactions, such as thermal cracking and catalytic cracking, were analyzed to observe 

the influence of operating conditions on reaction conversion and selectivity. Minor byproducts such as 

higher alkanes and higher olefins (propylene and butylene) and aromatics (benzene, xylene, and toluene) 

were found to be far less than 1% and excluded from further consideration. The alkane conversion was 

calculated based on the total alkane feed flow rates entering as feed and exiting the reactor in both the 

permeate and retentate streams: 

1
out

Alkane
Alkane in

Alkane

F

F
                      (3.4) 

The selectivity for gas component i is defined as:  
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The yield for gas component i is calculated by:   

2 4 4 3 6 4 8         ( , , , )
100
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                   (3.6) 

The weight hourly space velocity (WHSV) is defined by: 

 

Alkane
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                     (3.7) 
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The H2 recovery RH2 for PBMR system is defined as  

2

2

2

Amount of H  in permeate

Total amount of H  generated by reaction
HR                   (3.8) 

The permeate side H2 concentration is defined as follows 
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                     (3.9) 

Where JH2, JC2H6 , JC2H4, JC3H8, and JC3H6 are respectively the H2, C2H6, C2H4, C3H8, and C3H6 fluxes across 

the membrane. 

where Alakne

feed  is the volumetric rate of alkane in the feed stream at standard temperature and pressure 

(STP), and mcat is the mass of catalyst. The catalyst used in the PBMR and PBR experiments was 1% 

Pt/Al2O3 (Sigma Aldrich) denoted here as ‘Pt/Al2O3’ catalyst. When the membrane mounted cell was used 

in PBR mode, the entering sweeping gas was removed and the exit of the reaction side was connected to 

the original sweeping inlet. The gas stream from the reaction side thus passed through the permeate chamber 

to exit from permeate side. The operating conditions for experiment and modelling for ethane dehydro-

genation reactions are summarized in Table 3.1. 

Equation 3.10 shows the permeance of gas i as a function of temperature. For the membrane reactor 

modelling, permeance as a function of temperature is required to perform calculations. Data from equimolar 

binary gas separation experiments was regressed to fit into equation 3.10. H2/alkane and H2/alkene binary 

gas separation data from RT to 600 °C at 1 atm was fit into equation 3.10 and corresponding parameters 

like 𝑃𝑚,𝑖
𝑜  and 𝐸𝑎,𝑖 for gases were calculated by regressing the permeation data. 

,
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Figure 3.1. Schematic diagram showing membrane reactor system used for dehydrogenation reaction 

 

Table 3.1. EDH membrane reactor conditions 

 Experimental Calculation 

Reaction temperature, °C 500-600 500-800 

Weight hourly space velocity (WHSV), h-1 0.74 0.15-2.81 

C2H6 feed flow rate, FC2H6, cm3 (STP)/min 3 1-19 

Ar sweeping flow rate, FAr, cm3 (STP)/min 20 3-30 

1% Pt/Al2O3 catalyst loading (mcat), g 0.55 0.55 

Reaction pressure at retentate exit, atm 1.0-5.0 1.0-8.0 

Permeate pressure, atm 1.0 1.0 
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3.1.2 Modelling section  

The EDH reaction is endothermic as shown in 

2 6 2 4 2C H C H H  ,  KH 15.298
= 136.94 kJ/mol            (3.11) 

The following rate expression was used for modelling and taken from reference [50, 53]. 

ethylene hydrogen

ethane

Eq

P P
Rate k P

K

 
   

 
             (3.12) 

where k is the kinetic rate constant, Phydrogen, Pethylene and Pethane are partial pressures of H2, ethylene 

and ethane in the reaction side, and Keq is the equilibrium constant.  

The expression for kinetic rate constant and equilibrium constants have been studied in the literature [144, 

145]. 
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           (3.14) 

where the rate constant (k0) and activation energy (E) for the system are 4.23×10−3 mol m-2 s-1 Pa-1 

and 20.6 kcal mol-1 and R is the gas constant [53, 143, 146-148].  

For reactor modeling, multiple assumptions were used: ideal gas behavior, negligible mass transfer 

resistance in the macroporous substrate and the catalyst layer (~ 760 μm), isothermal steady state operation, 

and negligible side reactions. The average particle sizes of Pt/Al2O3 catalysts was ~22 nm [149]. The 1D 

PFR model was used, which considers both reaction (feed) side and permeate side under the plug flow 

conditions. 
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For a differential section of the reactor, the 1D PFR model was considered and mass balance equation 

is given by the following equations: 

iiAidAAii dQdnFFdF 


            (3.15) 

i i Adn r dA              (3.16) 

dAPPdQ Aiimi )(,                               (3.17) 

where Fi (mol/s) is the feed flow rate, A (m2) is the membrane area, ∆Pi (Pa) is pressure difference 

for species i across the membrane, Pm,i (mol m-2 s-1 Pa-1) is the permeance of component i, vi is stoichiometric 

coefficient of component i, ni is the rate of material generation by reaction (mol/s), and Qi (mol/s) is the gas 

flow rate through the membrane. Numerical methods were used to solve the differential equations after 

dividing membrane into small sections (total 150) of equal area. 

 

3.1.3 Results and discussion 

Figure 3.2 presents the SEM images for surface and cross sections of the MFI zeolite membranes, 

which shows well intergrown polycrystalline films having thickness of ~7 μm. At room temperature, the 

membrane showed preferential adsorption of C2H6 and C2H4 in comparison to H2. One possible explanation 

can be “adsorption diffusion” mechanism which means adsorption effect dominates over diffusion, thus 

C2H6 and C2H4 showed higher permeance than H2 at room temperature. As the temperature is increased, 

the surface coverage of the adsorbing components (C2H6 and C2H4) decreased and opened up pore space 

for the nonadsorbing gas (H2) to enter and pass through the membrane [37]. Therefore, H2 diffusion became 

more predominant than the adsorption of C2H6 and C2H4. 𝑃𝑚,𝑖
𝑜  and 𝐸𝑎,𝑖 in equation 3.10 are shown in Table 

3.2 for H2 and ethane at different temperatures.  
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Figure 3.2. SEM images of the secondary grown zeolite MFI membrane (a) surface and (b) cross section 

 

Table 3.2. P0
m,i and Ea,i for equation 3.10 and 2/H i at different temperatures  

        500 oC       550 oC        600 oC 

 H2 C2H6 H2 C2H6 H2 C2H6 

Po
m, 10-8, mol m-2 s-1 Pa-1 12.9 2.60 13.4 3.10 13.8 3.30 

Ea,i, kJ/mol 0.96 3.49 1.02 3.76 1.09 3.92 

2/H i  - 3.06 - 3.18 - 3.31 

 

The MFI-type zeolite PBMR was used to investigate the impact of reaction pressure on ethane 

dehydrogenation reaction at 1-5 atm. Experiments were conducted in the temperature range of 500-600 °C 

with pure ethane as a feed, WHSV of 0.74 h−1 and Ar sweeping flow rate (FAr) of 20 cm3/min and as shown 

in Figure 3.3, the PBMR surpassed the equilibrium limit at all operating pressures. As the pressure was 

increased, more H2 permeated across the membrane, which allowed reaction to move more in the direction 
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of the product side and helped in enhancing the ethane conversion. However, ethane conversion levelled 

off at ~5 atm, which can be attributed to the limiting reaction rate at that temperature. For PBR, it was found 

that ethane conversion decreased with increasing pressure because it is a volume expansion reaction. The 

ethane conversion increased from 24% to 29% for a pressure increase from 1 to 5 atm. With experimental 

results, the 1D PFR model was successfully validated. It should be noted that the PBMR model predicted 

slightly higher values than experimental values. This is probably because the modeling does not take into 

account the decrease in actual permeance values (H2, C2H4, and C2H6) which results from coke deposition 

on the membrane surface over time. PBR model also underestimated ethane conversion values probably 

because only EDH reaction is considered in the model even though there are substantial amounts of by 

products (methane, propylene, and isobutylene) from multiple side reactions. 
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Figure 3.3. Effect of reaction pressure on ethane conversion for (a) 500 oC, (b) 550 oC, and (c) 600 oC in 

PBMR and PBR (WHSV = 0.74 h−1; FAr = 20 cm3/min; and pperm = 1 atm) 

 

The effect of reaction pressure on ethylene selectivity and ethylene yield was also investigated. 

Figure 3.4 shows that the increase of reaction pressure enhanced both selectivity and yield of ethylene in 

PBMR. With increase in reaction pressure, more ethylene was formed, therefore increasing the ethylene 
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selectivity and thus ethylene yield. In PBR operation, an increase in pressure decreased the amount of prod-

uct formed because it is a volume expansion reaction, which causes a decrease in ethylene selectivity and 

ethylene yield. 

 

Figure 3.4. Effect of reaction pressure on ethylene selectivity and ethylene yield for (a) 500 oC, (b) 550 oC, 

and (c) 600 oC in PBMR and PBR (WHSV = 0.74 h−1; FAr = 20 cm3/min; and pperm = 1 atm) 

 

The effect of reaction pressure on RH2 and yH2,p in PMR and PBMR was also investigated as shown 

in Figure 3.5. The enhancement of reaction pressure increased the driving force for the H2 transfer though 
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the membrane, which led to greater RH2. While RH2 increased with feed pressure, yH2,p showed a decreasing 

trend with increasing reaction pressure. This observation implies the possibility that the increase of reaction 

pressure also enhanced the permeation of other gases (e.g., ethane and ethylene). The decrease of yH2,p with 

high reaction pressure but limited αH2/C2H6 is due to excessive permeation of unreacted ethane. Due to this, 

more ethane was present in permeate side than H2 at elevated pressure, which explains the decrease in yH2,p 

with enhancement in reaction pressure. 

 

Figure 3.5. Effect of reaction pressure on RH2 and yH2,p for (a) 500 oC, (b) 550 oC, and (c) 600 oC in PBMR 

(WHSV = 0.74 h−1; FAr = 20 cm3/min; and pperm = 1 atm) 
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In all the experiments, a catalyst deactivation was observed, which rapidly decreased the catalyst 

activity in ~1 h after EDH reaction started. Catalyst deactivation and regeneration are important consider-

ations for alkane dehydrogenation reactions. Some dehydrogenation technologies use H2 as a feed diluent 

to reduce coking and elongate the catalyst lifetime between regeneration cycles [150]. H2 is considered to 

inhibit the formation of coke because it decreases the content of coke precursors (light hydrocarbons such 

as ethylene and propylene), which can form the oligomers and carbonaceous compounds [47].  In this work, 

impact of H2/C2H6 ratio in feed on catalyst deactivation was studied for both PBR and PBMR reaction.  

Figure 3.6 a-c shows the influence of RH2/C2H6 (H2 concentration in the feed), on ethylene yield, 

ethylene selectivity and conversion of ethane. We can see in Figure 3.6d that there was substantial change 

in ethane conversion values in the first one hour (region A1). All the values shown in this study were taken 

after 1 h (region A2) when steady state was ensured so that there was hardly any change in the outlet com-

position. It was found that ethane conversion and ethylene selectivity decreased as RH2/C2H6 increased. When 

H2 was used in the feed, there was more H2 in the reaction side, which caused the shift of the EDH reaction 

in the direction of reactant thus lesser conversion. Moreover, when there is more H2 in the feed, hydrogen-

olysis reaction also becomes important and selectivity of ethylene also decreased as RH2/C2H6 increased. 

However, ethane conversion and ethylene selectivity values for the PBMR were higher than the PBR as 

expected.  

As shown in Figure 3.6d, both ethane conversion and ethylene selectivity significantly declined 

with increasing time on stream, especially in the absence of H2. This is due to catalyst deactivation, which 

occurs via deposition of carbonaceous matter (generated by undesired side reactions such as propylene 

cracking) on the active surface of the catalyst [47]. However, the addition of H2 provided a much more 

stable time dependence of the catalyst activity and selectivity up to ~6 h of EDH, albeit with an initially 

lower conversion than with a pure hydrocarbon feed. The PBR and PBMRs showed similar trends of ethane 

conversion and ethylene selectivity. The initial lower conversion is probably because an increase in H2 
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partial pressure not only decreases thermodynamic driving force but also increases competitive adsorption 

of H2 with ethane on the catalyst [78, 151-153]. 

 

Figure 3.6. Effect of H2 concentration in feed on (a) ethane conversion, (b) ethylene selectivity, (c) ethylene 

yield, and (d) ethane conversion versus EDH reaction time for PBMR at WHSV of 0.74 h-1, temperature of 

600 °C, pfeed = 1 atm, pperm=1 atm, and the feed (H2+C2H6 mixtures) of 10 cm3/min 
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Methanation is also an important side reaction in the EDH reaction. The effect of pressure on the 

methane selectivity was examined for both PBR and PBMR at 500-600 °C. The WHSV and FAr were fixed 

at 0.74 h-1 and 20 cm3/min, respectively. As shown in Figure 3.7 methane selectivity was found to be a 

function of reaction pressure between the PBR and PBMR operations. Methane selectivity decreased with 

increasing pressure for the PBMR because the increase of reaction pressure transferred more H2, an im-

portant reactant (equation 3.18 and equation 3.19) for the methanation reaction, to the permeate side. Thus 

because of less H2 available in the feed side, less methanation occurred [154]. On the other hand, for PBR, 

the overall reaction is not thermodynamically favored with an increase in reaction pressure, thus methane 

selectivity also decreased.  

*

2 6 22 3C H C H               (3.18) 

 * *

44C H CH                 (3.19) 



34 

 

 

Figure 3.7. Effect of pressure on methane selectivity at (a) 500 °C, (b) 550 °C, and (c) 600 °C for PBR and 

PBMR (WHSV = 0.74 h-1 and FAr = 20 cm3/min) 

 

After validating the model with experimental values, the next objective of the modelling was to 

study the effect of pressure on ethane conversion in EDH reaction and find the most optimized reaction 

conditions. To investigate the impact of reaction pressure on ethane conversion beyond the experimental 

values, a 1D plug flow model was used.  
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Figure 3.8. Effect of reaction pressure and temperature on ethane conversion for (a) WHSV = 0.74 h-1, (b) 

WHSV = 1.04 h-1, (c) WHSV = 1.34 h-1, and (d) WHSV = 1.63 h-1 for FAr = 20 cm3/min 

 

Figure 3.8 depicts the effect of temperature and reaction pressure on ethane conversion in PBMR. 

The simulation was performed for WHSV= 0.15-2.81 h-1 in temperature range of 500-800 oC and pressure 

range of 1-8 atm for FAr = 20 cm3/min. It was shown that increasing temperature and pressure enhanced 

ethane conversion, however, ethane conversion tended to level off above 6 atm. One possible reason is that 

the rate of product formation became equal to the product permeation rate across the membrane above 6 

atm and the whole process became reaction limited. The highest ethane conversion obtained was ~75% at 
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800 oC and 6 atm for WHSV = 0.74 h-1. These results indicate that pressure and temperature have a huge 

impact on ethane conversion and a membrane with moderate performance can possibly be used to achieve 

high ethane conversion if appropriate operating conditions are chosen.  

Figure 3.9 presents the impact of reaction pressure on ethane conversion along the reactor length 

for PBR and PBMR. Along the reactor length, it was observed that ethane conversion for PBMR increased 

with enhancing the reaction pressure, which is due to the increase in H2 permeation across the membrane. 

However, for PBR, conversion of ethane decreased along the length of the reactor with an increase in the 

pressure because EDH is a volume expansion reaction and an increase in the reaction pressure shifts the 

equilibrium towards the reactant side and thus ethane conversion decreases.  
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Figure 3.9. Effect of reaction pressure along the normalized reactor length on ethane conversion for (a) 

PBR at 600 oC, (b) PBR at 650 oC, (c) PBMR at 600 oC, and (d) PBMR at 650 oC for FAr = 20 cm3/min and 

WHSV = 0.45 h-1 

 

Figure 3.10 depicts the impact of reaction pressure and membrane area. Membrane area is shown 

as A/A0 where A is area of membrane area used in calculations and A0 is the area of membrane used in 

experiment (2.0 cm2). Membrane area had a significant impact on ethane conversion, which was as high as 
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93% at pressure of 3.0 atm and A/A0 of 1.5. The model calculations were performed at FAr of 20 cm3/min 

and WHSV of 0.45 h-1. 

 

Figure 3.10. Effect of reaction pressure along the normalized area on ethane conversion for PBMR at (a) 

550 oC and (b) 650 oC for FAr = 20 cm3/min and WHSV = 0.45 h-1 
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3.2 Propane dehydrogenation (PDH) reaction using MFI zeolite membrane reactor 

3.2.1 Experimental section 

The experimental setup used in the PDH reaction experiments were similar to the one explained in 

section 3.1.1. In addition, the MFI zeolite membrane was used for evaluating the PDH experimental results 

shown in this section. The operating conditions used for PDH reaction are summarize in Table 3.3. 

 

Table 3.3. PDH membrane reactor conditions 

 Experimental Calculation 

Reaction temperature, °C 500-600 500-800 

Weight hourly space velocity (WHSV), h-1 1.1 0.15-2.61 

C3H8 feed flow rate, FC3H8, cm3 (STP)/min 5 1-15 

Ar sweeping flow rate, FAr, cm3 (STP)/min 20 3-30 

1% Pt/Al2O3 catalyst loading (mcat), g 0.55 0.55 

Reaction pressure at retentate exit, atm 1.0-5.0 1.0-8.0 

Permeate pressure, atm 1.0 1.0 

 

3.2.2 Modelling section  

The main purpose of modeling is to analyze the effects of membrane properties and the reaction 

conditions on C3H8 conversion and optimize the reaction operating conditions. Control experiments were 

conducted to evaluate the reaction rate parameters for the PDH modeling. Rate expression used for the 
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modelling is shown in equation 3.20 to 3.22. Rate constant (k) and equilibrium constant (Keq) were evaluated 

by PDH reaction in the PBR mode. The gas mixture of C3H8, C3H6, and H2 was introduced in the feed. At 

each temperature, control experiments were conducted with varying C3H8 flow rate while keeping the flow 

rate of the other two gases constant. The two compositions used in feed at each temperature were (33.3%, 

33.3%, 33.3%) and (50%, 25%, 25%) for propane, propylene and H2 mixture. Using the composition of 

effluent gases after steady state was achieved, partial pressures for each gas and the rate of reaction was 

evaluated for different flow rate at each temperature. Then the two linear equations were solved at each 

temperature to evaluate k and Keq at that temperature. The rate constant and equilibrium constant evaluated 

at different temperatures were used to fit equations. 3.21 and 3.22. 

propylene hydrogen
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           (3.22) 

where R is the universal gas constant, Keq (atm) is the equilibrium constant, E (J mol-1) is the activation 

energy, and k (mol s-1 gcatalyst-1 Pa-1) is the rate constant. 

There are assumptions in the modeling of the reactor: (i) negligible mass transfer resistance in the 

thin catalyst layer, (ii) pressure independent permeance and ideal gas behavior, (iii) isothermal steady state 

operation and the macroporous substrate, and (iv) negligible side reactions. Model results were compared 

with experimental results, validated, and used to calculate PBMR performance beyond the experimental 

conditions. In this study, a 1D PFR model was developed while considering plug flow conditions in the 

reactor modeling. In a differential section of the reactor, the following equations were used for the mass 

balance equation. The equations for a 1D PFR model were utilized: 
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dAPPdQ Aiimi )(,                               (3.25) 

where ni is the rate of material generation by reaction (mol s-1), mc (g) is the catalyst weight, Qi 

(mol s-1) is the gas flow rate across the membrane, Pm,i (mol m-2 s-1 Pa-1) is the permeance of component i, 

Fi (mol s-1) is the feed molar flow rate, vi is the stoichiometric coefficient of species i and ∆Pi (Pa) is the 

pressure difference for component i across the membrane. Differential equations were solved by dividing 

the membrane into 150 equally sized sections of area. By setting Qi = 0, the PFR model is described by 

equation 3.23. 

The PDH reaction parameters in rate expression were evaluated by varying the feed flow rates 

during the control experiments at 550-650 oC. Figure 3.11 depicts the procedure used in determining the 

constants k0, E, A, and B in equation 3.21 and 3.22 with each temperature point being used. Equation 3.26 

presents the final power law rate equation for the dehydrogenation reaction occurring in Pt/Al2O3 catalyst. 

In these conditions, equation 3.26 was obtained as a combined rate equation only capable of being used to 

study the specific flow conditions and reactor structure of this study. 
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Figure 3.11. PDH reaction rates in PBR mode showing (a) relationship between rate constant and temper-

ature and (b) relationship between equilibrium constant and temperature 

 

3.2.3 Results and discussion  

MFI Zeolite membrane was used for studying the impact of reaction side pressure on performance 

of propane dehydrogenation reaction. Initially membrane was tested for equimolar H2/C3H8 and H2/C3H6 

separation from RT to 600 °C to see the feasibility of MFI zeolite membrane at high temperature. At room 

temperature, membrane was more selective towards C3H8 and C3H6 and thus the H2/C3H8 and H2/C3H6 

separation factors were 0.31 and 0.52 respectively. However, H2/C3H8 and H2/C3H6 separation factors in-

creased with the increase in temperature as can be seen in Figure 3.12. This can be understood by the fact 

that at room temperature adsorption dominates separation and C3H8 and C3H6 adsorb more on zeolite surface 

in comparison to H2. But as the temperature is increased diffusion dominates separation and H2 being 

smaller molecule diffuses faster than C3H8 and C3H6 and thus H2 permeance increases faster with the tem-

perature which further causes the increase in H2/C3H8 and H2/C3H6 separation factor, which were reported 

to be 5.67 and 4.40 at 600 °C, respectively.  



43 

 

 

Figure 3.12. Permeation characteristics of (a) H2/C3H8 and (b) H2/C3H6 equimolar mixtures in MFI zeolite 

membranes as a function of temperature 

 

High separation performance for H2/C3H8 and H2/C3H6 at 600 °C made MFI zeolite membrane an 

ideal candidate for studying the impact of operating conditions on the propane dehydrogenation reaction. 

Impact of temperature in PDH reaction was investigated in the range 500-650 °C with pure propane as feed, 

WHSV of 1.1 h−1, and FAr of 20 cm3/min. With increase in temperature the reaction occurs at a faster rate 

due to its endothermic nature which causes more propylene to form and thus propane conversion, propylene 

selectivity, and propylene yield increases both for PBR and PBMR. For all conditions, propane conversion, 

propylene selectivity, and propylene yield were higher in PBMR than the PBR and equilibrium limit. The 

1D model also accurately predicted the values and trend for the propane conversion. However, for PBR 

experimental conversion values were slightly higher than the modelling values. This is because there were 

many side reactions in the experiment which not only lead to the formation of many side products such as 

ethylene, ethane, and methane but these side reactions also contributes to the conversion, while in the model 

only conversion to propylene is considered. For PBMR, the model predicted slightly higher values than 

experiment possibly because permeance values of C3H8, C3H6 and H2 were assumed constant for the model 

but permeance values for the experiment slightly decreased as reaction proceeded. Also as shown in Figure 
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3.13(c), Ø (ratio of reaction and permeation rate) decreased with temperature. With increase in temperature 

both reaction and permeation rate increases, however permeation rate increased faster than reaction rate 

which led to the reduction in Ø and also shifting of equilibrium to the forward direction which eventually 

led to the enhancement of propane conversion, propylene selectivity and propylene yield.  

 

Figure 3.13. Effect of reaction temperature on (a) propane conversion, (b) propylene selectivity and pro-

pylene yield, and (c) Ø (WHSV = 1.1 h−1; pperm = 1 atm; and FAr = 20 cm3/min) 

 

Figure 3.14 shows the impact of WHSV on PDH reaction for WHSV of 0.82-2.74 h−1, FAr of 20 

cm3/min, and 600 °C. At lower WHSV propane spends longest time with the catalyst bed, due to this reason 
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the highest propane conversion of 48% was observed at the lowest WHSV of 0.66 h-1. Due to the same 

reason, the reactant in the reactor spends less time at higher WHSV, which causes a decrease in propane 

conversion, propylene selectivity, and propylene yield. Moreover with increase in WHSV, reaction rate 

decreases and there is no impact on permeation rate which causes the decrease in Ø with the increase in 

WHSV. 

 

Figure 3.14. Effect of WHSV on (a) propane conversion, (b) propylene selectivity and propylene yield, and 

(c) Ø (temperature = 600 °C; pperm = 1 atm; and FAr = 20 cm3/min) 

 

Further, the impact of FAr on PDH reaction was investigated. As shown in Figure 3.15, propane 

conversion, propylene selectivity, and propylene yield of the PBMRs increases with increasing FAr. With 
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increase in FAr, partial pressure of H2 in the permeate was decreased whereas partial pressure in retentate 

side remained same. This caused enhancement in the driving force for the H2 permeation across membrane. 

Thus H2 is removed more effectively which shifts the reaction equilibrium to the product side and higher 

reaction performance was obtained. Also with increasing FAr, permeation rate increases substantially with-

out any change in reaction rate which reduced Ø as can be seen in Figure 3.15c. 

 

Figure 3.15. Effect of FAr on (a) propane conversion, (b) propylene selectivity and propylene yield, and (c) 

Ø (temperature = 600 °C; pperm = 1 atm; and WHSV = 1.1 h-1) 

 

Subsequently, impact of pressure was investigated for the range of 1-5 atm on PDH reaction using 

this MFI zeolite membrane, Experiments were conducted at 500 and 600 °C with pure propane as feed, 
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WHSV of 1.1 h−1 and Ar sweeping flow rate (FAr) of 20 cm3/min. As expected packed bed membrane 

reactor exhibited higher propane conversion than equilibrium limit and packed bed reactor conversion. With 

increase in pressure, propane conversion decreased for PBR because propane dehydrogenation is a volume 

expansion reaction and increase in pressure shifts the equilibrium to the reactant side. However, for packed 

bed membrane reactor increase in pressure increases the propane conversion. With increase in pressure, 

more H2 permeates across the membrane, which shifts the reaction equilibrium to product side in case of 

PBMR. This allows the propane conversion to increase from 39% at 1 atm to 49% at 5 atm for PBMR. The 

1D PFR model results were validated with the experimental results as can be seen in Figure 3.16. The model 

correctly predicted the values and trend for effect of pressure on conversion. However, for PBMR model 

predicted slightly higher values than experimental values. Model did not consider the decrease in actual 

permeance values (H2, C3H8, and C3H6) which results from coke deposition on the membrane surface over 

time and this was probably responsible for the higher propane conversion values from model. Moreover, 

PBR model estimated slightly lower values for the propane conversion values possibly because no side 

reactions were considered in the model even though there are substantial amounts of by products (methane, 

ethylene, propylene, and isobutylene) from multiple side reactions. Figure 3.16c shows that with increase 

in pressure, Ø decreases which can be understood by the substantial enhancement in permeation rate across 

the membrane due to increase in pressure.  
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Figure 3.16. Effect of reaction pressure on propane conversion for (a) 500 oC, (c) 600 oC in PBMR and 

PBR, and (c) Ø  (WHSV = 1.1 h−1; FAr = 20 cm3/min; and pperm = 1 atm) 

 

Figure 3.17 shows the impact of reaction pressure on propylene selectivity and propylene yield. 

With the increase in reaction pressure, both propylene selectivity and propylene yield increased in PBMR. 

With increase in reaction pressure, more propylene was formed with increase in pressure, which caused the 

increase in propylene selectivity and thus propylene yield. However, in PBR operation, increase in pressure 

decreased the amount of propylene formed because it is a volume expansion reaction, which reduces in 

propylene selectivity and propylene yield as can be seen in Figure 3.17. 
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Figure 3.17. Effect of reaction pressure on propylene selectivity and propylene yield for (a) 500 oC and (b) 

600 oC in PBMR and PBR (WHSV = 1.1 h−1; FAr = 20 cm3/min; and pperm = 1 atm) 

 

Impact of reaction pressure on RH2 and yH2,p in PMR and PBMR is shown in Figure 3.18. Driving 

force for the H2 permeation though the membrane increases with reaction pressure, which enhances RH2. 

While RH2 increased with feed pressure, yH2,p showed a decreasing trend with increasing reaction pressure. 

This happens because along with H2, unreacted propane and propylene also permeates across the membrane. 

This causes the decrease of yH2,p because there is more unreacted propane in feed side than H2 and thus in 

proportional amount it permeates through the membrane. Due to this, more propane was present in permeate 

side than H2 at elevated pressure, which explains the decrease in yH2,p with enhancement in reaction side 

pressure. 
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Figure 3.18. Effect of reaction pressure on RH2 and yH2,p for (a) 500 oC and (b) 600 oC in PBMR (WHSV = 

1.1 h−1; FAr = 20 cm3/min; and pperm = 1 atm) 

 

Methane is the most important side product in propane dehydrogenation reaction. The effect of 

pressure on methane selectivity was investigated for both PBR and PBMR at 500 and 600 °C. WHSV and 

FAr were maintained at 1.1 h-1 and 20 cm3/min, respectively. As shown in Figure 3.19, methane selectivity 

decreased with increasing pressure for the PBMR because with increase of reaction pressure more H2 was 

permeated across the membrane, an important reactant (equation 3.27 and equation 3.28) for the methane 

formation, to the permeate side. Thus because of less H2 available in feed side, less methanation occurred 

[154]. However, for PBR, the amount of H2 available was higher which explains higher methane selectivity 

for PBR in Figure 3.19.  

*

3 8 23 4C H C H               (3.27) 

 * *

44C H CH                (3.28) 
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Figure 3.19. Effect of pressure on methane selectivity at (a) 500 °C and (b) 600 °C for PBR and PBMR 

(WHSV = 1.1 h-1 and FAr = 20 cm3/min) 

 

Moving forward, 1D PFR model was used to investigate the impact of pressure on the performance 

of propane dehydrogenation reaction beyond experimental conditions. Figure 3.20 depicts the effect of 

temperature and reaction pressure on propane conversion in PBMR. The simulation was performed for 

WHSV= 1.1 and 2.1 h-1 in temperature range of 500-800 oC and pressure range of 1-6 atm for FAr = 20 

cm3/min. It was found that increasing temperature and pressure enhanced propane conversion. However, 

propane conversion tended to level off around 6 atm. One possible reason is that the rate of the product 

formation became equal to the product permeation rate across the membrane above 6 atm and the entire 

process became reaction limited. The highest propane conversion obtained was ~96% at 800 oC and 6 atm 

for WHSV = 1.1 h-1. These results indicate that pressure and temperature have significant impact on propane 

conversion and a membrane with moderate performance can be used to achieve high propane conversion if 

appropriate operating conditions are chosen. 
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Figure 3.20. Effect of reaction pressure and temperature on propane conversion for (a) WHSV = 1.1 h-1 and 

(b) WHSV = 2.1 h-1 for FAr = 20 cm3/min 

 

Figure 3.21 presents the impact of reaction pressure on propane conversion along the reactor length 

for PBR and PBMR. Along the reactor length, it was observed that propane conversion for PBMR increased 

with enhancing the reaction pressure, which is due to the increase in H2 permeation across the membrane. 

However, for PBR, conversion of propane decreased with the length of the reactor with an increase in 

pressure because PDH is a volume expansion reaction and an increase in reaction pressure shifts equilibrium 

towards the reactant side and thus propane conversion decreases.  
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Figure 3.21. Effect of reaction pressure along the normalized reactor length on propane conversion for (a) 

PBMR at 500 oC, (b) PBMR at 600 oC, (c) PBR at 500 oC, and (d) PBMR at 600 oC for FAr = 20 cm3/min 

and WHSV = 1.1 h-1 

 

Figure 3.22 shows the impact of reaction pressure and membrane area. Membrane area is shown as 

A/A0 where A is area of membrane used in calculations and A0 is the area of membrane used in experiment 

(2.0 cm2). Membrane area had a significant impact on propane conversion, which was as high as 99% at 
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pressure of 3.0 atm and A/A0 of 1.5. The model calculations were performed at FAr of 20 cm3/min and 

WHSV of 1.1 h-1. 

 

 

Figure 3.22. Effect of reaction pressure along the normalized area on propane conversion for PBMR at (a) 

500 oC and (b) 600 oC for FAr = 20 cm3/min and WHSV = 1.1 h-1 
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3.3 Isobutane dehydrogenation (IBDH) reaction using MFI zeolite membrane reactor 

3.3.1 Experimental section 

The experimental setup used in the IBDH experiments were similar to the one explained in section 

3.1.1. Moreover, the MFI zeolite membrane was used for evaluating the IBDH experimental results shown 

in this section. The operating conditions used for IBDH reaction are summarize in Table 3.4. 

 

Table 3.4. IBDH membrane reactor condition 

 Experimental Calculation 

Reaction temperature, °C 500-650 500-800 

Weight hourly space velocity (WHSV), h-1 0.8–2.7 0.3–5.2 

Reactor pressure at retentate exit, atm 1.0 1.0 - 7.0 

Permeate pressure, atm 1.0 1.0 

1% Pt/Al2O3 catalyst loading (mcat), g 0.55 0.55 

i-C4H10 feed flow rate, Fi-C4H10, cm3 (STP)/min 3-10 1-19 

Ar sweeping flow rate, FAr, cm3 (STP)/min 0-40 0-40 

 

3.3.2 Modelling section  

The main purpose in modeling is to analyze the effects of membrane properties as well as reaction 

conditions on i-C4H10 conversion and to find the optimized operating conditions for the reaction. Control 

experiments were conducted to evaluate reaction rate parameters for the IBDH modeling. Rate expression 
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used for the modelling is shown in equations 3.29 to 3.31. Rate constant (k) and equilibrium constant (Keq) 

were evaluated by IBDH reaction in the PBR mode. Gas mixture of i-C4H10, i-C4H8, and H2 was introduced 

in the feed. At each temperature, control experiments were conducted with varying i-C4H10 flow rate while 

keeping the flow rate of the other two gases constant. The two compositions used in feed at each temperature 

were (33.3%, 33.3%, 33.3%) and (50%, 25%, 25%) for isobutane, isobutylene and H2 mixture. Using the 

composition of effluent gases after steady state was achieved, partial pressures for each gas and rate of 

reaction was evaluated for different flow rate at each temperature. Then the two linear equations were 

solved at each temperature to evaluate k and Keq at that temperature. The rate constant and equilibrium 

constant evaluated at different temperatures were used to fit equations 3.30 and 3.31. 

an

isobutylene hydrogen

isobut e

Eq

P P
Rate k P

K

 
   

 

         (3.29) 

0 exp
E

k k
RT

 
  

 
            (3.30) 

exp
273

eq

B
K A

T

 
  

 
           (3.31) 

where R being the universal gas constant, Keq (atm) is the equilibrium constant, E (J mol-1) is the activation 

energy, and k (mol s-1 gcatalyst-1 Pa-1) is the rate constant. 

The assumptions while developing the model for isobutane dehydrogenation reaction were similar 

to what described in section 3.2.2. The reactor was divided into 150 sections and the equations 3.23 to 3.25 

analogously used for the mass balance across each section in calculating the overall conversion at any given 

operating conditions.  

The IBDH reaction parameters in rate expression were evaluated by varying the feed flow rates 

during the control experiments at 500-650 oC. Figure 3.23 gives the procedure used in determining the 
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constants k0, E, A, and B in equations 3.30 and 3.31 with each temperature point being used. Equation 3.32 

presents the final power law rate equation for the dehydrogenation reaction occurring in the Pt/Al2O3 cata-

lyst. In these conditions, equation 3.32 was obtained as a combined rate equation only capable of being 

used to study the specific flow conditions and reactor structure of this study.  

12
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Figure 3.23. IBDH reaction rates in PBR mode showing (a) relationship between rate constant and temper-

ature and (b) relationship between equilibrium constant and temperature 

 

3.3.3 Results and discussion 

SEM images revealed that the MFI-type zeolite membrane is ~12 μm thick as shown in Figure 

3.24. Figure 3.25 shows the binary gas permeation characteristics for H2/i-C4H10 and H2/i-C4H8 mixture 

from RT to 600 oC. At room temperature, membrane was more selective to i-C4H10 and i-C4H8 as separation 

was adsorption dominant and H2/i-C4H10 separation factor was less than 1. On increasing the temperature, 
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separation becomes diffusion dominant and H2 being smaller molecule diffuses faster and therefore H2 

permeance increases faster than i-C4H10 and i-C4H8. Upon increasing to 600 °C, a H2 permeance of 8.1 × 

10−8 mol m-2 s-1 Pa-1 as well as a H2/i-C4H10 permselectivity of 8.3 was measured. This is higher than the 

Knudsen factor of 5.4, revealing that the membrane possessed only minor defects for nonselective viscous 

flow. Table 3.5 shows the gas permeation data which was evaluated for the MFI zeolite membrane right 

immediately ~215 h of operations at >500 °C. This involved ∼65 h under dry gas permeation and ∼150 h 

during IBDH reaction conditions. The permeation values were obtained from the data of H2/i-C4H8 and 

H2/i-C4H10 binary mixtures, and analyzed with pressure of 1 atm (both feed and permeate side) at 23-600 

°C. 

 

Figure 3.24. (a) Surface and (b) cross sectional SEM images of the secondary grown MFI zeolite mem-

branes before the IBDH reaction 
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Figure 3.25. Separation performance of (a) H2/i-C4H10 (b) H2/i-C4H8 equimolar mixtures in MFI zeolite 

membranes as a function of temperature 

 

Table 3.5. Pm,i and 
2/H i values for H2, i-C4H10 and i-C4H8 after ~215 h of operation 

T (oC) Property H2 i-C4H10 i-C4H8 

550 Pm,i 10-8, mol m-2 s-1 Pa-1 7.6 0.8 1 

 
2/H i  - 9.6 7.8 

600 Pm,i 10-8, mol m-2 s-1 Pa-1 8.2 0.9 1.3 

 
2/H i  - 9.8 6.7 

 

For high temperature IBDH reactions, the MFI zeolite PBMR was tested at 500-650 °C with only 

pure i-C4H10 in the feed, WHSV of 1.37 h−1, and Ar was used as sweep gas with a flow rate (FAr) of 20 

cm3/min. As shown in Figure 3.26, i-C4H10 conversion in the PBMR increased from 12% at 500 °C to 26% 

at 650 °C. This can be explained by the endothermic nature of the reaction, which causes more products to 

form at higher temperature. Because of timely H2 removal, IBDH reaction in the PBMR moved towards 
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the product side, leading to a larger i-C4H10 conversion than that obtained by the PBR and the equilibrium 

limit. Moreover, at higher temperature, the faster reaction rate caused the higher i-C4H8 selectivity and 

yield. As shown in Figure 3.26(a), the calculated values were very close to the experimental values. For 

PBR, experimental conversion values were little higher than the modelling results. This can be explained 

by the fact that there were many side reactions in the experiment which not only lead to the formation of 

many side products such as propylene, ethylene, ethane, methane, and propane but these side reactions also 

contributed to the conversion, while in the model only IBDH reaction is considered. For PBMR, the model 

predicted slightly higher values than experiment probably because permeance values of i-C4H10, i-C4H8 and 

H2 were assumed constant for the model but permeance values for the experiment slightly decreased as 

reaction proceeded. The reduction in permeance values for i-C4H10, i-C4H8 and H2 was due to accumulation 

of the coke in the membrane pores as the reaction proceeds. Highest isobutylene selectivity and isobutylene 

yield was 97% and 26% for PBMR, which is considerably higher than 90% and 10%, respectively, for PBR 

at 650 oC. As shown in Figure 3.26(c), yH2,P increased with temperature, which can be attributed to the 

higher H2 permeance value at the elevated temperature. As H2 permeation increased in the permeate side 

with temperature, H2 flux across the membrane increased, which caused the increase in RH2. 

Figure 3.27 show the molar concentrations of species in the reactors. The permeate stream of the 

PBMR in Figure 3.27(b) has a larger H2 molar concentration than both the PBMR retentate in Figure 3.27(a) 

stream and the single PBR exit stream in Figure 3.27(c). In the PBMR retentate stream, H2 and i-C4H10 

molar concentration are lower than the single PBR exit stream. This indicates that H2 permeation across the 

membrane improves i-C4H10 conversion in PBMR higher than PBR and thus lower molar concentration of 

H2 and i-C4H10 for PBMR retentate than single PBR exit stream. The H2 molar concentration in the PBMR 

permeate stream is considerably larger than that of the retentate stream. This is also because of H2 removal 

across the membrane.  
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Figure 3.26. (a) i-C4H10 conversion, (b) i-C4H8 selectivity and i-C4H8 yield, and (c) RH2 and yH2,p in PBMR 

versus reaction temperature (WHSV = 1.37 h−1; pperm = 1 atm; and FAr = 20 cm3/min) 
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Figure 3.27. Molar concentration of i-C4H10, i-C4H10 and H2 for (a) PBMR retentate, (b) PBMR permeate, 

and (c) PBR versus reaction temperature (WHSV = 1.37 h−1; pperm = 1 atm; and FAr = 20 cm3/min) 

 

Figure 3.28 presents the IBDH reaction with the PBMR at WHSV of 0.82-2.74 h−1, FAr of 20 

cm3/min, and 600 °C. The highest i-C4H10 conversion of 22% was observed at lowest WHSV of 0.82 h-1 

due to longer residence time of the reactant. In contrast, the reactant in the reactor spends less time at higher 

WHSV, which causes a decrease in both i-C4H8 selectivity, i-C4H8 yield, and H2 production. With less H2 

forming in the reaction, the amount of H2 permeated to the product side also decreases, which reduces the 
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flux of H2 across the membrane. The reduced H2 flux across the membranes causes yH2,P and RH2 to decrease 

with increase in WHSV as presented in Figure 3.28(c). In Figure 3.28(a), modeling results are shown along 

with experimental results for i-C4H10 conversion values. The modeling values were in agreement with the 

experimental values. For increase in WHSV, the model correctly predicted the trend. As in the case of 

temperature enhancement, model slightly under predicted the i-C4H10 conversion values for PBR and over 

predicted for PBMR for the reasons described in the previous section.  

 

Figure 3.28. (a) i-C4H10 conversion, (b) i-C4H8 selectivity and i-C4H8 yield, and (c) RH2 and yH2,p in PBMR 

versus WHSV (pperm = 1 atm; temperature = 600 °C; and FAr of 20 cm3/min) 
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In order to increase the driving force for H2 removal from the feed side, the use of sweeping gas on 

the membrane permeate side is essential, which eventually assists in allowing reaction equilibrium to favor 

the product side. As shown in Figure 3.29, i-C4H10 conversion, i-C4H8 selectivity, and i-C4H8 yield of the 

PBMRs strongly changes with FAr. The partial pressure of H2 in the permeate was decreased with increasing 

FAr, which enhanced the H2 permeation driving force across membrane, therefore strengthening the i-C4H10 

conversion. Moreover, the corresponding values of i-C4H8 selectivity and i-C4H8 yield were also increased 

with increasing FAr. Thus, at a large FAr, H2 is removed more efficiently which in turn shifts the IBDH 

reaction toward the product side and a larger RH2 is achieved within the permeate stream as seen in Figure 

3.29(c). However, due to H2 depletion, the increased H2 removal lead to a diminished value of (yH2/yi-

C4H10)feed in the reaction side. Therefore, based upon equation 3.3, minimizing (yH2/yi-C4H10)feed reduces the 

value of (yH2/yi-C4H10)permeate (=αH2/i-C4H10(yH2/yi-C4H10)feed), which provides understanding to the decreasing 

trend of yH2,p and increasing trend of RH2 under larger FAr.   
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Figure 3.29. Effect of FAr on (a) i-C4H10 conversion, (b) i-C4H8 selectivity and i-C4H8 yield, and (c) RH2 and 

yH2,p in PBMR (pperm = 1 atm; WHSV = 1.37 h-1; and temperature = 600 °C)  

 

Moving further, the model was used to predict i-C4H10 conversion beyond experimental conditions 

for two reasons: 1) to predict conversion values at reasonable experimental conditions without conducting 

experiments, and 2) to investigate the chances of achieving near complete conversion at experimentally 

available conditions. The PBMR performance was simulated by a 1D PFR model to study the reaction 

performance within and outside of the operating conditions utilized in this report. The effect of WHSV, 
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temperature, and FAr on i-C4H10 conversion were studied. Reaction conditions were kept constant unless 

those were changed to study their effect: feed side pressure (pfeed) of 1 atm, WHSV of 0.45 h-1, temperature 

of 600 °C, and FAr of 20 cm3/min. Figure 3.30 shows simulated i-C4H10 conversions for the MFI zeolite 

membrane reactors for different operating conditions. Figure 3.30(a) shows that both raising pfeed as well as 

temperature increase the PBMR i-C4H10 conversion [155]. Above a certain pressure and temperature, i-

C4H10 conversion tended to plateau. The highest i-C4H10 conversion in zeolite PBMR (91%) was achieved 

at pfeed > 6.5 atm and T > 750 °C, which are practically operational outside of a laboratory setup. The effect 

of WHSV and temperature on i-C4H10 conversion is shown in Figure 3.30(b). Because reactant spend less 

time in the reactor with increasing WHSV, i-C4H10 conversion decreases. The maximum i-C4H10 conversion 

in the PBMR significantly varies with operating conditions. From these results, although zeolite membranes 

with only a moderate H2 selectivity and permeance is used, it was found that i-C4H10 conversion can be 

improved by the selection of proper operating conditions in the PBMR.  
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Figure 3.30. i-C4H10 conversion in the PBMR as a function of (a) pressure and temperature (FAr = 20 

cm3/min and WHSV = 1.37 h-1), (b) WHSV and temperature (WHSV = 1.37 h-1 and pfeed = 1 atm), (c) FAr 

and temperature (pfeed = 1 atm and WHSV = 1.37 h-1), (d) WHSV and FAr (temperature = 600 °C and Pfeed = 

1 atm), (e) WHSV and pfeed (FAr = 20 cm3/min and temperature = 600 °C), and (f) pfeed and FAr (WHSV = 

1.37 h-1 and temperature = 600 °C) 

 

Figure 3.31 shows that i-C4H10 conversion which has been measured by use of the 1D PFR model 

along the reactor length. Competition between H2 permeation and the consumption of i-C4H10 caused the  

maximum i-C4H10 conversion to be found along the membrane length. For the PBR, gradual enhancement 

of i-C4H10 conversion was observed along the reactor length due to a consecutive decrease in the i-C4H10 

partial pressure in the reaction side. For PBR in Figure 3.31(d), an increase in pressure reduces i-C4H10 

conversion slightly because the reaction tends to shift to the reactant side with increased pressure. For 

PBMR, i-C4H10 conversion rapidly increased in beginning part of the reactor, which is due to combination 

effect of H2 permeation and generation. The consumption of i-C4H10, H2 generation, and H2 permeation are 

increased at high temperatures and pressures, which further lead to the greater enhancement of i-C4H10 

conversion. With increasing the pressure to 2 atm, the i-C4H10 conversion further increased for PBMR, as 

shown in Figure 3.31(c). This is due to enhanced H2 transport through the membrane, which causes the 

equilibrium to shift towards the product side, and results in enhanced i-C4H10 conversion.  
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Figure 3.31. Calculated i-C4H10 conversion along the reactor length as a function of temperature for (a) 

PBMR at 1 atm, (b) PBR at 1 atm, (c) PBMR at 2 atm, and (d) PBR at 2 atm (FAr = 20 cm3/min  and WHSV 

= 1.37 h-1) 
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CHAPTER IV 

 

 

ZIF-8 MEMBRANES 

 

 ZIF-8 membrane was fabricated using novel the secondary growth method. Effect of seeding type, 

effect of zinc source, and effect of synthesis time on the ZIF-8 membrane performance was studied. Char-

acterization techniques like SEM, EDS, XRD, XPS, and FT-IR were used to study the morphology, crys-

talline structure and bond structure in the ZIF-8 framework. ZIF-8 membrane separation performance for 

equimolar propylene/propane gas mixture was also discussed. Lastly, the impact of the ZnO atomic layer 

deposition (ALD) on healing the defects in ZIF-8 framework was studied. 

Summary 

ZIF-8 membranes were developed using the novel methods for propylene/propane gas separation. Impact 

of zinc source, seeding type and membrane synthesis duration on ZIF-8 membrane performance for pro-

pylene/propane gas separation was investigated. Silicalite seeding allowed for better attachment of ZIF-8 

membrane layer on AAO support, due to hydrogen bonding which enhanced ZIF-8 membrane performance. 

ZnO atomic layer deposition (ALD) was used to cure the membrane defects, which led to a maximum of 

91% enhancement in propylene/propane selectivity after only two ALD cycles. 
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4.1 ZIF-8 membrane preparation 

Propylene and propane are industrially important gases. As discussed before propylene/propane  

separation is a difficult task. In this work, ZIF-8 membrane was designed to separate propylene/propane 

gas mixture. First AAO support was seeded and then by secondary growth, ZIF-8 membrane was fabricated. 

ZIF-8 membrane was fabricated with two types of seeding, namely, ZIF-8 seeding and silicalite seeding. 

Moreover, propylene/propane separation results were also evaluated for in situ ZIF-8 membrane. ZIF-8 and 

silicalite seed suspension are prepared by the following procedure. 

 ZIF-8 crystals were prepared following a procedure based on a previous study reported by Cravil-

lon et al.[156]. Zn(NO3)2·6H2O (99.5%, Sigma-Aldrich) and 2-methylimidazole (mIm) (99.7%, Sigma-Al-

drich) were dissolved in 50 ml methanol (MeOH) (99.5%, Sigma-Aldrich), separately. The molar ratio of 

Zn: mIm: MeOH was 1:4:1250. Then the mIm solution was added into the Zn(NO3)2 solution while stirring 

with a magnetic bar. The liquid mixture was stirred for 30 min, and then aged without stirring at 20 oC for 

24 h. The white colloidal particles formed in the solution were collected by centrifugation, followed by 

washing with methanol for three times. The ZIF-8 powder was dried at room temperature overnight, and 

then re-dispersed into 100 ml methanol while sonicating for 30 min to prepare 0.05 wt.% ZIF-8 seed sus-

pension. 

Then silicalite seed nanoparticles were prepared by conventional heating method and the detailed 

synthesis procedure has been reported in previous publication [157]. To prepare silicalite seed suspension, 

NaOH (99.99%, Sigma-Aldrich) was dissolved in the mixture solution of H2O and tetrapropylammonium 

hydroxide (TPAOH) solution (1 M, Sigma-Aldrich). SiO2 (0.2-0.3 μm powder, Sigma-Aldrich) was added 

to the above solution gradually at 80 oC in water bath to clear solution with stirring. The molar ratio of each 

component was maintained as NaOH: H2O: TPAOH: SiO2 = 1: 131.5: 2.86: 9.42, respectively. After aging 

for 4 h, the solution was transferred into hydrothermal vessel and synthesized at 120 oC for 6 h. The syn-

thesized powder was washed in deionized water in a centrifuge, followed by dilution to make 0.05 wt.% 

silicalite seed suspension. 
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Anodic alumina oxide (AAO) disks (diameter: 25 mm, thickness: 100 μm, pore size: 20 nm, po-

rosity: 24%, Whatman) were used as the substrates. For seed layer coating, the AAO disks were immersed 

into the 0.05 wt.% seed suspensions, respectively, followed by sonicating for 5 min for the seeds to coat 

homogeneously on the support surface. The seeded AAO disks were dried at room temperature overnight. 

For membrane synthesis using secondary method, ZIF-8 layers on the seeded AAO supports were synthe-

sized. The metal solution and the ligand solution were prepared separately. Specifically, 0.076 g of zinc 

chloride (99.99%, Sigma-Aldrich) or 0.165 g of zinc nitrate hexahydrate (98%, Sigma-Aldrich) was dis-

solved into 20 ml of DI water to prepare metal solution, and 3.165 g of mIm was dissolved into another 40 

ml of DI water to prepare ligand solution. After mixing the metal and the ligand solution, the solution was 

stirred vigorously for 30 s, the dried AAO support was immersed vertically into the mixed solution and 

held with a Teflon vessel. The membrane synthesis time by secondary growth was varied for 5, 10, and 20 

h, respectively, at room temperature. After membrane synthesis, the disk was taken out and immersed into 

50 ml of fresh methanol for 12 h to remove any guest species like water from ZIF-8 framework and to 

prepare the evacuated form of ZIF-8 membrane for gas separation experiment. Water is less acidic than 

methanol and thus 2-methylimidazole can be deprotonated in water more easily than methanol. Thus, ZIF-

8 membranes washed with methanol were denser and better intergrown. This process is known as the acti-

vation process [122, 158, 159]. Finally, the membrane was taken out from methanol and dried at room 

temperature for another 12 h. The process of the ZIF-8 membrane synthesis on AAO substrate is illustrated 

in Figure 4.1. 
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Figure 4.1. SEM images and schematics of (a) AAO substrate, (b) Silicalite seeding + AAO substrate, and 

(c) ZIF-8 membrane + silicalite seeding + AAO substrate  

 

4.1.1 Experimental section 

ZIF-8 membrane was used for the separation of propylene/propane gas mixtures. All ZIF-8 mem-

branes were stored in a desiccator at room temperature before gas permeation measurements. Propyl-

ene/propane binary gas permeation measurements were performed at room temperature and atmospheric 

pressure. The membrane was mounted in a stainless steel cell with the membrane surface facing the feed 

side as shown in Figure 4.2. Feed was a mixture of propylene and propane each of 50 cm3/min and the 

flowrate was controlled by mass flow controller (MFC). Argon was used as the sweeping gas at a flow rate 

of 100 cm3/min and was supplied to the permeate side. Before recording data for each separation experi-

ment, membrane separation was allowed to stabilize (concentration to become steady) and it took ~4 h for 

system to reach steady state. The composition of the permeate stream was analyzed by using an online gas 

chromatography (Shimadzu, GC-2014) equipped with a molecular sieve 13X column for the thermal con-

ductivity detector (TCD). 
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The membrane permeance for gas component 𝑖 is defined as: 

𝑃𝑚,𝑖 =
𝑄𝑖

𝐴𝑚×∆𝑃𝑖
             (4.1) 

where 𝑄𝑖 (mol/s) is the amount of the permeated gas through the membrane per second; 𝐴𝑚 (m2) 

is the active membrane area; ∆𝑃𝑖 (Pa) is the transmembrane partial pressure difference of component 𝑖 be-

tween feed and permeate sides.  

The propylene/propane separation factor for the binary mixture is defined as: 

𝛼𝐶3𝐻6/𝐶3𝐻8
=

(𝑦𝐶3𝐻6/𝑦𝐶3𝐻8)𝑝𝑒𝑟𝑚𝑒𝑎𝑡𝑒

(𝑦𝐶3𝐻6/𝑦𝐶3𝐻8)𝑓𝑒𝑒𝑑
         (4.2) 

where 𝑦𝐶3𝐻6
 and 𝑦𝐶3𝐻8

 are mole fractions of propylene and propane, respectively. 

 

 

Figure 4.2. Schematic showing the experimental setup for the C3H6/C3H8 separation 
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4.1.2 Results and discussion 

Effect of seeding 

The crystalline structure of the ZIF-8 membrane was compared with the XRD patterns from the 

literature [128, 160]. The XRD patterns of the ZIF-8 membranes grown on ZIF-8 seed layers (Figure 4.3c) 

were sharper (peak intensity 110 was higher) than those without seed layers (Figure 4.3b), which suggests 

increased crystallinity of the ZIF-8 layers. This can be understood by the fact that an extra seeded ZIF-8 

layer facilitates the formation of ZIF-8 crystals on AAO substrate in comparison to the ZIF-8 membrane 

without seeding layer. In addition, silicalite seeded ZIF-8 membranes (Figure 4.3d) also showed sharper 

peaks than ZIF-8 membrane directly grown on AAO substrate (Figure 4.3b) indicating the enhancement in 

crystallinity. Figure 4.3d represents ZIF-8 membrane successfully grown on the silicalite-seeded AAO sub-

strate by matching the typical XRD peaks at the 2θ of 7o and 12o [161].  

Figure 4.4 shows SEM images that were used to study the morphology of pristine AAO substrate 

and ZIF-8 membranes synthesized with and without seeding process. Uniformly distributed pore channels 

can be clearly seen for the AAO substrate (Figure 4.4a). In ZIF-8 membrane without seeding (Figure 4.4b1), 

the cracks are clearly visible on the ZIF-8 membrane layer, which can be explained by the fact that ZIF-8 

layer is not very well grown on the AAO substrate without seeding. XRD patterns shown in Figure 4.3 also 

confirm the relatively insufficient ZIF-8 membrane growth without seeding process [118]. Lack of active 

sites on AAO substrate might be the reason for the poor ZIF-8 structure formation (Figure 4.4b1). However, 

introduction of seeding material (ZIF-8 or silicalite) on the AAO substrate improved the ZIF-8 membrane 

morphology (Figure 4.4c and Figure 4.4d). Seeding material helped in avoiding the adverse impact of AAO 

substrate on ZIF-8 crystal nucleation and improved ZIF-8 membrane morphology. In addition, silicalite 

seeding nanoparticles attach more firmly on AAO substrate due to hydrogen bonding and provide a more 

uniform surface for secondary ZIF-8 membrane layer growth (Figure 4.4d) in comparison to the ZIF-8 

nanocrystal seeding (Figure 4.4c). Hydrogen bonding takes place by the direct bonding of silicalite crystals 
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with the substrate, which allows for a robust seeded silicalite layer [140, 162, 163]. However for ZIF-8 

nanocrystal as the seeding layer, more disassociated ZIF-8 crystals attached on the top of the membrane 

surface, which further resulted in a less intergrown ZIF-8 layer than the layer grown on silicalite seeded 

AAO substrate. For silicalite seeded AAO substrate, the ZIF-8 layer was smoother, uniformly covered and 

more robust. 

 

Figure 4.3. XRD patterns of (a) pristine AAO substrate, (b) ZIF-8 membrane without seeding layer, (c) 

ZIF-8 membrane with ZIF-8 nanocrystals as the seeding layer, and (d) ZIF-8 membrane with silicalite 

nanocrystals as the seeding layer 
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Figure 4.4. Surface SEM images and cross section SEM images of (a1, a2) pristine AAO support, ZIF-8 

membranes synthesized at 10 h (b1, b2) without seeding process, (c1, c2) with ZIF-8 nanocrystals as the 

seeding layer, and (d1, d2) with silicalite nanocrystals as the seeding layer, respectively 

 

Table 4.1 shows the elemental composition on the surface of different membranes obtained from 

EDX spectroscopy. Silicon concentration was dropped from 26.25 wt.% for silicalite seeded AAO substrate 

to 0.33 wt.% for silicalite seeded + ZIF-8 membrane. Silicalite seed has silica, which is responsible for 

silicon concentration. XPS beam can detect elements only up to ~2.5 nm depth, and after ZIF-8 growth, 

XPS could not detect the silica and hence there was a drop in the silicon concentration. There was an in-

crease in the concentration of carbon, nitrogen and zinc after ZIF-8 membrane fabrication. During second-

ary synthesis, use of ZnCl2 and mIm introduced more zinc, nitrogen, and carbon in the membrane frame-

work and thus there was an increase in the concentration of these elements. 

Figure 4.5 shows the XPS spectra for C 1s, N 1s, and Zn 2p. Particularly, Zn 2p3/2 and Zn 2p1/2 

showed two intense peaks at 1022 eV and 1045 eV, respectively [123, 128]. Two distinct peaks for Zn 

implies that the majority of the Zn are in the tetrahedral coordination. For ZIF-8 membrane with silicalite 

seeding, the peak slightly shifted towards higher binding energy for Zn and N atoms, which indicates the 

decrease in number of unsaturated Zn-N bonds and thus reduction of defects in the ZIF-8 framework. The 

N 1s peak at 398.8 eV can be assigned to the imidazole group in ZIF-8 framework based on the literature 

[164-167]. C 1s showed peak at 286.3 eV, which depicts the carbon linked to N in the methyl imidazole 

group, and was found to be in good agreement with previously reported literature [165, 168]. The FT-IR 

results for ZIF-8 membrane are summarized in Figure 4.6. The band at 1580 cm-1 corresponds to the C=N 

stretch. In addition, the bands at 1146 cm-1 are for =C-H and C-N and 995 cm-1 is for the C=C-N, respec-

tively. Moreover, the stretch 3134 cm-1 is for C-H bond [169-171]. 
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Table 4.1. Elemental composition (wt.%) for MFI seeded AAO support, MFI seed+ ZIF-8 membrane, ZIF-

8 seeded AAO support, ZIF-8 seed+ ZIF-8 membrane, and ZIF-8 in-situ membrane 

Description Silicon Carbon Nitrogen  Zinc 

Silicalite seed 26.25 25.08 2.28 0.20 

Silicalite seed+ ZIF-8 membrane 0.33 63.72 19.35 8.03 

ZIF-8 seed 1.13 54.79 24.73 10.91 

ZIF-8 seed + ZIF-8 membrane - 56.55 25.96 11.01 

ZIF-8 in-situ membrane 0.04 56.44 26.01 11.54 
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Figure 4.5. XPS spectra for (a) Zn 2p 1s, (b) N 1s, and (c) C 1s of ZIF-8 membrane for in-situ ZIF-

8 membrane, ZIF-8 seeding + ZIF-8 membrane, and silicalite seeding + ZIF-8 membrane  

 

 

Figure 4.6. FT-IR spectra of (a) in-situ ZIF-8 membrane, (b) Silicalite seeding + ZIF-8 membrane, and (c) 

ZIF-8 seeding + ZIF-8 membrane 

 

BET surface area and pore volume for ZIF-8 membrane with silicalite seeding are shown in Table 

4.2. Specific surface area for ZIF-8 membranes lies in the range of 1000-1600 m2/g [172], which indicates 

the ZIF-8 structure formation [169]. Figure 4.7 shows the N2 adsorption/desorption isotherm to investigate 

the N2 accessible porous characteristic. ZIF-8 membrane with silicalite seeding showed type-1 isotherm, 
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which is expected for microporous materials (pore size < 2 nm). In addition, there was a sudden increase in 

N2 adsorption around a threshold pressure of 0.95 (P/P0). This is known as the gate opening effect and is 

caused by the reorientation of flexible organic linker (mIm) [173-175]. 

 

Table 4.2. BET surface area and pore volume of ZIF-8 membrane as measured by N2 adsorption at 77K 

Membrane BET surface area (m2/g) Pore volume (cm3/g) 

ZIF-8 membrane (this work) 1474 0.71 

ZIF-8 membrane [169] 1046 0.51 

 

 

Figure 4.7. N2 adsorption and desorption isotherms for ZIF-8 membranes  
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Effect of zinc sources 

Effect of different zinc sources on ZIF-8 membrane growth was investigated. The morphology of 

ZIF-8 membranes synthesized with zinc nitrate (ZnNO3) and zinc chloride (ZnCl2) as zinc source, respec-

tively, are shown in Figure 4.8. Under the same synthesis conditions in terms of reagent, molar amount and 

temperature, ZIF-8 membrane in which ZnNO3 was used as the zinc source showed smaller ZIF-8 crystal 

size, less intergrown ZIF-8 surface, and thinner ZIF-8 film in comparison to the membrane where ZnCl2 

was used as the zinc source. The difference in morphology of ZIF-8 crystals is due to the high reactivity of 

ZnNO3 in comparison to ZnCl2, which probably led to the faster reaction during the membrane synthesis 

and thus generated smaller crystal size. Schejn et al. [137] also reported morphological differences of the 

ZIF-8 crystals from the two zinc sources. Moreover, when ZnNO3 was used as the Zn source, ZIF-8 layer 

forms only on the substrate while ZnCl2 also promotes ZIF-8 film formation inside AAO substrate. Thus, 

ZIF-8 membrane with ZnCl2 enhanced membrane grain boundary structure. As a result, with ZnCl2 as the 

zinc source, the appropriate ZIF-8 crystal size for the propylene/propane separations can be synthesized 

[128, 137]. 
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Figure 4.8. Surface SEM images and cross section SEM images of ZIF-8 membranes synthesized at 10 h 

(a1, a2) with zinc nitrate and (b1, b2) zinc chloride as the zinc source, respectively, with silicalite nano-

crystals as the seeding layer 

 

Effect of synthesis duration 

The morphology of the ZIF-8 membranes synthesized with various durations of 5, 10, and 20 h, 

respectively, are shown in Figure 4.9. The ZIF-8 crystals started to be formed from synthesis duration of 5 

h, with the limited number of ZIF-8 crystals randomly distributed on top of  silicalite seeded AAO substrate 

(Figure 4.9a). After 10 h synthesis duration, a ZIF-8 layer was uniformly formed (Figure 4.9b). As shown 

in Figure 4.9a2 & 4.9b2, there was slight change in membrane thickness (650 nm for 5 h and 850 nm for 

10 h). For synthesis duration of 20 h (Figure 4.9c), there was significant growth of ZIF-8 crystals on the 

surface. The number of accumulated ZIF-8 crystals significantly increased [137], which caused a slight 
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decline of propylene/propane gas selectivity and propylene gas permeance as can be seen in Table 4.5. For 

more than 20 h of synthesis time, the membrane got thicker, which led to further decline in ZIF-8 membrane 

separation performance. Based on SEM images and separation results as depicted in Figure 4.9b, it was 

found that for 10 h of synthesis, a well-intergrown continuous ZIF-8 layer was successfully formed with an 

average membrane thickness of ~850 nm. 
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Figure 4.9. (a1, b1, c1) Surface SEM images and (a2, b2, c2) cross section SEM images of ZIF-8 mem-

branes with silicalite nanocrystals as the seeding layer with the synthesis time of 5, 10, and 20 h, respec-

tively 

 

The membranes synthesized at various conditions were tested for the propylene/propane binary gas 

mixture separation at room temperature for performance evaluation. Table 4.3 presents the results for the 
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propylene/propane mixture gas separation factor and propylene permeance values at room temperature. In 

Table 4.3, ZIF-8 membrane synthesized without seeding process (in-situ) showed lower propylene/propane 

separation factor due to the cracks and defects formed on the ZIF-8 layer (Figure 4.4b). It was found that 

different seeding materials had different effects on the membrane performances. The ZIF-8 membranes 

grown on the silicalite seeded AAO substrate exhibited significantly higher performance than membranes 

using ZIF-8 nanoparticles as seeding material. This can be explained by the strong interactions between 

silicalite and AAO substrate through hydrogen bonding, which allows for a better grown secondary ZIF-8 

layer. The interaction anchored silicalite seeds more firmly onto AAO substrate, which provided a more 

stable seeding layer and allowed better reproducibility and control of the membrane quality. In this case, a 

highly ordered ZIF-8-membrane structure was obtained under such environment. 

Table 4.3. Propylene/propane binary gas separation results with ZIF-8 membrane synthesized without seed-

ing process, with ZIF-8 nanocrystals as the seeding layer, and with silicalite nanocrystals as the seeding 

layer, respectively. 

Seeding layer α𝐶3𝐻6/𝐶3𝐻8
 Pm,C3H6

 (×10-8 mol.m-2s-1Pa-1) 

None 84 0.86 

ZIF-8 nanoparticle 112 1.27 

Silicalite seeding 170 0.90 

 

The results of propylene/propane binary gas separations by using ZIF-8 membranes with different 

zinc sources were shown in Table 4.4. ZIF-8 membrane prepared with ZnNO3 as the zinc source showed 

relatively higher propylene permeance and lower propylene/propane separation factor compared with those 

prepared with ZnCl2. As shown in Figure 4.8, ZIF-8 membrane prepared from ZnNO3 were less intergrown 

and showed thinner ZIF-8 membrane layer than those with ZnCl2. In addition, the different ZIF-8 crystal 

sizes affected membrane stability and gas adsorption [128, 137], indicating that appropriate ZIF-8 crystal 
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size for the propylene/propane separations can be achieved by using ZnCl2. Therefore, ZnCl2 was found to 

be a promising candidate for greatly improving the membrane synthesis efficiency. 

Table 4.4. Propylene/propane binary gas separation results with ZIF-8 membrane synthesized with zinc 

nitrate and zinc chloride as the zinc source, respectively, on silicalite seeded AAO 

Zinc Source α𝐶3𝐻6/𝐶3𝐻8
 Pm,C3H6

 (×10-8 mol.m-2s-1Pa-1) 

Zn(NO3)2 47 0.99 

ZnCl2 170 0.90 

 

The ZIF-8 membranes synthesized at various synthesis duration were also tested for an equimolar 

propylene/propane gas mixture and the results are summarized in Table 4.5. Propylene/propane separation 

factor significantly increased for synthesis duration of 10 h from 5 h with a slight decline in propylene 

permeance. However, further increase in membrane synthesis time decreased propylene permeance and 

slightly reduced the propylene/propane separation factor. In this case, 10 h was found to be the optimized 

membrane synthesis time for membrane preparation. 

Table 4.5. Propylene/propane binary gas separation results with ZIF-8 membrane synthesized at 5, 10, and 

20 h, respectively 

Synthesis time (h) α𝐶3𝐻6/𝐶3𝐻8
 Pm,C3H6

 (×10-8 mol.m-2s-1Pa-1) 

5 128 1.00 

10 170 0.90 

20 168 0.77 
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4.2 Atomic layer deposition (ALD) on ZIF-8 membrane 

4.2.1 Experimental section 

A thin layer of ZnO ALD was coated on the ZIF-8 membranes grown over AAO support to heal 

the defects in the ZIF-8 membrane. The ZnO film was formed through the following mechanism [176]:  

Zn(C2H5)2 + H2O (g) → ZnO + 2C2H6 (g)                      (4.3) 

The procedure was carried out using the ALD unit (OkYay Tech, Turkey). During ALD process, 

the chamber was maintained at 70 oC with a baseline pressure of ~200 milliTorr. To achieve homogeneous 

coating, membranes were initially stabilized inside the chamber for 30 min prior to deposition. Using N2 as 

the gas carrier, sequential dosing of DI water and diethylzinc, Zn(C2H5)2, (Strem Chemicals Inc., >95%) 

was then conducted to coat a thin layer of ZnO with a film thickness of ~2 Å per cycle. In between dosing 

of precursor, the chamber was purged with N2 to ensure that the precursors did not react in vapor phase but 

rather at the surface of the ZIF-8 membranes. Figure 4.10 shows the schematic diagram of the ALD process. 
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Figure 4.10. Schematic diagram of the ALD process for depositing ZnO on the surface of ZIF-8 membrane 

using diethylzinc and water precursors  

 

4.2.2 Results and discussion 

In this work, ZnO ALD was used to heal the defects in the ZIF-8 framework. Absence of Zn is the 

primary reason for the defects in the ZIF-8 framework. With the help of ZnO ALD the vacant Zn spaces in 

ZIF-8 framework was replaced with new Zn atoms and thus more robust ZIF-8 framework can be made as 

can be seen in Figure 4.11. 
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Figure 4.11. Defect healing using ZnO atomic layer deposition in ZIF-8 membrane 

 

ALD ZIF-8 membrane were characterized with SEM, EDS, XPS, XRD, and FT-IR. Figure 4.12 

shows the SEM images for the pristine AAO substrate, ZIF-8 membrane, and ZIF-8 membrane after ALD. 

The synthesis of ZIF-8 membranes on AAO support was carried out using a secondary growth method with 

water as a solvent. There was a visual difference between the AAO support (Figure 4.12a0) having a straight 

narrow pore channel and homogenously grown ZIF-8 membrane (Figure 4.12a1) on the AAO support. The 

membranes were successfully fabricated with a uniform structure and the membrane thickness was ~850 

nm. Mostly defects in ZIF-8 framework are present due to metal (Zn)/ligand vacancy or dangling linker 

vacancy [177]. The probable reason for these effects was the solvation effect. It has been reported that when 

metal complexes come in contact with water as a solvent, the ions which are formed have a countering 

effect which results in salt formation in the eventual ZIF-8 framework [177]. This salt formation has effects 

on the pore structure of the membrane due to the lack of proper linkage between the atoms [112, 177]. Due 

to these defects there is a viscous flow of gases across membrane which comprises separation performance 

of the ZIF-8 membrane. ZnO was deposited using atomic layer deposition (ALD) technique to fill the Zn 
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vacancies in the ZIF-8 framework in order to reduce viscous flow across ZIF-8 membrane by eliminating 

defects which further enhanced the C3H6/C3H8 separation performance for the ZIF-8 membranes [178]. 

Further EDX elemental mapping was done on AAO support, ZIF-8 membrane and ALD ZIF-8 

membrane. Figure 4.13 shows the EDX elemental mapping for pristine AAO substrate, ZIF-8 membrane, 

and ALD ZIF-8 membrane. It can be seen that the concentration of Zn atom was higher for ALD ZIF-8 

membrane than ZIF-8 membrane. In Table 4.6 we can see the increase in Zn concentration between pristine 

AAO substrate (0.098 wt.%) and ZIF-8 membrane (2.42 wt.%). Table 4.6 also summarizes the elemental 

concentration for the AAO support, ZIF-8 membrane, and ALD ZIF-8 membrane. During the membrane 

fabrication, ZnCl2 was used as a precursor, which is responsible for the increase in Zn concentration after 

ZIF-8 fabrication. There was a marginal increase in Zn concentration for the ALD ZIF-8 membrane (3.49 

wt.%) from the ZIF-8 membrane (2.42 wt.%). The increase in Zn concentration can be explained with the 

Zn being deposited during ALD. Moreover, carbon and nitrogen content in the ZIF-8 membrane was higher 

than in pristine support. Ligand mIm used in the membrane fabrication step, which is responsible for the 

increase in carbon and nitrogen content in the ZIF-8 membrane. ZIF-8 membrane before and after ALD 

showed smaller Al content than pristine support. This was because the thickness of the ZIF-8 membrane 

did not allow the beam to penetrate and detect AAO support, which was the primary source of Al content. 
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Figure 4.12. SEM images of (a0) pristine AAO substrate, (a1) ZIF-8 membrane (b0) ZIF-8 surface, (b1) 

ZIF-8 cross-section, (c0, c1) ZIF-8 surface and cross-section after two cycles of ZnO ALD, and (d0, d1) 

ZIF-8 surface and cross-section after four cycles of ZnO ALD 

 

 

Figure 4.13. EDX colored images of (a) pristine AAO substrate, (b) ZIF-8 membrane, and (c) ALD ZIF-8 

membrane  
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Table 4.6. Weight (%) for pristine AAO substrate, ZIF-8 membrane and ALD ZIF-8 membrane 

Membrane Carbon Nitrogen Zinc Aluminium 

AAO Substrate 23.32 12.22 0.098 64.36 

ZIF-8 on AAO substrate 53.54 43.82 2.42 0.20 

ALD ZIF-8 membrane 

on AAO substrate 

 

53.23 

 

        44.52 

 

3.49 

 

0.15 

 

The crystal pattern of the ZIF-8 membrane was characterized by using X-ray diffraction represented 

in Figure 3. The XRD analysis showed a clear confirmation that the synthesized membranes have a high 

crystallinity as demonstrated by XRD. Moreover, the XRD patterns confirmed that these studies were in 

consistent with previously reported XRD data [128, 160]. Both ZIF-8 and ALD ZIF-8 showed that crystal 

growth and peaks were observed at 2θ of 7 and 11° [161] which means there was no noticeable difference 

between their reflections before and after ZnO ALD.   
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Figure 4.14. XRD patterns of pristine ZIF-8 membrane and ZIF-8 membrane after two cycles of ZnO ALD  

 

In this work, effect of ZnO atomic layer deposition (ALD) on ZIF-8 membrane performance for 

propylene/propane separation was studied. ZIF-8 membrane showed enhanced performance for propylene/ 

propane separation after ZnO ALD. To understand the enhanced performance of ZIF-8 membrane for the 

propylene/propane binary mixture separation, XPS was performed. Figure 4.15 depicts the Zn 2p, N 1s, 

and C 1s spectra of the ZIF-8 membrane before and after ALD. As demonstrated in Figure 4.15, the Zn 2p 

spectra showed two distinct peaks at 1022 and 1045 eV, which are characteristic of Zn 2p 3/2 and Zn 2p ½, 

respectively and also shows that the majority of the zinc atoms are in the tetrahedral coordination state 

[123]. The observed peak intensities were higher for the ALD ZIF-8 membranes compared to the ZIF-8 

membranes. Also from Table 4.6 we observed, the concentration of Zn and N enhanced post ZnO ALD 

treatment. This is an indication that via the ALD approach, the number of Zn atoms in the oxidation state 

corresponding ZIF-8 framework (bonded to N atom) increased [179]. In additional Zn 2p 3/2 and Zn 2p ½ 

peak shifted to higher binding energy post-ZnO ALD treatment, which further indicates the reduction in 

the number of the unsaturated Zn atoms in the ZIF-8 framework [180, 181]. Similar enhancement in peak 
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intensity and shift in the binding energy was also observed for C 1s and N 1s (corresponding to Zn-N bond) 

in Figure 4.15 [177, 180-182]. The increased peak intensity and the shift in binding energy for Zn and N 

indicate that the ZnO ALD helped in healing the defects of the ZIF-8 framework [123, 164]. The enhanced 

Zn-N bonding in the ZIF-8 framework post-ALD treatment helped in reducing the defects, which further 

enhanced propylene/propane separation performance for the ZIF-8 membrane [164, 168]. Moreover, C 1s 

peak (at 285 eV) showed similar results in terms of peak intensity and binding energy before and after ZnO 

ALD (Figure 4.15) [183]. This peak corresponds to the carbon from the imidazole group, and it was in a 

good agreement with the previously reported literature for ZIF-8 membranes [164, 165]. XPS results, along 

with the data represented in Table 4.6, indicate that there was no significant increase in the carbon atomic 

percentage after ALD. 
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Figure 4.15. XPS spectra of ZIF-8 nonporous thin film: (a) Zn 2p, (b) N 1s, and (c) C 1s 

 



98 

 

 

Figure 4.16. FT-IR spectra of ZIF-8 nonporous thin film: (a) Zn 2p, (b) N 1s, and (c) C 1s 

 

The FT-IR spectra for ZIF-8 and ALD ZIF-8 membrane are shown in Figure 4.16. The band at 995 

cm-1 is for the C=C-N twisting, 1146 cm-1 is for =C-H and C-N bending, and 3134 cm-1 is for the =C-H 

asymmetric stretching [171]. Figure 4.16 shows the enhancement of FT-IR peak (at 995 cm-1, 1146 cm-1, 

and 3134 cm-1) intensities after ZnO ALD on ZIF-8 membranes. It is in agreement with the XPS results and 

indicates the increase in robustness of the ZIF-8 framework after ZnO ALD, and this further confirms the 

reduction of defects in the ZIF-8 framework after ZnO ALD [169, 171].  

The N2 adsorption test was performed on ZIF-8 and ZnO ALD ZIF-8 membranes, to investigate 

the N2 accessible porous characteristics showed in Figure 4.17. Type-1 isotherm was exhibited in mem-

branes, which is common for microporous materials (pore size <2 nm) [170]. Desorption hysteresis was 

visible for P/P0 > 0.8 for both ZIF-8 and ALD ZIF-8 membrane, which indicates the presence of capillaries 



99 

 

in the structure and thus the presence of mesopores. However, the membranes maintained the majority of 

its pores mostly in the micropore and some in the mesopore domain [172]. The specific surface area and 

pore volume of ZIF-8 and ALD ZIF-8 membranes are as shown in Table 4.7. Typically ZIF-8 has a specific 

surface area ranges from 1000 to 1600 m2 g-1 [184], and the range varies depending on the concentration of 

the unreacted residues [185]. The ZIF-8 membrane and the ALD ZIF-8 membrane showed a similar specific 

surface area and pore volume. It was shown that there is no substantial change in pore structure of the ZIF-

8 membrane. The ALD process probably helps to reduce the surface defects in the ZIF-8 framework, and 

it has little effect on pore structures, thus reducing the viscous flow across the ZIF-8 membrane and en-

hancing the propylene/propane separation performance. 

 

 

Figure 4.17. N2 adsorption and desorption isotherms for ZIF-8 and ZIF-8 ALD membranes  
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Table 4.7. BET surface area and pore volume of ZIF-8 and two cycles of the ZnO ALD ZIF-8 membrane 

as measured by N2 adsorption at 77K.   

Description BET (m2 g-1) Pore volume (cm3 g-1) 

ZIF-8 membrane (this work) 1474 0.71 

ALD ZIF-8 membrane (this work) 1424 0.70 

ZIF-8 membrane [169, 186] 1046 0.51 

 

The synthesized membranes were tested on propylene/propane gas separation. With the increase in 

the number of ALD cycles on ZIF-8 membranes, the C3H6/C3H8 separation factor increases first (141 to 

270) and then starts to decrease (270 to 238). ZnO ALD cycles, as described in the previous section, helps 

in reducing defects in ZIF-8 membranes. It fixes the Zn vacancies in the top layer of ZIF-8 membranes, 

thus the viscous flow across the membrane gets reduced and the C3H6/C3H8 separation factor increases. 

However, further ALD reduces the pore size in the ZIF-8 membranes possibly below the size of both the 

propylene and propane, which causes the reduction in the C3H6/C3H8 separation factor as can be seen in 

Figure 4.18. C3H6 and C3H8 permeance values monotonically decrease (1×10-8 to 0.59×10-8 mol m-2 s-1 Pa-

1) with the number of ZnO ALD cycles. Initially it is because of reduction in viscous flow and then due to 

reduction in pore size. However, membranes showed similar trend for C3H6/C3H8 separation performance 

with the number of the ZnO ALD cycles but there were some variation in the values for the C3H6/C3H8 

separation factors and permeance values. Overall ~80% of ZIF-8 membrane showed similar trend for 

C3H6/C3H8 separation performance with the number of ZnO ALD cycles. 

However, membranes showed similar behavior for the C3H6/C3H8 separation but there were some 

variation in the values for C3H6/C3H8 separation factors and permeance values as depicted in the Table 4.8. 
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Table 4.8 shows the variation of the C3H6/C3H8 separation factor with the number of ALD cycles. It can be 

seen for ZIF-8 membranes percentage enhancement in the C3H6/C3H8 separation factor was as high as 91%. 

 

 

Figure 4.18. Effect of number of ZnO ALD cycles on C3H6/C3H8 separation performance  

 

Table 4.8. Gas permeation results for equimolar C3H6/C3H8 mixtures through methanol exchanged ZIF-8 

membranes with number of ZnO ALD cycles 

  C3H6/C3H8 separation factor C3H6 Permeance  C3H8 Permeance 

  
No of ALD Cycles 

Membrane 0 2 4 0 2 4 0 2 4 

M1 178 243 237 0.76 0.48 0.43 0.0042 0.0019 0.0018 

M2 206 250 187 0.79 0.71 0.51 0.0038 0.0028 0.0027 

M3 141 270 238 1.00 0.73 0.59 0.0071 0.0027 0.0025 

M4 129 264 232 0.92 0.9 0.77 0.0071 0.0034 0.0033 
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Moreover, the obtained results were compared with previously reported literature for secondary 

growth of ZIF-8 membrane [112, 118, 123, 187-194] as shown in Figure 4.19. In Figure 4.19 we can see 

the comparison of our results with the previously published data. It is clear that C3H6/C3H8 separation factor 

from this work are one of the best among the available literature. However, propylene permeance values 

still need to be enhanced in order to compete with the best ZIF-8 membranes. We are already working on 

designing the thinner ZIF-8 membrane which can help in obtaining high permeance without compromising 

C3H6/C3H8 separation factor. Typically, the industrial requirements for propylene/propane membrane gas 

separation need separation factor ~35 and ~1 barrer minimum permeability [195]. This makes our ZIF-8 

membrane, if can be scaled up, an ideal candidate for industrial purposes in terms of performance. 

 

 

Figure 4.19. Effect of number of ZnO ALD cycles on C3H6/C3H8 separation performance  
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CHAPTER V 

 

 

SUMMARY AND FUTURE WORK 

The purpose of this work was to develop novel ways to produce industrially important chemicals 

such as ethylene, propylene, and isobutylene, efficiently. Membrane reactor were used to overcome the 

thermodynamic limitations, which exists in the dehydrogenation reactions. With experimental results, a 

comparative study was conducted between packed bed reactor (PBR) and packed bed membrane reactor 

(PBMR). A 1D PFR model was also developed for dehydrogenation reactions. Model results were validated 

with the experimental values. Model was also used to predict the corresponding alkane conversion values 

beyond experimental conditions. Detailed conclusions are explained in the following sections. 

 

5.1. Ethane dehydrogenation reaction 

The MFI zeolite membrane with moderate H2 selectivity and H2 permeance was successfully used 

to investigate the impact of pressure on the packed bed membrane reactors (PBMR) for ethane dehydro-

genation (EDH) reaction. In this work not only the thermodynamic limitation was successfully surpassed 

but also the 1D PFR model was developed which was used to predict the impact of operating conditions 

beyond experimental conditions. The maximum ethane conversion, ethylene selectivity and ethylene yield 

obtained were 29%, 97%, and 28%, respectively. The impact of reaction pressure on H2 recovery (RH2) and 

permeate side H2 concentration (yH2,p) was also studied.  RH2 increased with increasing pressure as more H2 
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was transferred to permeate side but yH2,p decreased with increase in pressure because ethane diffusion 

across the membrane also increased significantly with an increase in pressure. Increasing pressure adversely 

affected the methanation as less H2 was available in the reaction side for methanation reaction to proceed. 

H2 was also used in the feed to enhance the catalyst stability. Increasing H2 amount in the feed enhanced 

the stability of the catalyst. However, there was a slight decrease in reaction performance parameters with 

increase in the H2 concentration in the feed. The simulation results accurately predicted ethane conversion 

for both PBMR and packed bed reactor (PBR). The model predicted ethane conversion of 93% at WHSV 

of 0.45 h-1, pressure of 3.0 atm and A/A0 of 1.5. Overall, EDH PBMR showed increase in  ethane conversion 

and significantly reduced the undesirable side reactions with the enhancement of reaction pressure. 

 

5.2 Propane dehydrogenation reaction  

Effect of different operating parameters such as temperature, pressure, space velocity and sweep 

gas flow rate on propane dehydrogenation (PDH) reaction was studied using MFI zeolite membrane. How-

ever, the separation performance was moderate for MFI zeolite membrane for H2/propane but it helped in 

enhancing PDH reaction performance considerably for PBMR. A 1D PFR model was used not only to 

validate experimental results but also to predict reaction performance beyond experimental conditions. The 

maximum propane conversion, propylene selectivity and propylene yield obtained were 49%, 97%, and 

47%, respectively. H2 recovery (RH2) increased with increasing pressure as more H2 was transferred to per-

meate side but permeate side H2 concentration (yH2,p) decreased with increase in pressure because propane 

and unreacted propylene also diffuses across the membrane which reduced the concentration of H2 in the 

permeate side. Increasing the pressure reduced the methane selectivity for both PBMR and PBR. Model 

predicted the propane conversion results very well for both the PBMR and PBR. Highest propane conver-

sion predicted was 99% at WHSV of 1.1 h-1, pressure of 3.0 atm, and A/A0 of 1.5. MFI zeolite membrane 

significantly enhanced the propane conversion for PDH reaction. 
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5.3 Isobutane dehydrogenation reaction  

Isobutane dehydrogenation (IBDH) reaction was performed by experiments and by modeling for 

microporous MFI-type zeolite membranes. It was found that PBMR successfully exceeded the equilibrium 

limit and enhanced the i-C4H10 conversion due to H2 permeation across the membrane. The IBDH PBMR 

exhibited higher conversion, selectivity, and yield than the PBR. The impact of operating specifications 

upon H2 recovery (RH2) was studied and RH2 as high as 52 % was obtained in PBMR. For the lab scale 

PBMR, the one dimensional PFR model was satisfactorily predicted the conversion values for the IBDH 

reaction. The zeolite PBMR predicted i-C4H10 conversion of > 90% at FAr of ~ 20 cm3/min, temperature > 

600 °C, pressure ∼ 6.5 atm while the membrane had moderate H2 selectivity (αH2/i-C4H10 ∼ 9.9, and αH2/i-C4H8 

∼ 8.1) and permeance (Pm,H2 < 10−7 mol m-2 s-1 Pa-1). With an exceptional chemical resistance and hydro-

thermal stability, the MFI-type zeolite membranes are highly likely to be useful for creating PBMRs for 

high-temperature IBDH reaction. 

 

5.4 ZIF-8 membrane for propylene/propane gas separation  

Propylene/propane gas separation is one of the most difficult problem in industry. Propylene and 

propane have similar molecular sizes and almost same physical properties, which makes separation even 

more difficult. ZIF-8 membrane was developed using novel fabrication techniques for propylene/propane 

gas separation. Effect of seeding, effect of zinc salts and membrane synthesis time on ZIF-8 membrane 

performance for propylene/propane gas separation was studied. Among in situ ZIF-8 membrane, silicalite 

seeded and ZIF-8 seeded ZIF-8 membranes, silicalite seeded ZIF-8 membranes exhibited highest separation 

performance for propylene/propane gas mixture with a separation factor of 170 and propylene permeance 

of 0.9 × 10−8 mol m-2 s-1 Pa-1. Silicalite seeding helped in proper growth of ZIF-8 membrane over AAO 

support. Moreover, impact of different zinc source such as ZnCl2 and ZnNO3 was also investigated. ZnCl2 

as precursor showed higher separation performance because ZnNO3 as precursor reacted faster, and the 
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eventual ZIF-8 membrane were less intergrown, and showed thinner ZIF-8 membrane layer than those with 

zinc chloride. ZIF-8 crystal size affected membrane stabilities and gas adsorptions indicating that the ap-

propriate ZIF-8 crystal size for the propylene/propane separations can be achieved by using zinc chloride 

as zinc source. ZIF-8 membrane with zinc chloride as precursor showed propylene/propane separation fac-

tor of 170 and propylene permeance of 0.9 × 10−8 mol m-2 s-1 Pa-1. The appropriate time for ZIF-8, membrane 

fabrication was evaluated as 10 h. With increase in the membrane synthesis time from 10 h to 20 h, propyl-

ene/propane separation factor was reduced from 170 to 168 and propylene permeance from 0.9 × 10−8 to 

0.7 × 10−8 mol m-2 s-1 Pa-1. To summarize, the optimized conditions for ZIF-8 membrane fabrication were: 

silicalite seeding, ZnCl2 as precursor for zinc source, and 10 h of synthesis time.   

Though ZIF-8 membrane exhibited exceptional separation performance for the propylene/propane 

gas mixture. However, there were still some inherent defects and pinholes in the ZIF-8 framework. Healing 

those defects can further improve the performance of these membranes. Mostly defects in ZIF-8 membrane 

were because of Zn vacancies in the ZIF-8 framework. In this work, ZnO atomic layer deposition (ALD) 

was used to heal those Zn vacancies. With XPS and FT-IR results, it was confirmed that there were more 

Zn-N bonds in the ZIF-8 framework post ALD, which indicated the decrease in number of  defects in the 

ZIF-8 framework. ALD only helped in healing the top layer of the ZIF-8 membrane. Doing more ALD 

cycles on ZIF-8 membranes only made more deposition of ZnO on the ZIF-8 pores. This resulted in the 

enhancement of ZIF-8 membrane separation performance initially and then the separation performance 

goes down. ZIF-8 membranes showed enhancement in propylene/propane separation factor only with first 

2 cycles of ALD and further ALD cycles reduced the separation factor. On an average ZIF-8 membrane 

separation factor for propylene/propane gas separation increased from 141 to 270 (91% enhancement) for 

first 2 ALD cycles. However, propylene and propane gas permeance reduced monotonously with number 

of ALD cycles.       
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5.5 Future work  

In this work, impressive results have been presented. We believe there is still scope for further 

improvement in the performance of dehydrogenation reaction and propylene/propane gas mixture separa-

tion performance. Here we present the tentative ideas, which can be used in future. 

 

5.5.1 Dehydrogenation reactions 

During my Ph.D., I focused on dehydrogenation of ethane, propane and isobutane using MFI zeolite 

membrane. MFI zeolite membrane has moderate separation performance for the H2/Alkane gas separation. 

Alternatives membranes with better separation performance can enhance performance of dehydrogenation 

reactions. Silica membranes based of tetraethoxysilane (TEOS), bis(triethoxysilyl)ethane (BTESE), and 

bis(triethoxysilyl)methane (BTESM) have exhibited better H2/alkane separation performance at the room 

temperature than MFI zeolite membranes [27, 196]. Average pore size for silica membranes derived from 

different silica sources have been in the following order: BTESE derived silica membrane >BTESM derived 

silica membrane > TEOS derived silica membrane [27, 197, 198]. However, silica membranes are not stable 

at high temperature, which limits their applicability for the dehydrogenation reaction, which are feasible 

only at high temperature (> 500 oC). If the thermal stability of silica membrane can be improved and their 

H2/Alkane separation performance can be sustained at high temperature, silica membrane can yield excel-

lent performance for alkane dehydrogenation reaction.   

There have been some works for the use of silica membrane for low temperature operation (< 250 

oC). Oda et. al used silica membrane reactor for the dehydrogenation of methyl cyclohexane (MCH). Silica 

membrane showed excellent hydrogen permeance at 573 K in the order of 10−6 mol m-2 s-1 Pa-1. Membrane 

reactor showed equilibrium shifts as expected for reaction temperature between 473 to 553 K and reaction 

pressure ranging from 0.1 to 0.25 MPa. Hydrogen purity as high as 99.95% was achieved in the membrane 
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reactor. A simulation model was also developed which successfully predicted reaction performance [199]. 

Li et. al also used silica membrane for the MCH dehydrogenation reaction. Membrane exhibited high H2 

permeance of 1.29 × 10−6 mol m-2 s-1 Pa-1 and very high H2/C3H8 and H2/SF6 selectivity of 6680 and 48,900. 

Extraction of H2 from membrane helped in achieving the MCH conversion higher than thermodynamic 

limitation and with almost pure H2 in the permeate stream [200]. Battersby et. al used cobalt based silica 

membrane for water gas shift membrane reaction. During single gas dry testing He/N2 and the H2/CO2 

selectivity increased from 75-400 and 45-160 as the temperature was increased from 100 to 250 oC. H2 

permeation purity of 89-95% and high water ratio conversion was obtained. Doping the membrane with 

cobalt helped in enhancing its hydrothermal stability over a period of 200 h of operation [201].  

Though BTESM and BTESE derived silica membranes also showed the impressive separation per-

formance for H2/Alkane gas mixture, TEOS based silica membrane were chosen as potential candidates for 

enhancing the performance of dehydrogenation reaction at higher temperature. TEOS based membrane was 

chosen because it does not have any carbon in its structure unlike the BTESM and BTESE derived silica 

membrane. To improve the thermal study of TEOS based silica membrane, aluminum was introduced into 

silica membrane structure. At room temperature, TEOS based silica membrane showed H2/C3H8 selectivity 

of 10 against 6.1 from MFI zeolite membrane at 500 oC. This indicates that TEOS based silica membrane 

would help in enhancing dehydrogenation reaction performance better than MFI zeolite membrane because 

of its better separation ability. Exposure of silica membrane, to high temperature causes rapid densification 

in the membrane which causes the change in membrane pore structure [202]. Octahedral Al atoms replaced 

tetrahedral Si atoms in the framework and thus made the structure more compact. This modified structure 

showed resistance for high temperature degradation. TEOS based silica membrane was showing slight back 

permeation at high temperature which indicates defects in their framework. However, after inclusion of Al 

in the framework no back permeation was observed even at 600 oC. Further studies for investigating the 

stability of TEOS based silica membrane will be needed to ensure their applicability in high temperature 

alkane dehydrogenation reaction. 
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5.5.2 Propylene/propane gas separations 

The propylene/propane separation results depicted in this thesis are at room temperature. However, 

in industry propylene/propane separation are performed at ~ 150 oC. This shows the need of hydrothermal 

stability of ZIF-8 membrane so that these membranes can be used in industry. ZIF membranes have been 

known to be sensitive to temperature and moisture which limits their use for many practical applications 

[203]. 

In this work, AAO support was used for the fabrication of ZIF-8 membrane. Chemical property of 

the support plays a key role in the hydrothermal stability of the ZIF membranes. ZIF crystals are thermally 

stable even at 500 oC. However, when ZIF membranes are grown on a different support, intercrystalline 

defects occur during high temperature operation. This is because of the heterogeneous nucleation of the ZIF 

crystals on support and different thermal expansion coefficient of the ZIF-8 and the support. Improving 

hydrothermal stability of ZIF-8 membrane has been a challenge. AAO support is acidic in nature. As stated 

before, metal oxide support substantially affects the hydrothermal stability of the ZIF membranes. ZIF 

membranes fabricated on alumina support showed fatal degradation even at relatively moderate temperature 

of 200 oC due to its acidic nature. Kim et. al exhibited that the ZIF membranes fabricated on neutral support 

like SiO2 and basic supports like MgO have their structures intact even at adverse hydrothermal conditions. 

With characterization techniques such as SEM and XRD, enhanced hydrothermal stability of the ZIF-7 

membrane was confirmed [203-206]. Methods like the use ZnO ALD on AAO support might change the 

acidic nature of the support. The ZnO ALD modified support will be used for the fabrication of ZIF-8 

membrane. ZnO ALD modified AAO support might enhance the thermal stability of the ZIF-8 membranes 

and will facilitate ZIF-8 membrane use for high temperature operation.
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APPENDICES 

 

The following figure shows the schematic diagram depicting the algorithm used for building 1D PFR model 

in MATLAB for ethane, propane and isobutane dehydrogenation reaction.  

 

Figure A.1. Schematic of the algorithm used for developing model for ethane, propane, and isobutane de-

hydrogenation reaction in MATLAB
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The following table shows the value of reaction rate constant (k0), activation energy (E), equilibrium con-

stant parameter A, and equilibrium constant parameter B used for the model development in MATLAB 

Table A1. Model parameters for ethane, propane and isobutane dehydrogenation reaction 

 
k0 (mol s-1 gcatalyst-1 

Pa-1) 

E (J/Mol) A (atm) 
B (K) 

Ethane dehydrogenation reaction* 4.01
310  

20.6 
7.28

610  -17000 

Propane dehydrogenation reaction 4.01
1010  

-34.8 723.49 -8813.7 

Isobutane dehydrogenation reaction 8.85
1210  

-28.5 1041.06 -9256.2 

 

*For ethane dehydrogenation reaction unit of k0 is mol m-2 s-1 Pa-1 , E is kcal mol-1, A is pascal and B is K 

Table A.2: Properties of different gases used in developing the MATLAB model for ethane, propane and 

isobutane dehydrogenation reactions 

 Molecular weight (g)  Density (g/cc) 

Hydrogen 2 0.00008988 

Argon 40 0.001784 

Ethane  30 0.00135 

Ethylene 28 0.0018 

Propane 44 0.002 

Propylene 42 0.00174 

Isobutane 58 0.00251 

Isobutylene 56 0.588 

 

 

The detailed code for the Alkane dehydrogenation reaction for Packed Bed Membrane Reactor (PBMR) is 

as follows 
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% Alkane dehydrogenation reaction  

% Membrane Parameters 

Mc=0.55;                % Mass of catalyst in g 

A=1.34E-06;          % Area of membrane in m2 

A1=3.14*A; 

S= 0.45;               % Space velocity in h-1 

K0=k0;   % Constant is mentioned in Table A.1 of this appendix   

E0= E;              % Constant is mentioned in Table A.1 of this appendix   

MAl=40;                % Molecular weight are mentioned in Table A.1 in g  

Mh2=2;                 % Molecular weight of hydrogen are mentioned in Table A.1 in g 

MAlk=28;               % Molecular weight of ethylene in g  

VAl=1.5;                 % Flow rate of alkane in ccm 

VAlk=0;                 % Flow rate of alkene in ccm 

Vh2=0;                  % Flow rate of hydrogen in ccm 

VAr=20;               % Flow rate of argon in ccm 

s=P;                    % Pressure of feed side in atm 

P_r=101325*s;            % Pressure in retentate side in pascal 

P_p=101325;            % Pressure in permeate side in pascal 

R=8.314;               % Universal gas constant J/mol-K 

%DAl=4.08E-4;            % Density of alkane in mol/cc 

%DAlk=4.08E-4;          % Density of alkene in mol/cc 

%Dh2= 4.08E-4;          % Density of hydrogen in mol/cc 

%DAr=4.08E-4;             % Density of argon in mol/cc   

%DAl=0.0000453;            % Density of alkane in mol/cc 

%DAlk=0.00004214;          % Density of alkene in mol/cc 
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%Dh2= 0.00004494;          % Density of hydrogen in mol/cc 

%DAr=0.0000446;             % Density of argon in mol/cc   

% Mole Fractions in Feed 

yAl=1;                  % Mole fraction for alkane in feed 

yAlk=0.0000001;       % Mole fraction for alkene in feed 

yh2=0.0000001;         % Mole fraction for hydrogen in feed 

yAr=0;   % Mole fraction for argon in feed 

  

% Mole Fractions in permeate side  

yAlp=0;   % Mole fraction for alkane in permeate 

yAlkp=0;   % Mole fraction for alkene in permeate 

yh2p=0;   % Mole fraction for hydrogen in permeate 

yArp=1;   % Mole fraction for argon in permeate 

T=873;    % Temperature in kelvin 

% Molar flow rates of components in feed 

FAl=(VAl*P_r*0.000001)/(R*T*60);        % Molar flow rate of alkane in mol/min 

FAli=FAl;              % Storing initial value for final conversion calculation 

FAly=(VAlk*P_r*0.000001)/(R*T*60);     % Molar flow rate of alkene in mol/min 

Fh2=(Vh2*P_r*0.000001)/(R*T*60);        % Molar flow rate of hydrogen in mol/min 

FAr=0; 

% Partial pressures of components in feed 

PAl=P_r*yAl;          % Partial pressure for alkane in pascal 

PAlk=P_r*yEty;        % Partial pressure for alkene in pascal 

Ph2=yh2*P_r;          % Partial pressure for hydrogen in pascal 

PAr=yAr*P_r; 
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% Molar flow rates of components in sweep gas 

FArp=(VAr*P_r*0.000001)/(R*T*60); 

FAlp=0;             % Molar flow rate of alkane in mol/min in permeate 

FAlkp=0;            % Molar flow rate of alkene in mol/min in permeate 

Fh2p=0;             % Molar flow rate of hydrogen in mol/min in permeate 

%Equilibrium constant 

keq=101325*7280000*exp((-17000)/T);  % Equilibrium constant in pascal 

k=K0*exp((-E0)/(T*R));   % rate constant in mol/s.m2.pascal    

     

      % Calculaton of permeance 

       Pmh2=6.2E-08;                                     % Permeance of hydrogen (mol/s.m2.pascal) 

       PmAlk=1.62E-08;                % Permeance of alkene (mol/s.m2.pascal) 

       PmAl=1.3E-08;                                     % Permeance of alkane (mol/s.m2.pascal) 

       PmAr=9.44E-08;                                      % Permeance of argon (mol/s.m2.pascal) 

       %PmAl=0.0000000198*exp(0.0002*(T-273));            % Permeance of alkane (mol/s.m2.pascal) 

       %PmAlk=0.0000000259*exp(0.0001*(T-273));           % Permeance of alkene (mol/s.m2.pascal) 

       %Pmh2=0.0000000245*exp(0.0034*(T-273));            % Permeance of hydrogen (mol/s.m2.pascal) 

       Results=zeros(150,3); 

    for i=1:150      % No of sections 

       i; 

       Rate=k*(PAl-((PAlk*Ph2)/(keq)));                % Mol/s.m2      

       % Differential pressure for each component across membrane 

       dpAl=P_r*yAl-P_p*yAlp;              % Differential pressure for alkane in pascal 

       dpAlk=P_r*yAlk-P_p*yAlkp;           % Differential pressure for alkene in pascal 

       dph2=P_r*yh2-P_p*yh2p;              % Differential pressure for hydrogen in pascal 
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       dpAr=P_r*yAr-P_p*yArp;  % Differential pressure for argon in pascal 

       % Molar flow rate of each component in permeate 

       %FAlp=FAlp+PmAl*A*dpAl*60;              % Molar flow rate of alkane in mol/min in permeate 

       %FAlkp=FAlkp+PmAlk*A*dpAlk*60;           % Molar flow rate of alkene in mol/min in permeate 

       %Fh2p=Fh2p+Pmh2*A*dph2*60;              % Molar flow rate of hydrogen in mol/min in permeate 

       %Ftp=FAlkp+Fh2p+FAr;                 % Total molar flow rate in permeate in mol/min 

       FAlp=FAlp+PmAl*A*dpAl;              % Molar flow rate of alkane in mol/min in permeate 

       FAlkp=FAlkp+PmAlk*A*dpAlk;           % Molar flow rate of alkene in mol/min in permeate 

       Fh2p=Fh2p+Pmh2*A*dph2;              % Molar flow rate of hydrogen in mol/min in permeate 

       FArp=FArp+PmAr*A*dpAr; % Molar flow rate of argon in mol/min in permeate 

       Ftp=FAltp+FAlkp+Fh2p+FArp;                 % Total molar flow rate in permeate in mol/min 

 

       % Calculation of flux through the membranes 

       FluxAlp=FAlp/(A);   % Flux of alkane across the membrane in mol/s.m2 

       FluxAlkp=FAlkp/(A);  % Flux of alkene across the membrane in mol/s.m2 

       Fluxh2p=Fh2p/(A);         % Flux of hydrogen across the membrane in mol/s.m2 

    

      % Molar flow rate of each component in retentate 

       FAl=FAl-Rate*A-PmAl*A1*dpAl;           % Molar flow rate of alkane in mol/min 

       FAlk=FAlk+Rate*A-PmAlk*2*A1*dpAlk;       % Molar flow rate of alkene in mol/min  

       Fh2=Fh2+Rate*A-Pmh2*A1*2*dph2;           % Molar flow rate of hydrogen in mol/min 

       FAr=FAr+Rate*A-PmAr*2*A1*dpAr;      % Molar flow rate of argon in mol/min     

       Ft=FAl+FAlk+Fh2+FAr;   % Total molar flow rate in retentate in mol/min     

       Results(i,1) = yAl;   % Saving alkane mole fraction   

       Results(i,2) = yAlk;   % Saving alkene mole fraction 
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       Results(i,3) = yh2;   % Saving hydrogen mole fraction 

      

       % Mole fraction of each component in permeate 

       yAlp=FAlp/Ftp;                   % Mole fraction of alkane in permeate 

       yAlkp=FAlkp/Ftp;                 % Mole fraction of alkene in permeate 

       yh2p=Fh2p/Ftp;                   % Mole fraction of eydrogen in permeate 

       yArp= FArp/Ftp;  % Mole fraction of argon in permeate 

        

       % Mole fraction of each component in retentate 

       yAl=FAl/Ft;                  % Mole Fraction for alkane in retentate 

       yAlk=FAlk/Ft;                % Mole fraction for alkene in retentate 

       yh2=Fh2/Ft;                  % Mole fraction for hydrogen in retentate 

       yAr=FAr/Ft;  % Mole fraction for argon in retentate       

       % Caluculation of revised partial pressures in retentate side 

       PAl=P_r*yAl;  % Revised partial pressure of alkane in retentate in pascal 

       PAlk=P_r*yAlk;  % Revised partial pressure of alkene in retentate in pascal 

       Ph2=P_r*yh2;      % Revised partial pressure of argon in retentate in pascal 

       X=(FAli-FAl-FAlp)/(FAli); % Conversion after section i 

 

       Results(i,4) = X;  % Storing conversion after section i   

    end   

    FAl   % Printing alkane exit flow rate from retentate in mol/min 

    FAlp    % Printing alkane exit flow rate from retentate in mol/min 

    FAli    % Printing alkane inlet flow rate in mol/min 

    X=(FAli-FAl-FAlp)/(FAli) % Printing overall alkane conversion
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