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NOMENCLATURE

English Letters

cross sectional area, ft* or m

specific heat at constant pressure, Btu/(Ibm-°F) or kJ/(kg-K)
inside diameter of the tube, ft or m

mass velocity of total flow (= pV), Ibm/(hr-t%) or kg/(s-m?)
heat transfer coefficient , Btu/(hr-ft*>-°F) or W/(m*-K)
thermal conductivity, Btu/(hr-ft-°F) or W/(m-K)

thermal conductivity of stainless steel, Btu/(hr-ft-°F) or W/(m-K)
length of the heated test section, ft or m

mass flow rate, Ibm/hr or kg/s

Nusselt number (= hD/k), dimensionless

mean system pressure, psi or Pa

atmospheric pressure, psi or Pa

momentum pressure drop, psf or Pa

total pressure drop per unit length, Ibf/ft’ or Pa/m

Prandtl number (= cw/k), dimensionless

volumetric flow rate, ft*/min or m*/s

heat flux per unit area, Btu/(hr-ft*) or W/m’

mixture Reynolds number (= ppUn*D/py, in [Ueda & Hanaoka, 1967] ),

" dimensionless, where

Un* = VL + 1.2(Res)-0'25 Vs -12Frgp Vgp + 16(Fl's)1'25Vs,

Res = pLVsD (1-va )y, Vep = Vs + Vsg, Frep = aD (1-vo )/ Vep’,
Frs = D(1- v )/Vs®, Vo= Va/(1-a), Vo= Vsc/a,

Vs=slip velocity = Vg - VL.

_two-phase flow Reynolds number, dimensionless

= Resy/(1-a) in [Chu & Jones, 1980]

= GgD/ur where Gg = mass flow rate of froth and pr = (Uw+ua)/2 in [Dusseau,
1968]

= Regsy, + Resg in [Elamvaluthi & Srinivas, 1984] and [Groothuis & Hendal,
1959]

liquid volume fraction (= 1-o), dimensionless

temperature, °F or °C

average velocity in the test section, ft/s or m/s

flow quality, dimensionless

09 05 0l
Martinelli parameter [ - (1"_") [p_GJ [-”_‘-.J ], dimensionless
x PL Bg



Abbreviations

A air or annular flow
B bubbly flow
B-S bubbly-slug transitional flow (other combinations with dashes are also
transitional flows)
C churn flow
F froth flow
H horizontal
M mist flow
S slug flow
\% vertical
w water
Greek Symbols
o void fraction [= Ag/(Agt+AL)], dimensionless
T dynamic viscosity, lbm/(hr-ft) or Pa-s
p density, Ibm/ft’ or kg/m’
¢s, &t Lockhart-Martinelli (1949) two-phase gas and liquid multipliers, dimensionless
Subscripts
A air
B bulk

CAL  predicted

EXP experimental

G gas

L liquid

MIX  gas-liquid mixture
TP two-phase

TPF =~ two-phase frictional
SG superficial gas

SL superficial liquid

w wall



CHAPTER 1
INTRODUCTION

Two-phase flow occurs frequently in the processing bindustries, and the design of
such equipment as condensers, heat exchangers, and reactors depends on a detailed
knowledge of two-phase flow to predict heat transfer and pressure drop in conjunction
with void fraction and flow pattern. The flow of a liquid and a permanent gas (usually
referred to as two-phase, two-component flow) also involves a wide range of industrial
applications. Examples are the flow of natural gas in pipelines, oil wells and many
chemical processes. The flows in pipes may be vertical, inclined or horizontal, and
methods must be available for predicting heat transfer and pressure drop in pipes at any
inclination angle. Providing information on the heat transfer coefficient in the fluids in
wellbores and pipelines to predict the occurrence of paraffin deposition on the pipe wall is
another example of the importance of two-phase flow, which has received considerable
attention in recent years due to the growing need for more economical design and
optimization of operating conditions.

When a natural gas-paraffinic liquid (or crude oil). mixture flows in wellbores and
pipelines, wax precipitation and deposition will take place once the pipe wall temperature

becomes lower than the paraffinic cloud point (or wax appearance temperature) and lower



than the bulk fluid temperature. The paraffin deposition problem can cause a loss of
millions of dollars per year worldwide through the numerous cost of prevention and
- remediation, pipeline replacement and abandonment, and extra horsepower requirements.
It also becomes increasingly imperative to adequately identify the conditions for paraffin
precipitation and predict the paraffin deposition rates to optimize the design and operation
of the gas and oil production systems. Therefore, the detailed knowledge of the convective
heat transfer from the gas-liquid mixture to the pipe wall before the occurrence of a wax
layer deposit on the pipe wall is required to adequately achieve the identification and
prediction of the wax deposition in wellbores and pipelines.

The main purpose of this study is to develop a comprehensive model (or
correlation). for predicting heat transfer coefficients during gas-liquid two-phase flow in
pipes, by evaluating and refining existing models/correlations on the basis of their physical
merits and comparisons with the available data from the open literature and the collected
data from our own experiments. This chapter is devoted to the descriptions of the
background in two-phase flow study including the flow patterns possibly observed in two-
phase flow in pipes, the literature survey of related studies, and the objectives of this

study.
1.1 Definitions of Variables Used in Two-Phase Flow
In internal g.as and liquid mixture flow, the gas and liquid are in simultaneous

motion inside the pipe. The resulting two-phase flow is generally more complicated

physically than single-phase flow. In addition to the usual inertia, viscous, and pressure



forces present in single-phase flow, two-phase flows are also affected by interfacial tension
forces, the wetting characteristics of the liquid on the tube wall, and the exchange of
momentum between the liquid and gas phases in the flow. Also, since the flow conditions
in a pipe vary along its length, over its cross section, and with time, the gas-liquid flow is
an extremely complex three-dimensional transient problem. Thus, most researchers have
sought simplified descriptions of the problem which are both capable of analysis and retain
important features of the flow. The descriptions, or definitions of variables, presented here
is that of one-dimensional flow (the flow conditions in each phase only vary with distance
along the tube) and it is perhaps the most important and common method developed for
analyzing two-phase pressure drop and heat transfer.

1.1.1 Flow Rates and Void Fraction (oQ

Figure 1.1 shows a very simple two-phase flow. Although this simple flow
configuration will be specifically referred to, the basic definitions and terminology
described here would be applicable to any gas-liquid flow circumstance. The total mass

flow rate through the tube m is equal to the sum of the mass flow rates of gas m; and
liquid rh, ,

m=mg +m, 1.1
The ratio of gas flow to total flow x,

x=—= (1.2)

is sometimes called the dryness fraction or the quality. In similar fashion, the value of

1 -x=m, /m is sometimes referred to as the wetness fraction.



Figure 1.1 Idealized Model of Two-Phase Gas-Liquid Flow in an Inclined Tube
(Adapted from Carey, 1992)

For a tube with cross-sectional area A, the mass flux or mass velocity G is defined

as

_m
G—A (1.3)

The void fraction « is defined as the ratio of the gas-flow cross sectional area Ag to the

total cross-sectional area A,

where A must equal the sum of the cross-sectional areas occupied by the two-phases:
A=Ag+ AL (1.5)
It follows directly that liquid volume fracﬁon or liquid holdup Ry is given by

AL

RLzl—a‘:'K— (16)



If gas and liquid phases travel at the same velocity (no-slippage); the assumption is no slip

between phases, no-slip holdup, sometimes called input liquid content A;, and is defined as

Q.

lL:QL+QG

(1.7)

where Q. and Qg are in-situ liquid and gas volumetric flow rates, respectively.
It is obvious that the difference between the liquid holdup and the no-slip holdup is

a measure of the degree of slippage between the gas and liquid phases.

The gas mass flow rate m,; is given by
th =mx = [ pgVedA (1.8)

where x is the gas-phase mass flow fraction, pg the gas density, Vg the gas velocity, and
m the total mass flow rate. Now, since for a one-dimensional flow pg and Vg do not vary

over the cross-section Ag, Equation (1.8) becomes

mx = p, Vg J‘A(EA = p; VsQA (1.9)

Similarly, for the liquid phase
m, =m(-x)=p, V,(1-a)A (1.10)
where py is the liquid density and V, the liquid velocity.

Dividing Equation (1.9) by Equation (1.10) gives

K = %z [1_"_)(119_)& (1.11)
L XA @ JPs

where K is often referred to as the 'slip ratio'. It is usually greater than unity which means
that Vg 1s usually greater than Vi, and the relative velocity Vg - V¢ is often referred to as

the 'slip velocity'.



If there is no slip between the phases (often referred to as 'homogeneous flow), i.e.

K is unity; Equation (1.11) becomes

1-'-“:(1"‘)&— (112)

a X /P

There exist several empirical methods for determining the value of o or K and

Butterworth (1975) summarized some of the well known empirical equations having the

l-a 1-xY Ps. i Hy f
=C Po || A
-2 (4] () am

where C 1s a constant. Explicitly in terms of the void fraction and the slip ratio,

following form:

1

a= .
1+C(L:§jp(&)q[ﬂ} (1.14)
X PL ) \He

V _ p-1 q-1 r .
L , PL Hg

The values of C, p, q, and r for the different correlations are given in Table 1.1.

and

Another well known empirical method for K or o is Chisholm's (1973) method as

shown below:

Kz[ﬂ_J | (1.16)

where puowm 1s the homogeneous density and can be determined from



1 1-x X

Prom - PL. Pa (1.17)

Table 1.1 Values of Constants Suggested by the Various Models and Correlations
(Adapted from Butterworth, 1975)

Model or Correlation C p q r
Homogeneous Model 1 1 1 0
Zivi Model (1963) 1 1 0.67 0
Turner & Wallis Model (1965) 1 0.72 0.40 0.08
Lockhart & Martinelli Correlation ~ 028 0.64 036  0.07
(1949)
Thom Correlation (1964) 1 1 089 018
Baroczy Correlation (1963) - 1 074 065 0.13

1.1.2 Velocities

Many fwo-phase flow correlations are based on a variable called superficial
velocity. The superficial velocity of a fluid phase is defined as the velocity which that
phase would exhibit if it flowed through the total cross section of the pipe alone.

The superficial gas velocity, Vsg is defined as

_Gx Qg

V.. =— X6
=50 A (1.18)

where A is the pipe area. The actual gas velocity, V¢ can be calculated from

Q6
G~ Aa (1.19)

Similarly, for the superficial liquid velocity, Vs is defined as



v, =800 _Q& (1.20)
PL A

A
A(l-a)

(1.21)
The slip velocity, Vs is defined as the difference in the actual gas and liquid

velocities

\Y V.
Vs=V, -V, =% (1.22)
a (l—a)

Using the above definitions for velocity, the alternate equation for no-slip holdup is

A — Va
Vi * Vs

(1.23)
In this section, some basic definitions of variables used in two-phase flow were

introduced. In the next section, basic descriptions and determination of two-phase flow

patterns in vertical and horizontal flows will be presented.
1.2 Flow Patterns

Whenever two fluids with different physical properties flow simultaneously in a
pipe, there is a wide range of possible flow regimes. The flow pattern is referred to the
distribution of each phase in the pipe relative to the other phase. Many investigators have
attempted to predict the flow pattern that will exist for various sets of conditions, and
many different names have been given to the various patterns.

Predictions of flow patterns for horizontal flow are a more difficult problem than

the vertical flow since the phases tend to separate due to differences in density, causing a



form of stratified flow to be very common. When flow occurs in a pipe inclined at some
angle other than vertical or horizontal, the flow patterns take other forms. For inclined
~ upward flow, the pattern is known to be almost always slug or mist flow since the effect of
gravity on the liquid precludes stratification. For inclined downward flow, the pattern is
usually stratified or annular flow.

Because of the multitude of flow patterns and the various interpretations accorded
to them by different investigators, no uniform procedure exists at present for describing
and classifying them. However, in recent years, some attempts have been made to
standardize their description (Wallis, 1965, Hewitt and Hall-Taylor, 1970, Govier and
Aziz, 1972, Beggs and Brill, 1973, Taitel and Duckler, 1976, Barnea, 1987). The
characterization and description proposed by Hewitt and Hall-Taylor (1970) for a vertical
flow and by Taitel and Dukler (1976) for a horizontal flow appear to be among the best
and most common.

Although different names of the flow pattems were given by different
investigators, the descriptions of the basic main flow patterns were found to be essentially
the same. In the following section, the characterizations and descriptions of the'ﬂow
patterns presented by Carey ‘(1992) and Hewitt and Hall-Taylor (1970), which can be
generally accepted in two-phase flow study will be introduced. Carey (1992) used the flow
pattern maps of Hewitt and Roberts (1969) for vertical upward flow and Taitel and Dukler
(1976) for horiéontal flow. The fdllowing descriptions, with some modification if
necessary, will be adapted to the analysis of the results which will be observed for

horizontal two-phase flow in the experimental phase of this study.



1.2.1 Upward Vertical Flow

For gas-liquid two-phase upward flow in a vertical round tube, the possible

observed flow regimes are indicated in Figure 1.2. Hewitt & Hall-Taylor (1970)

designated four basic patterns for upward flow as follows:

Bubbly Flow: The gas phase is approximately uniformly distributed in the form of
discrete bubbles in a continuos liquid phase.

Slug Flow: Most of the gas is located in large bullet shaped bubbles which have a
diameter almost equal to the pipe diameter. They move uniformly upward and are
sometimes designated as "Taylor bubbles". Taylor bubbles are separated by slugs
of continuous liquid which bridge the pipe and contain small gas bubbles. Between
the Taylor bubbles and the pipe wall, liquid flows downward in the form of a thin
falling film. (This pattern has been designated by others as plug flow at low rates
where the gas liquid boundaries are well defined, and as slug flow at higher rates
where the boundaries are less clear.)

Churn Flow: Churn flow is somewhat similar to slug flow. It is, however, much
more chaotic, frothy and disordered. The bullet-shaped Taylor bubble becomes
narrow, and its shape is distorted. The continuity of the liquid in the slug between
successive Taylor bubbles is repeatedly destroyed by a high local gas concentration
in the slug. As this happens, and liquid slug falls, the liquid accumulates and forms
a bridgé and is again lifted by the gas. Typical of chux;n flow is this oscillatory or
alternating direction of motion of the liquid. (Some observers refer to a froth flow
pattern for higher liquid and gas rates where the system appears more finely

dispersed.)
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e Annular Flow: Annular flow is characterized by the continuity of the gas phase
along the pipe in the core. The liquid phase moves upward partly in the form of
drops entrained in the gas core. (Annular flow has been described as a whispy-
annular pattern when the entrained phase is in the form of large lumps or "wisps".
Froth, mist or semi-annular flow patterns have also been used to describe the churn
and annular flow patters.)

In a similar way, Carey (1992) described the churn and wispy-annular pattern
flows as follows:

e Churn Flow: For intermediate qﬁalities and lower flow rates, the gas shear on the
liquid-gas interface may be near the -value where it just balances the combined
effects of the imposed pressure gradient and the downward gravitational body
force on the liquid film. As a result, the liquid flow tends to be unstable and
oscillatory. The gas flow in the center of the tube flows continuously upward.
Although the mean velocity of the liquid film is upward, the liquid experiences
intermittent upward and downward motion. The flow of these conditions is highly
agitated,_resulting in a highly irregular interface.

. Wispy-Annular Flow: At intermediate qualities, if both the liquid and gas flow
rates are high, an annular-type flow is observed with heavy "wisps" of entrained
liquid flowing in the gas core. Although this is a form of annular flow, it is

sometimes designated as a separate regime, referred to as wispy-annular flow.
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Bubbly SI Churn W’s Annular Annular
Flow F!uug p¥| Flow

Figure 1.2 Schematic Representations of Flow Regimes Observed in Vertical
Upward Gas-Liquid Two-Phase Flow (Adapted from Carey, 1992)

The conditions corresponding to the flow regimes described above can be
represented on the flow regime map shown in Figure 1.3. The form of this map was
proposed by Hewitt & Roberts (1969). The vertical coordinate 1s equal to the superficial
momentum flux of the gas, and the horizontal coordinate is the superficial momentum flux
of liquid through the tube. The boundaries between the flow regimes have been established
from visual observation of the two-phase flow in a series of experiments (using a
transparent tube) that spanned the entire flow regime map. Since the flow regime for a
given set of conditions is a matter of judgment regarding the appearance of the flow, the
boundaries should be interpreted as specifying the middle of a transition between two

regimes.
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Figure 1.3 Flow Regime Map of the Type Proposed by Hewitt & Roberts (1969)
(Adapted from Carey, 1992)

From the theoretical consideration, analytical expressions for the transition
conditions between the‘two-phase ﬂow'regimes have also been obtained. Radovcich &
Moissi§ (1962) presented arguments about the frequency of bubble collisions, which
suggest that the transition from bubbly to slug flow is highly probable at void fractions
above oo = 0.3. Based on a more detailed analysis, Taitel & Dukler (1977) proposed the

relation

1/4
VSL _234_107[g(pL _pr]

= (1.24)
Vso VSGPL”2

as defining the incipient conditions for the transition from bubbly to slug flow.
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As previously mentioned, increasing quality can lead to a transition from slug flow
to churn flow. This breakdown of slug flow is a consequence of the interaction between
the rising slug bubble and the liquid film between the slug and the wall. In a flow of this
type, this liquid film actually moves downward as the slug moves upward at a velocity
higher than the mean velocity of the two-phase flow, due to its buoyancy. As the quality
and void fraction increase, this type of counter flow becomes unstable in a manner similar
to the Helmholtz instability. This instability leads to the breaku.p of the large bubbles
characteristic of slug flow, initiating a transition to churn flow. Porteus (1969) presented
theoretical arguments that suggest that this transition corresponds to conditions defined by

the relation

/2
Vss Vse Po

where D is the tube diameter. However, Taitel & Dukler (1977) argued that for
(Vg + Vg )/(gD)"* greater than 50, the slug-to-churn transition occurs at conditions that

correspond to Vg /Vss =0.16.

The transition from churn ﬂow‘ to annular flow occurs at conditions where the
upward shear stress of the gas core flow plus the imposed pressure gradient just balances
the downward gravitational force on the liquid film. These conditions correspond to the
lower gas velocity limit for which steady upward annular flow can be sustained. Wallis
(1965) proposed that this transition occurred approximately at conditions specified by the

relation
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o ” =09 ‘(1.26)
{gD(pL ~Ps ):] ’

Taitel & Dukler (1977) suggested the following relation as a means of predicting the

transition from churn to annular flow:

0.5
V0 =3.09(1+20X+X2) -X w27)

ls(o, - po Jo (1+20x+x2)"

where X is the Martinelli parameter, defined as

[(@prdz), T
X-[m | | (1.28)

where (dP/dz). and (dP/dz); are the frictional pressure gradients for the liquid and gas

phases flowing alone in the pipe, respectively. These frictional gradients can be calculated

from
dp 2f, G*(1-x)’
(_) __24,67(1-x) (1.29)
dz ), p.D
(d_P) _2£,Gx’ 30
dz psD (130)
-n Gl{l-x)D
f, =BReg ", Reg =*u— (1.31)
Hy
" GxD
f. =BReg,”, Reg =—'u~— (1.32)
G

In the above friction-factor relations, for round tubes the constants can be taken to be B =
16 and n = 1, respectively, for laminar flow (Reg;, or Resg < 2000), or B = 0.079 and n =

0.25 for turbulent flow (Res or Resg = 2000).
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The transition between wispy-annular flow and annular flow is difficult to
distinguish precisely since the regimes are quite similar. Wallis (1965) proposed the
following correlation for the transition condition based on the experiments that used a

probe to detect wispy filaments in the core flow:

Y_sc_z(no.osﬂ-) (1.33)

SL Ps
The relation is recommended for Vs pr "*[gD(pL-ps)]** > 1.5.

1.2.2 Horizontal Flow

For two-phase flow in horizontal round tubes, the flow regimes that may occur are
shown in Figure 1.4. One of the main differences between the regimes observed for
horizontal flow and those for vertical flow is that there is a tendency for stratification of
the flow in horizontal flow. Regardless of the flow regime, the gas tends to migrate
toward the top of the tube while the lower portion of the tube carries more of the liquid.
The descriptions of the flow regimes introduced by Carey (1992) will be presented as
follows:

e Bubbly Flow: At very low quality, bubbly flow is often observed for horizontal
flow. However, as indicated in Figure 1.4, the bubbles, because of théir buoyancy,
flow mainly in the upper portion of the tube.

e Plug Flow: As the quality is increased in the bubbly regime, coalescence of small
bubbles produces larger plug-type bubbles, which flow in the upper portion of the

tube (see Figure 1.4). This is referred to as the plug flow regime.
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Stratified Flow: At low flow rates and somewhat higher qualities, stratified flow
may be observed in which liquid flowing in the bottom of the pipe is separated
from gas in the upper portion of the pipe by a relatively smooth interface.

Wavy Flow: If the flow rate and/or the quality is increased in the stratified flow
regime, evenfually the interface becomes Helmholtz-unstable, whereupon the
interface becomes wavy. This type of flow is categorized as wavy flow.

Slug Flow: The strong gas shear on the interface for the wavy circumstances,
together with the formation and breaking of waves on the interface, may lead to
significant entrainment of liquid droplets in the gas core flow. At high liquid flow
rates, the amplitude of the waves may grow so that the crests span almost the
entire width of the tube, effectively forming large slug-type bubbles. Because of
their buoyancy, the slugs of gas flowing along the tube tend to skew toward the
upper portion of the tube. In other respects, it is identical to slug flow in vertical
tubes, and hence it too is referred to as slug flow.

Annular Flow: At high gas velocities and moderate liquid flow rates, annular flow
is observed for gas-liquid flow. For such conditions, buoyancy effects may tend to
thin the liquid film on the top portion of the tube wall and thicken it at the bottom.
However, at sufficiently high gas flow rates, the gas flow is invariably turbulent,
and strong lateral Reynolds stresses and the shear resulting from secondary flows
may serve to distribute liquid more evenly around the tube perimeter against the
tendency of gravity to stratify the flow. The strong gas shear may also result in
significant entrainment of liquid in the gas core. Because gravitational body forces

are often small compared to inertial effects and turbulent transport of momentum,
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Figure 1.4 Schematic Representations of Flow Regimes Observed in Horizontal
Gas-Liquid Flow (Adapted from Carey, 1992)

the resulting flow for these circumstances is generally expected to differ little from
annular flow in a vertical tube under similar flow conditions.

Flow regime maps for gas-liquid flow in horizontal or slightly inclined round tubes
have been proposed by Baker (1954), Mandhane, Gregory & Aziz (1974), and Taitel &
Dukler (1976). Later, Barnea (1987) adapted the same approach of Taitel & Dukler
(1976), modified and extended the existing model to form a unified model for the entire

pipe inclination angles. Unfortunately, this approach is mathematically complex and its
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solution is very involved for design purposes. Thus, the Taitel & Dukler (1976) model
which has perhaps the most conceived theoretical basis will be used in this study. The map
proposed by Taitel & Dukler (1976), which attempted to account for the diﬁ‘erent
combinations of physical parameters that affect different regime transitions on the map, is
shown in Figure 1.5.
The horizontal coordinate on the map (see Figure 1.5) is the Martinelli parameter
X defined by Equations (1.28), (1.29) and (1.30). The value of X fixes the horizontal
position on the map regardless of the flow regime. However, the vertical coordinate of the
dimensionless parameters used to determine the flow regime varies depending on the
specific transition being considered as follows:
Stratified flow to wavy flow transition: The vertical position of the corresponding

point in Figure 1.5 is specified in terms of the parameter Kp, defined as

_ , 05
Ko = PsVsc Vs (1.34)
Vi (pL ~Pe )g cosQ '

where vy is the kinematic viscosity of the liquid and Q is the angle of inclination
between the tube axis and the horizontal.
Wavy to annular and wavy to intermittent (plug or slug) transitions: The transitions in

Figure 1.5 are evaluated in terms of X and the parameter Frp, defined as

0.5
E_ - PeVse” (1.35)
™| (o, = ps )Dg cosQ

where D is the tube diameter.
Bubbly flow to intermittent flow transition: The transition is specified in terms of X

and the parameter Tqp, defined as
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0.5

T - ~(dp/dz), (1.36)
(o, ~ g Jg cOsQ

where (dP/dz),, is given by Equation (1.29).

- The transition between intermittent and annular flow or bubbly and annular flow is

simply corresponded to X = 1.6 on the map.
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Figure 1.5 Flow Regime Map for Horizontal Gas-Liquid Flow of the Type Proposed
by Taitel & Dukler (1976)

In this section, descriptions and determination of flow patterns in vertical and
horizontal flows were introduced. In the next section, literature survey for heat transfer in

two-phase flow will be presented.
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1.3 Literature Survey

Numerous heat transfer correlations and experimental data for forced convective
heat transfer during gas-liquid two-phase flow in vertical and horizontal pipes have been
published over the past 40 years. Still experimental data are limited in both amount and
usefulness, especially for horizontal pipe flow. Several investigators did not mention flow
regime in detail, and others performed the experiment in limited simple flow regimes rather
than comprehensive flow regimes. No data concerning the comprehensive aspects of the
horizontal pipe flow have been yet reported.

In this study, a comprehensive literature search is carried out and studies having
two-phase heat transfer correlations are mainly introduced. Attempts to correlate the data
of two-phase heat transfer may be classified into fou'r main approaches.

1.3.1 Extended Sieder-Tate Type Correlation for Two-Phase Heat Transfer

A singlé-phase heat transfer corrélation developed by Sieder and Tate (1936) was
employed and modified for two-phase heat transfer data, since several researchers
assumed that the two-phase flow heat ‘transfer mechanisms are quite similar to that of
single-phase flow. Table 1.2 shows those two-phase heat transfer coefficient correlations
and the correlation limitations.

During the procedures of adapting the single-phase heat transfer correlation to two-phase
heat transfer correlation, additional parameters were introduced by dimensional analysis or
a single-phase parameter was modified to two-phase parameter using homogeneous or
separated flow model concepts. For the additional parameters for the two-phase heat

transfer correlations, dimensionless parameters of (p./pg), (Uc/lL), and (Vsg/VsL) were
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Table 1.2 Extended Sieder-Tate Type Correlations for Two-Phase Heat Transfer

Source Heat Transfer Correlations

Groothuis & Heandal (1959)  |For water-air
Nure = 0.029 Rerr)"*’ (Pre)"” (ua/pw)"'*
ReTp = RCSL + Resg
where pg = viscosity of bulk liquid
puw = viscosity of liquid at wall
Valid for Reg. > 5000, Regg > 0, and Vsg/Vg, > 1

For (gas-oil)-air
Nu'I‘P =26 (ReTP)O.39 (PI'L)IB (p.B/p.w)o.]“
Valid for 1400 < Regy < 3500, Resg > 0, and Vso/Vsy > 1

For single phase

Nu = C RCSLO'SI PrL”s (P-BIP-W)O.]“

where C = 0.030 for water where Reg;. > 5000
= 0.028 for gas-oil where Reg;, > 4000

Knott et al. (1959) B ( VSG)IB
=1+ 36
hy VsL
Valid for 6.7 <Reg. < 162, 126 < Resg < 3920,
and 0.1 < Vgs/Vig <40. hp was calculated from the Sieder-Tate
correlation. '

Davis & David (1964) 0.28 0.87 0.4
C
hD _ o_oso[p_L] (DGtx) [ P u)
kp Py HL k J,

where h = two-phase heat transfer coefficient
G; = total flow rate
y = vapor mass fraction

Oliver & Wright (1964) Newtonian liquid:

| 12 02
Nupp = Nu [_____J
IR % Ry

where Ry = liquid holdup = Qu/(QL + Qq)

QL = volumetric flow rate of liquid

Qg = volumetric flow rate of gas
" 014 1/3

Nllsp =16 15(—B J (Re ACT Pr—)
Hw L
where
VacrD
Re ACT = __‘icl_p

Vacr = approximate actual velocity of liquid
in two phase flow, (Qp + Qg)/A
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Table 1.2 Extended Sieder-Tate Type Correlations for Two-Phase Heat Transfer - Cont.

Source

Heat Transfer Correlations

Oliver & Wright (1964) - Cont.

Non-Newtonian liquid:

110 010
Nup = Nugp| —te — =
™ Sp (R Lo.73 R Lz]
ol4, /3 V3
Nug, = L75(Y—BJ [3“ TIJ (EReACT Pr-gj
YW 4n 4 L

where yg = value of y measured under bulk
' temperature conditions, (T + T2)/2
yw = value of y measured under wall temperature
conditions
T; = initial temperature of liquid
T, = final temperature of liquid (or gas/liquid
mixture)
n' = function of non-Newtonian fluid physical
properties ranging from 0.5 to 0.8

1oni-1 .
y = gK 8" 7 where g = gravity
K1 was defined as

DAP 8V ol
D (8]

4L D

where D = internal diameter of tube
AP = pressure drop across the tube
L = length of heat transfer section
V__ = mean velocity of liquid

Kudirka et al. (1965)

Nugp = “:;D - 12{\\;: j(R)(P)[B:j{:_W}

Valid for 2.5 x 107 <x = m /(m; +mg) <0.092

Ueda & Hanaoka (1967)

Nup =0075@Re,,)"° S
tre S 0035y, - 1)

Renm = prUm™*D/p

Un* = VL + 1.2(Res) ™2 Vs -12 Frgp Vip + 16(Frs) > Vg

Reg = VsD (1-Jou Yy,

VEp = Vs + Vsg

Frep = goD (1-ou )/Vep®

Frs = gD(1- Vo )/Vs?

Nusp = 0.023 Regy *® Pr; >4

where Vi = mean velocity of liquid phase = Vs /(1-0)

Vg = mean velocity of gas phase = Vsg/a
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Table 1.2 Extended Sieder-Tate Type Correlations for Two-Phase Heat Transfer - Cont.

Source

Heat Transfer Correlations

Ueda & Hanaoka (1967) —
Cont.

Vs = slipvelocity = Vg-Vp
Correlation was valid for 1.5 x 10° <Rep < 6 x 10*

* Oliver & Young Hoon (1968)

h’rp B (_I__,_) 173
hy \Lg

where Lg = length of the liquid slug

L = test section length
Martin & Sims (1971) h Y
I =1+064 | SS
h, Vs
Valid for 0.08 < Vs5/Vg < 276
Ravipudi & Godbold (1978 03 0.2 0.14
pu ( ) N _ (VSG 3 (E_Q_\ 06 .
Upp = 0.56L—J L J (Reg, ) (P1) L J
VaL 1239 K

Valid for 8554 < Regp, < 89626 and 1 < Vsg/VsL < 90

Khoze et al. (1976)

02 055 04
NuTP = 0.26ReSG Reg PrL

Valid for 4 x 10° <Regs < 3.7 x 10*, 3.5 <Reg. < 210, and
4.1 <Pr <90

Chu & Jones (1980) 014 017
0.55 13| M Pa
Nup =ClRep) " (Pr) 7| — —
Hw P
Rerp=Regy / (1-a0)
where Pa = atmospheric system pressure
P = mean system pressure
oo = void faction
Cl = 0.43 for upward flow
= 0.47 for downward flow
Shah (1981)

V4
by _ (1 +XS.G_)
hy Vst

The above correlation was valid for Regy, < 170.
hy, for laminar flow (Resy < 170) was calculated from the
Sieder-Tate equation (1936) as

hyD/ky = 1.86 Reg ProD/L) > (ur/uw)* '
For Resy, > 170, a graphical correlation was given with axes
as (hrp/by) and (Vsg/Vsp) and with the liquid Froude
number as a parameter. hy for turbulent flow (Resy, > 170)
was calculated from the Dittus-Boelter equation

hy = 0.023 Rer *® Pry ® ki /D
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Table 1.2 Extended Sieder-Tate Type Correlations for Two-Phase Heat Transfer - Cont.

Source Heat Transfer Correlations

‘Elamvaluthi & Srinivas

1/4 014
(1984) Nup =05 (iG—) (Rerp)*’ (Pr)” 3(33—)
kL Hw

Rerp = (DVsLpr/pL) + (DVsgpa/ia)
The Nurp correlation was valid for 300 < Reg, < 16500 and
Vsa/VsL = 0.3 -4.6.

introducéd. Also, several researchers considered that the increase of two-phase heat
transfer was attributed to the increase of mean mixture velocity, and the mean mixture
velocity was defined as the sum of the sihgle-phase liquid‘ and gas velocities based on
separated flow model concept. Some of the reseafchers introduced Rerp or (1+Vsg/Vs)
for the two-p'hase parameters in their suggested two-phase heat transfer correlations.
Groothuis and Hendal (1959) measured heat transfer for two air-liquid mixtures
(water and gas-oil) and empirically correlated the results. The authors reported that the
tube-wall temperature influenced their results and that the two-phase heat transfer
coefficient values were recalculated for wall temperatures of 140°F for air-water and
203°F for air-gas-oil. ‘The authors observed that the introduction of the first amount of air
caused a rapid increase in heat transfer, but then the increase in heat transfer was more
gradual; further, the influence of air on the heat transfer rate was more pronounced at the
lower liquid flow rates. This was explained by noting that resistance to the heat transfer
was mainly due to the viscous sublayer at the wall, and the eddies produced in the wake of

the nising air bubbles reduced the effective thickness of the film on the wall, thus
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enhancing the heat transfer rate. They also developed a criterion for the flow conditions at
which the liquid film on the wall was partly and temporarily disintegrated by the shearing
stresses exerted by the flow. However, the test section was relatively short (thermal
boundary layer not fully developed, Chu;1980) and they did not include flow pattern
effects in detail.

Knott et al. (1959) measured the rate of heat transfer to two-phase mixtures of a
viscous oil and nitrogen under uniform heat flux. Although the Sieder and Tate equation
was applied only when the wall temperature was held constant, it was used for the uniform
heat flux condition. Thus the authors thained unsatisfactory results from a logarithmic
mean temperature difference, but the integrated mean temperature difference in the
calculation of over-all heat transfer coefficient resulted in satisfactory agreement between
the single-phase oil experiments and the Sieder and Tate equation calculations. They
applied the single-phase heat transfer theory to two-phase heat transfer and calculated hrp
from the equation of Sieder and Tate with the mean velocity of the two-phase flow. The
authors attributed the increase in hrp to the increase in the mean velocity of the mixture in
the bubbly flow region, and based on this assumption they proposed a correlation for the
two-phase heat transfer coefficient using the single-phase, Sider and Tate equation
approach with Vip = (Vs + Vsg). Although this method generally over-predicted the
experimental values of the two-phase heat transfer coefficients, it gave the approximate
trend of the data.

Davis and David (1964) used a slip model to suggest an erﬁpiﬁcal correlation for
two-phase gas-liquid heat transfer. The experimental data in the purely convective heat

transfer region (no nucleate boiling) corresponded to annular and mist annular regions.
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The authors mentioned that the slip ratio (Vg/Vy) should be a function of the gas and
liquid flow rates, the system geometry, the physical properties of the system, and the flow
pattern, and then they used a gas-liquid density ratio (ps/pL) from the relationship with the
slip ratio for their proposed empirical correlation for heat transfer coefficients.

The heat transfer in the horizontal slug flow with emphasis on the laminar flow
regime was experimentally studied by Oliver and Wright (1964) using 88% by weight
glycol in water, 1.5% sodium carboxymethylcellulose (SCMC) in water, and 0.5% by
weight Polyox in water. The first type of liquid was Newtonian and the other two were
non-Newtonian liquids. It was suggested that the heat transfer rise obtained during the
two-phase slug flow might be regarded as due partly to an increase of liquid velocity and
partly to the presence of circulation within the liquid slugs. The authors explained the
circulation effect that it was directly dependent on liquid slug length and might be
expected to be of greatest importance when the liquid slugs were short enough to permit
several cycles of circulation within the heated test section of the tube. It was also observed
that‘ the maximum in the two-phase flow heat transfer occurred when the liquid holdup,
R, was within the range of 0.3 - 0.5. In order to calculate the two-phase heat transfer
coefﬁciént, they used an approach that the influences from the actual liquid velocity and
the liquid holdup were included as a controlling parameter. However, in order to evaluate
the actual liquid velocity, based on homogeneous model concept they assumed that the
two-phases of liquid and gas moved at substantially the same velocity, equal to (Qu +
Qo)/A.

Kudirka et al. (1965) investigated the hydrodynamic aspects of two-phase heat

transfer in the low quality range by bubbling air (through the wall of a porous tube
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preceding the heated test section) into water and ethylene-glycol flowing vertically at
atmospheric pressure. As the effect of liquid viscosity (viscosity of ethylene glycol was 17
times that of water) on the results, the author concluded that (a) under the same flow
conditions, the higher the viscosity of the liquid, the lower the heat transfer coefficient, (b)
for the same liquid velocity, the transitions between the flow patterns for ethylene glycol-
air flows occurred at lower values of Vs than for water-air mixtures, and (c) because of
the differences in heat transfer behavior at low and high gas-liquid ratios, different heat
transfer correlations must be used. They used the liquid temperature range of Ty (°C) = 21
- 37 to minimize heat of vaporization effects.

Experimental results of the averaged heat transfer coefficients were presented by
Ueda and Hanaoka (1967) for upward flow of air-liquid mixtures in a vertical tube. In this
report, the effects of the liquid flow rate, the void fraction and the Prandtl number of the
liquid phase on the heat transfer coefficient were investigated. The results showed that for
low liquid Prandtl number, hrp values were little affected by the variation of the void
fraction at low Vs¢/Vg (where observations indicated that slug flow was occurring); at
the high values of Vsg/Vs, (where observations indicated that the flow was annular flow)
hrp increased sharply with the void fraction. The authqrs also presented an analytical
solution for predicting the hrp in the slug and annular flow regions. However, in their
derivations, the followings were assumed: the liquid film consisted of a viscous sublayer
and a turbulent sublayer; in the viscous sublayer, the eddy diffusivity was zero while in the
turbulent layer, the eddy diffusivity for momentum was much greater than the kinematic
viscosity and was equal to the eddy diffusivity for heat. Also during the derivation for the

temperature distribution in the liquid film, they assumed that all of the heat transfer was
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absorbed in the liquid phase only. They performed graphical integration for their analytical
bulk temperature and demonstrated good agreement between the theory and their
experimental data.

Oliver and Young Hoon (1968) controlled the length of slugs in their investigation
of heat transfer in slug flow using pseudoplastic liquids. In the low Graetz number range,
two-phase heat transfer was found to be higher than that predicted by single phase
correlation. Over a wide range of slug aﬁd wavy ﬂow regimes, the two-phase heat transfer
coefficients were almost constant and were lower than the predictions of the single phase
correlation using the mixture velocity. This behavior was thought to be due to the non-
circulating flow patterns observed during the two-phase flow with non-Newtonian fluids.
The small heat transfer benefits gained in slug flow during this study contradict the large
heat transfer coefficients in slug flow obtained previously by Oliver and Wright (1964).
The possible breakup of liquid slugs might be the reason for higher heat transfer rates in
Oliver and Wright's work.

Martin and Sims (1971) investigated the effect of forced convection heat transfer
to water and water-air mixtures in a horizontal rectangular duct with air injection through
a porous heated wall called "barbotage". The term barbotage was defined as the bubbling
of a gas through a drilled or porous heat-transfer surface into a liquid. The main
independent variables were the rate of air injection through the porous wall (barbotage
rate), the superficial liquid velocity in the duct, and the amount of air mixed with the water
upstream of the heated test section (finite inlet quality). With the zero barbotage and finite
inlet quality, the experiments might be analogs to non-boiling two-phase horizontal heat

transfer experiments. In the zero barbotage rate test, the authors observed that the two-
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phase heat transfer coefficient increased as more air was introduced and the coefficient
reached a relative maximum in the stratified froth regime and a relative minimum in the
- slug flow regime. With further increase of air from the upstream mixing, the coefficient
increased monotonically into the annular flow regime. With the presence of barbotage
rate, they used two additive contributions for two-phase heat transfer coefficient, one for
the forced convection flow (hyac) and the other for bubbling (haic):
h = hmac + havac = hspF + hpupys

with F as an "upstream turbulent factor" accounting for the increased velocity and
turbulence in the forced convection flow, hyw, as a "bubbling function" due to agitation by
barbotage bubbles, and y as a "bubble effectiveness factor" accounting for the reduced
effectiveness of the bubble agitation process as turbulence in the forced convective flow
increases. The F-function was found from the zero barbotage rate experiments.

Ravipudi and Godbold (1978) used a mixture of toluene and air to obtain heat-
transfer results at one liquid mass velocity at low vapor pressure in a steam heated vertical
tube. The authors measured local hrp at five locations along the test section, and reported
overall mean hrp. By employing dimensionalh analysis, the authors proposed a correlation
similar to the one proposed by Kudirka et al. (1965). The hrp was observed to increase as
much as 5.8 times hsp. This enhancement in hrp was attributed to the reduction of effective
thickness of the viscous sublayer with an increase in gas flow rate (the rate of heat transfer
in two-phase flow increased by 200 % over that of liquid flow alone). This suggested that
the highly turbulent motion of the gas-liquid mixture with increasing amounts of air caused
randomly distributed dry spots to appear on the wall and thereby decreasing the heat

transfer rate. The authors found that as the mass transfer rate from liquid to gas increased,
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the heat transfer rates increased, but the apparent heat transfer coefficients decreased. The
authors also concluded that the small quantity of air into liquid increased the heat transfer
coefficient and heat transfer rate significantly.

Khoze et al. (1976) presented three dimensionless correlations for experimental
data on heat and mass transfer in rectangular channels carrying two-phase flows of air-
water, air-diphenyl oxide, and air-polymethylsiloxane. The viscosity of dipheny! oxide was
close to that of water, and the viscosity of polymethylsiloxane was ten times greater than
that of water. The experiments were carried out with approximately equal air and liquid
temperatures at the inlet to the heated test section. The authors used a method which
represented the total heat flux as a sum of heat fluxes involved in the heat transfer to the
moving liquid film, transfer of heat from the film surface to the film core, and the mass
transfer from the film to the flow core. They reported that the maximum relative error of
the experiments did not exceed £20%.

Chu and Jones (1980) studied vertical convective heat transfer in upward and
downward two-phase, non-boiling flows. This experimental study demonstrated that the
non-boiling two-phase convective heat transfer coefficient in vertical downflow exceeds
that in vertical upflow for the same mass flow rates of liquid and gas. In the bubbly and
slug flow regimes, they explained that this was attributed to significantly different liquid
velocities and velocity profiles for the upward and downward orientations. The authors
developed a correlation based on Sieder-Tate type equation having a pressure term which
might be from Johnson (1955). Johnson modified Colburn (1933) heat transfer factor
based on the following observation: In the normal turbulence region, two-phase heat

transfer coefficients follow the equivalent single-phase relationships and the mechanisms
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involved are much the same. Two-phase heat transfer coefficient results indicated that
values of hrp increased when superficial air velocity were increased for constant superficial
water velocity.

Shah (1981) proposed correlations for laminar and turbulent heat transfer
coefficients in two-phase flow covering a wide range of parameters. A total of 672 data
points from previous other researcher's 18 experimental studies with certain assumptions
were correlated with rms error of 15.5%, with 96% of the data predicted to within £30%.
The data included heated and cooled horizontal tubes, heated and cooled vertical tubes
with up and down flow, heated annuli and a heated vertical channel. The data were 10
liquid gas combinations: air and water, air and oil, nitrogen oil, air and oil, air and n-butyl
alcohol, hydrogen and n-butyl alcohol, hydrogen and water, air and ethylene glycol, and
nitrogen and glycerin solutions. Only those data in which gas and liquid were mixed before
entering the test section were considered in his study. Hence his proposed correlations
were generally inapplicable in the case where gas is injected through the walls of the heat
transfer channel. Based on the data analysis, he observed that the transition Rey for gas-
liquid flows appeared to be 170 and for Re;, > 170, the liquid Froude number (Fr.) had no
significant effect on ;he heat transfer for horizontal and vertical tubes. Throughout the
data analysis the author suggésted three correlations for Re. < 170, horizontal tubes with
Re, > 170, and vertical tubes with Rep > 170. However those correlations for Rep, > 170
were graphical correlations, having some limitations of practical applicability, with axes as
(hrp/hy) and (Vsg/Vsy) and with Fry, as a parameter to account for flow pattern effects.

Vertical experimental data of two-phase pressure drop, single phase and two-phase

heat transfer was collected by Elamvaluthi and Srinivas (1984) in non-boiling situation.
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The two-phase pressure drop data using air-water and air-glycerin agreed with the
Lockhart and Martinelli (1949) correlation. Single-phase heat transfer coefficients of
water and glycerin were obtained from the energy balance equation using log mean
temperature difference and compared with standard correlations of Sieder & Tate type
equations for laminar and turbulent flows. These two comparisons confirmed the reliability
of the collected two-phase heat transfer data. The authors observed that the addition of air
caused a sharp increase in two-phase heat transfer. This increase was not very‘ dominant at
high Reynolds number of liquid. Based on the assumption of the separated flow model
concept, a two-phase heat transfer coefficient correlation was developed using mixture

Reynolds number defined as

Re_, = DV p, + Dvsqu
Hy Hg

The suggested correlation was compared with some collected literature values and about

90% of the data points fell within £25%.

1.3.2 Lockhart-Martinelli Type Correlation for Heat Transfer

In this approach, the two-phase heat transfer data were correlated using the
relationship between two-phase pressure drop and single-phase pressure drop suggested
by Lockhart and Martinelli (1949). This approach can characterize the flow features by
two parameters: two-phase to single-phase liquid pressure drop ratio, defined as ¢ = APrp
/ APy; ratio of two-phase to single-phase heat transfer coefficient, v = hgp / h.. The
following researchers tried to predict v using the Lockbart-Martinelli multiplier, ¢, with a
leading coefficient and different exponent numbers and Table 1.3 shows those correlations

and the correlation limitations.
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Table 1.3 Lockhart-Martinelli Type Correlations for Two-Phase Heat Transfer

Source ' Heat Transfer Correlations

Fried (1954) W2 _ E’I‘P /ESP
¢? = APrpp / APgpp
where APrr = two-phase frictional pressure drop
APgpr = single-phase frictional pressure drop of the
liquid as if it were flowing alone in the tube

Seri t al. (1975
erizawa et al. ( ) I;In) — 14462 xn—1.27

L
where y« = Lockhart-Martinelli modulus

0.5 0.1
- (l‘x] O'Q(P_G) (_EL_)
X PL Mo
Vijay et al. (1982) hyp /hy = (APrpp /APL)°'451

Nup =1615Reg Prp D/L)Y3(up /pw )% for Reg <2000

Nup =00155Reg ***Pry ®*(up /nw)®**  for Res. >2000

hyp correlation was valid for 0.005 < Vg6/VsL < 7670, 1.8 < Regp
< 130000, and 5.5 < Pry, < 7000.

Fried (1954) investigated pressure drop and heat transfer for an air-water mixture
flowing in a horizontal pipe, where the flow of both phases was always turbulent. The
author correlated his heat transfer results by plotting the ratio of the two-phase heat
transfer coefficient to the single-phase heat transfer coefficient () against the two-phase
frictional pressure drop ratio (¢p°). Heat transfer coefficients were computed by use of
logarithmic and integrated mean tempefature differences and the author concluded that the

latter gave the better correlation since the log mean temperature difference was frequently
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used with steam heating requiring constant entire pipe wall temperature - a condition
which did not exist in the equipment. The integrated-mean heat- transfer coefficients thus
found were lower in every case. The author concluded that the Martinelli correlation for
isothermal pressure drop was applicable to nonisothermal flow by compensation for
kinetic-energy changes in the mixture, however he did not specify the compensation
method.

Serizawa et al. (1975) investigated the radial eddy diffusivity of heat in order to
evaluate the contribution to heat transfer coefficient of bubbles in the central core region
of both single-phase water flow and air-water two-phase flow. The radial eddy diffusivity
of heat was obtained by measuring radial temperature distributions at five axial positions
downstream of a line heat source located along the pipe diameter. It was found that the
diffusivity, varying in the range of 1.2 ~ 1.5 x 10™ m?/sec, increased considerably with
quality and also with water flow rate. The ratio of the eddy diffusity of heat for two-phase
flow to that for single-phase water flow was correlated in terms of the Martinelli modulus
Xrt. They also concluded that the dominant role in the turbulent transport process of heat,
momentum, and bubbles was the turbuleflt velocity component of the liquid phase.

Vijay et al. (1982) conducted two-phase two-component forced convective heat
transfer in co-current upward flow in a vertical tube using glycerin-air, water-air, water-
helium, and water-Freon 12. They suggested a Lockhart-Martinelli type correlation for
their heat transfer data using the combination of coordinates originally suggested by Fried

(1954) for horizontal two-phase two-component flow. The correlation was of the form

v’ =)
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where n depends slightly on the flow pattern, y” is a ratio of heat transfer coefficients and
¢° is a ratio of frictional pressure drops. Also they tried to develop a single correlation
independent of the flow pattern giving n = 0.451 for bubble, slug, froth, and annular flows
and concluded that the scheme did not work well for slug flow and the slug-annular
transition with pressure drops less than approximately 1000 Pa/m.

1.3.3 Explicit Void Fraction Parameters in Two-Phase Flow Heat Transfer Correlation

Some of this approach were based on the assumption that the introduction of the
gas phase into the two-phase heated test section acted only to accelerate the liquid phase,
and further the heat was transferred and carried away mainly by the liquid phase only.
Thus, the two-phase heat transfer mechanism could be considered as a heat transfer to
single-phase liquid flow with the liquid flowing with the actual mean (not the superficial)
velocity; in the heated test section. Thérefofe, the void fraction parameter explicitly
appeared in the two-phase heat transfer correlation. However, researchers used different
single-phase heat transfer correlations in their two-phase heat transfer coefficient
correlation which resulted in a little different non-dimensional parameters and exponent
values. Also, some researchers assumed that the two-phase heat transfer mechanism was
directly related to the instantaneous amount of the ratio of liquid and gas. Thus, they used
void fraction or liquid holdup as a two-phase heat transfer correlation parameter. The
following researchers explicitly used void fraction or liquid holdup as a parameter for two-
phase heat transfer and Table 1.4 shows those correlations and their limitations.

A two-phase heat transfer coefficient correlation for horizontal gas-liquid slug flow
was developed by Hughmark (1965) from the relationship of the velocity of the gas slug

and the liquid slug Reynolds number. It was assumed that the entire wall is wet with liquid
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Table 1.4 Explicit Void Fraction Parameters in Two-Phase Flow Heat Transfer Correlations

Source

Heat Transfer Correlations

Hughmark (1965)

il dige 1/3 " 0.14
_ -1 LYL B
N“TP =175 (RL) [RLkLLJ [p_w)

Dorresteijn (1970)

hrp /by, = (1-0)™V3 for Regy <2000
hrp /by = (1-a) 2 for Reg > 2000

where Nu; = 00123 Reg “*Pr, *3(up / py ) *1*

Correlations were valid for 0.004 < Vgs/Vg <4500 and 300 <
Reg < 66000

Aggour (1978)

hrp /by = (1-a)™Y3 for Regy <2000

where Nuj =1615 (Regy Prp, D/LY3(ug /puy )%t
“hop /by, = (1-a) % for Reg, > 2000
where Nu; =00155Reg; 83Pr; %% (ng / pw )33

Correlations were valid for 7.5x10 < g /m; < 5.72x107, 0.02

< Vgo/VsL <470, 13.95 < Resg < 2.09 x10°, and 5.42 < Pry <
6.36.

Rezkallah & Sims (1987)

For laminar flow (Res; < 2000)

025
h_z 14C (VSG) (PrL)-o.zs
hL SL
The correlation was valid for 1.8 < Regy, < 1960;
4.2 < Prp < 7000; 0.06 < Vsg/Vs, < 7030; 12.8 < D < 70;
19.7x107 < 5 < 72x10°
where D = pipe diameter, mm
o = surface tension, N/m
"and C=4.0.

For turbulent flow (Res. > 2000)

hTP _ ( 1 ) 0.9

By \-a
where a is the void fraction predicted from the correlation of
Chisholm (1973). The range of variables included in the data
was 2400 < Reg, < 1.3x105; 4.2 <Pr; <220;0.01 < Vgg/VsL, <
265; 2x10™* < pg/pL < 102 12.8 <D <70; 19.7x10° <5 <
72x10°
by, used was either the measured value where this was reported

with the data or that predicted by the relevant Sieder-Tate
correlation.
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and there is a continuous liquid phase in the region of the wall to the liquid phase, thus the
heat transfers between the wall and the slug only. The author used the momentum-heat
transfer analogy based on the two-phase friction factor. The friction factor was calculated
using the assumed average liquid velocity instead of the actual slug velocity. The
suggested correlation was compared with the experimental data of Oliver and Wright
(1964) for air-88.5% glycerin in water, and the correlation agreed with 8.4% average
absolute deviation.

Dorresteijn (1970) experimentally investigated the forced convective heat transfer
coefficients in a non-boiling, gas oil/air two-phase vertical flow system for both upward
and downward flow directions in an electrically heated 70 mm diameter coil. The unique
feature of this test was that it consisted of a U-shaped downer and riser with a heat
transfer section halfway down the tubes. The gas/liquid mixture first passed through an
upward section, then through the downer and the riser and finally discharged through a
downflow section. Liquid velocities varied from 0.02 to 4.64 m/s, corresponding to
Reynolds numbers from 300 to 66000. For liquid velocities above 1.0 m/s, hﬁa first
remained almost constant and then increased slightly with increasing air velocity. The flow
regimes were bubbly or froth. No difference in hrp between upflow and downflow was
observed.

However, for liquid velocities lower than 1.0 m/s, hrp for downflow with gas
velocities lower than 0.2 m/s was even lower than hy for single-phase liquid flow, which
was quite in contrast to the other researchers’ findings. This difference was attributed to

the disturbance caused by the 180° bend tube couplings between the downflow and
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upflow tubes. In the downflow tube, the values of hrp were lower than those for upflow
tube at the same gas and liquid velocities. As the gas velocities ranged from 0.5 to 5.0 m/s
upflow, hrp reached a relative maximum of about 800 to 1000 W/m>-°C which was about
3 to 15 times greater than the measured single-phase liquid coefficients. The absolute hrp
was found to be independent of the liquid velocity for the case of liquid velocities below 1
m/s with the upflow tube. The author also compared his results with those of Groofhuis &
Hendal (1959) and concluded that for a larger tube size, hrp was much lower compared to
other data for smaller tube sizes.

Aggour (1978) studied the effect of gas-phase density (by changing the type of gas
being used) on vertical two-phase local and mean heat-transfer coefficients, pressure drops
and flow patterns. For this purpose, he performed experiments in a vertical, electrically
heated tube by using three different gas-water mixtures; the gases used were air, helium
and Freon-12 which allowed gas density changes by a factor of approximately 52. Results
of measurements of the heat transfer coefficients, frictional pressure drops and flow
patterns were presented along with the photographs of flow patterns. The author
correlated his local heat transfer data with the modified theory of Spalding (1964) in the
manner proposed byvVijay (1978). The author also conducted a flow-visualization study in
order to confirm the existence of downflow of liquid film at the wall in bubble flow where
local heat-transfer coefficients were observed to increase with increasing distance along
the test section. The integrated mean heat-transfer coefficients were obtained from the

measured local values of hrp along the test section. The author also developed a simple
correlation to predict hrp, which was based on a single-phase liquid flow model having a

Reynolds number based on the actual mean velocity of the liquid in the two-phase flow.
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Rezkallah and Sims (1987) tested eleven existing vertical two-phase heat transfer
coefficient correlations against thirteen liquid-gas combinations taken by different authors.
The data set covered different liquid and gas properties, pipe sizes, and flow patterns. The
authors tried to keep the tested correlations’ range of applicabilities suggested by the
original authors. The results of the comparisons showed that most of the tested
correlations gave reasonably good agreement with the water-air data.

However, glycerin and glycerin-water-air solutions where their Prandtl numbers
are relatively quite high compared to that of water gave large deviations. Based on the
comparisons the authors suggested two correlations for vertical laminar and turbulent
flow heat transfer coefficients. However, their suggested correlation for the two-phase
laminar flow has the same non-dimensional parameters as the correlation of Dorresteijn
(1970) which utilized the so called "Liquid Acceleration' Model". In this model it was
implied that the effect of the gas phase was to accelerate the liquid phase, while the heat
transfer coefficient was predicted using a conventional single-phase correlation with liquid
properties and some adjusted superficial liquid velocity.

1.3.4 Simplified Numerical/Analytical Approach

Among the variety of flow regimes that can exist during gas-liquid flow, some of
the flows are inherently unsteady processes with large variations in local mass flow rates
and phase distribution with time at any cross section. Thus, large oscillations in local heat
flux or heat transfer coefficients and oscillations of temperature of the wall can be
expected. As a result some researchers have focused on the prediction of time varying
unsteady state temperature and heat flux or heat transfer coefficients. In this approach

some of them used the von Karman analogy, simplified two parallel plate system, or large
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Taylor bubbles with a free falling film. When this time varying behavior was of concern to
the designer, it was necessary to solve the complex set of equations for flow and heat
transfer. However, in most cases of interest to the designer the average heat transfer
coefficient is adequate. Thus some of the researchers tried to provide the average heat
transfer coefficient equation in addition to the time varying temperature and heat transfer
equations.

Davis et al. (1975) applied the von Karman analogy between heat transfer and
momentum transfer in turbulent fluids to heat transfer through wavy liquid films in
horizontal, stratified, gas-liquid flow. The authors considered relatively simple parallel-
flat-plate system, and they assumed that the shear stress and the heat flux were essentially
independent of the distance from the heat surface and might be taken to be their values at
the wall. Also, they assumed that the liquid film was sufficiently thin and/or the pressure
drop was sufficiently small. Thus, they used the same shear stress between the wall and the
interface of liquid and gas. For wavy film systems, they assumed that Pr, = 1. Nusselt
nunibers predicted from the von Karman analogy were compared and shown to be in good
agreement with experimental data of Frisk and Davis (1972) for air-water flows involving
three-dimensional wavy films and large amplitude roll waves.

Niu (1976) developed a numerical model for heat transfer during gas-liquid slug
flow in horizontal tubes. The model was capable of calculating the time and position
dependent temperatures of the fluids, the wall, as well as the heat flux providing the local
heat transfer coefficients. Shaharabany (1976) and Shaharabany et al. (1978) designed and
constructed an experimental system for the measurement of time varying temperature, heat

flux and heat transfer coefficient during two-phase slug flow, and compared the
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temperature and heat flux fluctuations with Niu (1976). Time varying temperatures of the
inner and outer pipe walls were measured and used as time varying boundary conditions
for the solution of the conduction equation in the wall of the pipe.

The conduction equation was solved numerically using finite difference techniques.
Axial conduction was neglected and symmetry assumed with respect to the vertical pipe.
Data covered the range of slug flow conditions for air-water in a horizontal pipe under
conditions of uniform heat flux. Based on the Hubbard and Dukler (1975) hydrodynamic
model, they evaluated heat transfer coefficients in the liquid slug at top, bottom, nose and
body positions. Data showed that the heat transfer in the nose of the slug was higher than
that in the slug body. Analysis of the data also showed that the heat transfer coefficients
to the gas zone and to the liquid film zone were predictable from Colburn's (1933)
correlation. However, slug heat transfer coefficients were not in agreement with the usual
Colburn type correlations and varied around the slug periphery.

Dukler and Shaharabany (1977) in a design report suggested a method for
calculating the average heat transfer coefficient to be expected during slug flow without
the use of a complex computer program. This report presented design equations to
calculate the average heat transfer coefficient in the liquid slug, the liquid film, and the gas
phase. An equation was also presented to estimate the magnitude of wall temperature
fluctuation in uniform flux heat transfer. (such as in direct field heaters). Heat transfer
coefficient predictions from those suggested equations were compared with the
experimental data of Shaharabany (1976) and shown to be in good agreement.

Shoham et al. (1982) measured heat transfer characteristics for two-phase gas-

liquid slug flow in a horizontal pipe. The time variation of temperature, heat transfer
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coefficients, and heat flux were reported for the different zones of slug flow: the mixing
region at the nose, the body of the slug, the liquid film, and the gas bubble behind the slug.
Substantial differences in heat transfer coefficient existed between the bottom and the top
of the slug. The results showed that the heat transfer coefficients in the liquid film varied
as the liquid decelerated with distance behind the slug. The Colburn correlation was used
to calculate values for comparison. A marked difference between the heat_ transfer
coefficients at the top and bottom were observed, both at the nose and in the body of the
slug. The disagreement in the region immediately behind the slug resulted from the fact
that, at the bottom of the pipe, the coefficient at therend of the slug was higher than the
predicted value. When the film zones were long enough, these differences disappeared.
The theory based on laminar plug flow between parallel plates, which were held at
constant but differing temperatures, was developed in order to support the experimental
results. The resulting theory showed that the predicted trend was in accord with the
experimental results.

Barnea and Yacoub (1983) developed a mathematical model with an analytical
solution based on the method of slug characteristic lines (the slug trajectory lines) for the
unsteady heat transfer process in vertical gas-liquid slug flow. The authors presented a
solution for the temperature of gas and liquid as a function of time and axial location and
the wall temperature fluctuations, as well as the time averaged heat transfer co‘efﬁcients
using the following assumptions: the gas was located in large Taylor bubbles; the liquid
film adjacent to the gas bubble behaved as a free-falling film; and the pipe was heated in a

region where fully developed slug flow existed. However, in order to evaluate the time
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averaged heat transfer coefficient, information about time needed for a liquid particle to
move from the bubble front to its tail were required.

1.3.5 Two-Phase Heat Transfer Experimental Data

Numerous researchers experimentally investigated the two-phase heat transfer for
vertical and horizontal tubes and different flow patterns and fluids. However, several of
them did not report their experimental data in detail. The seventeen (17) resources
alphabetically listed in this section provide two-phase flow heat transfer experimental data
for vertical and horizontal tubes and different flow patterns and fluids. The experimental
data also cover a wide range of flow parameters (e.g., Reynolds number, Prandtl number,
viscosity ratios, and void fraction) and two different boundary heating conditions (uniform
heat flux and wall temperature). A summary of the resources with experimental data
showing the type of fluid uéed, the type of heating, and the range of some key
experimental parameters such as the Reynolds and Prandtl numbers, the ratio of superficial
~gas and liquid velocities, the type of article (paper or thesis), and pipe orientation

(horizontal or vertical) is provided‘in Table 1.5.

Table 1.5 Resources with Experimental Data

Investigator(s) Fluid Typeof Re PrL Vsg. PT H/V
Heating VsL

Aggour Air/Water Elect.  63.3-14.9x10*° 0709 0.022-3058 T V

(1978) Helium/Water Heated  13.95-2.3x10*  0.691 0.042-470
Freon/Water 1894-20.9x10° 0.769 0.035-114

Chu & Jones  Air/Water Elect. 1.6x10% 0.12464 P V

(1980) Heated 11.2 x10*

Davis et al. Air/Water Elect. 6210-2.0x10* P H

(1979) Heated
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Table 1.5 Resources with Experimental Data — Cont.

Investigator(s) Fluid Typeof Rep PrL Vse P/T
Heating VsL
Dusseau Air/Water Steam  1.4x10% 256  22-17 T
(1968) Heated 4.9x10*
Fried Air/Water Steam 1.69x10* 2-4 0.29-85 P
(1954) Heated -25.3 x10*
Frisk & Davis Air/Water Elect. 104-248 P
(1972) Heated
Johnson Oil/Air Steam 321-2230 0.46-127 P
(1955) Heated
Johnson & Air/Water Steam 1.25x10* 3-7 0.34-108 P
Abou-Sabe Heated -11.54 x10*
- (1952)
King Air/Water Steam  2.25x10°- ~34 048512 T
(1952) Heated 11.9x10*
Kudirka Air/Water Elect. 5.5x10% 0.16-75 P
(1964) Heated 49.5 x10*
Pletcher Air/Water  Elect. T
(1966) Heated
Rezkallah Water/ Elect. 1.8-1.3x10° 4.2- 0.01-7030 T
(1987) Glycerine+Silicone  Heated 7000
liquid
Shaharabanny Air/Water Elect.  11.3x10* 452- Gg/m= P
et al. (1978) Heated -33.7x10* 6.17 0.0025-
0.02
Shoham et al.  Air/Water Elect. 2.23- fg/fm = P
(1982) Heated 542 0.15-2.4
Vijay Air/Water Elect. 250-12.6x10*°  5-83  0.03-6700 T
(1978) Glycerin/Air Heated 0.8-21.0 5800-  0.05-330
Glycerin+Air/Water 8.0-4500 7125 0.01-6700
180-
238
Zaidi Air/Water Elect. 710-15.3x10°  537-  0.008- T
(1981) Surfactant Sol/Air  Heated  818-81.5x10* 6.56 2033
5.17-  0.02-2017
6.65

where T = Thesis, P = Paper, H = Horizontal, and V = Vertical
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Aggour (1978) studied forced convective, co-current, two-phase, two-component
(gas-water) flow in the thermal entry section of a vertical tube. Three gases (air, helium,
and Freon-12) were used to investigate the effect of gas density on the local and mean
heat transfer coefficients, frictional pressure drop and flow patterns.

Chu and Jones (1980) conducted experimental study to determine the two-phase
heat transfer coefficient in an air-water, non-boiling vertical system. Correlations based on

-the Sieder-Tate (1936) type of equation were established to collapse the experimentally
determined two-phase heat trénsfer coefficient utilizing a two-phase Reynolds number
based on a liquid phase Reynolds number corrected for liquid holdup.

Davis et al. (1979) presented a method for predicting local Nusselt number for
heat transfer to a stratified horizontal gas-liquid flow for turbulent liquid/turbulent gas
conditions. A mathematical model based on the analogy between momentum transfer and

- heat transfer was developed and tested using experimental data taken for air/water flow.

Dusseau (1968) determined overall heat transfer coefficients for a vertical steam
condenser using an air-water froth as the coolant and evaluated the applicability of such a
coolant for practical use. The total heat transferred was determined by measuring the
temperature and humidities of the inlet and outlet streams. More heat was transferred at
high water inlet temperatures than at low inlet temperatures.

Pressure drop and heat transfer for an air-water mixture flowing in a horizontal
0.737-in. LD. pipe were investigated by Fried (1954) at water rates of 2 to 26 gal/min
(0.0076 m*/min to 0.098 m’/min) and air flow rates of 2 to 45 SCFM (0.057 m*/min to
1.274 m®/min), where the flow of both phases was always turbulent. Heat transfer

coefficients were computed by use of logarithmic and integrated mean temperature
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differences; and the latter gave the better corre;lation.

An experimental investigation of heat transfer from a flat plate to horizontal co-
current air-water flow was carried out by Frisk and Davis (1972) to assess the effects of
the different flow regimes on the effectiveness of heat transfer. Three-dimensional waves
and roll waves were shown to increase the Nusselt number (compared with smooth films)
by more than 100 percent. By using a surface-active agent to stabilize the flow, a direct
comparison between wavy flow heat transfer and smooth flow heat transfer was obtained.

Johnson (1955) measured heat transfer and static pressure drop for two-phase,
two-component flow of oil and air for flow in a steam-heated horizontal extra-heavy
copper pipe. Correlations were presented and used in a comparison of the oil-air and
water-air results for heat transfer and nonisothermal pressure drop in the same test system.

Johnson and  Abou-Sabe (1952) measured the static pressure drop and heat
transfer for two-phase, two-component flow of air and water for flow in horizontal brass
tubing. Correlations were presented from which prediction of pressure drop and heat
transfer might be made under restricted flow conditions.

King (1952) investigated the heat transfer and pressure drop characteristics for
two-phase, two-component, non-isothermal flow of an air-water mixture in a horizontal
0.737 in. LD. copper pipe. After correction to allow for the change of momentum of the
fluids, the two-phase non-isothermal pressure drop was correlated by means of
Martinelli’s modulus X. A better correlation resulted when the ratio of the two-phase heat
- transfer coefficient to the single-phase liquid coefficient divided by the ratio of the two-

phase pressure drop to the single-phase liquid pressure drop was plotted against X.
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Kudirka (1964) studied hydrodynamic aspects of two-phase heat transfer in a
vertical forced-circulation system for the low-quality range. The role and influence of
nucleation and convective mechanisms in enhancing heat transfer, and the nature of the
nucleation mechanisms, including the influence of flow pattern, mass velocity, void
fraction, and quality on the rate and nature of heat transfer were investigated.

Novosad (19595) studied the heat transfer between the wall of a vertical tube and a
liquid within the tube, when a gas was simultaneously bubbled through the liquid.
Correlation of the experimental heat transfer coefficients was achieved by using the holdup
(ratio of gas volume to total volume of gas-liquid mixture) in calculating the Reynolds
number.

Pletcher (1966) experimentally investigated the heat transfer in horizontal annular
two-phase two-component flow. Emphasis was placed on obtaining.an understanding of
the local rather than overall coefficients. A graphical correlation of the heat transfer results
was obtained.

Rezkallah (1987) exbérixﬁéﬁfﬁlly studied forced-convective heat transfer and
hydro-dynamic aspects of co-current, two-phase, two-component flow in a vertical tube
with ess.entially no evaporation. The effect of reducing the surface tension on the heat
transfer coefficients, both local and length mean, the frictional pressure drop, and the flow
pattern were investigated. The behavior and shape of the local heat transfer coefficients
along the test section length remained unchanged in most cases with trends that varied
according to the combination of the liquid and gas flow rates.

An experimental system was designed and constructed by Shaharabany (1976) for

the measurement of time varying temperature, heat flux and heat transfer coefficient
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during two-phase slug flow. Data were taken covering the full range of slug flow
conditions for air-water in a horizontal pipe under conditions of uniform heat flux. Data
showed that the heat transfer in the nose of the slug was higher than that in the slug body.
Data analysis showed that the heat transfer coefficients to the gas zone and to the liquid
film zone were predictable from Colburn's (1933) correlation. However, slug heat transfer
coefficients were not in agreement with thé usual correlations and vary around the slug
periphery.

Time varying temperatures, heat flux and heat transfer coefficients were measured
by Shaharabany et al. (1978) during slug flow in a horizontal pipe. The heat transfer
. coefficients in the liquid slugs were extremely large with the peak value occurring in the
mixing zone at the front of the slug. Furthermore, substantial peripheral variations in l;eat
transfer coefficients existed.

Heat transfer characteristics for two-phase gas-liquid slug flow in a horizontal pipe
were measured by Shoham et al. (1982). The time variation of temperature, heat transfer
coefficients, and heat flux were reported for the different zones of slug flow: the mixing
region at the nose, the body of the slug, the liquid film, and the gas bubble behind the slug.
Substantial differences in heat transfer coefficients existed between the bottom and the top
of the slug. A qualitative theory was presented which explained this behavior.

Vijay (1978) used three liquids (water, glycerin, water and glycerin mixture) to
study the influence of liquid viscosity and Prandtl number on the local heat transfer
coefficients in vertical two-phase two-component flow. The type of flow pattern was
found to depend on the liquid and air flow rates and the viscosity of the liquid. A theory

was developed, by modifying the classical one-dimensional single-phase flow Graetz
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problem, to explain the observed behavior of the local heat transfer coefficient as a
function of the distance in the bubble and bubble-slug flow regimes.

An experimental investigation was made by Zaidi (1981) to determine the effect of
reducing the surface tension on flow pattern frictional pressure drop and local and mean
heat transfer coefficients in two-phase two-component (gas-liquid) upward flow. Local
heat transfer coefficients were correlated by a modified form of the single-phase heat
transfer theory of Spalding (1964), and mean heat transfer data were tested against some
of the well-known existing correlations.

Among the above experimental two-phase heat transfer studies, seven (7) studies
were thesises and they reportéd two-phase heat transfer data with their limited
experimental parameter ranges. However, only Aggour (1978), King (1952), Pletcher
(1966), Rezkallah (1987), Vijay (1978), and Zaidi (1981) completely reported the two-
phase heat transfer data with t.heir' experimental parameters such as flow pattern, mass
flow rates for liquid and gas; superﬁci'al velocities for liquid and gas, pressure drop across
the test section, bulk temperatufe, void fraction, and wall temperature or the ratio of
viscosity at the wall temperature and at the bulk temperature in the test section.

The exp‘erimental studies of Aggour, Rezkallah, Vijay and Zaidi were in vertical
tubes with comprehensive flow patterns covering bubbly, slug, churn, froth, annular, mist,
and their transition flows (e.g., bubble-slug, bubble-froth, froth-annular, slug-annular,

‘froth-annular, slug-churn, churn-annular, or annular-mist flows). .However, the
experimental studies of King. and Pletchér were in horizontal tubes with limited flow
patterns. The study of King (1952) covered only horizontal slug flow and the study of

Pletcher (1966) covered only horizontal annular flow pattern. Thus, comprehensive
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experimental studies in horizontal tubes covering wide range of flow patterns is lacking
in the literature. This type of data could aid in development of accurate two-phase flow
~ heat transfer correlations in horizontal tubes.

In the next section, those correlations introduced in Sections 1.3.1 through 1.3.3
will be examined for their general validity. In order to access their general validity, they
will be compared against an extensive set of two-phase heat transfer experimental data
available from the literature (Table 1.5), for vertical and horizontal tubes and different

flow patterns and fluids. Furthermore, the objectives of this study will be introduced.
1.4 Preliminary Comparisons

Numerous heat transfer correlations and experimental data for forced convective
heat transfer during gas-liquid two-phase flow in vertical and horizontal pipes have been
published over the past 40 years and carefully reviewed in Section 1.3. In this section, in
order to access the general validity of those available two-phase heat transfer
correlations, they are compared against an extensive set of two-phase flow heat transfer
experimental data available from the literature, for vertical and horizontal tubes and
different flow patterns and fluids. Based on their physical merits and their comparison
results, th.is section  identifies and recommends the best two-phase heat transfer
correlations. Also, from the comparison results, the shortcomings in the previous works
are identified. Finally, at the end of this section, the objectives of this study are
introduced. More detailed information about the preliminary comparisons described in

the next section can be found in Kim et al. (1997).
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1.4.1 Introduction of Preliminary Comparisons

In Section 1.3, a compr_ehensive literature search was carried out and a total of 20
two-phase heat transfer correlations were identified, and their ranges of applicability as
proposed by the original authors were documented through Tables 1.2 to 1.4. In most
cases, the identified heat transfer correlations were derived empirically and were based
on a small set of experimental data with a limited range of variables and liquid-gas
combinations. In order to access the general validity of those correlations, they were
compared against' an extensive set of two-phase flow heat transfer experimental data
discussed in Section 1.3.5 (see Table 1.5) for vertical and horizontal tubes and different
flow patterns and fluids. A total of 427 data points from four available experimental
studiés (King, 1952; Pleatche_r, 1966; Rezkallah, 1987; and Vijay, 1978) were used for
these c;omparisons, since those available studies completely reported two-phase heat
transfer data with their limited experimental parameters such as flow pattern, mass flow
rates for liquid and gas, superficial velocities for liquid and gés, pressure drop across the
test section, bulk temperature, void vfraction, and wall temperature or the ratio of viscosity
at the wall and at the bulk in the test section.

Table 1.6 shows twenty of the identified correlations that were tested in this
preliminary test. Also, the limitations of the twenty correlations used in the comparisons
as proposed by the original authors are tabulated in Table 1.7. The ranges of the
experimental data used to access the general validity of the correlations listed in Table
1.6 are provided in Table 1.8.

A summary of the results obtéined by comparing the twenty identified two-phase

flow heat transfer correlations with the 139 water-air experimental data of Vijay (1978),
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Table 1.6 Heat Transfer Correlations Chosen for the Preliminary Comparisons

Source Heat Transfer Correlations Source Heat Transfer Correlations
hrp /by = (1-a)3 Laminar (L ( 1/3
Aggour | BT (- mar (L) Knott et ‘P.E: 1+Vﬁ
(1978) |Nup =1615 ®es Pry D/L) > (ng /pw)®™ fal (1959)| b, '~
hpp /by = (1-a) 083 Turbulent (T) Wwhere hy is from Sider & Tate (1936)
NUL =0.0155 ReSL°‘33PrL°'5 (].LB / Hw )0'33
Chu & M 0.14 Pa 0.17 V. 178 M 0.6 va vl 0.14
Jones |Nurp = 0.43 (RCTP)O'SS(PTL)M[—B] (—) Kudirka et} Nurp = 125 [“EG‘] ["i] (Res, )" (Pr) [_B‘]
(1980) b P al. (1965) Vsu /oAb bw
Davis & 0.28 087 - Martin & | 1, vV
David |Nugp = 0.060 (BL) (D G ‘x) prpd Sims |- =1+ 0-64";&
(1964) PG ML 1971) L SL
iwhere hy, is from Sider & Tate (1936)
= (1-0)V3 12 0.2
Dorresteijn hye /By = (I-a) O Otiver & |Nurp = N“L(E—({;{—r
(1970) |hpp /by = (1-a)*® M Wrisgh; - ’ 13
. (1964 + D
NUL =00123 RCSLO'gprL0'33(|,lB /p.w)o'14 NUL = 1615 [(QG_AQ“L)L'PTL D/ Li| (%Y / ].Lw)o']
Ravipudi Ve )03 0.2 014
oo et )
B [Nup = 0029 (Rerp) ¥ (Pry )" s el ) Bl
(1978)
 1/4 -\ 0.14 Rézkallah _ -0.9
Elamvaluthi{Nutp = 0.5 [-"—L-g—) (ReTp)M(PrL)m[iB—J & Sims hrp /by = (1-o)
& Srinivas KL hw/ (1987) |where hy is from Sider & Tate (1936)
(1984)
Nu = 0.029 (Re )™ (Pr, )" (ug / sty )] Serizawa | hrp -127
Groothuis ™ (Rezp )™ (Pro )™ (K / #w) ] etal. J5T=1+462Xr
& Hendal (for water-air) 475y | BL
Iwhere hy is from Sider & Tate (1936)
(1939) INup =2.6 Re )" ®r.)" (4s / pw )™
(for (gas-oil)-air
¢ 1/3 0.14 h V. 1/4
Hughmark |Nurp = 175 (R, )™"? (—-L—-L—) [ﬂ_) Shah |[MIP _ [1 + _S..G_J
(1965) Rk L Hw (1981) | hy VsL
Nu, =186 (Reg, Pr D/L)3(ug /py)®M L)
Nup =0.023 Reg %8Pr %4 (np /py )™ (D
Khoze et al.; _ 0.2 0.55 0.4 Ueda & Pr
(ao76) |TNUTP =026 Resg ™ Regy ™ Pry Hamaoka [Ny = 0075(Rey )™ 1o
(1967) +0. L=
- 032 11
; hrp RO [(ARY (AP e e hTp /by = (APrpr / APy )41
King (1952) 7 55|\ 2L AL al. (1982)
L 1+0.025Regg TP L Nup =1615 (Regy Pry, D/L)”s(p.B /yw)o.u L
0.8p. 0.4
Nuy = 0023 Reg, " Pry, Nuy =0.0155 Reg *¥Pr; %S (ug /py)®3 (D)
Si;de;& Nu, =186 Reg, Prp D/L)3(up /py)® (L
a N = 0.027 0.8 0.33 / 0.14 ('r)
(1936) |Nup =0.027 Res, ~Prp """ (kg /Bw)

Note: o and Ry are taken from the original experimental data for this study. Res; < 2000 implies laminar flow, otherwise turbulent.
For Shah (1980), replace 2000 by 170. With regard to the eqs. given for Shah (1980) above, the laminar two-phase
correlation was used along with the appropriate single phase correlation, since Shah recommended a graphical turbulent
two-phase correlation.
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Table 1.7 Limitations of the Heat Transfer Correlations Used in the Preliminary
Comparisons (See Nomenclature for Abbreviations)

Source Fluids L/D  Orient. mg /My, Vso/VsL Resg Reg. Pr Flow Pattern(s)
Aggour A-W, Helium- 52.1 \Y% 7.5%107- 0.02-470 13.95- 5.42-6.36 B, S, A, B-S, B-F,
(1978) W, Freonl12-W 5.72x107 2.09x10° S-A, A-M
Chu & W-A 34 \Y% 0.12-4.64 540-2700 16000- B, S, F-A
Jones 112000
(1980)
Davis & Gas-Liquid H&V A, M-A
David
_(1964) !
Dorresteijn A-Oil 16 \Y% 0.004-4500 300-66000 B,S, A
(1970)
Dusseau A-W 67 v 45-350 0-4.29x10°  1.4x10°- F
(1968) 4.9x10*
Elamvaluthi A-W 8% vV 0.3-2.5 300-14300 B,S
& Srinivas  A-Glycerin 0.6-4.6 '
(1984)
Groothuis A-W 14.3 \Y 244977 1-250 >5000
& Hendal  Gas-Oil-A - 269-513 0.6-80 1400-3500
Hughmark Gas-Liquid H S
(1965)
Khoze et al. A-W, A-Poly 60-80 \Y 4000-37000  3.5-210 4.1-90 A
(1976) methylsiloxan : :
e, A-
Diphenyloxide
King (1952) A-W 252 H . 1.21-6.94 1570- 22500- S
828x10°  11.9x10°
Knott et al. Petroleum oil- 118.6 \Y% 1.57x107- 0.1-40 6.7-162 126-3920 - B
(1959) _ Nitrogen gas 1.19
Kudirka et A-W, 176 V. 192x10™ - 0.16-75 5.5x10° 140@ B,S,F
al. (1965) A-Ethylene 0.1427 49.5x10* 37.8°C
glycol . 0-0.11 0.25-67 380-1700
© Martin & A-W 17 H 0.08-276 B,S, A
Sims (1971) -
Oliver & A-85% H 500-1800 S
Wright Glycol, A-
(1964) 1.5% SCMC,
A-0.5%
Polyox
Ravipudi & A-W, \Y 1-90 3562-82532 8554-89626 7 F
Godbold  A-Toluene,
(1978) A-Benzene,
A-Methanol B
Rezkallah A, W,0il, 52.1 \Y% 0.01-7030 1.8-1.3x10° 4.2-7000 B, S, C, A, F, B-S,
& Sims etc.; 13 B-F, S-C, S-A, C-
(1987) Liquid-Gas A, F-A
combinations
Serizawa et A-W 35 v B
al. (1975)
Shah (1980) A, W, Oil, H&V 0.004-4500 7253000 B,S,F,F-AM
Nitrogen,
Glycol, etc.;
10
combinations
Ueda & A-Liquid 67 Vo 9.4x10% 4-50 4-160 S, A
Hanaoka 0.059
(1967)
Vijay et al. AW, 52.1 \Y% 0.005-7670 1.8-130000 5.5-7000 B, S,F, A, M, B-F,
(1982) A-Glycerin, S-A, F-A, A-M
Helium-W,
Freonl2-W
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Table 1.8 Ranges of the Experimental Data Used in the Preliminary Comparisons

Water-Air 16.71 <t (Ibm/hr) < 8996 0.06 < Vg (ft/sec) < 34.80 231.83 <Reg, £ 126630
Vertical 0.058 <mg (Ibm/hr) < 216.82 0.164 < Vg(ft/sec) < 460.202| 43.42 < Regs < 163020
Data (139 Points) 0.007 < Xqr <433.04 59.64 < Tayax (F) < 83.94 | 14.62 < Pyry (psi) < 74.44
of Vijay (1978) 0.061 < APyp (psi) < 17.048 0.007 < APrpr (psi) < 16.74 0.033 <0 <0.997
5.503 < Pr;, £6.982 -0.708 < Prg<0.710 11.03 < Nuyp £776.12
101.5 < hyp (Btwhr-f?-°F) <7042.3|  0.813 < py/up < 0.933 L/D=521,D=046in
Glycerin-Air 100.5 <1y (lbm/hr) < 1242.5 0.31 < Vg (ft/sec) < 3.80 1.77 <Reg, £21.16
Vertical 0.085 < g (lbm/hr) < 99.302 0.217 £ Vg(ft/sec) < 117.303 63.22 < Regg < 73698
Data (57 Points) - 0.15 < X7 £407.905 80.40 < Ty (°F) < 82.59 17.08 < Py (psi) < 62.47
of Vijay (1978) 1.317 < APyp (psi) < 20.022 1.07 < APpr (psi) £ 19.771 0.0521 < 00 < 0.9648
6307.04 < Pr < 6962.605 0.708 < Pr; < 0.70% 12.78 < Nurp £ 37.26
54.84 < hyp (Btu/hr-ﬂz-°F) <159.91 0.513 < pw/pp <0.610 L/D=52.1,D=046in
Silicone-Air 17.3 <ty (Ibm/hr) < 196 0.072 < Vg (ft/sec) < 30.20 47.0 <Reg, £20930
Vertical 0.07 <mhg (Ibm/hr) < 157.26 0.17 < Vg(ft/sec) < 363.63 52.1 £Resg < 118160
Data (162 points) 72.46 < Ty (°F) £113.90 66.09 < Ty (°F) < 89.0 13.9 < Pyyx (psi) < 45.3
of Rezkallah 0.037 < APyp (psi) < 9.767 0.094 < APqpz (psi) < 9.074 0.011 <& <0.996
(1986) 61.0<Pr <76.5 0.079 < Pr;<0.710 17.3 £ Nuyp < 386.8
29.9 < hyp (Btwhr-f?-°F) < 683.0 | L/D=52.1,D=046in.
Water-Air 0.069 <1y (Ibm/sec) < 0.3876 0.03 st (lbm/sec) < |7.84 < AP/L (Ibf/ft’) < 137.5
_ 0.2568
Horizontal 0.22 < AP/L (Ibf/ft*) £ 26.35 0.021 < X771 <0.490 1.45 < ¢, < 3.54
Data (48 points) 723 <4 <68.0 73.6 < Tw (°F) < 107.1 64.9 < Tyx (°F) < 99.4
of Pletcher (1966) | 7372 < q" (Btwhr-i%) < 11077 | 433 <hpp (Btwhr-fi%-°F)< | L/D=60.0,D=1.0in
' ) 1043.8
Water-Air 1375 <1y (Ibm/hr) <6410 | 0.82 <rg (SCFM)<43.7 | 22500 <Res. < 119000
Horizontal " 1570 < Regg < 84200 041 <X11<29.10 0.117<R. £0.746
Data (21 points) 136.8 < Tyx (°F) < 144.85 184.3 < Ty (°F)<211.3 15.8 < Py (psi) < 55.0
of King (1952) 147.9 < APyp (psf) < 3226 1462 <hyp (Btwhr-fi>-°F)< |  1.08 < Vso/Vs < 6.94
4415
1.35<hyp /0y £3.34 1.35< ¢, <8.20 L/D=252,D=0.737 in.

57 glycérin-air experimental data of Vijay (1978), 162 silicone-air experimental data of

Rezkallah (1986), 48 water-air experimental data of Pletcher (1966), and 21 water-air

experimental data of King (1952) are given in Tables 1.9 to 1.12, respectively. These

tables give the total number of experimental data points used from each experimental

study, the total number of data points for each flow pattern, the number of data points in
each flow pattern that were predicted to within + 30% by the individual heat transfer

correlations, and the percent overall mean and r.m.s. deviations for the predictions of

55



each correlation. Note that the magnitudes of mean and r.m.s. deviations in these tables
range from 0.08% to 314,035% indicating a wide range of agreement/disagreement of the
correlation with the experimental data.

The flow patterns for the experimental data were based on the procedures
suggested by Govier and Aziz (1973), Griffith and Wallis (1961), Hewitt and Hall-Taylor
(1970), Taitel et al. (1980), Taitel and Dukler (1976), and visual observation as
appropriate. For éach flow pattern, the tables also highlight the number of data points
predicted by the correlation(s) that best satisfied the = 30% criterion.

1.4.2 Water-Air Data of Vijay (1978)

The results of éomparisons shown in Table 1.9 indicate that, for bubbly, froth,
annular, bubbly-froth, and froth-ahnular flows, several of the heat transfer correlati.ons
did a very good job of predicting the experimental water-air data of Vijay (1978) in a
vertical tube. However, for slug, slug-annular, and annular-mist flows, only one
correlation for each flow pattern showed good predictions. Considering the performance
of the correlations for all the -ﬂow patterns vand keeping invmind the values of the overall
" mean and r.m.s. deviations, three heat transfer correlations are recommended for this set
of experimental data. These are the correlation of Knott et al. (1959) for bubbly, froth,
bubbly-froth, froth-annular, and annular-mist flows; the correlation of Ravipudi and
Godbold (1978) for annular, slug-annular, and. ﬁoth—annular flows; and the correlation of
Aggour (1978) for bubbly and slug flows. Figures 1.6 to 1.8 show how well the
recommended correlations for each flow pattern performed with respect to the water-air

experimental data of Vijay (1978).
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Table 1.9 Comparison of Water-Air Experimental Data (139 Data Points) of Vijay (1978)
with the Suggested Correlations (See Nomenclature for Abbreviations)

Source Mean I.n.s. Data Points within 230% for Each Flow Pattern
Dev. Dev. ( Pattern / Total No. of Data Points)
(%) (%) B F A | B-F | S-A | F-A | A-M
25) 251251 0 a1 @& |3ds
Aggour (1978) | -14.28 | 5627 | 25 2 14 4 4 1
Chu & Jones -44 .43 97.11 23 17 23 : 5 3
(1980)
Davis & David | -155.91 | 541.35 3 3
(1964)
Dorresteijn -30.85 | 67.36 4 20 11 2
(1970)
Dussean (1968) 85.25 85.64
Elamvaluthi & -218.73 | 402.73 2
Srinivas (1984)
Groothuis & -221.14 | 451.19 7 11 6
Hendal (1959)
Khoze et al. -15548 | 17242 3 1
(1976)
Knott et al. 3.76 33.95 (254 20 19 | 7 | 3
(1959) : e e
Kudirka et al. -71.82 | 240.25 4 6 6 18 2 2
(1965)
Martin & Sims -42.69 | 89.23 22 18 18 6 5
(1971)
Oliver & Wright | 5701. | 25791.
(1964)
Ravipudi & -14.66 | 86.60 21 16 4 :
Godbold (1978) e
Rezkallah & -35.36 | 80.03 22 17 14 5
Sims (1987) -
Serizawa et al. -81034. | 299137. 2
(1975)
Shah (1981) 24.86 31.51 | 15 7 3
Ueda & -135.90 § 352.79 | 20 14 7 2
Hanaoka (1967) b -
Vijay et al. - 46.26 58.59 21 2 23 6
(1982)

Note: Blanks indicate the correlation did not satisfy the +30% criterion.
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1.4.3 Glycerin-Air Data of Vijay (1978)

From the comparison results shown in Table 1.10, it can be seen that only a few
of the tested heat transfer correlations were capable of predicting with good accuracy the
glycerin-air experimental data of Vijay ‘(1978) in a vertical tube. Considering the overall
performance of the correlations for all the flow patterns, only the correlation of Aggour
(1978) is recommended for this set of experimental data. The performance of Aggour’s
(1978) correlation in different flow patterns (bubbly, slug, froth, annular, bubbly-slug,
and slug-annular) with respect to the glycerin-air experimental data of Vijay (1978) is
shown in Fig. 1.9

1.4.4 Silicone-Air Data of Rezkallah (1986)

For the silicone-air experimental data of Rezkallah (1986) in a vertical tube, a few
of the correlations p‘rledicted» »t.he experimental data reasonably well (see Table 1.11).
Again, considering the overall performance of the correlations for all the flow patterns
and‘»the values of the mean and r.m.s. deviations, only three of the tested heat transfer
correlations are recommended. These are the correlation of Rezkallah and Sims (1987)
for bubbly, slug, churn, bubbly-slug, bubbly-froth, slug-churn, and churn-annular flows;
the correlation of Ravipudi and Godbold (1978) for churn, annular, bubbly-slug, slug-
churn, churn-annular, and froth-annular flows; and the correlation of Shah (1981) for
bubbly, froth, bubbly-froth, froth-annular, and annular-mist flows. Figures 1.10, 1.11 and
1.12 show the comparison between the predictions of the three recommended correlations

and the silicone-air experimental data of Rezkallah (1986).
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Table 1.10 Comparison of Glycerin-Air Experimental Data (57 Data Points) of Vijay
(1978) with the Suggested Correlations (See Nomenclature for Abbreviations)

Source Mean r.ms. Data Points within £30% for Each Flow Pattern
Dev. Dev. (Pattem / Total No. of Data Points)
&) ) B@) S (19 FA7) A® | BS@ | SA(S)
Aggour (1978) | -13.82 | 1844 | = 17
Chu & Jones -99.03 | 102.81 2
(1980)
Davis & David | -149.87 | 285.90 2 4
(1964)
Dorresteijn (1970)] 88.51 88.69
Dusseau (1968) 97.04 97.06
Elamvaluthi & -1410. 1844. 1 1
Srinivas (1984)
Groothuis & -6301. 8960.
Hendal (1959)
Hughmark (1965) | -624.18 | 675.32
Khoze et al. -514.71 | 567.68
(1976)
Knottetal. (1959)] -85.93 | 96.64 3 2 2
Kudirka et al. 61.62 61.86
(1965)
Martin & Sims | -164.31 | 185.58
(1971)
Oliver & Wright | 5994. 18350.
(1964)
Ravipudi & 66.18 66.69
Godbold (1978)
Rezkallah & Sims] -51.49 | 54.86 1 1 6
(1987)
Serizawaetal. | -17574. | 35334.
(1975)
Shah (1981) -50.12 | 54.00 | 3
Ueda & Hanaoka | -68.43 | 140.38 2 i
(1967)
Vijay etal. (1982)] 26.58 | 33.12 4 9

Note: Blanks indicate the correlation did not satlsfy the _30% crltenon
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Table 1.11 Comparison of Silicone-Air Experimental Data (162 Data Points) of Rezkallah
(1986) with the Suggested Correlations (See Nomenclature for Abbreviations)

Source Mean I.Mm.8. Data Points within £30% for Each Flow Pattern
Dev. Dev. Pattern / Total No. of Data Points
(%) (%) B S C A F |BS|BF|SC|CAI|FA]| A-
(26) [ (13) | (AD [ 25) 1 (A8) | (7) | (10) | (13) [ (12) | (6) (;IZV{)
Aggour (1978) -5.57 74.95 3 2 4 1 1
Chu & Jones |-128.74} 193.70 | 13 3 10 5
(1980)
Davis & David {-127.63 | 435.79 1 1 7 3 5 3
(1964)
Dorresteijn 20.42 59.91 2 2 8 1 4
(1970)
Dusseau (1968) | 86.69 87.22
Elamvaluthi & |[-426.83 ] 841.52 7 1 1 2
Srinivas (1984)
Groothuis & -623.48 | 1326. 1 5 2 4 "5
Hendal (1959)
Hughmark (1965) | -126.83 { 364.56 4 7 7 6 5 9 7
Khoze et al. 29528 | 366.85 2
(1976)
Knott et al. -4.09 57.41 22 3 1 11 3 3 2
(1959)
Kudirka et al. -65.83 | 130.59 4 5 8 2 5 1 1
~ (1965)
Martin & Sims | -63.47 | 14926 | 21 3 3 9 11 2 10 3 9
(1971)
Oliver & Wright | 12702 | 46885. 3 3 1 5 7
(1964)
Ravipudi & -12.06 | 85.25 1
Godbold (1978)
Rezkallah & -20.02 | 52.55 6
Sims (1987) e
Serizawa etal. ]-91540. | 295080. | 14
(1975) '
Shah (1981) .} 9.28 42.96 3 1 11 3 6 4
Ueda & Hanaoka | -528.50 | 984.09
(1967)
Vijay et al. 4138 | 6708 | 10 4 143711 1
(1982)

Note: Blanks indicate the correlation did not satisfy the +30% criterion.
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1.4.5 Water-Air Data of Pletcher (1966) and King (1952)

Table 1.12 shows the results of comparison for the 48 annular flow water-air
experimental data of Pletcher (1966) and 21 slug flow water-air experimental data of
King (1952) in horizontal tubes with the identified heat transfer correlations. For the
annular flow data, only the correlation of Shah (1981) performed well. Figure 1.13
compares the performance of this correlation with the experimental data of Pletcher
(1966). Also shown in Table 1.12 are the results of comparison between the heat transfer
correlations and tiie slug flow experimental déta of King (1952). The experimental data
of King (1952) were predicted very well with five of the identified heat transfer
correlations. Figure 1.14 showsvhow well the correlations of Chu and Jones (1980), King
(1952), Kudrika et al. (1965), Martin and Sims (1971), and Ravipudi and Godbold (1978)
predicted the slug flow data of King (1952).

1.4.6 Summary and Conclusions of the Preliminary Comparisons

The preliminary comparison study showed the ability of 20 two-phase heat
transfer correlations to predict five sets of experimental data that were available in the
open literature. Three of these experimental data sets were for the flow of air-water
(Vijay, 1978), air-glycerin (Vijay, 1978), and air-silicone (Rezkallah, 1986) in various
flow patterns within vertical pipes. The other two data sets were for the flow of air-water
in slug (King, 1952) and annular (Pletcher, 1966) flow patterns within horizontal pipes.

The comparisons show the following recommendations, and the recommendations
are summarized in Table 1.13 with regard to the main flow patterns. For air-water flow
within vertical pipes, the comparisons recommend use of the Knott et al. (1959)

correlation for bubbly, froth, bubbly-froth, froth-annular, and annular-mist flow patterns;
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Table 1.12 Comparison of 48 Water-Air Experimental Data Points of Pletcher (1966)
and 21 Water-Air Experimental Data Points of King (1952) with the Suggested
Correlations (See Nomenclature for Abbreviations)

Annular Flow (Pletcher, 1966) Slhug Flow (King, 1952)
Source Mean I.IN.S. No. of +30% Mean I.m.s. No. of 30%
Dev. (%) | Dev. (%) | Data Points Dev. (%) | Dev. (%) | Data Points
Aggour (1978) -233.85 | 314.86 -57.46 66.21 3
Chu & Jones (1980) insufficient exp. information provided 0.08 16.33
Davis & David (1964) 99.93 99.93 -2166. 3448.
‘Dorresteijn (1970) -232.01 | 29741 5 45.74 54.06 6
Dusseau (1968) 99.97 99.97 68.63 69.03
Elamvaluthi & Srinivas | 402.71 | 434.73 -89.46 - 95.87
(1984)
Groothuis & Hendal -480.49 | 538.78 -65.33 77.95 5
(1959) ,
Hughmark (1965) insufficient exp. information provided 56.06 59.25 2
Khoze et al. (1959) -122.58 | 14138 | 6 -121.91 127.86
King (1952) insufficient exp. information provided 4.77 12.14
Knott et al. (1959) -80.79 101.76 6 21.44 26.03
Kudirka et al. (1965) -52.30 59.92 11 4.30 27.61
Martin & Sims (1971) -246.76 | 278.68 8.79 18.90
Oliver & Wright (1964) | -616.92 1201. 6 91.82 91.85
Ravipudi & Godbold -193.51 | 21215 1572 18.39 10
(1978) S
Rezkallah & Sims (1987) | -333.49 | 405.60 -46.47 57.37 7
Serizawa et al. (1975) | -256486. | 314035. -8791. 13529.
Shah (1981) -13.92 31.98 37.42 39.65 7
Ueda & Hanaoka (1967) | -186.16 198.71 -34.09 163.50 9
Vijay et al. (1982) 4.34 37.11 26 -44. 53.21 7

Note: Blanks indicate the correlation did not satisfy the £30% criterion.
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Table 1.13 Recommended Correlations from the Preliminary Comparisons with Regard to Pipe Orientation, Fluids, and Flow Patterns

Vertical Experimental Pipe Horizontal
Source Correlation Water-Air Glycerin-Air Silicone-Air W-A
S| F B|S|F|A}JB|]S|CjA Al S

aggg;}l)lr hrp /by, = (1-o)? Laminar (L) '

Nuj, = 1615 (Reg Py, D/L) P (ug /)™ @) J NN VAN IV N

hpp /hy = (1-0) 0% Turbulent (T)

Nup =00155Regs ®3Pr (g /py)%* (D)
Chu & - 0.55 3| KB o pa)!’
Jones Nupp =043 (Regp) ~"(Pr.) N
(1980) Hw P
King hyp _ R 707 AP) /(AP) 032 . . . . . .
(1952) h—L—-W (A—L P AL, . insufficient experimental information provided N
Knottet |4 Ve 1P . .
al. (1959) _;TL - [1 . _VS_G] where hy is from Sider & Tate (1936) J

L SL

Kudirka et Voo )8 0.6 T 014

Nugp = 125 ﬁ] [“_G] Reg; )/(P ”3[”_8]
al. (1965) | Nurp [VSL o (Res.) " (Pry) o J
Martm & m— =1+0.64 -Y-S—G— where hy is from Sider & Tate (1936) \I
(Slu9n7sl) ho Vs
Ravipudi Voo )03 0.2 014
&Godbold | Nurp = 056 (V&) (H’—) (ReSL)°"‘(PrL)”3[L‘i) Jly J
(1978) SL 138 Ry
Rezkallah | hap /1y, = (1-00% AT
(1987) where hy, is from Sider & Tate (1936)
Shah h Nz
(1981) -hl"—=(1+ ng)

L SL ‘J ‘J ‘J ‘J
Nup =186 (Res, Prp D/L)(up/pw)** @)
NUL =0.023 ReSLO'sPrL°'4(pB /p.w)o'l4 ('r)




use of the Ravipudi and Godbold (1978) correlation for annular, slug-annular, and froth-
annular flow patterns; and use of the Aggour (1978) correlation for bubbly and slug flow
patterns. For air-glycerin flow within vertical pipes, the comparisons recommend use of
the Aggour (1978) correlation for bubbly, slug, froth, annular, bubbly-slug, and slug-
annular flow patterns. For air-silicone flow within vertical pipes, the comparisons
recommend use of the Rezkallah and Sims (1987) correlation for bubbly, slug, churn,
bubbly-slug, bubbly-froth, slug-churn, and churn-annular flow patterns; use of the
Ravipudi and Godbold (1978) correlation for churn, annular, bubbly-slug, slug-churn,
churn-annular, and froth-annular; and use of the Shah (1981) correlation for bubbly,
froth, bubbly-froth, froth-annular, and annular-mist flow patterns. With regard to air-
water flow in horizontal pipes, the comparisons recommend use of the Shah (1§81)
correlation for annular and use of the Kudrika et al. (1965) correlation for slug flow
patterns.

The above recommended correlations all have the following important parameters
in common: Rest, Pri, pp/pw and either void fraction (o), superficial velocity ratio of gas
and liquid (Vsa/VsL), or viscosity ratio of gas and liquid (uc/piL).

For air-water and glycerin-air flows within vertical pipes, the correlation of
Aggour (1978) is recommended for bubbly and slug flow patterns. However, for silicone-
air flow, use of the Aggour (1978) correlation is not recommended for the same flow
patterns even though the flow is within a vertical pipe. For air-water and silicone-air
flows within vertical pipes, the correlation of Rezkallah & Sims (1987) is recommended
for bubbly flow pattern. However, for glycerin-air flow, use of the Rezkallah & Sims

(1987) correlation is not recommended for the same flow pattern even though the flow is
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within a vertical pipe. Those correlations can be classified as the explicit void fraction
type correlations having the parameter of void fraction (o) for two-phase heat transfer as
can be seen from Section 1.3.3. Since those correlations are not capable of predicting the
two-phase heat transfer for all fluid combinations in vertical pipes, there appears to be at
least one parameter [ratio], which is related to fluid combinations, that is missing from
those correlations.

For air-water flow within a horizontal pipe, the correlation of Kudirka et al.
(1965) is recommended for slug flow pattern. However, use of the same correlation is not
recommended for the same flow pattern within a vertical pipe even though the same two-
phase fluid (air-water) is used. For air-water flow, the correlation of Ravipudi & Godbold
(1978) is recommended for a vertical annular flow pattern. However, the same correlation
is not recommended for the same flow pattern within a horizontal pipe. Also, the
correlation of Ravipudi & Godbold is not recommended for vertical air-water slug flow
pattern but recommended for horizontal air-water slug flow pattern. Those correlations
can be classified as the extended Sieder-Tate type correlation having the parameters of
superficial velocity ratio of gas and liquid (Vso/Vsi) and viscosity ratio of gas and liquid
(ue/i) for two-phase heat transfer as can be seen from Section 1.3.1. Since those
correlations are not capable of predicting the two-phase heat transfer for vertical and
horizontal pipes with the same fluid combinations, there appears to be at least one
parameter [ratio], which is related to pipe orientation, that is missing from those
correlations.

The correlation of Shah (1981) is recommended for water-air, glycerin-air, or

silicone-air bubbly flow pattern within a vertical pipe, and also recommended for air-
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water and silicone-air froth flow pattern within a vertical pipe. This correlation can be
classified as the extended Sieder-Tate type correlation having the parameter of
~ (1+Vs6/Vsp) for two-phase heat transfer, and the correlation's derivation was based on
the separated flow model concept as can be seen from Section 1.3.1. This separated flow
model analysis may be helpful to find a parameter [ratio] which is related to fluid

combinations for bubbly and froth flow patterns within a vertical pipe.

1.5 Shortcomings of the Previous Work

From the previous section, the general validities of the several two-phase heat
transfer correlations were compared against the large sets of available experimental data.
. However, since there is no single correlation capable of predicting the two-phase heat
transfer for all fluid combinations in vertical pipes, there appears to be at least one
parameter [ratio], which is related to fluid combination, that is missing from the previous
works. Also, since, for the horizontal data available, the recommended correlations differ
from those of vertical pipes, there must also be at least one additional parameter [ratio],
related to pipe orientation, that is missing from the previous work. In addition to these
shortcomings in the previous work, the available two-phase heat transfer studies lack the
following in-depth studies:
e No systematic parametric study has been performed on the numerous two-phase flow
forced convective heat transfer correlations in vertical and horizontal pipes that have
been published in the literature for the past 40 years. The two-phase heat transfer

correlations all have the following important parameters in common: Resy, Pry, pup/Uw
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and either void fraction (o), superficial velocity ratio of gas and liquid (Vso/Vs1), or
viscosity ratio of gas and liquid (uc/ur). However, no investigation has been
performed to identify the effects of those important parameters on the two-phase heat
transfer.

Comprehensive experimental data sets in horizontal tubes covering a wide range of
flow patterns are lacking in the current literature as can be seen from Section 1.3.5.
When a gas-liquid mixture flows in a pipe, a variety of flow patterns may occur,
depending primarily on flow rates, the physical properties of the fluids, and the pipe
inclination angle. The variety of flow patterns reflects the different ways that the gas
and liquid phases are distributed in a pipe, and as the spatial distribution of each
changes from one flow pattern to- another, the heat transfer mechanism can be
different accofding to the different flow patterns. In order to develop a correlation(s)
which is robust enough to span all or most of the fluid combinations, pipe
orientations, and flow patterns, additional experimental data sets which are not in the
currently available experimental literature are required. Table 1.14 shows the sources
. of the available experimental data in the open literature which reported complete
information on two-phase heat transfer data along with the fluid combinations used,
flow patterns observed, and the number of data points taken. A total of 1128 data
points are available for vertical tubes with comprehensive flow patterns covering
bubbly, slug, churn, froth, annular, mist, and their transition flows and different fluid
combinations. However, only 69 data points are available for horizontal tubes with
very limited flow patterns covering slug and annular flows and fluid combination (air-

water only). Thus, comprehensive experimental studies in horizontal tubes covering
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Table 1.14 Available Experimental Data Points (See Nomenclature for Flow Pattern

Abbreviations)
Source Vertical Experimental Tube Horizontal Experimental Tube
Fluids . Flow Pattern Data Points Fluids Flow Data
Pattern | Points
Aggour Air/Water B,S,F, A BF 109
(1978)
Helium/ | B, S, F, A, B-S, B-F, 53
Water S-A, A-M
Freon/Water | B, S, F, A, B-S, B-F, 44
S-A
King Air/Water S 21
(1952)
Pletcher Air/Water A 48
(1966) L
Rezkallah Air/Water B,S,C, A F, B-S, 64
(1986) B-F, S-C, S-F, C-A,
F-A, A-M
Air/Glycerin | B, S, C, A, F, B-S, 124
+Water B-F, S-C, S-F, C-A,
F-A, A-M
Air/Silicone | B, S, C, A, F,B-S, 190
B-F, S-C, C-A, F-A,
A-M
Vijay Air/Water { B, S, F, A, B-F, S-A, 181
(1978) F-A, A-M
Air/Glycerin | B, S, F, A, B-S, S-A 57
Air/Glycerin | B, S, F, A, B-S, S-A 94
+Water ’
Zaidi Air/Water B, S, C, AF,B-S, 118
(1981) ‘ B-F, S-A, S-F, C-A,
A-F, A-M
Air/Glycerin | B, S, C, A, F, B-§, 94
+Water B-F, S-F, C-A, A-F,
A-M
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wide range of flow patterns and fluid combinations are needed.

1.6 Objectives

The main purpose of this study is the development of a two-phase heat transfer

correlation(s) which is robust enough to span all or most of the fluid combinations, pipe

orientations, and flow patterns. In order to achieve this goal successfully, the following

specific tasks were accomplished:

1.

A literature search for the two-phase heat transfer coefficient correlations and the
two-phase flow experimental data for horizontal/vertical tubes was conducted to aid
in the development/identification of the best two-phase heat transfer correlation(s). In
addition, in order to understand the importance of the parameters in thé identified
existing two-phase heat transfer correlations such as Regy, Pri, up/uw and either void
fraction (ov), superficial velocity ratio .of gas and liquid (Vsg/VsL), or viscosity ratio of
gas and liquid (uc/uL), the general validity of the performance of the selected
correlations was tested against the recommended particular range of the parameters
suggested by the original authors. Based on the tabulated and graphical results of the
comparisons with and without considering author-specified ranges of applicability,
appropriate correlations for different flow patterns and tube orientations were
recommended.

The exponents of the key parameters that commonly appeared in the recommended
correlations from the results of the above task were varied to investigate the role of

those parameters in two-phase heat transfer. Based on the tabulated and graphical

75



results of the comparisons between the predictions of the modified heat transfer
correlations and the available experimental data, appropriate correlations for different
flow patterns, pipe orientations, and gas-liquid combinations were recommended.

3. Since there was no single correlation capable of predicting heat transfer rate with
good accuracy for all fluid combinations and flow patterns in vertical pipes based on
the results of tasks 1 and 2, a new correlation was developed based on the physical
mechanism of the two-phase heat transfer along with the knowledge obtained from
the completion of the tasks 1 and 2.

4. In order to aid in the development of a robust two-phase heat transfer correlation,
comprehensive experimental data sets in horizontal tubes covering several different
flow patterns and fluid combinations are necéssary. For this purpose, an e?(perimental
setup for two-phase heat transfer measurements in a horizontal pipe was constructed
and air-water two-phase heat transfer data was obtained.

5. The robust heat transfer correlation developed for turbulent flow for different flow
patterns and fluid combinations in vertical pipes was applied to the air-water heat
transfer experimental data obtained from this study.

Throughout this chapter, the background of this study, general flow patterns in
vertical and horizontal pipes, literature survey, preliminary comparisons, shortcomings of
previous Works, and the objectives of this study were introduced. In the next chapter,
development of the robust two-phase heat transfer correlation for several fluid

combinations and different flow patterns in vertical pipes will be introduced.
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CHAPTER II

DEVELOPMENT OF A GENERAL TWO-PHASE HEAT TRANSFER
CORRELATION FOR VERTICAL PIPES

In order to develop a general two-phase heat transfer correlation which is robust
enough to span all or most of fhe ﬂﬁid Cbmbinations and flow patterns in vertical pipes, a
| systématic approach must be used. To achi‘eveb this goal successfully, the following three
tasks were completed usiﬁg extensive sets of experimental data available from ‘the
literature (see Table 1.14): ”

1. The general validity of the’ performance of the previously identiﬁed correlations (see
Table 1.6). was tested against the recommended particular range of the parameters
suggested by the original authors.

2. In order to improve the applicability of the previously recommended correlations to
different flow patterns and fluid combinations, each exponent of the key parameters
that appeared in thé previously recommended correlations was varied to investigate
how critical that parameter is, and also to find out whether or not a changed exponent
value can yield improved fits of the correlation to the expérimental data.

3. With the outcome of the tasks 1 and 2 described above, a new improved two-phase
heat transfer correlation was developed, and the performance of the correlation was

compared against previously recommended correlations.
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Each of the three tasks mentioned above was successfully completed and the
results were published in the open literature [see Kim et al. (1999a, 1999b, 1999¢)]. In

the following sections, a summary of each work will be presented.

2.1 Comparison of 20 Two-Phase Heat Transfer Correlations with Seven Sets of

Experimental Data, Including Flow Pattern and Tube Inclination Effects

In this study, the validity of twenty heat transfer correlations obtained from a
comprehensive literature review were assessed. These correlations were tested against
seven extensi\)e sets of two-phase flow experimental data available from the literature,
for vertical aﬁd horizontal tubes and_ different flow patterns and fluids. A total of 524 data
points from five available experimental studies were used for these comparisons. Based
on .the ';abulated and graphical vresults of the comparisons with and without considering
author-specified ranges of apvplicability, appropriaté correlations for different flow
patterns and tube oﬁentations were recommended. This was the subject of the paper
published by Kim et al-. (1999a).

2.1.1 Introduction

Numerous heat transfer correlations and eiperimental data for forced convective
heat transfer during gas-liquid two-phase flow in Vertical and horizontal pipes have been
published over the past 40 years. In this study, a comprehensive literature search was
carried out and a tofal of 38 two-phase flow heat transfer correlations [see referﬁces 1to
39 of Kim et al. (1999a)] were identified. The validity of these correlations and their
ranges of applicability have been documented by the original authors (Kim et al., 1999a).

In most cases, the identified heat transfer correlations were derived empirically and were
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based on a small set of experimental data with a limited range of variables and liquid-gas
combinations. In order to assess the validity of those correlations, ’they wére compared
against seven extensive sets of two-phase flow heat transfer experimental data available
from the literature, for vertical and horizontal tubes and different flow patterns and fluids.
A total of 524 data points from five available experimental studies [see references 1, 10,
40, 41, 42 of Kim et al. (1999a)] were used for these comparisons. The experimental data
included five different liquid-gas combinations (water-air, glycerin-air, silicone-air,
water-helium, water-freon 12), and covered a wide range of variables, including liquid
énd gas flow rates and properties, flow patterns, pipe sizes, and pipe inclination.

Table 1.6 shows twenty of the 38 heat transfer correlations that were identified
and tested in this study. The rest of the two-phase flow heat transfer correlations [see
references 22 to 39 of Kim et al. (1999a)] were not tested since the required information
for the correlations was not available through the identified experimental studies. The
limitafions of the twenty correlations used in this study as proposed by the original
authors are tabulated in Table 1.7. This table lists the ranges of the five dimensionless

parameters mg/m;, Vso/Vsi, Resg, Resr, and Prp that were mainly used in the

development of these correlations. Among the listed parameters only Vso/Vs. and Res
have been most consistently supplied. For this reason, only these two parameters were
chosen to check the validity of the identified heat transfer correlations with the seven sets
of experimental data. The ranges of the seven sets of experimental data used to assess the

validity of the correlations listed in Table 1.6 are provided in Table 2.1. It should be
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Table 2.1 Ranges of the Experimental Data Used in this Study

Water-Air 16.71 <y, (Ibm/hr) < 8996 0.06 < Vg (ft/sec) <34.80 | 231.83 <Reg < 126630
Vertical 0.058 <1 (lomhr) <216.82 | 0.164 < Vso(ft/sec) <460.202 | 43.42 <Ress < 163020
Data (139 0.007 < X7 <433.04 59.64 < Tyix (°F) <83.94  |14.62 < Pyyx (psi) < 74.44
Points) 0.061 < APrp (psi) < 17.048 0.007 < APrpg (psi) < 16.74 0.033 < 0.997
of Vijay . 5.503<Pr;, <6.982 0.708 < Pr; <0.710 11.03 < Nugp < 776.12
(1978) 101.5 < hyp (Btwhr-f’-°F) < 7042.3 0.813 < py/pp < 0.933 L/D=52.1,D=046 in.
Glycerin-Air 100.5 <ty (Ibm/hr) < 1242.5 0.31 < Vg (ft/sec) < 3.80 1.77 <Reg <21.16
Vertical 0.085 < g (Ibm/hr) < 99.302 0.217 < Vgo(ft/sec) < 117.303 | 63.22 < Resg < 73698
Data 0.15 < Xrr < 407.905 80.40 < Tyyx (°F) <82.59  [17.08 < Pyyx (psi) < 62.47
(57 Points) 1.317 < APz (psi) < 20.022 1.07 < APrpe (psi) < 19.771 0.0521 < o0 £0.9648
of Vijay 6307.04 < Pr| < 6962.605 0.708 < Prg < 0.709 12.78 < Nurp < 37.26
(1978) 54.84 < hrp (Btwhr-f-°F) < 159.91]  0.513 < py/pg <0.610 L/D=521,D=046in.
Silicone-Air 17.3 <1y, (Ibm/hr) < 196 0.072 < Vg (ft/sec) <3020 | 47.0 SReg <20930
Vertical 0.07 <1 g (Ibm/hr) < 157.26 0.17 < Vgo(ft/sec) < 363.63 52.1 <Reg < 118160
Data (162 72.46 < Ty (°F) <113.90 66.09 < T (°F) < 89.0 13.9 < Pyyx (psi) < 45.3
points) of 0.037 < APy (psi) < 9.767 0.094 < APrpp (psi) < 9.074 0.011 < &0 < 0.996
Rezkallah 61.0<Pr <765 0.079 < Prg <0.710 17.3 < Nurp < 386.8
(1987) 29.9 < hyp (Btwhr-f2-°F) < 683.0 L/D=521,D=046in.
Water-Helium 267 <1y (Ibmv/hr) < 8996 1.03 < Vg (ft/sec) < 34.70 3841 < Reg < 125840
Vertical 0.020 <t (Ibm/hr) < 33.7 0.423 < Vgo(ft/sec) < 483.6 14.0 < Resg < 23159
Data 0.16 < X7r < 769.6 674 < Tyx(°F) < 82.0 15.5 < Pyx (psi) < 53.3
(53 Points) 0.3 < APrp (psi) < 13.2 0.01 < APrpg (psi) < 12.5 0.038 < . <0.958
of Aggour 5.78 <Pr < 7.04 0.6908 < Pr; <0.691 86.6 <Nu.p, <668.2
(1978) 794 <h ., (Bwhr-fi>-°F) <6061 83.9< Ty (°F) < 95.7 L/D=521,D=046in
Water-Freon 12 267 <1 (Ibmvhr) < 3598 1.03 < Vg (ft/sec) < 13.89 4190 < Reg < 51556
Vertical 0.84 <1h (Ibm/hr) < 206.59 0.51 < Vso(ft/sec) <117.7 | 859.5 < Regg < 209430
Data 0.16 < Xpr <226.5 75.26 < Tyix (°F) < 83.89 | 15.8 < Pyx (psi) <27.8
(44 Points) 0.04 < APrp (psi) < 4.92 0.02 < APrpp (psi) < 4.48 0.035<a<0.934
of Aggour 5.63<Pr £6.29 0.769 < Prs<0.77 87.1 <Nup, <4724
(1978) 800 <h_, (Btwhr-fi*-°F) <4344 90.36 < Ty (°F) < 94.89 L/D=52.1,D=046in
Water-Air 0.069 < 1y (Ibm/sec) <0.3876 | 0.03 <1 (Ibm/sec) < 0.2568 | 7.84 < AP/L (Ibf/ft’) <
Horizontal 0.22 < AP/L (Ibf/f®) < 26.35 0.021 < Xrr <0.490 137.5, 1.45<¢,<3.54
Data (48 723 <$;<68.0 73.6 < Ty (°F) < 107.1 64.9 < Tyix (°F) £99.4
points) 7372 < q” (Btwhr-ft?) < 11077 433 <hpp (Btwhr-fi?-°F)< | L/D=60.0,D=10in
of Pletcher . 1043.8

(1966)

Water-Air 1375 <ty (Ibm/hr) < 6410 0.82 <t (SCFM)<43.7 | 22500 <Reg < 119000
Horizontal 1570 < Regg < 84200 0.41 < X7r £29.10 0.117 <R <0.746
Data (21 136.8 < Tyx (°F) < 144.85 184.3 < Ty (°F) < 211.3 15.8 < Pyx (psi) < 55.0
points) 1.027 < APrp (psi) < 22.403 1462 <hrp (Btwhr-f>-°F) < | 0.33 < Vso/Vs, <7.65
of King 1.35<hpp/hy <3.34 4415, 1.35<¢;<820 |L/D=252,D=0.737in.
(1952)
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noted that for consistency, the validity of the identified heat transfer correlations were
based on the comparison between the predicted and experimental two-phase heat transfer
coefficients meeting the +30 % criterion. For this reason, all of the Nutp correlations in
Table 1.6 were converted to hrp correlations using the following simple two-phase
mixture thermal conductivity relation: k, =xk, +(1-x)k, .

The flow pattern identification for the experimental data was based on the
procedures suggestéd by Govier and Aziz (1973), Griffith and Wallis (1961), Hewitt and
Hall-Taylor (1970), Taitel et al. (1980), Taitel and Dukler (1976), and visual observation

as appropriate.

2.1.2 Results from Comparison with Correlation Limitations

Table 2.2 gives a suminary of the results obtained by comparing the twenty
identified two-phase flow heat transfer correlations with the 139 water-air experimental
data of Vijay (1978). Since some of 'th.e identified heat transfer correlations did not
provide ranges for Regy or VsG/VSL, those correlations were not listed in the comparison
tables. This table shows the total number of experimental data points for each flow
pattern, the ratio of the number of data points in each flow pattern that were predicted to
within 13 0% by the individual heat transfer correlations to the total number of data points
that fell within the réstrictions for Reg, or Vsg/ Vst that accompanied the correlations, and
the percent overall mean and r.m.s. deviations of the predictions from the data for each
correlation. For each flow pattern, the table also highlights the number of data points
predicted by the correlation(s) that best satisfied the +30% two-phase heat transfer
coefficient criterion.

From the comparison results shown in Table 2.2, several water-air data points of
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Table 2.2 Comparison of Water-Air Experimental Data (139 Data Points) of Vijay (1978) with
the Studied Correlations (See Nomenclature for Abbreviations)

Mean{rms.{ Data Points within +30% / Data Points for Each Flow
Source Dev. | Dev. Pattern within Reg; Range of Correlation
(%) | ()
B(25)|S(25)|F 25)|A (25)| B-F | S-A | F-A | A-M
10) (18)
. Chu & Jones (1980) 6.17 | 15.49 /9
Dorresteijn (1970) -17.19 | 61.33 2/8 0/4 | 0/15
Dusseau (1968) 99.29 | 99.29 0/1 0/4 0/1
Elamvaluthi & Srinivas }-123.76} 18321 0/2 0/13 1/14 217 0/15
(1984)
Groothuis & Hendal -103.781116.24 | 0/25 | 1/16 | 025 | 4/14 | 0/7 12 0/4 072
(1959)
Khoze et al. (1976)
Knott et al. (1959) -19.65 | 68.50 | 0/3 0/7
Kudirka et al. (1965) -1.47 | 47.53 | 4/25 | 6/22 | 6/25 ji 2/8
Oliver & Wright (1964) }3798.2|4673.2 0/5
Ravipudi & Godbold 18.02 | 23.61
(1978) ,
Rezkallah & Sims -35.33 | 79.99
(1987)
Shah (1980)

Note: Correlations not listed in the table did not provide an Reg; range. Blanks indicate no data
the Reg; range of the correlation.

points fell within

Mean|r.ms.| Data Points within +30% / Data Points for Each Flow
Source Dev. { Dev. Pattern within Vss/Vg Range of Correlation
(%) | (%)
B(25)[S 25 [F(25)]A(25)] BF | S-A [ F-A [ AM
M 1340 | @ | dy
Aggour (1978) -25.33] 54.75 25725 1225 {1421} 477 4/9 1/4 0/6
Chu & Jones (1980) | 2.19 [ 19.09 [T0AL [ 179 [23725 B T B
Dorresteijn [4] -28.79| 63.33 : _ 0/15
Elamvaluthi & Srinivas [|-86.62190.44 | 0/2 0/18 | 0724 1 0/1 0/4 0/1 04 |-
(1984)
Groothuis & Hendal -74.821106.50
(1959)
Knott et al. (1959) 729 1 12.91
Kudirka et al. (1965) -16.60(137.92
Ravipudi & Godbold -0.91 | 43.40
(1978)
Rezkallah & Sims -34.731 80.04 |:25/25
(1987)
Shah (1981) 24.27]30.91 |
Ueda & Hanaoka (1967)]-13.99] 23.37 74 | 11

Note: Correlations not listed in the table did not provide a VSGN sL Tange. Blanks indicate no data
points fell within the Vss/Vs range of the correlation.
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Vijay (1978) were within the accompanying Regs;, and Vsg/Vsy parameter ranges of the
heat transfer correlations; Considering the author-specified ranges of Res; and Vsg/VsL
along with the overall performance for all flow patterns and mean and r.m.s. deviations,
the correlation of Chu and Jones (1980) is recommended for all the flow patterns except
the annular-mist flow pattern. Also, the correlation of Ravipudi and Godbold (1978) is
recommended for all of th;: flow patterns except for the bubbly flow pattern. The
performances of Chu and Jones' (1980) and Ravipudi and Godbold's (1978) correlations
in different flow patterns with respect to the parameters of Res;. and Vsc/Vsy plotted on

the horizontal axis and the dimensionless value of h, /hy  plotted on the vertical

axis are given in Figures 2.1 and 2.2, respectively. For bubbly and slug flow patterns, the
correlation of Aggour (1978) is recommended, based on the comparison results with and
without (see Table 2.3) the restricﬁon of Vso/VsL accompanying the correlation, even
though there was no author-specified Reg, restrictions.

Further details of the comparison results of several heat transfer correlations with
different fluid combinations (air-glycerin data of Vijay, 1978; air-silicone data of
Rezkallah, 1987; water-helium data of Aggour ,1978; water-freon 12 data of Aggour
1978; air-water in vslug' flow data of King ;1952; and annular flow data of Pletcher, 1966)
can be found in Kim et al. (1999a).

2.1.3 Results from Comparison without Correlation Limitations

In this section the author-proposed restrictions on Vsg/Vs. and Resp. were not
imposed on the identified heat transfer correlations. However, the heat transfer
correlations were compared with the same seven sets of experimental data used in the

revious section's comparisons. A summ of the results obtained by comparing the
p p ary y paring
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Figure 2.1 Comparison of Chu & Jones (1980) Correlation with Vijay's (1978) Water-
Air Experimental Data
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Table 2.3 Comparison of Water-Air Experimental Data (139 Data Points) of Vijay (1978)

with the Studied Correlations (See Nomenclature for Abbreviations)

Source Mean | r.ms. Data Points within +30% for Each Flow Pattern
(Pattern / Total No. of Data Points)

_ Dev. (%)[Dev. (%)] B(25) { S25) | F(25) | A(25) | B-F (7) {S-A (10)] F-A (4) JA-M (18)
Aggour (1978) -14.28 | 56.27 [iu250 fin2sad| 2 14 4 4 1
Chu & Jones -13.11 | 69.98 23 17 23 10
(1980)

Davis & David -88.64 | 90.04 1
(1964)

Dorresteijn (1970) | -26.62 | 63.53 7 20 1 11 2
Dusseau (1968) 99.31 | 99.31

Elamvaluthi & -121.93} 157.26 1 2
Srinivas (1984)

Groothuis & -116.88 | 16225 7 11 7
Hendal (1959)

Khoze et al. (1976)] -133.21 | 159.97

Knottetal. (1959) { 3.76 33.95 20

Kudirka et al. -37.46 | 196.65 4 6

(1965) ,

Martin & Sims 4269 | 89.23 22

(1971)

Oliver & Wright 1500. | 4349.

(1964)

Ravipud: & 8.44 61.16 21

Godbold (1978)

Rezkallah & Sims | -35.36 | 80.03 22

(1987) :

Serizawa et al. -3459. 1 13064. 18

(1975)

Shah (1981) 24.86 31.51 15

Ueda & Hanaoka | -33.85 | 105.29 19

(1967)

Vijay et al. (1982) | 46.26 58.59 21 2 23 6

Note: Blanks indicate the correlation did not satisfy the £30% criterion.

twenty identified two-phase flow heat transfer correlations with the 139 water-air

experimental data of Vijay (1978) is given in Table 2.3. For this comparison, the

limitations of the correlations proposed by the original authors were ignored in order to

access the general validity of the correlations. The difference between this table and the

previous table of comparison results (Table 2.2) is that only the experimental data points

that fell within the ranges of Res;, and Vgso/VsL suggested by the original authors of the

correlations were used. Tables 2.3 gives the total number of experimental data points
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used from each experimental study, the total number of data points for each flow pattern,
the number of data points in each flow pattern that were predicted to within + 30% by the
individual heat transfer correlations, and the percent overall mean and r.m.s. deviations
for the predictions of each correlation. The percent mean and r.m.s. deviations were
calculated using the difference of the heat transfer coefficients between the experimental
value and predicted value divided by the experimental value. Note that the magnitudes of
mean and r.m.s. deviations in these comparisons including other fluid combinations [see
Tables 9 to 15 of Kim et al. (1999a)] range from 0.08% to 13,064% indicating a wide
range of agreement/disagreement “of the correlation with the experimental data. For each
flow pattern, the table also highlights the number of data points predicted by the
correlation(s) that best satisfied the = 30% criterion. Further details on these comparisons
may be found in Kim et al. (1999a).

The results shown in Table 2.3 indicate that, for bubbly, froth, annular, bubbly-
froth, and froth-annular flow patterns, several of the heat transfer correlations did a very
good job of predicting the experimental water-air data of Vijay (1978) in a vertical tube.
However, for slug, slug-annular, and annular-mist flows, only one correlation for each
flow pattern showed good predictions. Considering the performance of the correlations
for all flow patterns and keeping in mind the values of the overall mean and r.m.s.
deviations, four heat transfer correlations are recommended for this set of experimental
data. These are the correlation of Knott et al. (1959) for bubbly, froth, bubbly-froth, and
froth-annular flow patterns; the correlation of Ravipudi and Godbold (1978) for annular,
slug-annular, froth-annular, and annular-mist flow patterns; the correlation of Chu and

Jones (1980) for annular, bubbly-froth, slug-annular, and froth-annular flow patterns; and
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the correlation of Aggour (1978) for bubbly and slug flow patterns. Figure 2.3 shows how

well the recommended correlation of Knott et al. (1959) performed with respect to the
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Figure 2.3 Comparison of Knott et al. (1959) Correlation with Vijay's (1978)
Water-Air Experimental Data

water-air experimenfal data of Vijay (1978). Further details of the comparison results of
several heat transfer correlations with different fluid combinations (air-glycerin data of
Vijay, 1978, air-silicone data of Rezkallah, 1987; water-helium data of Aggour, 1978;
water-freon 12 data of Aggour, 1978; air-water in slug flow data of King, 1952; and

annular flow data of Pletcher, 1966) can be found in Kim et al. (1999a).
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2.1.4 Summary and Conclusions

We have studied the ability of 20 tvs}o-phase heat transfer correlations to predict
seven sets of experimental data that are available in the open literature. Five of these
experimental data sets are concerned with flow patterns in vertical pipes: the air-water
data of Vijay (1978), the air-glycerin data of Vijay (1978), the air-silicone data of
Rezkallah (1987), the water-helium data of Aggour (1978), and the water-freon 12 data
of Aggour (1978). The other two data sets are for patterns within horizontal pipes: the air-
water slug flow data of King (1952) and annular flow data of Pletcher (1966).

In order to assess the validity of the two-phase heat transfer correlations,
predictions of the identified 20 heat &ansfer correlations were compared with the seven
sets of experimental data with or without considering the restrictions of Resy, and Vsg/Vsp
accompanying the correlations. The comparison results between those heat transfer
correlations and the seveh sets of experimental data are summarized in Table 2.4 for
major flow patterns and Table 2.5 fof transitional flow patterns. There were no
remarkable differences for the recommendations of the heat transfer correlations based on
the results along with or witﬁout the restrictions of Resy and Vgse/VsL, except for the
correlations of Chu and Jones (1980) and Ravipudi and Godbold (1978), for the water-air
experimental data of Vijay (1978).

Based on the results without the authors' restrictions, the correlation of Chu and
Jones (1980) was recommended for only annular, bubbly-froth, slug-annular, and froth-
annular flow patterns, and the correlation of Ravipudi and Godbold (1978) was
recommended for only annular, slug-annular, and froth-annular flow patterns of the

vertical tube water-air experimental data. However, considering the Reg;, and Vso/VsL
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Table 2.4 Recommended Correlations from the General Comparisons with Regard to Pipe Orientation, Fluids, and Major Flow Pattems (See Nomenclature for Abbreviations)

Correlations with ' Vertical Experimental Pipe ‘ Horizontal
Restrictions on Reg, and Water-Air - Glycerin-Air Silicone-Air Water-Helium Water-Freon 12 Water-Air
Vso/Vst - BiS|]Fi{A}B|S]|]F{A{B]S|Cj{AjF}B}| S F|A|]B S| F|A A | S
Aggour (1978) Vo1V VIV vY ViVviVviwv
Chu & Jones (1980) RV | RV | RV | RV R ] RJRV] V [ RV R RV RV
Knott et al. (1959) viviv]Rr ; ‘ vivi]iv]y v v
Kudirka et al. (1965) RV v RV
Ravipudi & Godbold (1978) RV | RV | RV VIRV] V R | RV 1 RV RV
Rezkallah & Sims (1987) RV | RV » RV | RV | RV RV _ RV | RV | RV | RV
Shah (1981) v v RV v Tvlv v v v v

1 Correlations with Water-Air Glycerin-Air : Silicone-Air . Water-Helium Water-Freon 12 Water-Air
No Restrictions B S F|]A]B s F|]A]B s ClAJF]B s F ] A]B S F ] A A s

| Aggour (1978) N N N N | N N ] : N N N | N

Chu & Jones (1980) N ] N N N N
Knott et al. (1959) N N , F NN NN N]IN N
Kudirka et al. (1965) -] N
Martin & Sims (1971) N N N | N| N[N N
Ravipudi & Godbold (1978) N I N | N N N
Rezkallah & Sims (1987) N N NN N N | N| N[N
Shah (1981) N N N N N| N N N N N
Correlation Recommendations Water-Air , Glycerin-Air Silicone-Air Water-Helium Water-Freon 12 Water-Air
Based on Comparisons Above B S F|]A|B S F | A B S C|A|F{ B s F ] A]B s F | A A s
Aggour (1978) : B
Chu & Jones (1980)
Knott et al. (1959) v
Kudirka et al. (1965)
Martin & Sims (1971) v
Ravipudi & Godbold (1978)
Rezkallah & Sims (1987) i
Shah (1981) v v : J y

Note: R = Recommended correlation with the range of Reg;. V =Recommended correlation with the range of Vso/Vs.. N = Recommended correlation with no
restrictions. Y = Recommended correlation with and without restrictions. - = Correlation that did not provide ranges for either Reg;, or Vsg/Vs. Correlation of
Martin & Sims (1971) did not provide ranges for Reg; and Vsg/Vg;.
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Table 2.5 Recommended Correlations from the General Comparisons with Regard to Experimental Fluids and Transition Flow Patterns (See Nomenclature for Abbreviations)

L Vso/ Vs

Correlations with
Restrictions on Reg;, and

Vertical Experimental Pipe

Water-Air

Glycerin-Air

Silicone-Air

Water-Helium

Water-Freon 12

B-F

S-A | F-A

B-S | S-A

B-S

B-F

S-C i C-A | F-A | A-M

B-S

B-F | S-A

B-S-

B-F

S-A

Aggour (1978)

-V -V.

-V

Chu & Jones (1980)

RV | RV

\Y%

Knott et al. (1959)

Kudirka et al. (1965)

RV

RV

RV

Ravipudi & Godbold (1978)

RV | RV

v V | RV

R

A\

Rezkallah & Sims (1987)

RV

RV | RV

RV

Shah (1981)

\%

Correlations with
No Restrictions

Water-Air

Glycerin-Air

Silicone-Air

Water-Helium

Water-Freon 12

S-A | F-A

A-M

B-S | S-A

B-S

S-C | C-A

B-F | S-A

A-M

B-F

S-A

Aggour (1978)

N N

N

Chu & Jones (1980)

Knott et al. (1959)

Kudirka et al. (1963)

Martin & Sims (1971)

Ravipudi & Godbold (1978)

N N

Rezkallah & Sims (1987)

Z|Z

N N

N
N
N

Shah (1981)

Z1Z1zz|zlZ1=2

N

Z|Z

Correlation Recommendations
Based on Comparisons Above

Water-Air

Glycerin-Air

Silicone-Air

Water-Helium

Wat

er-Freon 12

S-A | F-A

A-M

B-S

S-A

B-S

B-F

S-C | C-A AM

B-F | S-A

A-M

B-S

B-F

S-A

Aggour (1978)

Chu & Jones (1980)

Knott et al. (1959)

Kudirka et al. (1965)

Martin & Sims (1971)

Ravipudi & Godbold (1978)

Rezkallah & Sims (1987)

P3N PE P

Shah (1981)

N

Note: R =Recommended correlation with the range of Res;. V = Recommended correl

ation with the range of Vgs/Vs,. N = Recommended correlation with no restrictions.

= Recommended correlation with and without restrictions. - = Correlation that did not provide ranges for either Regy, or Vso/Vs. Correlation of Martin & Sims
(1971) did not provide ranges for Reg and Vgg/Vs.




restrictions, the correlation of Chu and Jones (1980) was recommended for all of the
vertical tube water-air flow patterns including transitional flow patterns except the
annular-mist flow pattern, and the correlation of Ravipudi and Godbold (1978) was
recommended for slug, froth, and annular main flow patterns and all of the transitional
flow patterns of the water-air experimental data of Vijay (1978).

With the data at hand, we make the following recommendations. For water-air
flow within vertical pipes, we recommend use of the Knott et al. (1959) correlation for
froth and bubbly-froth flow patterns; use of the Chu and Jones correlation for annular,
bubbly-froth, slug-aﬁﬁular, and froth-annular flow patterns; use of the Ravipudi and
Godbold (1978) correlation for annular, slug-annular, froth-annular, and annular-mist
flow patterns; use of the Aggour (1978) correlation for bubbly and slug flow patterns; and
use of the Rezkallah and Sims (1987) correlation for bubbly, bubbly-froth, and froth-
annular flow patterns.

For glycerin-air flow within vertical pipes, we recommend use of the Aggour
(1978) correlation for bubbly, slug, froth, annular, bubbly-slug, and slug-annular flow
patterns.

For silicone-air flow within vertical f)ipes, we recommend use of the Rezkallah
and Sims (1987) correlation for bubbly, slug, churn, bubbly-slug, bubbly-froth, slug-
churn, and churn-annular flow patterns; use of the Ravipudi and Godbold (1978)
correlation for churn, annular, bubbly-slug, slug-churn, churn-annular, and froth-annular
flow patterns; and use of the Shah (1980) correlation for bubbly, froth, bubbly-froth, and

froth-annular flow patterns.
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For water-helium flow within vertical pipes, we recommend use of the Knott et al.
(1959) correlation for bubbly, slug, and froth flow patterns; use of the Chu and Jones
- (1980) correlation for bubbly, froth, and bubbly-slug flow patterns; and use of the Shah
(1980) correlation for bubbly, froth, and annular-mist flow patterns.

For water-freon 12 flow within vertical pipes, we recommend using one of the
three correlations of Aggour (1978), Martin and Sims (1971), and Rezkallah and Sims
(1987) for bubbly, slug, froth, annular, and slug-annular flow patterns. With regard to air-
water flow in horizontal pipes, we recommend use of the Shah (1980) correlation for the
annular flow pattern, and use of the Chu and Jones (1980), Kudirka et al. (1965), and
Ravipudi and Godbold (1978) correlations for the slug flow pattern.

The above recommended correlatiohs _all haQe the following important parameters
in common: ReSL,‘ Pri, ps/pw and either void fraction (o) or superficial vélocity ratio
(Vso/VsL). 1t appears that void fractibn and superficial velocity ratio, although not
directly related, may serve the same function in two-phase heat transfer correlations.
However, since there is no single correlation capable of predicting the flow for all fluid
combinations in vertical ﬁipes, there appears to be at least one parameter [ratio], which is
related to fluid combinations, that is missing from these correlations. In addition, since,
for the horizontal data available, the recommended correlations differ from those of
vertical pipes, there must also be at least one additional parameter [ratio], related to pipe
orientation, that is missing from the correlations.

In order to improve the applicability of those recommended correlations to the
available experimental data covering different flow patterns and fluid combinations, the

exponent value on either one of the three key parameters (o, 1-Vsg/Vst, or 'nglVSL)
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which is typically added to most single-phase heat transfer correlations to account for
two-phase effects has been parametrically varied and optimized such that the final results
are much improved fits of the correlations to the open literature experimental data. This
was the subject of the paper published by Kim et al. (1999b). In the next section,

summary of this study will be described.

2.2 Development of Improved Two-Phase Two-Component Pipe Flow Heat

Transfer Correlations from Existing Correlations and Published Data

In this study, six two-phase nonboiling heat transfer correlations obtained from
the recommendations of our previousb work were assessed. These correlations were
modified using seven extensi\)e sets of two-phase flow experimental data available from
the literature, for vertical and horizontal tubes and different flow patterns and fluids. A
total of 524 data points from five .available experimental studies (which included the
seven sets of data) were used for improvement of the six identified correlations. Based on
the tabulated and graphical resuits of the comparisons between the predictions of the
modified heat transfer correlations and the available experimental data, appropriate
improved correlations for different flow pattems, tube orientations, and liquid-gas
combinations were recommended.

2.2.1 Introduction

Tables 2.4 and 2.5 show the recommended two-phase heat transfer correlations
based on the results of the general validity test performed by Kim et al. (1999a). These
correlations have some of the following important parameters in common: Res., Pr,

pe/uw and either void fraction (o) or superficial velocity ratio (Vsg/Vsy or 1+ Vsa/Vsy).
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Since there is no single correlation capable of predicting heat transfer rate for all
fluid combinations in vertical pipes, there appears to be at least one parameter [ratio],
which is related to fluid combinations, that is missing from these correlations. In addition,
since, for the horizontal data available, the recommended correlations differ from those of
vertical pipes, there must also be at least one additional parameter [ratio], related to pipe
orientation, that is missing from the correlations. In order to improve the applicability of
these correlations to different flow pattemns, liquid combinations, and pipe orientation, six
of the recommended correlations in Tables 2.4 and 2.5 that showed the best overall
performance were chosen for further study. The six selected correlations (Aggour, 1978;
Knott et al., 1959; Kudirka et al., 1965; Ravipudi & Godbold, 1978; Rezkallah & Sims,
- 1987; and Shah, 1980) represent the three groups of two-phasé heat transfer correlations
discussed in Section 1.3.

The exponents of the key parameters that appear in these ‘six two-phase heat
transfer correlations were varied in order to get the best agreement between these
correlations and an extensive set of experimental data available from the literature. The
key parameters that were studied included (1-a), (1+ Vso/Vsp), and (Vsa/Vsy). Seven sets
of experimental data (a total of 524 data points) from five available experimental studies
(Aggour, 1978; King, 1952; Pletcher, 1966; Rezkallah, 1987; and Vijay, 1978) were used
in this study. The experimental data included five different liquid-gas combinations
(water-air, glycerin-air, silicone-air, water-helium, water-freon 12), and covered a wide
range of variables, including liquid and gas flow rates and properties, flow patterns, pipe
sizes, and pipe orientation. The rangés of these seven sets of experimental data are

provided in Table 2.1.
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2.2.2 Results and Discussion

Table 2.6 gives a summary of the optimal values fo; the exponent (n) of the key
parameter in each of the six selected two-phase heat transfer correlations. These values
- were obtained by varying the exponents of the key parameters in the correlations in order
to get the best agreement (based on mean and r.ms. deviations) between the correlations
and the experimental data. The two-phase heat transfer experimental data used for this
purpose were the 139 water-air experimental data points of Vijay (1978) in a vertical
pipe, 57 glycerin-air experimental data points of Vijay (1978) in a vertical pipe, 162
silicone-air experimental data points of Rezkallah (1987) in a vertical pipe, 53 water-
helium experimental dafa points of Aggour (1978) in a vertical pipe, 44 water-freon 12
A experimental data points of Aggour (1978) iﬁ a vertical pipe, 48 water-ai; experimental
data pbints of Pletcher (1966) in a horizontal pipe, and the 21 water-air experimental data
points of King (1952) in a horizontal pipe. Table 2.6, aside from the optimal n values for
~ each flow pattern, gives the percent' overail mean, r.m.s., and range of deviations of the
predictions from the data for each experimental data set baéed on the optimal and original
n values. For the seven sets of different experimental fluid combinations and pipe
orientation, this table also highlights the optiinal n values of certain correlations that best
predicted the experimental data.

The results of predictions for the water-air experimental data of Vijay (1978) in a
vertical pipe shown in Table 2.>6 indicate that the correlations of Aggour (1978),
Rezkallah and Sims (1987), and Shah (1981) did a good job with different exponent (n)
values for each flow pattern. The mean and r.m.s. deviations of the predictions for the

optimal n values for these correlations are much lower than those based on the original n
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Table 2.6 Different Values for the Exponent of the Key Parameters of Six Two-Phase Heat Transfer
Correlations [1, 11, 12, 15, 16, and 18] [See Nomenclature for Abbreviations and Kim et al.
(1999b) for Reference Numbers]

Aggour [1] Correlation with the Optimal n Values for Each Flow Pattem, hp = fctn(Reg;, Prp, ... }(1-a)"

FlowPattern }| Vijay [40] | Vijay [40] | Rezkallah | Aggour [1]| Aggour [1] |Pletcher [42]] King[10]
W-A G-A [41] S-A - W-F12 W-A W-A
Bubbly 0.595 5.303 -0.174
Slug -0.60 -0.733 -0.603 -0.442
Froth -0.172 -0.641 -0.339
Annular -0.645 -0.366 -0.608 -0.851
Churn -0.673
Bubbly-Slug 0.077 -0.874
Bubbly-Froth -0.090 1.872 0.70
Slug-Annular -0.683 0.773
Slug-Chumn -0.551
Froth-Annular -0.542 0211
Annular-Mist -0.530 -0.428 -0.413
Chumn-Annular -0.663
Mean Dev. (%) 1.50 -0.49 -5.57 -0.85 1.03 28.62 4.70
s Dev. (%) 29.49 6.27 66.98 17.29 8.22 52.48 13.53
Dev. Range (%){| -126.0& (-182& 194 -2268& [-27.7&47.7{-15.7& 13.5}-125.0 & 77.3]-36.1 & 33.3
70.8 74.8
| Aggour [1] Correlation with the Original n Values for All Flow Patterns, n = -1/3 (Laminar) and -0.83 (Turbulent)
Mean Dev. (%) -14.28 -13.82 -5.57 -45.20 -1.04 -233.85 -57.46
{ mms Dev. (%) 56.27 18.44 74.95 72.51 14.35 316.86 66.21
Dev. Range (%))} -380.5& :|-39.0& 19.3] -226.8& [|-369.3& 12.8/-28.6 & 36.8|-770.8 & 71.4] -1382&
85.4 - 74.8 -14.6
Rezkallah & Sims [16] Correlation with the Optimal n Values for Each Flow Pattern,
h'rp = fctn(ReSL, P I, .. .)(I-Cl.)n
Flow Pattern || Vijay [40] | Vijay[40] | Rezkallah rxggour [11 | Aggour [1] |Pletcher [42]} King [10]
W-A G-A [41] S-A W-H W-F12 - W-A
Bubbly -0.571 0.467 -1.282 -0.953 -1.243
" Slug -0.623 0.059 -0.664 -0.653 -0.90 -0.473
Froth -0.411 -0.151 -0.374 -0.502 -0.637
Annular -0.664 -0.30 -0.480 -0.637 -0.880 -0.401
Churn -0.628
Bubbly-Stug 0.133 -0.898 -0.996 -1.280
Bubbly-Froth -0.463 -0.556 0.013 -1.50
Stug-Annular -0.661 -0.161 -0.660 -0.825
__Slug-Churn -0.548
Froth-Annular -0.664 -0.318
Annular-Mist -0.519 -0.393 -0.431
Churn-Annular -0.662
Mean Dev. (%) 1.36 -1.15 6.73 0.34 1.74 9.14 4.59
rms Dev. (%) 33.69 10.51 37.68 11.72 7.55 30.99 16.39
Dev. Range (%o)| -1454 & |-249&19.0] -1475& |-27.1&346{-20.6&20.0] -56.5& }-34.7&31.9
: 67.6 59.6 574
Rezkallah & Sims [16] Correlation with the Original n Value for All Flow Patterns, n = -0.9
Mean Dev. (%) -35.36 -51.49 -20.02 -47.53 -0.12 -333.49 -46.47
rms Dev. (%) 80.03 54.86 52.55 87.39 11.90 405.60 57.37
Dev. Range (%)| 473.0& |-82.9&246] -2041& {457.6& 16.6/-27.3&35.9] -996.1& |-120.9& 3.6
37.5 42.9 -43.5
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Table 2.6 (Cont'd.) Different Values for the Exponent of the Key Parameters of Six Two-Phase Heat
Transfer Correlations [1, 11, 12, 15, 16, and 18] [See Nomenclature for Abbreviations and Kim
et al. (1999b) for Reference Numbers}]

Knott et al. [11] Correlation with the Optimal n Values for Each Flow Pattern,
hrp = fotn(Regy, Pry, .. )(1 + Vso/ V)

Flow Pattern §| Vijay [40] | Vijay[40] | Rezkallah | Aggour[1] rAggour [1] {Pletcher [42]} King [10]
W-A G-A [41] S-A W-H W-F12 W-A W-A
Bubbly 0.529 -0.402 1.082
Shug 0.334 -0.034 0.560
Froth 0.288 0.088 0.486
Annular 0.374 0.162 0.505 0.477
Churn
Bubbly-Slug -0.092 0.993
Bubbly-Froth 0.371 1.370
| Slug-Annular 0.358 0.088 0.50
Slug-Churn
Froth-Annular 0.435
Annular-Mist 0.308
Chum-Annular|
{Mean Dev. (%) 2.21 -1.56 7.22 0.20 2.29 23.40 1.74
rms Dev. (%) 20.35 8.59 26.77 10.80 7.99 48.70 11.76
Dev. Range [-161.4 & 62.6]-23.0 & 17.3] -130.6& |-26.9 & 30.0|-20.9 & 23.5 |-125.0 & 77.3|-38.3 & 22.0
(Yo) - . 654 . .
. Knott et al. [11] Correlation with the Original n Value for All Flow Patterns, n = 1/3
ean Dev. (%)  3.76 . -85.93 -4.09 0.74 27.20 -80.79 21.44
rms Dev. (%) 33.95° 96.64 5741 27.07 30.85 101.76 26.03
Dev. Range [-139.5 & 65.8{-163.9 & -5.7| -2357& |[150.1&332] 64& [-231.0& 10.3]-15.8 &40.8
(%) - 67.0 55.9

Shah [18] Correlation with

the Optimal n Values for Each Flow Pattern, hrp = fotn(Reg, Pry, ... X1 + Vso/Ve )"

Flow Pattern || Vijay [40] | Vijay[40] | Rezkallah | Aggour [1] | Aggour [1] [Pletcher {42]| King [10]
W-A G-A [41] S-A W-H W-F12 - W-A
Bubbly -0.402 0.094 0.952 1.216
Slug -0.034 0.365 0.395 0.625 0.589
Froth 0.088 0.968 0.346 0.531
Annular 0.162 0.265 0.346 0.515 0.218
Chumn 0.330
Bubbly-Slug -0.092 0.517 0.765 1.041
Bubbly-Froth -0.116 0.70 1.60
| Slug-Annular 0.088 0.375 0.517
Slug-Chumn 0.367
Froth-Annular 0.126
Annular-Mist 0.178 0.227
IChurn-Annular] 0.361
[Mean Dev. (% 1.26 -1.56 6.91 0.67 2.75 4.89 1.93
mms Dev. (%) 28.91 10.38 39.10 10.85 8.69 24.14 13.95
Dev. Range [-129.2 & 46.0]-23.0 & 17.3| -1520& 273& 1-225&243) 472& |-35.7&220
(%) 76.2 29.7 44.2
Shah [18] Correlation with the Original n Value for All Flow Patterns, n = 1/3
[Mean Dev. (%) 24.86 -50.12 9.28 20.88 37.89 -13.92 37.42
rms Dev. (%) 31.51 54.0 42.96 26.70 41.65 31.98 39.65
Dev. Range }|-29.4& 72.8| -86.7& 2359& |42.1&563| 14.1& -764 & 62&
(%) -1.3 80.0 70.6 33.8 54.6
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Table 2.6 (Cont'd.) Different Values for the Exponent of the Key Parameters of Six Two-Phase Heat

Transfer Correlations [1, 11, 12, 15, 16, and 18] [See Nomenclature for Abbreviations and Kim

et al. (1999b) for Reference Numbers]

Kudirka et al. [12] Correlation with the Optimal n Values for Each Flow Pattern,
NUTp = fCtIl(RCSL, PI'L, ven )(Vs(;/v SL)n

Flow Pattern || Vijay [40] | Vijay [40] | Rezkallah | Aggour[1] | Aggour [1] |Pletcher [42]| King [10]
W-A G-A [41] S-A W-H W-F12 W-A W-A
Bubbly -0.045 -0.399 -0.060 -0.015 -0.063
Slug -0.246 0.527 -0.198 -0.222 -0.380 0.083
Froth -0.184 0.437 -0.305 -0.098 - -0.208
Annular 0.032 0.335 -0.017 0.053 0.218
Churn -0.109 ‘
Bubbly-Slug 1.131 0.021 -0.730 -0.018
Bubbly-Froth -0.195 -0.160 -2.620 -0.174
| Slug-Annular | -0.144 0.343 -0.039 -0.016
Slug-Churn -0.162
Froth-Annular 0.247 0.298
Annular-Mist -0.006 -0.054 -0.037
|Chum-Annular| .-0.041
IMean Dev. (%) -4.62 21.63 -5.30 . 270 3.82 -0.12 -2.56
rms Dev. (%) 52.27 37.12 39.68 30.72 24.37 18.50 26.63
Dev. Range [227.9& 53.4|-514& 870 -158.1& [130.2&46.9]-60.7& 49.9| 489& 59.7&
(%) 60.7 48.4 28.6
Kudirka et al. [12] Correlation with the Original n Value for All Flow Patterns, n = 1/8
ean Dev. (%)  -71.82 61.62 -65.83 -39.18 10.76 -52.30 -4.30
rms Dev. (%) 240.25 61.86 130.59 80.45 40.39 59.92 27.61
Dev. Range | -1330.6 & 451 & - 423.9& |-236.8&48.9(-80.1&51.5| -157.6& 619&
(%) 55.3 72.2 64.5 8.5 27.5
Ravipudi & Godbold [15] Correlation with the Optimal n Values for Each Flow Pattern,
Nugp = fetn(Regy, Pry, .. X Vso/Vs)"
Flow Pattern {| Vijay [40] | Vijay [40] | Rezkallah | Aggour[1] | Aggour [1] |Pletcher [42]| King[10]
W-A G-A [41] S-A W-H W-F12 - W-A
Bubbly -0.032 -0.425 -0.024 ~ -0.002 -0.045 v
Slug 0.070 0.897 0.344 0.164 0.309 0.463
Froth -0.001 0.570 -0.135 0.061 -0.103
Annular 0.268 0.515 0.224 0.224 0.395 0.123
Churn 0.282
Bubbly-Slug -1.190 0.299 0.519 -0.149
Bubbly-Froth -0.072 -0.075 -2.751 -0.088
| Slug-Annular 0.20 0.599 0.205 0.312
Slug-Chum 0.312
Froth-Annular 0.393 0.236
Annular-Mist 0.184 0.099 0.119
|Chum-Annular 0.290
[Mean Dev. (%)]  4.04 24.40 3.66 5.85 8.42 2.05 3.16
rms Dev. (%) 29.77 40.92 29.50 15.73 17.48 19.23 13.36
Dev. Range [F171.5 & 42.0]48.9 & 89.8| -143.5& ([-353&31.1|-17.3&41.7( -404& -228&
(%) 74.9 44.7 24.3
Ravipudi & Godbold [15] Correlation with the Original n Value for All Flow Patterns, n = 0.3
ean Dev. (%)  -14.66 66.18 -12.06 -10.69 28.72 -193.51 15.72
rms Dev. (%) 86.60 66.69 85.25 58.86 33.61 212.15 18.39
Dev. Range [-371.0 & 66.5] 53.7& -501.8& [275.0&61.8] -95& 3791 & 37&
(%) 87.5. 79.2 67.5 453 32.1
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value(s). Considering the performance of the correlations for all of the flow patterns and

keeping in mind the values of the overall mean and r.m.s. deviations, the heat transfer
~correlation of Shah (1981) with the different exponent (n) values for the parameter

(1+Vss/VsL) is recommended for the water-air experimental data of Vijay (1978).

As shown in Table 2.6, for the glycerin-air experimental data of Vijay (1978) in a
vertical pipe, the correlations of Aggour (1978), Rezkallah and Sims (1987), Knott et al.
(1959), and Shah (1981) were capable of predicting the experimental data with good
accuracy. Considering the overall performance of the correlations for all flow patterns,
the correlation of Aggour (1978) with different exponent (n) values for the parameter (1-
o) 1s recommended for this set of experimental data with extremely high liquid Prandtl
number (6300 ~ 7000).

For the silicone-air experimental data of Rezkallah (1987) in a vertical pipe, the
correlations of Ravipudi and Godbold (1978) and Knott et al. (1959) predicted the
experimental data reasonably well with good r.m.s. deviation. The r.m.s. and max.
deviations based on the different values of exponent n are much improved compared to
those based on the original n value. Again, considering the overall performance of the
correlations for all flow patterns, the correlation of Knott et al. (1959) with the exponent
(n) values for the parameter (1+Vsg/Vsy) is recommended for this experimental data set
with moderately high liquid Prandtl number (61 ~ 77).

The results bf predictions for the water-helium experimental data of Aggour
(1978) in a vertical pipe with the different exponent (n) values are also given in Table
2.6. The correlations of Rezkallah and Sims (1987), Knott et al. (1959), and Shah (1981)

predicted the experimental data very accurately with good mean, r.m.s. and max.
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deviations. The magnitudes of the mean, r.m.s. and max. deviations for the optimal n
values are much smaller than those calculated from the original n values. Among the
three correlations, the correlation of Knott et al. (1959) with the different exponent (n)
values for the parameter (1+Vsg/Vsy) is recommended for the water-helium experimental
data of Aggour (1978) in which the gas density change from air to helium is
approximately a factor of 10.

Most of the six two-phase heat transfer correlations shown in Table 2.6 predicted
the water-freon 12 experimental data of Aggour (1978) in a vertical pipe very accurately
with good mean and r.m.s. deviations. The magnitudes of the r.m.s. deviations with the
optimal n values were about two times better than those with the original n values.
Among the six correlations, the correlation of Aggour (1978) with the different exponent
(n) values for the parameter (1-a) is recommended for this experimental data set.

The water-air experimental data of Pletcher (1966) in a horizontal pipe with
annular flow were accurately predicted by the correlations of Kudirka et al. (1965) and
Ravipudi and Godbold (1978). Between these two correlations which belong to the same
heat transfer correlation group and were developed based on the dimensional analysis
concept, the correlation of Kudirka et al. (1965) with n = -0.024 for the exponent of
(Vsc/Vsy) is recommended for this set of experimental data.

Table 2.6 also shows the results of the predictions for the water-air slug flow
experimental data of King (1952) in a horizontal pipe. The correlations of Knott et al.
(1959) and Shah (1981) accurately predicted the horizontal slug flow water-air

experimental data. Between these two correlations which were based on the separated
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flow model concept, the correlation of Knott et al. (1959) with the exponent (n) value of
0.521 for the parameter (1+Vss/Vsy) is recommended for this set of experimental data.

Table 2.7 summarizes this study’s recommended modified two-phase heat transfer
correlations for five fluid combinations (W-A, G-A, S-A, W-H, W-F12) and four major
flow patterns (bubbly, slug, froth, annular) in a vertical pipe. In this table, the optimal
values of n listed in Table 2.6 for the four major flow patterns have been rounded off to
two significant digits without significant loss of accuracy. For comparison purposes, the
table also provides the original and the optimal n values for each correlation. Referring to
Table 2.7, it is interesting to observe that generally for three of the four major flow
patterns: slug, froth, and annular, the reported exponent n values for a given fluid
combination show a weaker dependence on flow pattern than for fluid combination. It
should also be mentioned that Table 2.7 does not provide information on horizontal pipe
flows and the transitional vertical pipe flows. For horizontal pipe flows, we have
information on only two flow patterns (slug and annular); and for transitional flows, there
is an insufficient number of data points in each transitional flow pattern to plot and
~ determine appropriate n values.

Table 2.8 shows the results of our attempt to unify the exponent n values provided
in Table 2.7 for éach'ﬂuid combination and different flow patterns. The mean and r.m.s.
deviations reported in Table 2.8 for the simplified exponent n values show only a slight
increase over those given in Table 2.7 for the modified exponent n values. As can be seen
from the results of Table 2.8, the flow pattern dependency of the two-phase heat transfer
correlations for a vertical pipe can be overcome by using an appropriate key parameter in

the heat transfer correlation with an optimal exponent n value. For prediction of water-
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Table 2.7 Recommended Modified Two-Phase Heat Transfer Correlations for Five Fluid Combinations
and Four Major Flow Patterns in a Vertical Pipe [See Nomenclature for Abbreviations and
Kim et al. (1999b) for Reference Numbers]

Recommended Exponent Values for Parameters [Shown in Table 2.6] of the Two-Phase Heat

Transfer Corrélations
Correlation Shah [18] | Aggour[1] | Knottetal [11] | Knottetal. [11] | Aggour [1]
Flow Pattern Vijay [40] | Vijay [40] | Rezkallah [41] Aggour [1] Aggour [1]
W-A G-A S-A W-H W-F12
Bubbly 0.70 -0.24 1.27 0.83 -0.74
Shag 0.40 -0.11 0.37 0.38 -0.85
Froth 0.31 -0.24 0.33 0.32 -0.41
Annular 0.40 -0.35 0.28 0.34 -0.86
Mean Dev. (%) 1.66 -0.61 6.80 -0.03 0.65
rms Dev. (%) 25.19 8.49 35.07 10.23 7.83
Dev. Range (%) -1284 & -18.4 & -1306 & 177 & -15.7&
39.6 19.4 65.4 - 30.0 20.4
Original n Value Results for Each Correlation Taken from Table 2.6
Mean Dev. (%) 24.86 -13.82 -4.09 0.74 -1.04
rms Dev. (%) 31.51 18.44 57.41 27.07 14.35
Dev. Range (%) 294 & 39.0& 2357 & -150.1& -28.6 &
72.8 19.3 67.0 33.2 : 36.8
Optimal n Value Results for Each Correlation Taken from Table 2.6
Mean Dev. (%) 1.26 -0.49 7.22 0.20 1.03
rms Dev. (%) 28.91 6.27 26.77 10.80 8.22
Dev. Range (%) | -1292& 182 & -130.6 & 269 & 157 &
46.0 19.4 65.4 30.0 13.5

Table 2.8 Recommended Simplified Two-Phase Heat Transfer Correlations for Five Fluid

Combinations and Four Major Flow Patterns in a Vertical Pipe [See Nomenclature for
Abbreviations and Kim et al. (1999b) for Reference Numbers)

Recommended Simplified Exponent Values for Parameters [Shown in Table 2.6] of the Two-Phase
Heat Transfer Correlations
Correlation Shah [18] | Aggour[l] | Knottetal [11] | Knottetal [11] | Aggour [1]
Flow Pattern Vijay [40] Vijay [40] Rezkallah [41] Aggour [1] Aggour [1]
W-A G-A S-A W-H W-F12
Bubbly
Slug 0.39 -0.28 0.29 0.34 -0.82
Froth
Annular
Mean Dev. (%) 2.56 -5.14 12.11 3.21 -1.69
rms Dev. (%) 23.92 14.87 36.59 12.31 14.23
Dev. Range (%) -1176 & 278& -142.6 & 202& 279&
40.2 31.7 69.1 32.1 23.1
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air, silicone-air, and water-helium two-phase heat transfer, the parameter (1+Vss/Vsy)
and an appropriate exponent n should be used in the heat transfer correlations. Similarly,
for prediction of glyceﬁn—air and water-freon 12 two-phase heat transfer, the parameter
(1-a) and an appropriate exponent n value should be used in the heat transfer
correlations.

Figure 2.4 compares the performance of Knott et al. (1959) original and modified
two-phase heat transfer correlations with Aggour (1978) water-helium experimental data
in a vertical pipe. This figure shows the results of predictions from the correlations with
the original n values (seeb Table 2.6), optimal n values (see Table 2.6), and the simplified
n values (see Table 2.8).

Table 2.9 shows the results of our attempts to overcome the fluid combination
dependency of the two-phase heat transfer correlations for a vertical pipe. For this
purpose, we combined the experimental data for each of the four major flow patterns
(bubbly, slug, froth, annular) and the five different fluid combinations (W—A, G-A, S-A,
W-H, W-F12). With this combined data, we obtained the optimal value of the exponent n
for the key parameters in the six recommended correlations by Kim et al. (1999a).
- Comparing the overall performance (by mean and r.m.s. deviations) of the predictions for
each flow pattern for all five fluid combinations, the correlation of Aggour (1978) with n
= -0.6 for the parameter (1-ot) is recommended for slug flow, the correlation of Rezkallah
and Sims (1987) with n = -0.43 for the parameter (1-o) is recommended for froth flow,
the correlation of Shah (1981) with n = 0.8 for the parameter (1+Vsc/VsL) is
recommended for bubbly flow, and the correlation of Ravipudi and Godbold (1978) with

n = 0.26 for the parameter (Vsg/VsL) is recommended for annular flow. Figure 2.5 shows
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Figure 2.4 Comparison of Knott et al. (1959) Original and Modified Correlations with
Aggour [1] Water-Helium Experimental Data in a Vertical Pipe
(See Tables 2.6 and 2.8)
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Table 2.9 Simplified Two-Phase Heat Transfer Correlations, with Recommendations,
Predicting all Five Fluid Combinations for Each of the Four Major Flow Patterns in
a Vertical Pipe {See Nomenclature for Abbreviations and Kim et al. (1999b) for
Reference Numbers]

Aggour [1] Correlation with Different n Values for Flow Patterns, hrp = fetn(Re;, Pry, ... )(1-a)"

Flow Pattern Vijay Vijay Rezkallah | Aggour | Aggour Mean ms Dev.
(Data Pts.) [40] [40] [41] 1 [1] Dev. (%) | Dev. Range
W-A G-A S-A W-H W-F12 (%) (%)
Bubbly (71) 0.47 -7.62 10.63 | -59.7 & 76.9
Slug (74) [ G600 472 | 36.72 | -90.2&67.0
Froth (82) -0.21 -10.07 | 25.04 | -60.5&20.5
Annular (81) -0.63 -16.72 | 68.88 | -278.0 & 50.8

Rezkallah & Sims [16] Correlation with Different n Values for Flow Patterns,
h'rp = fctn(ReL, PI‘L, .- )(l-a)"

Bubbly -0.76 2.07 13.83 | 433&42.5
Slug 0.62 -12.15 24.08 | -129.7 & 61.3
Froth & 43 Gl -1042 ] 2646 | -68.2& 154
Annular - -0.65 -21.94 82.63 | -357.4&49.8
Knott et al. [11] Correlation with Different n Values for Flow Patterns,
hyp = fetn(Re, Pry, ... X1 + Vso/Vg )

Bubbly 0.70 2.30 13.72 | 44.1&43.9
Slug 0.35 -6.71 50.01 | -161.0 & 66.2

. Froth 0.27 -10.89 33.13 -79.6 & 18.5
Annular -0.36 2002 | 79.52 | -297.4 & 51.3

Shah [18] Correlation with Different n Values for Flow Patterns, hrp = fotn(Rey, Pry, ... X1 + Vso/Var )

Bubbly [ I 448 T 1299 | 47.7& 170
Slug 0.39 -8.52 50.09 | -130.5& 754
Froth 0.29 -14.71 37.0 -90.6 & 20.0

Annular . - 0.37 -24.58 | 85.63 | -320.0& 512

Kudirka et al. [12] Correlation with Different n Values for Flow Patterns,
Nqu = fctn(ReL, Pr]_,, cee lec;/V SL ’n

Bubbly -0.04 -10.21 52.88 | -156.6 & 65.0
Slug -0.24 -1.14 55.52 | -194.0& 775
Froth -0.15 i 38.77 46.69 | -14.7& 89.2

Annular 0.04 5.46 57.87 | -190.3 & 83.6

Ravipudi & Godbold [15] Correlation with Different n Values for Flow Patterns,
Nqu = fctn(ReL, Pr; | T XVSG/V SL)n

Bubbly -0.02 1.21 21.13 | 454&78.8
Slug - 0.15 25.69 49.22 | -135.6 & 86.9
Froth -0.01 33.06 41.91 -3.9 &£ 87.8

Annular 5.25 38.82 | -113.7& 77.1
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Figure 2.5 Comparison of the Modified Shah (1981), Aggour (1978), Rezkallah & Sims (1987),
and Ravipudi & Godbold (1978) Correlations with the Experimental Data of Four
Major Flow Patterns in a Vertical Pipe [see Kim et al. (1999b) for Reference

Numbers]
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how well these four recommended heat transfer correlations predict the vertical pipe two-
phase heat transfer data for each flow pattern and all five fluid combinations. As can be
seen from the figure, the correlations with the recommended n values do a very good job
of predicting the majority of the heat transfer data with a +30% deviation. The
experimental data that completely fell outside of the +30% band were the glycerin-air
froth flow data of Vijay (1978) using Rezkallah and Sims' (1987) correlation, the water-
air slug flow data of Vijay (1978) using Aggour's (1978) correlation, and the water-air
annular flow data of Vijay (1978) using Ravipudi and Godbold's (1978) correlation. To
further improve the predictive capabilities of the recommended correlations in predicting
the two-phase heat transfer coefficient in each flow pattern regardless of the fluid
combination, there appears to be at least one additional parameter [ratio], which is related
to the effects of different fluid combinations on two-phase heat transfer, that must be
added to the recommended correlations.
2.2.3 Summary and Conclusions

We have modified the ability of the six two-phase heat transfer correlations
recommended by Kim et al. (1999a) to predict seven sets of experimental data that are
available in the open literature. Five of these experimental data sets are for various flow
patterns of water-air (1978), " glycerin-air (1978), silicone-air (1987), water-helium
(1978), and water-freon 12 (1978) in vertical pipes. The other two data sets are from the
flow of water-air for slug (1952) and annular (1966) flow patterns in horizontal pipes.

Based on the improvements of the predictability of the two-phase heat transfer
correlations shown in Table 2.6, we make the following recommendations: for glycerin-

air and water-freon 12 flows within vertical pipes, we recommend use of the Aggour
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(1978) correlation along with the optimal n values listed in Table 2.6 for the different
fluid combinations; use of the Knott et al. (1959) correlation with the optimal n values
listed in Table 2.6 for silicone-air and water-helium flows within vertical pipes and
water-air slug flow within horizontal pipes; use of the Shah (1981) correlation along with
the optimal n values listed in Table 2.6 for water-air flow within vertical pipes; and use of
the Kudirka et al. (1965) correlation with the optimal n values for water-air annular flow
within horizontal pipes.

Simplifying the modified exponent n values listed in Table 2.7 which ‘depend on
the four major flow patterns (bubbly, slug, froth, annular) in vertical pipes was
successfully completed without significant loss of accuracy (see Table 2.8). The
simplified exponent n values are 0.39 for the parameter (1+Vsg/Vsy) in the Shah (1981)
correlation fpr predicting the water-air flow; -0.28 for the parameter (1-o) in the Aggour
(1978) correlation for glycerin-air flow; 0.29 for the parameter (1+Vsg/Vsy) in the Knott
et al. (1959) correlation for silicone-air flow; 0.34 for the parameter (1+Vsg/VsL) in the
Knott et al. (1959) correlation for water-helium flow; and -0.82 for the parameter (1-a) in
correlation for water-freon 12 flow.

Attempts to simplify the exponent values in the six two-phase heat transfer
correlations according to the major flow patterns regafdless of the fluid combinations for
predicting the five sets of two-phase heat transfer experimental data in vertical pipes were
also made (see Table 2.9). Recommended exponent n values are 0.8 for the parameter
(1+Vs6/Vsy) in the Shah (1981) correlation for bubbly flow; -0.6 for the parameter (1-a)
in the Aggour (1978) correlation for slug flow; -0.43 for the parameter (1-a) in the

Rezkallah and Sims (1987) correlation for froth flow; and 0.26 for the parameter
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(Vso/Vsp) in the Ravipudi and Godbold (1978) correlation for annular flow. To further
improve the predictive capabilities of the recommended correlations in predicting the
two-phase heat transfer coefficient in each flow pattérn, there appears to be at least one
additional parameter, related to the effects of different fluid combinations on two-phase
heat transfer, that might be required. |

In order to improve the applicability of the prediction of heat transfer rate in
vertical turbulent two-phase flows regardless of fluid combination and flow pattern, this
study developed a new general correlation, and compared the accuracy of this new
correlation with that of the previously recommended correlations (see Kim et al., 1999¢
or Kim et al., 2000). Summary of the development and comparisons will be presented in

the following section.

2.3 A General Heat Transfer Correlation for Turbulent Gas-Liquid
Two-Phase Flow in Vertical Pipes

In this study, a general two-phase non-boiling heat transfer correlation for
turbulent flow (Res. > 4000) in vertical tubes with different fluid flow patterns and fluid
combinationé was developed using experimental data available from the literature. A total
of 255 data points from three available studies (which included the four sets of data) were
used to determine the curve-fitted constants in the new improved general correlation. The
performance of the general correlation was compared against two-phase correlations from

the literature, which were developed for specific fluid combinations.
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2.3.1 Introduction

Previously Kim et al. (1999a, 1999b) identified 20 two-phase flow heat transfer
correlations from the published studies, and these correlations were compared against a
large sét of two-phase flow experimental data, for vertical and horizontal tubes and
different fluid patterns and fluids. Table 2.10 presents Kim et al.’s (19992) recommended
turbulent (Res. > 4000) two-phase heat transfer correlations for four fluid combinations
(water-air, silicone-air, water-helium, and water-freon 12) in vertical pipes. The
pérametric ranges of the 255 data points from three available experimental studies of
~ Aggour (1978), Vijay (1978), ahd Rezkallah (1987) (which included the four sets of data)

used in Table 2.10 are provided in Table 2.11.

| From Table 2.10, it is recommended that for the water-air data of Vijay (1978),
use the correlation of Shah (1981) for bubbly, slug, froth, bubbly-froth, and froth-annular
flow patterns; for the silicone-air déta of Rezkallah (1987), use the correlation of
Rezkallah and Sims (1987) for bubbly and bubbly-froth patterns; for the water-helium
data of Aggour (1978), use the correlation of Knott et al. (1959) for all of the flow
patterns in Table 2.10 except the bubbly-slug and annular-mist flow patterns; and for the
water-freon 12 data of Aggour (1978), use the correlation of Aggour (1978) for all of the
flow patterns listed in Table 2.10. Comparing the performance of the predictions for
water-air and silicone-air data with the water-helium and water-freon 12 data in Table
2.10, for water-air and silicone-air data, it was more difficult to find a good correlation
from the available literature, which could be applicable to several different flow patterns
in a gas-liquid fluid combination.

In order to improve the applicability of the prediction of heat transfer rate in
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Table 2.10 Results of the Predictions for Available Experimental Data Using the
Recommended Correlations by Kim et al. (1999a)

Experimental Vijay (1978) Rezkallah Aggour (1978) Aggour (1978)
Study Water-Air (1987) Water-Helium | Water-Freon 12
(Res,. > 4000 Only) (105 Data Silicone-Air | (50 Data Points) | (44 Data Points)
Points) (56 Data Points)
Used Correlation Shah (1981) Rezkallah & Knottet al. Aggour (1978)
. Sims (1987) (1959)
Flow Pattern No. of Data Points within +30% / Total No. of Data Points for Each Flow
' Pattern
Bubbly 25/25 20/20 9/10 6/6
Slug 12/17 10/10 6/6
Froth 25/25 10/18 12/12 10/10
Annular 3/21 0/2 8/9 14/ 14
Bubbly-Slug ’ ‘ 1/2 3/4
Bubbly-Froth 717 10/10 1/1 1/1
Slug-Annular ' 1/2 4/4 3/3
Froth-Annular 4/4 0/6.
Annular-Mist 0/4 0/2
All Flow Patterns 77 /105 40 /56 45/50 . 43/44
Mean Dev. (%) 21.42 -17.98 3.85 -1.0
rms Dev. (%) 26.32 31.65 : 18.04 14.35
Dev. Range (%) -1.20 & 61.47 -84.17 & 8.60 -75.97 & 33.35 | -28.64 & 36.81

Note: Blanks indicate that there is no experimental data available for that flow pattern.

vertical turbulent two-phase flows regardless of fluid combination and flow pattern, this
study developed a new general correlation, and compared the accuracy of this new
correlation with that of the recommended fluid combination dependent correlations in
Table 2.10.

2.3.2 Development of A New General Correlation

In order to improve the prediction of heat transfer rate in vertical turbulent two-

phase flow, regardless of fluid combination and flow pattern, this study developed a new
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Table 2.11 Ranges of the Experimental Data for Vertical Tubes Used in this Study

Water-Air

267.56 < (Ibm/hr) < 8996 1.03 < Vi (ft/sec) < 34.80 4004.6 < Resy < 126630
Data (105 Points) 0.058 < mG (Ibmyhr) < 206.43 0.164 < Vsg(ft/sec) < 220.54 43.42 <Resg < 153674
of Vijay (1978) 0.152 < Xqr < 433.04 59.64 < Tux (°F) < 80.62 15.46 < Py (psi) £ 74.44
0.356 < APrp (psi) < 17.048 0.007 < APrpr (psi) < 16.74 0.033 < @ < 0.945
5.503 <Pr. £6.857 0.709 < Prs£0.710 94.84 < Nurp £776.12
866.4 < hyp (Btwhr-fi%-°F) < 7042.3 0.813'< pw/up < 0.905 L/D=52.1,D =0.46 in.
Silicone-Air 3058 <1y (lbmv/hr) < 7196 12.83 < Vg (fi/sec) < 30.20 8349 < Resy, 20930
Data (56 points) 0.07< mG (Ibmy/hr) < 55.94 0.17 < Vg(ft/sec) £ 59.73 52.1 £Resg £41599
of Rezkallah 72.46 < Tw (°F) £ 94.2 72.41 < Te(°F) < 81.19 17.6 < Pagx (psi) < 45.3
(1987) 2.165 < APy (psi) < 9.767 1.217 < APee (psi) £ 9.074 0.011 < <0.68
64.6<Pr.<71.1 0.079 £ Pr £0.710 161.9 £ Nupp £386.8
286.0 < hry (Btw/hr-fi*.°F) < 683.0 L/D=52.1,D =0.46 in.
Water-Helium 267 <My (bm/hr) < 8995 1.03 < Vs (ft/sec) < 34.70 4011 <Regt < 125835
Data (50 Points) 0.020 < MG (Ibw/hr) < 19.05 0.42 < Vsg(fi/sec) < 355.6 14.0 <Resg 13071
of Aggour (1978) 0.23 < X7 < 769.6 67.4 < Tagx (°F) < 82.0 15.5 < Pygx (psi) < 53.3
0.3 < APrp(psi) £ 13.2 0.01 < APqpr (psi) £ 12.5 0.038< <0949
578 <Pr.<7.04 0.6908 < Prs < 0.691 86.6 < NuTP <668.2
794 < hTP (Btu/hr-f*-°F) < 6061 839 <Tw (°F)£95.7 L/D=52.1,D=046in

Water-Freon 12
Data (44 Points)
of Aggour (1978)

267 < My (Ibm/hr) < 3598
0.84 <M g (Ibm/hr) < 206.59
0.16 < Xrr<226.5
0.04 < APy (psi) < 4.92
5.63<Pr. <6.29

800 <h_, (Btwhr-f*-°F) < 4344

1.03 < Vg (ft/sec) < 13.89
0.51 £ Vgg(ft/sec) £ 117.7

75.26 < Ty (°F) < 83.89
0.02 < APreg (psi) < 4.48
0.769 < Prg < 0.77

90.36 < Tw (°F) £ 94.89

4190 < Reg < 51556
859.5 < Regg < 209430
15.8 < Pygx (psi) £ 27.8

0.035 < <0934
87.1< NuTP <4724
L/D=52.1,D=0.46 in
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general correlation using the following definitions and assumptions. Some of the
definitions and equations can be found from Section 1.1 will be repeated ‘here for
~convenience.

The void fraction « is defined as the ratio of the gas-flow cross-sectional area Ag to the

total cross-sectional area A,

a= (1.4)
where A must equal the sum of the cross-sectional areas (Ag and Ar) occupied by the two
phases:

A=Ac+ AL (1.5)
‘Many two-phase flow correlations are based on a variable called superficial velocity. The
superficial velocity of a fluid phase is defined as the velocity which that phase would
exhibit if it flowed through the total cross section of the pipe alone. The superficial gas

velocity, Vsg, is then defined as:

Gx Q :
Vsg =——=—% (1.18)
P

where G is the total mass flux or mass velocity, x the gas-phase mass flow fraction, pg
the density of gas, and Qg the volumetric flow rate of gas. The actual gas velocity, Vg
can be calculated from

As  PsAs  pcaA

Vo = (1.19)

where mg is the gas mass flow rate, and m is the total mass flow rate. Similarly, for the

liquid, Vg and Vy are defined as:
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V,
SL pL A (120)
v o Q _my m(1 - x) |
- AL pLAL pL(l—a)A (1.21)

where V is the actual liquid velocity, m; is the liquid mass flow rate, py is the density of
liquid, and Qy is the volumetric flow rate of liquid.

The total gas-liquid two-phase heat transfer is assumed to be the sum of the
individual single-phase heat transfers’ of the gas and liquid, along with the appropriate
corresponding cross-sectional areas in contact with each phase:

hp =(1-a)h, +ah, (2.1)
There are several well-known single-phase heat transfer correlations in the literature. This
study chose the Sieder aﬁd Tate (1936) equation as the fundamental single-phase heat
transfer correlation because of its practical simplicity (see Table 1.6). Based upon the
chosen single-phase correlation, the single-phase heat transfer coefficients in Equation
(2.1), hy, and hg, can be modeled as functions of Reynolds number, Prandtl number and
the ratio of bulk to wall viscosities. Thus, Equation (2.1) can be expressed as:

hp = (1 - a)fctn(Re, Pr, up/uy )y + o fetn(Re, Pr, np/iy g (2.2)

hwz(l—a)hL{1+ a_fotn(Re, Pr, p/s W)G] (2.3)

1—a fetn(Re, Pr, g /1y, ),

—(1— o Re; | [ Prg (/‘B/ﬂw )G
hyp =(1 a)hL[l A fctn{[ReL J’(PrL M Gl ), )H (2.4)

Substituting the definition of Reynolds number (Re = pVD/ug) for the gas (Reg) and

liquid (Rey) yields
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N Caxnal v [

Rearranging yields

o pseBREIEN ] e

Substituting Equations (1.4) and (1.5) for the ratio of gas to liquid diameters (Dg/Dy) in

Equation (2.6), and based upon practical considerations assuming that the ratio of liquid
to gas viscosities evaluated at the wall temperature [(uw)L/(iw)c] is comparable to the
ratio of those viscosities evaluated at the bulk temperature (1i./pi), the above correlation

would reduce to

s pselEEe)] -

For use in further simplifying Equation (2.7), combine Equations (1.19) and (1.21) for Vg

(gas velocity) and Vi, (liquid velocity) in the following form:

K;VG— x Y1l-a)p,
v, \U=x\N"a Jo. (1.11)
L Pc

where K is often referred to as the 'slip ratio', and is usually greater than unity, which
means that Vg is usually greater than Vi The relative velocity, Vg - Vi, is often referred
to as the 'slip velocity'".

Substituting Equation (1.11) into Equation (2.7) yields

Al X a Pr, M
hy = (1 a)hL[chtn{(l_x)(l_aj,(PrL M# JH 23)
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Assuming that two-phase heat transfer coefficient can be expressed using a power-law
relationship on the parameters [x/(1-x)], [o/(1-)], [Pro/Pro], and [p1/pc] that appear in
Equation (2.8) [e.g. fctn{x/(1-x) = Const.{x/(1-x)}"], then Equation (2.8) can be

expressed as:

L xmva“Per_,u_L_cl
hyp =(1 a)h{1+Const.(1~x) (l—a) (PrL} (#G) } (2.9

In Equation (2.9), in order to evaluate the liquid single-phase heat transfer (hy), the Sieder

and Tate (1936) equation is used as mentioned earlier. For the Reynolds number involved
in the single-phase heat transfer correlation, the following relationship is used to evaluate
the in-situ Reynolds number (liquid phase) rather than the superficial Reynolds number

(Resy) as commonly used in the correlations of Table 1.6:

(pVD) 4t
Re, = = —— 2.10
- Lyg . zfl—auD (2.10)

It should be noted that any other well-known single-phase turbulent heat transfer
correlation could have been used in place of the Sieder and Tate (1936) correlation. The
difference resulting from the use of a different single-phase heat transfer correlation will
be absorbed during the determination of the values of the leading coefficient and
exponents on different parameters in Equation (2.9).

In order to determine the values of leading coefficient and the exponents in
Equation (2.9), four sets of experimental data (a total of 255 data points) from three
available experimental studies (Aggour, 1978, Rezkallah, 1987, Vijay, 1978) were used
in this study. The ranges of these four sets of experimental data are provided in Table

2.11. The experimental data included four different liquid-gas combinations (water-air,
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silicone-air, water-helium, water-freon 12), and covered wide range of variables,
including liquid and gas flow rates, properties, and flow patterns. It should be also
mentioned here that the selected experimental data were only for turbulent two-phase
heat transfer data in which the superficial Reynolds numbers of liquid (Res.) were all
greater than 4000.

2.3.3 Prediction Results and Discussion

A general correlaﬁon that can be used to predict turbulent two-phase gas-liquid
non-boiling heat transfer rate for wide range of fluid combinations and several different
flow patterns was obtained by curve-ﬁtting Equation (2.9) to the 255 data points obtained
from the literature (see Table 2.11). Tﬁé bést-ﬂt correlation is

L 1+o.27( . )_O' ( - ) o | [e] C@1
(1-a)h, l1-x l-a Pr, My

b o

where 4000 < Reg; < 1.26x10°, 8.4x10° < ( ) <0.77,0.01< (—g—j <18.61, -

1-x 1-a

Prg

1.18x10% < [ J <0.14, and 3.64x10° < [”—GJ <0.02.

Pr Hy

In the development of the above curve-fitted correlation, the values of the void
fraction (o) were directly taken from the original experimental data (Aggour, 1978,
Rezkallah, 1987, Vijay, 1978). These o values were calculated by the original

investigators based on the equation provided by Chisholm (1973) along with Equation

(1.11). The equation suggested by Chisholm (1973) is

1/2
K=(LJ 2.12)

Pmrx

where
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Pmx PL  Pc (2.13)
Then from Equation (1.11)

1 1-x\p

—=1+K — |=&

o ( x ij (2.14)

Equation (2.11) gives a representation of the 255 experirhental data points.
Comparing Equation (2.11)’s predicted heat transfer coefficients to the experimentally
determined values (see Table 2.12) yields a mean deviation of 2.54%, an rms deviation of
12.78%, and a deviation range of —64.71% to 39.55%. It should be noted that the
exponent value on the parameter [x/(1-x)} in Equation (2.11) has a very small magnitude
(0.04) for the sets of experimental data used in this study. However, this term appears to
play a very important role since elimination of [x/(1-x)] yielded substantial under
predictions, resulting in the best achievable mean deviation being 10.55% with a
corresponding rms deviation of 15.6%. This caused about 89 % of the experimental data
(224 data points) to be under predicted.

Figure 2.6 shows how well the general correlation predicted the four different sets
of gas-liquid exi)erimental data. About .83% of the data (212 data points) were predicted
with less than +15% deviation, and about 96% of the data (245 data points) were
predicted with less than £30% deviation. Table 2.12 also shows the results of the general
correlation's predictions of the individual data sets. About 93% of the water-air data of
Vijay (1978) (98 data points out of 105), 100% of the silicone-air data of Rezkallah
(1987) (56 data points), 96% of the water-helium data of Aggour (1978) (48 data points
out of 50), and 98% of the water-freon 12 data of Aggour (1978) (43 data points out of

44) were predicted with less than +30% deviation. Comparing the performance of the
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Table 2.12 Results of the Predictions for Available Two-Phase Heat Transfer Experimental Data
Using the Recommended General Correlation (Equation 2.11)

General Form of the Two-Phase Heat Transfer Coefficient Correlation:
m n P q
b= _@h{l e (_x_) (_0‘_) (_PL] (u_) J
I-x) \1-a/\Pr, )\ 1
Fluids Value of C and Exponents (m, n, p, q) Mean ms Number | Range
(Res,, > 4000) Dev. Dev. of Data of Dev.
c m n p q (%) (%) within (%)
+30%
All of the Data -64.71
Points in Table 2.54 12.78 245 and
2.11 39.55
255 data points
Water-air -34.97
105 data points 3.53 12.98 98 and
Vijay (1978) 39.55
Silicone-air -7.25
56 data points 0.27 -0.04 1.21 0.66 0.72 5.25 7.77 56 and
Rezkallah (1987) ' 12.13
Water-helium -64.71
50 data points -1.66 15.68 48 and
Aggour (1978) 32.19
Water-freon 12 . -24.51
44 data points 1.51 13.74 43 and
| Aggour (1978) 32.96

Table 2.13 Summary of the Values of the Leading Coefficient (C) and Exponents (m, n, p, q) in
the General Heat Transfer Coefficient Correlation (hrp) and the Prediction Results

General Form of the Two-Phase Heat Transfer Coefficient Correlation:

L x m i‘ n Pr p M q
e e O e ol

Fluids Value of C and Exponents (m, n, p, q) Mean ms Number | Range
(Reg, > 4000) Dev. Dev. of Data | ofDev.
C m n P q (%) %) | within | (%)
+30%
All of the Data -64.71
Points in Table 027 | -0.04 1.21 0.66 072 | 254 12.78 245 and
2.11 . 39.55
255 data points
Water-air -18.25
105 data points 16.69 { -0.32 1.65 1.23 0.40 322 8.04 105 and
Vijay (1978) 27.0
Silicone-air -5.37
56 data points 2.19 0.40 0.21 0.87 -0.96 0.55 3.38 56 and
Rezkallah (1987) ' 10.34
Water-helium -28.05
50 data points 61.16 | -0.29 1.58 0.24 1.47 3.03 12.24 49 and
| Aggour (1978) 34.92
Water-freon 12 -25.04
44 data points 599.9 { -0.30 1.64 527 -0.85 1.67 11.56 44 and
| Aggour (1978) 28.42
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Figure 2.6 Comparison of the General Correlation (Equation 2.11) with All of the Two-
Phase Heat Transfer Experimental Data (255 Data Points) in Table 2.11
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developed general correlation, Equation (2.11), with those listed in Table 2.10 (Shah,
1981, Rezkallah and Sims, 1987, Knott et al., 1959, and Aggour, 1978) for the specific
fluid combinations (water-air, silicone-air, water-helium, and water-freon 12), clearly
shows that the general correlation is as good or better than the specific fluid dependent
correlations in predicting the experimental data of Table 2.11. Specifically, for the water-
air experimental data of Vijay (1978) and the silicone-air experimental data of Rezkallah
(1987), the performance of the general correlation is significantly better than the fluid
combination specific correlations of Shah (1981) for water-air and Rezkallah and Sims
(1987) for silicone-air that were recomrﬁended by Kim et al. (1999a) in Table 2.10.

To further improve the capabilities of the general correlation in predicting the
specific fluid combination experimental data, the general form of the correlation
(Equation 2.9) was curve-fitted to each of the four different fluid combination
experimental data sets. Table 2.13 gives a summary of the curve-fitted values of the
leading coefficient (C) and the exponents (m, n, p, and q) in the general form of the heat
transfer correlation (Equation 2.9), and the prediction results for each of the four fluid
combinations in terms of % mean deviation, % rms deviation, % range of deviation, and
the number of data points within i30% deviation. For comparison purposes, the table-
also lists the values of the curve-fitted parameters (C, m, n, p, and q) for the general (fluid
independent) correlation (Equation 2.11) and the prediction results.

As can be seen from Table 2.13, for the water-air data of Vijay (1978), the
correlation predicts the heat transfer coefficient of the 105 experimental water-air data
points with a mean deviation of 3.22%, an rms deviation of 8.04%, and a deviation range

of —18.25% to 27.0%. About 94% of the data (99 data points out of 105) were predicted

122



with less than £15% deviation. Comparing the performance of this correlation with that
of Shah (1981) presented in Table 2.10 for the same data set (mean = 21.42%, rms =
26.32%, range = -1.2% and 61.47%), clearly shows the superb predictive capability of the
fluid combination dependent general correlation developed in this study.

For the silicone-air experimental data of Rezkallah (1987), the correlation
prediction results for the 56 experimental silicone-air data points had a mean deviation
equal to 0.55%, an rms deviation equal to 3.38%, and a range of deviation from -5.37%
to 10.34%. All of the data (56 data points) were predicted with less than +15% deviation.
In contrast, as shown in Table 2.10, the Rezkallah and Sims (1987) correlation
predictions were generally poorer for the same experimental data set (mean = -17.98%,
rms = 31.65%, and range = -84.17% to 8.6%). Again, the new correlation does an
excellent job of predicting the experimental data.

For the water-helium experimental data of Aggour (1978), the correlation predicts
the 50 data points with a mean deviation of 3.03%, an rms deviation of 12.24%, and a
deviation range of —28.05% to 34.92%. About 86% of the data (43 data points out of 50)
was predicted with less than‘ +15% deviation. Comparing the performance of this
correlation with that of Knott et al. (1959) presented in Table 2.10 for the same data set
(mean = 3.85%, nﬁs = 18.04%, range = -75.97% to 33.35%), shows the improved
predictive capability of this study’s fluid combination dependent general correlation.

For the water-freon 12 experimental data of Aggour (1978), the correlation
prediction results for the 44 experi.mental water-freon 12 data péints had a mean
deviation equal to 1.67%, an rms deviation equal to 11.56%, and a range of deviation

from -25.04% to 28.42%. About 86% of the data (36 data points out of 44) were

123



predicted with less than +15% deviation. As shown in Table 2.10, the same data set was
predicted by the correlation of Aggour (1978) (mean = -1.0%, rms = 14.35%, and range =
-28.64% to 36.81%). Again, the new fluid combination dependent general correlation
predicts the experimental data with excellent accuracy.

The tabulated curve-fitted values, for the fluid combination dependent general
correlations summarized in Table 2.13, give a representation of the effects of gas and
liquid two-phase mixture on the two-phase heat transfer, and they can vary widely
depending upon the properties of the gas and liquid. It is interesting to observe that the.
variation in the exponent values m and n for the parameters [x/(1-x)] and [a/(1-a)] was
much smaller than the variation in the exponents of the other parameters in the
correlation. From this, it can be concluded that the effects of these parameters on the two-
phase heat transfer have a weaker dependency on the gas properties than the other
parameters in the general correlation. Also, it can be observed from Table 2.13 that the
magnitude of the leading coefficient (C) is considerably larger when Helium or freon 12 is
mixed with water in two-phase flow. Based on this observation, it appears that those
parameters in the general correlation, representing mixing effects of gas-liquid on the
two-phase heat transfer, may contribute more to the correlation if an inert or relatively
inert type of gas is mixed with the liquid.

2.3.4 Summary and Conclusions

We have developed a new general semi-mechanistic heat transfer correlation (see
Equation 2.11), which can be applied to turbulent gas-liquid two-phase flow in vertical
pipes with different fluid flow patterns and fluid combinations. The general correlation

gives a very good representation of the 255 experimental data points referred to in Table
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2.11 for water-air (Vijay, 1978), silicone-air (Rezkallah, 1987), water-helium (Aggour,
1978), and water-freon 12 (Aggour, 1978) with a mean deviation of 2.54%, an rms
deviation of 12.78%, and a deviation range of —64.71% to 39.55%. Additional
improvements in the predictive capability of the general correlation can be obtained by
using the fluid dependent curve-fitted values listed in Table 2.13 for the leading
coefficient (C) and the exponents (m, n, p, and q) of Equation (2.9).

It was concluded from the observations of the variations in the exponent values on
the parameters in the fluid combination dependent general correlations that the effects of
the parameters [x/(1-x)] and [o/(1-a)] on two-phase heat transfer had a weaker
dependency upon the gas properties than the other parameters in the general correlation.
Also, it was observed that those parameters in the general correlation, representing
mixing effects of gas-liquid on the two-phase heat transfer, may contribute more to the
correlation if an inert or relatively inert type of gas (helium and freon 12) is mixed with
the liquid (water).

For the future work, it is planned to continue this study by investigating the
development of a correlation which is r_obust enough to span all or most of the fluid
combinations, flow patterns, and pipe orientations (vertical and horizontal). This may
require additional horizontal experimental data sets which are not in the current open
literature. In order to aid in this two-phase heat transfer correlation development, a new
horizontal experimental setup has been built. In the following chapter, details of this new

horizontal two-phase flow experimental setup will be presented.
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CHAPTER III
EXPERIMENTAL SETUP AND DATA REDUCTION

A schematic diagram of the experimental apparatus for the heat transfer and
pressure drop measurements 1s shown in Figure 3.1. Presented in this chapter is a
description of the experimental apparatus including the necessary instrumentation in detail.
The design, construction, and instrumentation of thé experimental setup explained in this
chépter was a joint effort between the present author and two Master’s degree students,
Ryali (1999) and Kim (2000). Following the apparatus description is the explanation of
the calibration process. At the end of this chapter, the data reduction techniques, computer
programs assisting with the measurements of heat transfer and pressure drop, and
experimental procedure are introduced. The uncertainty analysis of the overall
experimental procedures using the method of Kline and McClintock (1953) showed that
there was a maximumk of 11.5% uncertéinty for heat transfer coefficient calculations and

the details are presented in Appendix A.
3.1 Description of the Experimental Setup and Equipments

This section will introduce the two-phase experimental setup and all the equipment
which were used to perform pressure drop and heat transfer measurements for a variety of

different flow patterns in a horizontal circular tube.
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3.1.1 Test Section

The test section for the heat transfer and pressure drop measurements is a
~ horizontal seamless 316 schedule 40 stainless steel circular pipe with an average inside
diameter of 1.097 inches (2.79 cm) and an average outside diameter of 1.315 inches (3.34
cm). The length of the test section is 110 inches (2.79 m) providing a maximum length to
diameter ratio (/D) of 100. The stainless steel pipe was procured from Stillwater Steel
and Supply, Stillwater, OK.

In order to apply uniform wall heat flux boundary condition to the test section,
copper plates (5 inch x 7 inch x 0.25 inch) were silver soldered to the inlet and exit of the
test section. Supporting copper material was bolted to the end plates such that bus bars (2
inch x 7 inch) could be dropped into position for attachment to Welding cables for heat
addition. These bus bars were then bolted to phenolic plates (5 inch x 7 inch x 0.5 inch).
The phenolic plates were used to insulate the electrodes and to minimize heat loss beyond
the electrode region (see Figure 3.2) and also worked as supports for the electrode plates.

Welding cables are attached to the copper plates and the heat source is a
Lincolnweld SA-750. This welder is a three-phase motor generator set-composed of an
induction motor driving type electric welder and is used with variable voltage to produce a
DC electric current through the test section. The rating of the machine is 750 amperes at
40 volts continuous duty giving maximum open circuit voltage of 86 volts. To ensure
minimal vibrational effects from the welder, it is sitting on a 1.5 inch wooden board
placed on several rubber damping pads.

In order to connect the stainless steel tube with the clear polycarbonate calming

section tube, Nylon 101 was machined to be a threaded flange and bolted to the
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polycarbonate tube’s Acrylic flange (see Figure 3.2). The reason for using Nylon 101 is
that it is an excellent high voltage insulator and has relatively high strength for ability to
hold good thread.

For the heat transfer measurements, the entire length of the test section was
surrounded with fiberglass pipe wrap insulation, followed by a thin polymer vapor seal to
prevent moisture penetration.

3.1.2 Thermocouples

OMEGA TT-T-30 copper-constantan insulated T-type thermocouple wires were

cemented with Omegabond 101 to the outside wall of the stainless steel test section. The
length of each thermocouple wire is-12 inches (30.48 cm) plus 1.5 times the outside
diameter of the tube. This length is long enough to eliminate thermocouple error due to
lead wire heat conduction in the temperature gradient field (Yoo, 1974).
OMEGA EXPP-T-20-TWSH extension wires were used for relay to the data acquisition
system. Thermocouples were placed on the outer surface of the tube wall at uniform
intervals of 10 inches (25.4 cm) from the entrance to the exit of the test section (see
Figure 3.3). There are 10 stations in the test section. All stations have four thermocouples,
and they are labeled looking at the tail of the fluid flow with peripheral location number
one being at the top of the tube, two being 90 degrees in the clockwise direction, three at
the bottom of the tube, and four being 90 degrees from the bottom in clockwise sense.

All the thermocouples were monitored with a Cole-Parmer MAC-14 datalogger
which has 96 channel capacity for the temperature measurement. The thermocouple

readings were averaged over a user chosen length of time (typically 60 seconds) before
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the heat transfer measurements were actually recorded. The average system stabilization
time period was from 30 to 60 minutes after the system attained steady-state. The inlet
liquid and gas temperatures were measured by OMEGA TT-T-30 T-type thermocouple
wires, and the exit bulk temperature was measured by an OMEGA TJ36-CPSS-14U-12
thermocouple probe inserted after the mixing well.

Thermocouple beads were attached to the outside of the stainless steel tube wall
using Omegabond 101 epoxy adhesive having high thermal conductivity (0.6 Btu/hr-ft-°F),
and very high electrical resistivity of 3.28x10" ohm-ft. An initial drop of epoxy
(approximately 0.04 inch in radius), was placed at each thermocouple location and
allowed to cure for twenty four hours. Each thermocouple was then placed on the
hardened Omegabond surface (preventing direct contact with the stainless steel tube
surface and providing electrical insulation), held in place with a strip of electrical tape such
. that the bead and hardened surface were exposed, and then coated with another drop of
Omégabond to ensure permanent positioning.

3.1.3 Pressure Taps and Pressure Transducers

Eleven holes of 0.068 inch (0.173 cm) diameter yielding the ratio of tube wall
‘thickness to tap hole diameter of 1.6 were drilled at the bottom of the stainless circular
tube in the test section to accommodate eleven pressure taps (see Figure 3.3). In drilling
the pressure taps, it was ensured that the ratio of tube wall thickness to tap hole diameter
was greater than 1.5 and less than 15 for the best pressure measurement results (Yoo,
1974). The hole spacing is 10 inches (25.4 cm) and is uniform through out the test section.

The pressure taps are standard saddle type self-tapping valves with the tapping core
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removed. Vinyl tubing (0.25 inch diameter) was used to connect the pressure taps to a
scani-valve (W0601/1P-12T, Scanivalve Corp., Liberty Lake, Washington) which has 24
channel connectors with one reference channel connector for reading pressure difference
between two locations. The first pressure tap from the inlet is used as the reference
pressure channel.

Using the reference pressure tap (station number O in Figure 3.3), the test section
system pressure was measured by an OMEGA PX242-060G pressure transducer. It has 0
to 60 psig operation range with minimum of two times full scale operable overpressure,
+1.5% full scale linearity, £0.25% full scale hysteresis and repeatability, and -18 to 63°C
compensated temperature range.

In order to acquire pressure drop measurements, Validyne model DP15 wet-wet
differential pressure transducer with CD15 carrier demodulator was used. The DP15 is a
general purpose differential pressure transducer that features field replaceable sensing
diaphragms so that the full scale may be changes anywhere between 0.08 psid and 3200
psid. During the differential pressure drop measurements in this study, DP15 No. 20
diaphragm was used for the diﬁ‘erentiai pressure ranges up to 5.5 inches of water. This
pressure transducer is accurate to £0.25% of full scale, including linearity, hysteresis and
repeatability. It can also be over pressured by 200% of the full scale. The CD1S5 is a sine
wave carrier demodulator designed to operate with variable reluctance transducers to
provide a DC output signal for dynamic as well as steady state pressure measurements.
The DP15 pressure transducer with the CD15 demodulator was connected to the

computer through an A/D computer board model CIO-ADO08 manufactured by Computer
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‘Boards Inc. The CIO-ADO08 A/D board features maximum 50 kHz sampling rate, 8 single
ended input channels, 12-bit A/D resolution and 7 digital input/output bits.

It also should be mentioned here that three dial type pressure gages were installed
into the test setup (refer to Figure 3.1) to monitor the operating pressures inside the
experimental setup. A 100 psi pressure gage (model PGC-20L-100, OMEGA Engineering,
Inc.) was installed after the liquid pumps and a 60 psi pressure gage (model PGC-20L-60,
OMEGA Engineering, Inc) was installed after the test section. For the gas inlet line, a 200
psi pressure gage (model PGC-20L-200, OMEGA Engineering, Inc) was installed to
monitor the inlet gas pressure.

3.1.4 Gas-Liquid Mixer and Calming Section

The two-phase gas and liquid mixer generated a desired flow pattern such as
stratified, wavy, slug, bubbly, or annular ﬂowvby controlling each amount of the gas and
the liquid in two-phase flow (see Figure 3.4). The mixer consisted of a perforated copper
~ tube (0.24 in O.D)) inserted into the liquid stream by means of a tee and a compression
fitting. The end of the copper tube was silver-soldered, and four 1/16 in (1.6 mm) holes,
positioned at 90° intervals around the perimeter of the tube, were placed at eight axial
locations, equally spaced, as shown in Figure 3.4. The two-phase flow leaving mixer
entered the transparent calming section.

The calming section serves as a flow developing and turbulence reduction device.
The calming section is a 1 inch (2.54 cm) LD. and 1/8 inch (3.18 mm) thick clear
polycarbonate tube which is 96 inches (2.44 m) in length (L/D = 88). The clear

polycarbonate tube has high impact strength (Izod impact in the range of 12-16 fi-Ibs/in),
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and features good resistance to low temperatures down to -211°F and a high heat
distortion temperature, 280°-290°F at 264 psi. Also, the clear section provides a good
visual observation of the flow, which aids in recognizing the flow pattern. One end of the
calming section was connected to the test section with an acrylic flange, which is clearly
shown in Figure 3.5, the other end of the calming section was connected to the gas-liquid
mixer (see Figure 3.6).

The acrylic flange was glued to the calming section with Weld-On3 cement
procured from Cope Plastics, Inc., Oklahoma City, OK. This flange was 1/4 inch (0.64
cm) thick by 5 inches (12.7 cm) in diameter, with a 1.25 inch (3.175 cm) internal diameter
hole carefully drilled so that the calming section was glued into it. After gluing the two,
the resulting piece was left undistributed for at least 24 hours so that the glue could harden
completely.

Eight quarter inch (0.635 cm) holes were drilled in the Nylon101 flange, so that it
could be easily bolted to the acfylic flange, which was screwed to the test section. A small
- groove of 1/10 depth was cﬁt in the Nylon101 flange, and an O-ring was placed in the
groove (refer to Figure 3.5). The two flanges were bolted together very carefully so that
the heated test section never touched‘the Polycarbonate tube. This was done so that the
Polycarbonate tube wouldn’t melt while api)lying heat to the test section.

The entire length of the calming section together with the test section described
earlier was leveled for reducing the inclination effect on horizontal two-phase heat transfer

and pressure drop measurements.
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3.1.5 Mixing Well

To ensure a uniform fluid bulk temperature at the exit of the test section, a mixing
well was utilized. An alternating polypropylene baffle type OMEGA FMX7109-P static
mixer for both gas and liquid phases was used. The static mixer has a diameter of 0.9 inch
(2.30 cm) with 5.3 inch (13.46 cm) length and it is made of polypropylene which has
excellent chemical resistance and a maximum service temperature upto 200°F. This mixer
provides an overlapping baffled passage forcing fhe fluid to encounter flow reversal and
swirling regions. The mixer well was placed below the clear Polycarbonate observation
section (after the test section), and before the gas-liquid separator liquid storage tank
(refer to Figure 3.1). Since the cross sectional flow passage of the mixing is substantially
smaller than the test section, it has the potential of increasing the system back-pressure. |
- Thus, in order to reduce the potential back-pressure problem which might affect the flow
pattern inside of the test section, the mixing well was placed below and after the test and
the clear observation sections. The outlet bulk temperature was measured immediately
after the mixing well.

3.1.6 Voltmeter and DC Ammeter

A HP 3468B digital multimeter was used to measure the actual voltage drop
across the test section. The range for voltage measurement is 1 microvolt to 300 volts
with an accuracy of 1% of the reading, and a resolution of 10 microvolts.

The current passing through the test section wall was measured with a Cole-
Parmer Clamp Power Meter/Datalogger placed on one of the welding cables. Then, the

power meter was connected to the CIO-AD08 A/D board using an RS-232 interface. The

accuracy is.about 2% of the reading.
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3.1.7 Heat Exchanger

An ITT Standard model BCF 4036 one shell and two tube pass heat exchanger
was used to cool the test fluid to an allowable and steady-state bulk temperature. The
cooling water was provided from a city water tap through an OMEGA FL-9028
rotameter. The heat exchanger was 39.6 inches (1 m) in length.

3.1.8 Pumps

For low flow rates, a pump (refer to Pumpl in Figure 3.1) manufactured by
Oberdorfer Pumps, model SKH35FN193T was used. It produces a flow rate of 11 GPM
at 3450 rpm using a General Electric 1/3 HP motor. For high flow rates, Armstrong series
4270 with 4.33 inch impeller centrifugal pump (refer to Pump2 in Figure 3.1) procured
from Federal Corporation, Oklahoma City, OK was used. The motor was rated 1 HP
producing about 30 GPM at 3500 rpm for 68 ft head. It should be noted here that during
the air-water tWo-phase experiments, the limit of the water amount was much reduced
since the water was mixed together with gas at the mixer and delivered into the test
section. Due to the high pressure of thé mixed air, the capability of delivering water by
those pumps were quite reduced.

One inch and 1.5 inch diameter of schedule 40 PVC pipes were used for the inlets
of those pumps from the reservoir tank to eliminate cavitation and the frictional loss, and
flexible hoses were connect to the pump upstream to prevent vibrations to be transmitted
to the calming and test sections.

A schematic view of how these pumps were connected to the test loop is shown in

Figure 3.7. Since those pumps were operated at a constant rpm, a separate by-pass line
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was placed just after the pumps and before the filter. To regulate the flow rate, the valve
at the by-pass line opened or closed, and the pumps were always operated with a constant
speed.

In order to remove dirt and dust particles from the liquid in the test flowline, an
Aqua-Pure Filter Housing (model AP12) double cartridge filter system was used with two
filter caﬁﬁdges (model AP110 H/C), which can remove 5 micron diameter dust particles.
Those filter cartridge and filters were procured from CUNO Inc., Meriden, CT.

3.1.9 Liquid Turbine Meters and Frequency Meter

For small flow rates up to about 3 GPM, a Cole-Parmer P-33110-00
Polypropylene impeller flow meter (0.05 to 5 GPM) was used over a frequency range of 3
to 65 Hz, giving flow rates from 0.25 to 3.3 GPM. Following the manufacture’s
installation guide, this flow meter was installed within a straight run of pipe having more
than five pipé diameter long on the inlet side of the flow meter placed before the gas-liquid
mixer (referv to Turbine Meter 2 in Figure 3.1). It has £1% full scale accuracy and linearity,
and £0.5% full scale repeatability. The maximum alldwable pressure limit is 150 psi, and
recommended operating temperature is about up to 160 °F (71°C).

For large flow rates, a 0.5 inch Halliburton turbine flow meter with 1 inch threaded
NPT (refer to Turbine Meter 1 in Figure 3.1) was used over a frequency range of 700 to
2000 Hz for flow rates approximately from 3.2 to 9 GPM. This turbine meter has an
accuracy of 1% of reading and repeatability of 10.05% of reading. Operating
temperature range is from —67 to 250°F (55 to 121°C), and maximum allowable pressure

is about 200 psi.
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The outputs of the turbine meters were connected to an OMEGA DPF701 6-digite
rate meter (Totalizer) with an OMEGA DPF700-A analog output board. The pulse
(frequency) generated from the turbine meter was measured by this rate meter and
converted to analog input into the analog output board. Then, this analog output was sent
to the A/D board installed inside of a PC. The rate meter could accommodate a range of
input frequencies from 0.5 Hz to 30 kHz.

3.1.10 Gas Flowmeter and Absolute Pressure Transducer

In order to measure the volumetric flow rate of the gas supplied to the system flow
line, a Cole-Parmer P-32915-15 0.25 inch NPT flowmeter was used. The amount of gas
(liters/min) supplied to the system could be monitored through a 3-digit LCD display. It
has +2% of full scale accuracy, 1% of full scale repeatability, and 10 msec response time.
The recommended operating temperature is 0 to 50°C and the maximum allowable
pressure limit is 100 psi. Using the Mini-Din connector, the flow meter provided a 5.0 Vdc
output span. This voltage was in the range of 0.010 Vdc for zero flow and 5.0 Vdc for full
scale flow. The output voltage was linear over the entire range and connected to the CIO-
ADO8 A/D board.

In order to calculate gas density and the mass flow rate of the supplied gas, the
knowledge of the gas absolute pressure was required. For this, an OMEGA PX137
pressure transducer was used. It has silicone pressure sensor in conjunction with stress
free packing technique to provide more accurate and temperature compensated pressure
readings. This pressure transducer featured O to 100 psia pressure range, +0.1% of full

scale linearity, hysterisis, and repeatability, O to 70°C operating temperature, three times
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of full scale proof pressure reading, and five times of full scale burst pressure. The voltage
output from 0 to 4.5 Vdc was connected to the CI0-AD08 A/D board.

3.1.11 Water Reservoirs

Two cylindrical polyethylene tanks (55 and 35 gallons) were used to separate air
and water after the test section, and supply water into the inlet of the calming section. The
55 gallon (208.2 liters) tank was placed after the mixing well to separate air and water
from the system line, and this stored water was transported to the other water tank using a
1/3 HP rating centrifugal pump producing 11 GPM at 3450 rpm (refer to Pump 3 in
Figure 3.1). The 35 gallon tank was used to store and supply water into the test section.

In order to automatically adjust the amount of the water inside of the 35 gallon
storage tank, an OMEGA LV621-P pump up/down level control switch with LV600-CW
counterweight was installed inside of the storage tank. Depending on whether LV621-P
float is a specified up or down. position adjusted by the cable length of the switch, the 15
amp relay inside of the float changes the state of the pump (Pump 3), on or off the pump.

3.1.12 Data Acquisition System

For the heat transfer measurements in the test section, a Cole-Parmer MAC-14
ninety-six channel input data logger was interfaced with a personal computer to provide
digital data acquisition for the temperature measurements. The data acquisition system
accepts input voltages from 0.3 micro-volts to 10 volts, has an accuracy of +0.02% of
volts, and has 16 bit resolution. Connection to the computer is through shielded cable to
an RS232 port, and to the printer via the printer port. Menu driven software (MS)
procured from Cole Parmer was used in conjunction with signal conditioning (SC), real

time graphics (RTG), and printer driver (PD) software to handle data input and output.
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An IBM compatible personal computer with 80386 CPU, a 80 MB hard drive,
dual floppy disk drives, a VGA monitor, a 8087 coprocessor was connected with the

Cole-Parmer MAC-14 data logger. This computer was only used for data logging and data
storage of the temperatures. Another IBM compatible personal computer featured AMD
Pentium 233 MHz processor and 4.3 GB hard drive with to the CIO-ADO8 A/D computer
board was used for the measurements of gas and liquid flow rates, gas absolute pressure,
system pressure, the pressure drops from the test section, and the current passing through

the test section wall.

3.2 Experimental Calibration

Upon completing the experimental setup construction and acquiring the monitoring
equipment, calibration of all equipment was required. In the experimental setup used, six
key instruments were calibrated. They are (1) thermocouples (2) liquid turbine meter, (3)
gas flow meter, (4) system pressure transducer, (5) liquid differential pressure transducer,
and (6) gas pressure transducer. The calibration processes of the equipment will be
presented here.

3.2.1 Thermocouples

For the MAC-14 data acquisition system, no calibration was required. However
the thermocouples connected to the system were calibrated by means of a constant
temperature bath. The constant temperature bath system used was a FTS system (Model
RC-00180-A FTS Systems Inc., New York), which uses HT-30 fluid to maintain a

constant temperature. For this experiment, we made 56 thermocouples, out of which 44
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were used during the actual experimental test. The 56 thermocouples were tested on the
FTS system initially to check that they worked properly.

A Model 5100 data logger (manufactured by Electronics Controls Design, Inc.,
Milwaukie, Oregon) was used to take temperature readings from the 56 thermocouples.
The thermocouples were tested for a temperature range from 10 °C to 65 °C at 5 °C
intervals. Two sets of thermocouples were used while testing, since the maximum input
for the 5100 data logger was only 40. The first set contained 32 thermocouples, and the
second set contained 24 thermocouples. After collecting the data for the two sets of
thermocouples for the temperature range from 10 °C to 65 °C, the data sets were then
used to determine the maximum, minimufn, and average temperatures for each
thermocouple.

A sample calibration curve for thermocouple 1 is shown in Figure 3.8. The
calibration curves for all of the other thermocouples used for this test setup were almost
identical to Figure 3.8. It was observed that almost all of the thermocouples behaved well
(wifhin £0.4 °C temperature reading differences), before they were actually placed on the
test section. Defective thermocouples were removed during the test runs. Two
thermoéouples were found to be operating defectively after they were placed on the test
section. They were then replaced by well-behaved thermocouples.

The calibration was performed with respect to the constant bath temperature.
Although there are slight deviations in the constant bath temperatures (0.1 °C), the bath
temperature was assumed to be accurate. The calibration was done at several values of
temperatures (10 °C to 65 °C) as explained above (see Figure 3.8). These calibration

curves were straight lines, which clearly showed that the thermocouples behaved well at
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all of the temperatures ranging from 10°C to 65°C.

Similarly the thermocouple and the thermocouple probe measuring the bulk inlet
and outlet temperatures were also calibrated in the same way, with the help of the
temperature bath. The calibration curves for both of the thermocouples and the probe
were almost identical to Figure 3.8.

To investigate the behavior of the difference between the thermocouple readings
and the bath temperature as the temperature of the bath changed, Figure 3.9 was plotted.
From this graph, it is evident that, although there was a bias in the temperature readings as
the bath temperature increased, the thermbcouples were working well enough to carry out
the experiment. Similar plots like Figure 3.9 for all of the other 46 thermocouples were
also obtained.

‘Figure 3.10 shows isothermal temperature measurements using those tested
thermocouples attached to the test section. Water (4.4 gallons/min) was used as the test
fluid. A total of 40 thermocouple readings (4 thermocouples at 10 stations, refer to Figure
3.3) obtained over approximately a time period of 20 minutes with a time interval of one
minute. Figure 3.10 (a) shows that the temperature difference among those 40
thermocouples were within 1 °C at the beginning and at the end of the measurement.
This figure also shows temperature rises of the thermocouples with time due to the friction
between inside wall of the test section and the fluid. Figure 3.10 (b) shows the
measurements of the fluid’s bulk inlet, bulk outlet and storage tank temperatures. The bulk
temperatures were quite dependent on the vanation of the water temperature in the
storage tank. As can be seen from Figures 3.10 (a) and (b), all those thermocouples

installed on the outside of the test section, the thermocouples for bulk fluid inlet and water
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in the storage tank, and the thermocouple probe for the bulk fluid outlet measured
temperatures accurately and réasonably well compared with each other.

After the isothermal runs, test runs were done with uniform heat flux applied to the
test section (479 amps with a 3.8 volts of voltage drop across the test section). Water (3
gallons/min) was used as the test fluid. At least 50 such runs were done to see how the
thermocouples responded with heat applied to the test section. Figure 3.11 shows how the
thermocouples behaved with uniform heat flux on the test section. Figure 3.11 (a) shows
40 thermocouple readings from the 10 stations of the test section after reaching steady-
state condition. All of the temperature readings were consistent over the run period of 15
minutes. Figure 3.11 (b) shows the time averaged wall temperatures from the 10 stations
and the bulk fluid inlet and outlet temperatures. This figure indicates that after station
number 4, a thermally fully developed condition was obtained along the test section based
on the observation of constant temperature difference between the wall temperature at
each station and the fluid bulk temperature.

Each thermocouple measurement on the test section was carefully studied during
these test runs, and it was found that the thermocouples needed no further calibration or
replacements. Although the thermocouples worked well over 100 °C, it was made sure
that the temperatures were not raised above 100 °C, since the water would start boiling.

3.2.2 Calibration of Liguid Turbine Meter

The liquid flow rate through the two turbine meters was calibrated against the

frequency of impeller rotation. The calibration required an OMEGA DPF700 rate meter
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(Totalizer) for the turbine meter frequency input, the CIO-ADO08 A/D board for the
frequency and time recordings by a simple computer code, and a five gallon tank for a
graduated liquid container. The pump was switched on and the fluid passed through the
turbine meter. The frequency of the impeller rotation from the turbine meter was recorded
using the Totalizer and A/D board while the fluid was retrieved by the five gallon
container. When five gallons of fluid was collected, the simple computer code measured
the period of time elapsed and averaged the recorded frequency. In order to measure one
data point of the frequency at a specific time, one thousand frequency measurements were
averaged using the CIO-ADO8 A/D board that has a 50kHz maximum sampling rate. The
volumetric flow rate was then calculated for the specific frequency. The procedure was
repeated at representative values over the available frequency range.

The data of volumetric flow rate versus averaged frequency was curve-fitted to a
linear equation. Figure 3.12 shows the collected data and the correlated linear fits for
Halliburton 1/2 inch turbine meter and Cole-Parmer P-33110-00 turbine meter. During the
data taking process, Halliburton turbine meter was used for the ranges of liquid flow rate
from 3 to 8 GPM and Cole-Parmer turbine meter was used for the ranges of liquid flow
rate below 3 GPM in order to measure liquid flow rate reliably.

3.2.3 Calibration of Gas Flow Meter

The voltage generated from the gas flow meter, Cole Parmer Model 32915, was
calibrated against the gas volumetric flow rate [liters/min] displayed on the LCD display in
the gas flow meter. The gas flow meter provided a 5.0 Vdc output span. This voltage was
usually in the range of 0.010 Vdc for zero flow and 5.0 Vdc for full scale flow. The output

voltage was linear over the entire range and was available through Mini Din connector,
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which was connected to the CIO-AD08 A/D computer board using a RS-232 cable. In
order to measure one data point of the voltage, one thousand voltage measurements were
averaged using the maximum 50kHz A/D board. Then, the gas volumetric flow rate was
decided for the specific voltage. The procedure was repeated at representative values over
the available gas flow range. The data of gas volumetric flow rate versus averaged voltage
was curve-fitted to a linear equation. Figure 3.13 shows the collected data and the
correlated linear fit. The curve-fitted equation was used to calculate the gas volumetric
flow rate [liters/min] in the data taking process.

3.2 4 Calibration of System Pressure Transducer

In order to measure the test section gage pressure, an OMEGA Model PX242-
060G pressure transducer was calibrated using the air supplied from the building as a
pressurized device against the U-tube mercury manometer. The pressure transducer
needed 10Vdc excitation and provided 1.25 to 7.5 Vdc output. Also, the pressure
transducer has +1.5% full scale linearity, £0.25% of full scale hysteresis and repeatability,
and operable over pressure of minimum two times full scale. The pressure readings from
the manometer were recorded versus thé voltage readings from the pressure transducer as
shown in Figure 3.14. In order to measure one data point of the voltage, one thousand
voltage measurements were averaged using the CIO-ADO8 A/D board. A linear equation
was fitted to the pressure [psig] and the voltage reading.

3.2.5 Calibration of Differential Pressure Transducer

To calibrate the wet-wet DP15 differential pressure transducer, an inverted U-tube
manometer was used for the differential pressure reading, and the test section was used for

a pressure source. The DP15 pressure transducer was connected to both the test section
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and the inverted U-tube manometer. In order to measure the voltage drop from the
differential pressure transducer, Validyne CD15 sine wave carrier demodulator was
connected to both the pressure transducer and the CIO-ADO8 A/D board. For the 0
differential pressure, the carrier demodulator was set to 1 Vdc output. Figure 3.15 shows
the data collected from the calibration and the correlated linear fit.

3.2.6 Calibration of Gas Pressure Transducer

In order to measure the gas inlet absolute pressure, voltage generated from an
OMEGA PX137-100AV absolute pressure transducer was calibrated against a mercury U-
tube manometer. Air supplied from the building was used as a pressurized device and U-
tube mercury manometer was used for the pressurized reading. Since the pressure
transducer was for an absolute pressure, atmosphere pressure reading from a barometer
was needed in addition to the pressure reading from the mercury U-tube manometer. A 5
volt DC power source was connected as an excitation voltage, and the CI0-AD 08 A/D
board was used for the output voltage measurement for the pressure transducer. The
measured voltage from the transducer showed a linear relationship with the gas inlet

absolute pressure, and Figure 3.16 shows the data collected and the linear fit correlated.

3.3 Data Reduction Programs

The experimental procedure for a uniform wall heat flux boundary condition
consists of measuring the tube outside wall surface temperatures at discrete locations and
the inlet and outlet bulk temperatures in addition to other measurements such as gas and

liquid flow rates, room temperature, voltage drop across the test section, and current
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carried by the test section. The peripheral heat transfer coefficient (local average) and the
Nusselt number thereafter were calculated based on the knowledge of the pipe inside wall
surface temperature. Because measurement of the inside wall temperature was difficult, it
was calculated from the measurements of the outside wall temperature, the heat
generation within the pipe wall, and the thermophysical properties of the pipe material
(electrical resistivity and thermal conductivity).

Ghajar and Zurigat (1991) developed an interactive computer program to calculate
the local inside wall temperatures and local peripheral heat transfer coefficients from local
outside wall temperatures measured at different axial locations along an electrically heated
horizontal circular tube. The test fluids used were water and mixtures of ethylene glycol
and water. The main ideas of Ghajar and Zurigat's (1991) program was adapted to this
study and will be introduced as follows. -

The computer program called RHt99F (see Appendix B for computer code listing)
consisted of four segments, the input data, the finite-difference formulations, the physical
pro;}erties and the output.

3.3.1 Input Data

The inputs of this program included the type of test fluid used, the voltage drop
across the tube, the current carried by the tube, the volumetric flow rates, the bulk fluid
temperatures at the inlet and exit, and the outside wall temperature data for all locations.
This input data file was obtained in a specified format by another interactive computer
program called Datared99F which directly read all those necessary information from the
experimental measurement devices including the outside wall temperature data using the

A/D board and the data logger.
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3.3.2 Finite-Difference Formulations

The numerical solution of the conduction equation with internal heat generation
and variable thermal conductivity and electrical resistivity was based on the following
assumptions:

e Steady state condition exist.

e Peripheral and radial wall conduction exist.

e Axial conduction is negligible.

e The electrical resistivity and thermal conductivity of the tube wall are functions of
temperature.

Based on the above assumptions, the expressions for calculation of the local inside Yvall

temperatures, heat flux, and local and average peripheral heat transfer coefficients are

presented next.

a. Calculation of the local inside wall temperature and the local inside wall heat flux

The heat balance on 2 segment of the tube wall at any particular station is given by
(see Figure 3.17):

Q=Qi+Q+Q;+ Q4 (3.1)

From Fourier's law of heat conduction in a given direction n we know that

_ _cE (3.2)
Q= kAdn
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Now substituting Fourier's law and applying the finite-difference formulation for the radial

(i) and peripheral (j) directions in Equation (3.1) we obtain:

Ar
_ (ki.j +Kiy ) 27r[r,. ’ EJAZ (Ti.j - Ti-u)

Q=g N = (3.3)
Qz = (ki.j +2ki,j+l)(ArAZ)(T1,J _Ti.j+l)
A (.4)
N, |
Ar
= (ki.j ot km.j) ZE[ri s ?)AZ (T,..j = Tm.j)
Q= 2 N Ar (G3)
. _ (ki,j + ki,j--l )(ATAZ) (Tt 12 i.j—l)
AT,
[EJ (3.6)
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where

k = thermal conductivity

T = tube inside radius

Q = rate of heat transfer

T = temperature

Az = length of element |

Ar = incremental radius

Ntu = number of finite-difference sections in the ©-direction (peripheral)

which is equal to the number of thermocouples at each station.

the indices of the finite-difference grid points, i is the radial direction

1and ]
starting from the outside surface of the tube and j is the peripheral
direction starting from top of the tube and increasing clockwise.

Heat generated at 1,j element volume is given by:

Q,=I'R (3.7
where
I = Current
R = vl / A =resistance
¥ = electrical resistivity of the element
/ = Az =length of the element
A = (2rr; / Nm)Ar = cross-sectional area of the element

Substituting the above definitions into Equation (3.7) gives:
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Q=T Tom
[N—”ri)m (3.8)

Substitution of Equations (3.3) to (3.6) and (3.8) into Equation (3.1) and solving for Ti;

gives:
o JING Ktk ) U 2 B
Ti+l,j M (zm];) J Ar J NTH (ij Ti—l.j)
ArN ArN
_(ki.j +ki.j+1)“3ﬂ_rfm“(Ti,j“Ti.jn)“(ku +ki.j+1) ; TH (T” T ja )} (3.9)

ArN (ki,j + ki+1,j)

-3
7 —-—
2

Equation (3.9) was used to calculate the temperature of the interior nodes. In this equation

the thermal conductivity and electrical resistivity of each node control volume were
determined as a function of temperature from the following equations for 316 stainless
steel (Ghajar and Zurigat, 1991):
k=7.27+0.0038T (3.10)
y=27.67+0.0213T | (3.11)
where T in °F, k in Btu/hr-ft-°F, and vy in micro-ohm-in.
Once the local inside wall temperatures were calculated from Equation (3.9), the
local peripheral inside wall heat flux could be calculated from the heat balance equation,

see Equation (3.1).
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b. Calculation of the local peripheral and local average heat transfer coefficients
From the local inside wall temperature, the local peripheral inside wall heat flux
and the local bulk fluid temperature, the local peripheral heat transfer coefficient could be
calculated as follows:
h, = qi"/(Tw; ‘Tb) (3.12)
where
b = local peripheral heat transfer coefficient

"

= local peripheral inside wall heat flux

q
Tewi = local inside wall temperature
Ty = bulk fluid temperature at the thermocouple station

Note that in these analysis it was assumed that the bulk fluid temperature increases linearly

from the inlet to the outlet according to the following equation:

To = Tin + (Tow - Tin) X/L (3.13)
Where
Tin = bulk inlet temperature
Tou = bulk outlet temperature
X = .distance from the pipe inlet to the thermocouple station
L = total length of the test section

The local average heat transfer coefficient at each station could be calculated by the

following equation:

Hi =ai" /(Twi 'Tb) (3-14)
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where

h = local average heat transfer coefficient

" =  average peripheral inside wall heat flux at a station

= average inside wall temperature at a station

o

3.3.3 Physical Properties of the Fluids

The correlation equations for the fluids which were used in this study are based on

the following information given in Table 3.1:

Table 3.1 Physical Properties of the Fluids used in This Study

Fluid | Equation for the Physiéal Property Range of Validity-& Source

| (T = Temperature in °F except where noted) Accuracy

Air | p (Ibm/ft’) = PRT P < 150 psi Vijay
where P in Ibf/ft, T in °R, and R = 53.34 ft-Ibf/lbm°R (1978)
Cp Btw/lbm-°F) = 7.540x10°°T + 0.2401 -10< T <242,02%
p (Ibn/ft-hr) = -2.673x10°T> + 6.819x10°T + 0.03936 -10< T <242,0.1%

k (Btwhr-ft-°F) = -6.154x10°T% + 2.591x10°T + 0.01313 | -10< T <242, 0.2%

Water | p (Ibnv/ft’) = {2.101x10°T - 1.303x10°°T + 0.01602}" 32<T<212,0.1% | Vijay
Cp (Btw/lIbm-°F) = 1.337x10°°T? - 3.374x10™T +1.018 32<T<212,03% | (1978)
u (lbm/ft-hr) = {1.207x10°T? + 3.863x107T + 0.09461}" | 32<T <212, 1.0%
k (Btwhr-ft-°F) = 4.722x10™T + 0.3149 32<T<176,02%
o (Ibf/ft) = 5.52288x107°T° - 8.05936x10°T* 68 <T <150

- 4.75886x10°°T + 5.346x10°T
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3.3.4 Output

Figure 3.18 shows a sample output data file using the Computer Program,
RHt99F. The output data file starts with the run number for a quick reference and a
summary of some of the important information about the experimental run such as mass
flow rate, mass flux, fluid velocity, room température, inlet and outlet temperatures,
averaged Reynolds and Prandtl numbers, current and voltage drop across the test section,
average heat flux, and heat balanée error. Then, the calculated inside wall temperatures
-and the liquid superﬁcial Reynolds numbers based on the inside wall temperature are
listed. Next, the inside surface peripheral heat fluxes and the peripheral heat transfer
coefficients for each thermocouple station along the pipe are listed. Finally, for each
station, superficial liquid Rcynolds number, liquid Prandtl number, its location from the
tube entrance, liquid viscos“ity at the local bulk temperature, liquid viscosity at the local
inside wall temperatufe, fluid bulk temperature, inside wall temperature, liquid density,
and the local average Nusselt number are listed.

The main ideas of the interactive data reduction computer program called RHt99F
have been described in this section. This computer program was developed in conjunction
with andther interactive computgf program called Datared99F which directly read all the
necessary information from the experimental measurement devices using the A/D board
and the data logger. Also, this interactive computer program (Datared99F) controlled all
the necessary measurement devices and generated the specified input data file which were
used by the data reduction program.

In the next section, the experimental procedures for warming up the instruments,

data collection, and shut down of the experimental setup will be introduced.
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RUN NUMBER 5104
TEST FLUID IS DISTILLED WATER

3.02 GPM
1504.7 LBM/HR
229256 LBM/ (SQ.FT-HR}

VOLUMETRIC FLOW RATE
MASS FLOW RATE
MASS FLUX

FLUID VELOCITY 1.02 FT/S
ROOM TEMPERATURE 73.66 F
INLET TEMPERATURE 84.53 F
OUTLET TEMPERATURE 88.87 F
AVERAGE RE NUMBER 10954
AVERAGE PR NUMBER 5.39

478.5 AMPS
3.82 VOLTS.
2517 BTU/ (SQ.FT-HR}
6236 BTU/HR
6518 BTU/HR
-4.51 ]

CURRENT TO TUBE
VOLTAGE DROP IN TUBE
AVERAGE HEAT FLUX
Q=AMP*VOLT

Q=M*C* (T2-T1)

HEAT BALANCE ERROR

LA S N | N N T S S 20 O ' T A

QUTSIDE SURFACE TEMPERATURES - DEGREES F

1 2 3 4 5 6 7 8 9 10
1 94.29 94.92 95.62 96.13 96.17 96.67 97.14 97.56 98.23 98.66
2 94.14 94.87 95.68 95.86 96.33 96.72 97.22 97.55 98.30 98.71
3 93.65 94.51 95.88 96.00 96.37 96.59 97.18 97.35 98.39 98.89
4 93.53 94.66 95.57 95.98 96.24 96.69 97.02 97.58 98.11 98.07
INSIDE SURFACE TEMPERATURES - DEGREES F
1 2 3 4 5 6 7 8 9 10
1 92.95 93.57 94.27 94.78 94.82 95.32 95.79 96.21 96.88 97.31
2 92.79 93.52 94.33 94.51 94.98 95.37 95.87 96.20 96.95 97.36
3 92.30 93.16 94.53 94.65 95.02 95.24 95.83 96.00 97.04 97.55
4 92.17 93.31 94.22 94.63 94.89 95.34 95.67 96.23 96.76 96.71
REYNOLDS NUMBER AT THE INSIDE TUBE WALL
1 2 3 4 5 6 7 8 9 10
1 11771 11854 11947 12015 12020 12087 12150 12208 12296 12355
2 11750 11847 11955 11978 12042 12094 12161 12205 12306 12361
3 11685 11799 11982 11997 12047 12076 12155 12178 12318 12386
4 1l¢e8 11819 11940 11995 12029 12090 12133 12209 12280 12273
INSIDE SURFACE HEAT FLUXES BTU/HR/FT2
1 2 3 4 5 6 7 8 9 10
1 2332 2341 2347 2342 2351 2350 2349 2350 2351 2345
2 2340 2341 2349 2353 2346 2346 2348 2348 2352 2353
3 2349 2352 2340 2346 2346 2352 2348 2356 2346 2339
4 2356 2347 2352 2350 2349 2347 23583 2347 2357 2370
PERIPHERAL HEAT TRANSFER COEFFICIENT BTU/(SQ.FT-HR-F)
1 2 3 L] 5 6 7 8 9 10
1 287 281 272 269 282 279 277 277 269 268
2 293 282 270 279 276 © 277 274 277 267 268
3 314 297 263 273 275 282 276 285 264 260
4 320 290 274 274 279 278 282 276 274 291
[ S *
RUN NUMBER 5104
SUMMARY
[, .
ST RE PR X/D MUB MUW TB W DENS NU
1 10713.09 5.52 6.4 1.956 1.788 84.82 92.55 62.17 78.42
2 10766.51 5.49 15.5% 1.947 1.772 85.24 93.39 62.16 74.39
3 10820.04 5.4¢6 24.6 1.937 1.753 85.66 94.34 62.16 69.85
4 10873.67 5.43 33.7 1.927 1.747 86.07 94.64 62.15 70.74
5 10927.40 5.40 42.8 1.918 1.741 86.49 94.93 62.15 71.83
6 10981.24 5.37 52.0 1.909 1.734 86.91 95.32 62.14 72.05
7 11035.17 5.34 61.1 1.899 1.72% §7.33 95.79 62.14 71.56
8 11089.21 5.31 70.2 1.890 1.718 87.74 96.16 62.13 71.94
9 11143.35 5.29 79.3 1.881 1.704 88.16 96.91 62.13 69.23
10 11197.58 5.26 §8.4 1.872 1.698 88.58 97.23 62.13 69.94

NOTE: TBULK IS GIVEN IN DEGREES FAHRENHEIT
MUB AND MUW ARE GIVEN IN LBM/ (FT*HR)

Figure 3.18 A Sample Output Data File from the Computer Program RHt99F
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3.4 Experimental Procedures

The system warm up, data collection, and shut off procedures were conceived with
consideration for accuracy, repeatability, safety, and ease of performance.

3.4.1 Testing the Loop

Before each experiment, a quick check of all apparatus and equipment was
performed to ensure no leaks nor failed components were present in the system. When
decision about desired flow rates of the gas and liquid and heat input had been made the
warm up procedure was instituted.

3.4.2 Warm Up

The warm up procedure is as follows:

1. Make the connection between the frequency meter and either Halliburton
turbine flow meter for large liquid flow rate from 3 to 9 GPM or Cole-Parmer
impeller liquid flow meter for small flow rates up to about 3 GPM.

2. Turn on all of the electrical instruments such as the data acquisition system for
the temperature measurement (MAC-14), frequency meter for the liquid flow
rate, gas flow meter for the gas flow rate, power supplies for the air pressure
transducer and the Scanni valve, CD15 carrier demodulator for the pressure
transducer, and voltmeter for the voltage drop measurement across the test

section.
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3. Set the liquid control valves after the pump assembly in correct position such
that the correct pump will provide liquid flow to the system, either large or
small pump.

4. Switch on the pump.

5. Set the inlet and by-pass control valves of the test section such that right
amount of the liquid is provided to the test section.

6. Adjust the gas control valve before the mixer to attain the desired gas flow rate.

7. If necessary, fine tune the liquid control valves including the by-pass valve to
attain the desired liquid flow rate after mixed with the gas.

8. Check the welder cable and all connections to ensure their integrity and proper
fitting.

9. Switch the welder on and adjust the current output to the near desired value on
the welder ammeter. Check the DC ammeter for the current across the test
section and re-adjust the welder current until this meter is reading the desired
value.

10. After approximately 15 minutes (depending on the flow rates of gas and liquid)
of operation turn on the heat exchanger coolant. The coolant flow rate through
the heat exchanger is set such that the inlet bulk temperature of steady state
operation 1s in the desired vicinity of operation.

3.4.3 Data Collection and Shut Down

After the test section reaches a steady-state condition, the initiation of data
collection begins. The data collection procedure and shutdown is common for all the

different experimental test runs. By monitoring the inlet bulk temperature, exit bulk
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temperature, the first thermocouple section, and the last thermocouple section, a decision

as to when steady-state conditions are reached can be made. The procedure is as follows:

1. On the temperature measurement computer bring up the RTG software monitoring the
MAC-14 data logger output. Set the data logger to print data on the screen every
minute.

2. Re-adjust the heat exchanger coolant flow rate such that inlet bulk temperature is in
the desired vicinity (within £0.5°C).

3. When the first thermocouple station, the last thermocouple station, and the inlet and
the exit bulk temperatures all indicate less than 0.3°C deviation in five minutes, assume
steady state condition has been reached.

4. Record the frequency of the flow meter, the voltage at the digital voltmeter, and
amperage on the ammeter.

5. Set the MAC-14 logging parameters through RTG software such that disk storage of
data occurs for all the channels. Monitor all equipment during operation and
discontinue data collection on the MAC-14 until desired number of samples (75-100)
stored.

6. When the data collection period is complete, repeat step 4 for all final values. Disable
all data recording devices.

7. Turn off the DC welder, voltmeter, amplifier, and/or frequency meter. When the inlet
and exit bulk temperatures approach room temperature shut off the coolant water to
the heat exchanger and the reservoir mixer.

8. Turn off the pump, close the flow control valve and the inlet and exit test section

valves. Switch off the MAC-14, and the computer.
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9. Inspect the test section apparatus and ensure that no leaks have become evident.
10. It is always advisable not to take the runs continuously as it may build up considerable
heat in the welder.
11. Provide at least a gap of 1 hour between any two consecutive test runs. This will also
help to return the bulk temperatures to room temperature.
In this section, the details of the experimental procedures have been discussed. In
the next chapter, the experimental results of flow pattern and heat transfer measurements

will be introduced.
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CHAPTER IV
RESULTS AND DISCUSSION

This chapter deals with the heat transfer results of the present investigation. First,
the single-phase heat transfer results are presented and compared with five well-known
correlations. Next, the flow pattern data of the two-phase flow are presented. Then, the
idéntiﬂed flow pattern data are cbmpared with the well known flow pattern map. Finally,
two-phase flow heat transfer déta are presented and appropriate two-phase heat transfer

correlations are recommended.
4.1 Single-Phase Heat Transfer Results

To help in determining whether the test setup was working well enough to carry
out two-phase heat transfer experiments, first, single-phase heat transfer data were taken
and compared with predictions of five well established correlations. Based on the
agreements between the single-phése experimental data and the predictions from the
selected heat transfer correlations, the current apparatus was proven to be reliable. Details
of the comparisons are introduced in this section. More information of the single-phase

heat transfer experimental data can be found in Ryali (1999) and Kim (2000).
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4.1.1 Nusselt Numbers Along the Test Section

After the flow had traveled through the tube to a point far from the inlet, the
velocity and thermal profiles became fully developed. The distance from the inlet to this
fully developed point is known aé the entrance length. Siegel et al. (1958) defined the
thermal entrance region as the length required for the local heat transfer coefficient to
approach to within a few percent of the fully developed value of the coefficient. Others
such as Shah (1978) defined thermal entry length as it related to Nusselt number; and
because the Nusselt number is a dimensionless heat transfer coefficient, the criteria for
thermal entrance effect can be related to heat transfer coefficient [or the Nusselt number]
deviation equally well. Figure 4.1 shows an example of Nusselt number variation with
dimensionless axial distance for test runs which covered a wide range of Reynolds
number. This figure demonstrates that the Nusselt number over the Reynolds number
range (2600 to 16400) showed a steady decrease from the inlet of the test section, and
gradually became constant after x/D was about 40. This indicated that the fluid attained a
fully developed flow after x/D equal to about 40. Hence station 6 (x/D = 52.0 refer to
Figure 3.3 in Chapter III) was considered to be an ideal station where the fluid was said
to be fully developed; and thus all of the Nusselt number comparisons with selected
correlations have been performed at this station.

4.1.2 Comparison of Available Correlations with Experimental Data

Using the data accumulated throughout this single-phase heat transfer study, it
was desirable to consider how accurately the data could be predicted by conventional
well-known correlations. To accomplish this goal, the single-phase heat transfer

correlations were compared with the data conforming to the respective correlation
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Figure 4.1 Experimental Nusselt Number vs. Dimensionless Axial Distance for All Types of Test Runs




limitations (and sometimes outside of the ranges of those correlations in order to see the
robustness of data vs. correlation). The Nusselt number was calculated using data at
station 6, at which the flow was considered to be fully developed. From Figure 4.1, it was
observed that the Nusselt vnlumber at station 6 (x’/D = 52.0) appeared to be fully
developed. A deviation of £20 % between experimental data and prediction was
considered to be a good test run, and ail of the follbwing graphs have been drawn with
120 % or £10 % deviation reference lines.

As mentioned at the beginning of this section, five correlations were chosen to
compare the predictions with the experimental Nusselt numbers. Those correlations are as

follows:

Colburn (1933) correlation:

Nu =0.023Re** Pr'/? ' (4.1)
where Re > 10,000, 0.6 < Pr< 160

Sieder and Tate (1936) correlation:

Nu =0.023Re®* Pr'/* (i, [ u1,)* " 4.2)

where Re > 10,000, 0.7 < Pr< 16,700

Gnielinski [11 (1976) correlation:

(¢, /2)(Re—1000)Pr
U=
1+12.7(c, /2)"* (Pr*7-1)

(4.3)

where L =1.58InRe—3.28 ; Filonenko Correlation

Ver

0.5 <Pr<2,000, 2,300 < Re < 5x10°
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Gnielinski [3] (1976) correlation:

Nu = 0.012(Re** - 280) Pr®* 4.9)

where 1.5 <Pr <500, 3,000 < Re < 1x10°

Ghajar and Tam (1994) correlation:

Nu = 0.023 ReO.S Pr0.385 (X/Di )—0‘0054 (/ub /luw)O.M (45)

where 3 <x/D;<192, 7000 < Re <49000

4<Pr<34, 1.1 s w/uw s 1.7
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Figure 4.2 Comparison of Nuey, vs. Nuca from Selected Correlations at Thermocouple
Station No. 6 (3,000 < Re < 30,000)
The predicted Nusselt numbers using the above correlations were compared with
the experimental Nusselt numbers. The results of the comparison (without concern for the
recommended parameter ranges) for each of the five correlations are shown in Figures

4.2 and 4.3. As shown in those figures, the experimental Nusselt numbers were in good
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agreement with the calculated Nusselt numbers, and all of them were within a +20 %
error band except for Colburn, Sieder and Tate, and Ghajar and Tam correlations in the
low Reynolds number (Re < 5,000) regime. A detailed comparison for each correlation

follows.
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Figure 4.3 Deviations of Nuc. Referenced to Nuex, vs. Reynolds Number at
Thermocouple Station No. 6 (3,000 < Re < 30,000)

Colburn (1933): Figure 4.4 shows the comparison of experimental Nusselt

numbers with the calculated Nusselt numbers by using the Colburn correlation. As shown
in Eq. (4.1), the lower recommended Reynolds number range of the Colburn correlation
is 10,000. Among the all of 31 data points in Figs. 4.2 and 4.3, a total of 23 data points
(Re > 8,000) were used to predict the Colburn correlation. Within the recommended
range of Reynolds number, most of the 23 data points felyl within a £10 % deviation band
as can be seen from Fig. 4.4, which shows a very good agreement between the

experimental Nusselt numbers and the predictions from the Colburn correlation. Table
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4.1 shows the minimum and maximum values of the experimental ranges of Re, Pr,
Nugxp, Nucar, and percent deviations for Colburn correlation. A maximum deviation of
16.99 % and a minimum deviation of -5.49 %, and a mean deviation of 5.76 % with an

rms deviation of 8.55 % is achieved by using the Colburn correlation.

Table 4.1 Ranges of Reynolds, Prandtl, and Nusselt Numbers, and % Deviations for
Colburn (1933) Correlation (23 Data Points)

- - - 0
Re Pr Nugsp Nucar Deviation [%]

(1-Nucar/Nugxe)x 100
Minimum 8351 5.02 52.38 54.09 | -5.49
Maximum 29443 6.64 164.12 153.25 16.99
Mean 18987 - - - 5.76
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Figure 4.4 Nugxp vs. Nucar, — Colburn (1933) Correlation

Sieder and Tate (1936): Since the lower recommended Reynolds number was

10,000 by the Sieder and Tate correlation, a total of 23 data points having Reynolds
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numbers greater than 8,000 were used for the Sieder and Tate correlation. As shown in
Figure 4.5, the results were very similar to those produced by the Colburn (1933)
correlation due to the fact that the Sieder and Tate correlation added the viscosity ratio
term to the Colburn correlation. From this aspect, we can see that the viscosity ratio term
is not very significant for single-phase water heat transfer. As can be seen from Table 4.2,
there was a maximum deviation of 16.45 %, a minimum deviation of -6.75 %, and a
mean deviaﬁon of 4.81 % with an rms deviation of 8.08 %. Most of data points fell into a

+ 10 % deviation band, which showed a very good Nusselt number comparison.

Table 4.2 Ranges of Reynolds, Prandtl, and Nusselt Numbers, and % Dev1at10ns for the
Sieder and Tate (1936) Correlatlon (23 Data Points)

Deviation [%]

Re » Pr Nugxe Nucar (1-Nugay/Nugse)x 100
Minimum 8351 - 502 52.38 54.73 -6.75
Maximum 29443 6.64 ‘164.12 154.31 16.45
Mean - - - - 481

Ghajar and Tam (1994): The Ghajar and Tam correlation applies several

limitations as shown iﬁ Eq. (4.5). Among those limitations, Reynolds number and
viscosify ratio were concerned since the rest of the limitations were sufficiently satisfied.
A total of 16 data points (1.06 < py/pw < 1.151, Re = 6,000) were predicted with the
Ghajar and Tam correlation. The results shown in Table 4.3 and Fig. 4.6 indicate that the
experimental Nusselt numbers agreed well with the predictions of the Ghajar and Tam

correlation. Most of data fell into the £10 % deviation band, having a maximum
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Figure 4.5 Nugxp vs. Nucar, - Sieder and Tate (1936) Correlation

deviation of 6.91 %, a minimum deviation of -14.36 %, and a mean deviation of -4.28 %

with an rms deviation of 6.90 %. From this result, it can be concluded that the current

data is reasonably accurate since the proven Ghajar and Tam (1994) correlation

predictions agree very well with the data presented herein.

Table 4.3 Ranges of Reynolds, Prandtl, and Nusselt Numbers, and % Deviations for the
Ghajar and Tam (1994) Correlation (16 Data Points)

Deviation [%o]

Re Pr e/bw  Nume  Nucw )y Nupe)x100
Minimum 6176  5.02 106 4283 4765 -14.36
Maximum 21522 664 1151 12692  128.29 6.91
Mean ) ] - - - -4.28
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Figure 4.6 Nugxp vs. Nucar - Ghajar and Tam (1994) Correlation

Gnielinski (1976) proposed three correlations for different parameter ranges. The
first Gnielinski [1] correlation employed the friction factor (f) and was used for
transitional and turbulent flows. The second and third correlations do not requiré friction
factor. The second Gnielinski [2] correlation is used for low Prandtl number (0.5 < Pr <
1.5) and fully turbulent flow (10* <Re < Sx106). The third Gnielinski [3] correlation was
used for transitional and turbulent flow regions without the use of friction factor. In this
study, Gnielinski [1] and [3] were used to compare the experimental Nusselt numbers
with the calculated Nusselt numbers.

Gnielinski [1] (1976): Since the lower limit of recommended Reynolds number is

2300, 13 transitional (3,000 < Re < 9,000) and 18 fully turbulent (Re > 9,000)
experimental data points were predicted with the Gnielinski [1] correlation. The

calculation of friction coefficients for these predictions employed the Filonenko
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correlation which was used by Gnielinski (1976) himself to develop the correlation. As
shown in Table 4.4 and Fig. 4.7, the results of the comparison using the bGnielinski [1]
correlation were sufﬁciently acceptable. The calculated Nusseltr numbers using the
Gnielinski [1] correlation has a maximum deviation of 2.97 %, a minimum deviation of
-17.60 %, and a mean deviation of -9.16 % with an rms deviation of 11.02 %. All 31 data
points fell into a +20 % deviatibn band as shown in Fig. -4.7.

Table 4.4 Ranges of Reynolds, Prandtl, and Nusselt Numbers, and % Deviations for the
Gnielinski [1] (1976) Correlation (31 Data Points)

Deviation [%]

Re Pr Nz Nuew () Nuga/Nugse)x 100
Minimum 3286 5.02 20.57 24.17 -17.60
Maximum 29443 6.64 164.12 189.35 2.97
Mean - - - - -9.16
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Figure 4.7 Nugxp vs. Nucar - Gnielinski [1] (1976) Correlation
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| Gnielinski [3] (1976): As with the Gnielinski [1] correlation, the Gnielinski [3]

correlation covered.transitional and fully turbulent (3,000 < Re < 10°) flows. Thus, the 13
 transitional and 18 fully turbulent flow heat transfer data points could be examined.
Unlike the Gnielinski [1] correlation, the Gnielinski [3] does not employ the friction
coefficient and predicts Nusselt number using only Reynolds and Prandtl numbers. As
shown in Figure 4.8 and Table 4.5, the comparison of the experimental Nusselt numbers
with the calculated ones using the Gnielinski [3] correlation showed very good agreement
between the experimental and the predicted values. The results with the Gnielinski [3]
correlation has a maximum deviation of 13.82 % and a minimum deviation of -8.18 %,
and a mean deviation of 1.20 % with an rms. error of 6.49 %. Most of the data fell into a +

10 % deviation band as shown in Fig. 4.8.

Table 4.5 Ranges of Reynolds, Prandtl, and Nusselt Numbers, and % Deviations for the
Gnielinski [3] (1976) Correlation (31 Data Points)

Deviation [%]

Re Pr Nugxp Nucar (1-Nigar/Nzse)x 100
Minimum 3286 5.02 20.57 21.59 -8.18
Maximum 29443 6.64 164.12 177.55 13.82
Mean - - - - - 1.20
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Figure 4.8 Nugxp vs. Nucar, - Gnielinski [3] (1976) Correlation

The data obtained from this test setup compared well with these well-established
single-phase correlations. The experimental Nusselt numbers agreed well with those
predicted by the- correlations. Therefore, based on the overall comparisons of those
correlations with the experimental data, it is concluded that the test data is good enough
to prove that the test setup can properly handle single-phase flows. In the following
section, the flow pattern criteria for two-phase horizontal pipes and the observed flow

patterns will be described.

4.2 Presentation of Flow Patterns

Because of the multitude of flow patterns and the various interpretations accorded

to them by different investigators, no uniform procedure exists at present for describing
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and classifying them. However, in recent years, some attempts have been made to
standardize the description and terminology of the flow patterns (Breber et al., 1980,
Govier and Aziz, 1973, Griffith and Wallis, 1961, Hewitt and Hall-Taylor, 1970, Taitel
and Dukler, 1976). Among those standardization efforts, the characterization and
description proposed by Taitel and Dukler (1976) appears to be the best and most
common for a horizontal pipe flow.
In Section 1.2.2, the descriptions and equations of the flow patterns presented by
Carey (1992) which used the flow pattern map of Taitel and Dukler (1976) was
- described. In this study, the flow pattern identification for the experimental data was
based on the procedures suggested by Taitel and Dukler (1976), Breber et al. (1980), and
visual observation as appropriate. In this section, experimentally observed flow patterns,
the detailed _procedures of the flow pattern identification using the well known flow
pattern map, and finally the ranges of different flow patterns will be presented.

4.2.1 Flow Pattern Observations

The two-phase flow leaving the mixer entered the calming section (refer to Figure
3.1 in Chapter III), which consisted of a clear polycarbonate tube of a 1 inch (2.54 cm)
ILD. and 96 inches (244 cm) in length (L/D = 96). All observations for the flow pattern
judgements were made at two locations, just before the test section (about L/D = 93 in the
calming section) and right after the test section (see Figure 3.1 for ‘Observation Section’
after the test section). Leaving the liquid flow rate fixed, flow patterns were observed for
various air flow rates. The liquid flow rate was then adjusted and the process was

repeated. If the observed flow patterns differed before and after the test section,
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experimental data were not taken and the flow rates of gas and liquid were readjusted for
consistent flow pattern observations.

Table 4.6 shows a sﬁmmary of the two-phase flow pattern ex‘perimental‘ data
taken. This table shows the ﬂow patterns observed; number of data points taken in each
flow pattern; minimum, maximum, and averaged values of the mass flow rates of liquid
and gas along with their superﬁcia] velocities and Reynolds numbers; Martinelli
parameter (X); temperature and pressure of gas-liquid mixture; two-phase pressure drop
along the test section (AP); supplied gas pressure (Pg); void fraction (ot); and Prandtl
numbers of liquid and gas.

Some of the basic flow patterns (stratiﬁ’ed, wavy, and slug) described in Section
1.2.2 in a horizontal pipe, and several transitional ﬂow' patterns (wavy/slug,
- annular/wavy, annular/bubbly, énnuiar/bubbly/slug, and bubbly/slug) were observed.
Flow patterns that simultaneously showed characteristics of the basic flow patterns
. described in Section 1.2.2 were classified as transitional flow patterns.. Those visually
observed flow patterns were photographed by means of a high speed still camera (Nikon,
F3) using three high ihtensity discharge lamps (one 300 watts and two 150 watts lamps)
Without the aid of a stroboséope.

Representative photographs of the various flow patterns that were observed are
given in Figure 4.9. Figure 4.9a illustrates the observed stratified flow pattern in which
liquid flowing in the bottom of the pipe was separated from gas in the upper portion of
the pipe by a relatively smooth interface. Figure 4.9b shows the observed wavy flow
pattern. After the flow rate and/or the quality was increased in the stratified flow pattern,

the interface became unstable, whereupon the interface became wavy. In wavy flow
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Table 4.6 Summary of the Two-Phase Flow Pattern Experimental Data

m, Vs | Rest | G Vs |Resg | X | Tavax | Pmx | AP | Ps o | Prp | Prg

[Ibo/hr} | [f/sec] [lor/hr]| [ f/sec] [°C] | [psi] |linH:O1} [psi]
| Stratified Flow Pattern (13 data points)
Min. | 86.72 | 0.07 |709.38] 1.58 | 1.08 |539.26] 0.34 | 26.00| 023 | 0.03 | 0.01 | 0.74 | 518 | 0.1
Max. {187.76| 0.15 [1359.7| 1253 | 6.49 [4272.3] 292 {3220 1.17 | 047 | 567 | 091 | 599 | 0.7
Avg. [124.11] 0.10 |974.82| 6.35 | 3.75 |2169.9| 1.08 | 3024} 067 | 0.09 | 1.81 | 0.85 | 542 | 0.71
Wavy Flow Pattern (9 data points)
Min. | 8457 | 0.07 [628.69| 1263 | 6.47 |4341.9] 021 |2530| 025 | 037 | 471 | 0.85 | 526 | 0.7
Max. {319.23] 0.26 |2424.0{ 32.61 | 821 |11179.] 079 |31.50| 1.38 | 1.37 {2577 | 0.92 | 6.09 | 0.7
Avg. 1184.78| 015 |1369.3| 23.97 | 7.68 {8206.6] 0.48 | 27.36 | 0.62 | 0.69 | 16.43 ] 0.89 | 581 | 0.71
Wavy/Shig Flow Pattern (7 data points)
Min. {317.18| 0.26 ]2276.9] 9.20 | 538 [3113.0} 0.96 [25.60 | 039 | 1.08 | 271 | 075 | 536 | 0.7
Max. {977.10| 0.80 |7153.4| 20.26 | 7.47 |6982.2| 230 | 30.70 | 0.86 | 258 | 12.32 | 0.84 | 6.05 | 0.71
Avg. |525.98| 0.43 |4026.7| 13.88 | 656 [4736.1| 159 | 2853 | 055 | 1.88 | 630 | 0.80 | 564 | 0.71
Slug Flow Pattern (46 data points)
Min. {319.36| 026 |2425.0| 1.61 | 1.10 |546.76] 1.64 | 25,60 | 024 | 0.10 | 0.03 | 0.29 | 5.38 { 0.71
Max. |5461.9] 4.47 {43068.] 20.82 | 7.46 |7087.5| 36.85 | 30.50 | 7.16 | 18.15 | 16,54 | 0.80 | 6.05 | 0.71
Avg. |2046.9] 1.67 [15534.] 851 | 420 [2895.9| 949 | 28.30| 1.68 | 509 | 435 | 059 | 567 | 0.71
Wavy/Annular Flow Pattern (14 data points)
Min. | 82.31 | 0.07 {662.55| 42.63 | 813 {14430.| 013 | 2590 | 0.82 | 051 |37.34| 077 | 526 | 0.71
Max. {925.90{ 0.76 |7000.8| 77.88 | 9.51 {26361.| 1.50 | 31.50 | 3.73 | 9.27 | 69.82 | 0.94 | 6.01 | 0.71
Avg. |380.63| 031 |2882.3| 59.28 | 8.93 [20093.| 057 | 28.66| 1.87 | 404 | 5312 | 087 | 563 | 0.71
Annular/Bubbly or Annular/Bubbly/Slug Flow Pattern (12 data points)
Min. |1243.7| 1.02 19564.4] 41.95 | 8.16 |{14308.| ' 1.67 | 26.20 | 3.04 | 860 [ 37.36| 060 | 552 | 0.71
Max. |3785.5| 3.10 |29480.| 76.41 | 9.60 |25996.] 4.27 |29.40 | 10.50 | 2452 | 66.67 | 0.74 | 596 | 0.71
Avg. |2155.5| 1.76 {16220.] 50.61 | 8.88 |20248.| 2.74 | 27.74 | 6.06 | 16.09 { 53.66 | 068 | 575 | 0.71
Bubbly/Slug Flow Pattern (12 data points)
Min. |905.99| 0.74 |6762.9] 24.31 | 7.08 |8291.9| 1.74 | 2580 | 1.56 | 455 | 17.58 | 052 | 539 | 0.71
Max. |4888.0| 4.00 |35707.| 79.57 | 9.65 {27070.| 9.07 | 30.40 | 12.86 | 24.36 | 70.75 | 0.76 | 6.02 | 0.71
Avg. |32428| 265 |23971.| 41.36 | 8.08 |14052.| 4.95 | 27.05| 6.94 | 16.94 | 36.07 | 0.61 | 584 | 0.71
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(a) Stratified
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Figure 4.9 Photographs of Representative Flow Patterns
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pattern, the velocity of the gas was sufficient to cause waves to form but not enough to
cause waves to reach the top of the pipe surface.

In Fig. 4.9c, those waves caused by the gas flow under conditions where the
velocity. of the gas was sufficient for the rapid wave growth, were reached to top of the
inside pipe surface. This type of flow was categorized as wavy/slug transitional flow
pattern. In Fig. 4.9d, as the liquid rate was increased, the liquid level rose and the wave
was formed so that the crest spans the entire width of the pipe, effectively forming large
slug-type bubbles. The slugs of gas flowing along the tube, because of their buoyancy,
tended to skew toward the upper portion of the pipe.

In Fig. 4.9¢e, wavy type of liquid film at the bottom side of the pipe together with
the liquid annulus along the inside pipe wall were observed. At high gas velocities and
moderate liquid flow rates, there was insufficient liquid ﬂow to maintain and form liquid
bridge, and the liquid in the wave was swept up around the tube to form a liquid annulus
with some entrainment. For such conditions, bﬁoyancy effects tended to thin the liquid
film on the top portion of the pipe wall and thicken it at the bottom. Butterworth (1972)
has demonstrated this mechanism for annular film formation. This transitional type of
flow pattern was classified as that from wavy to annular transition flow pattern.

In Fig. 4.9f, liquid film annulus together with frothy type of bubble slugs were
observed. In these conditions, buoyancy effects still tended to thin the liquid film on the
top portion of the pipe wall and thicken it at the bottom resulting in slightly thicker liquid
film at the bottom side of the pipe wall than the liquid film at the top. With relatively
high gas and liquid flow rates, much less liquid annulus than Fig. 4.8f with frothy type of

bubble slugs were observed in Fig. 4.9g. In this condition, the gas flow was invariably
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turbulent and strong lateral Reynolds stresses and the shear resulting from secondary
flows might serve‘to distribute the liquid more evenly around the tube perimeter against
- the tendency of gravity to stratify the flow. This type of observed flow pattern was
classified as bubbly/slug transitional flow pattern. In the next section, all those observed
flow patterns will be compared with the Taitel and Dukler (1976) flow pattern map.

4.2.2 Experimental Data on Taitel and Dukler (1976) Flow Pattern Map

In this section, in order to build a solid flow pattern criteria, measured
experimental data having variefy of different flow patterns judged by appropriate visual
observation along with the description of Carey (1992) are plotted on the flow pattern
map of Taitel and Dukler (1976). Some of the equations introduced in Section 1.2.2 for
flow pattern criteria will be repeated in this section for convenience.

In Figs. 4.10 to 4.16, observed flow patterns are compared with their calculated
positions on the Taitel & Dukler map using the equations (Eqs. 1.34 to 1.36) described in
Section 1.2.2. The map proposed by Taitel & Dukler, which attempted to account for the
different combinations of physical parameters that affect different regime transitions on
the map, is shown in Fig. 1.5 in Section 1.2.2. The horizontal coordinate on the map is
the Martinelli parameter (X) that fixes the horizontal position on the map regardless of
the flow regime. However, the vertical coordinates of the dimensionless parameters used
to determine the flow regime vary depending on the specific transition being considered
(Eqgs. 1.34t0 1.36).

For stratified flow to wavy flow transition, the vertical position of the

corresponding point in Fig. 1.5 is specified in terms of the parameter Krp, defined as
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5 05
K. = PsVss Vs (1.34)
Vi (PL ~Ps )g cosQ

where v, is the kinematic viscosity of the liquid and € is the angle of inclination
between the tube axis and the horizontal. Wavy to annular and wavy to intermittent (plug
or slug) transitions in Fig. 1.5 are evaluated in terms of X and the parameter Frp, defined

as

9 0.5
pGVSG } (135)

F_ =
S

where D is the tube diameter. Intermittent flow to bubbly flow transition is specified in

terms of X and the parameter Trp, defined as

TTD=[ ~(dp/dz), } (1.36)

(o, - pg Jg cosQ2

where -(dP/dz),. is specified by the following relationship, Equation (4.8).

_0.2 2
—(dP/dZ)L — 4](;1. (VSLD) P Vs 4.8)

153 2
The transition between intermittent and annular flow or bubbly to annular flow simply
corresponds to X = 1.6 on the map.
The steps for identifying the flow pattern using the above equations can be
summarized as follows:
e Stratified flow pattern: if the observed flow pattern data on the Taitel and Dukler map
are below the stratified flow to wavy flow (stratified wavy, SW) transition line of the
calculated Kyp values (Eq. 1.34), then the observed flow pattern is stratified flow

pattern.
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o Wavy flow pattern: if the observed flow pattern data are above the stratified flow to

wavy flow transition line of the calculated Krp values (Eq. 1.34) and the flow pattern
. data are below the wavy to annular and wavy to intermittent transition line of the
calculated Frp values (Eq. 1.35), then the observed flow pattern is wavy flow pattern.

e Intermittent (plug or slug) flow pattern: if the observed flow pattern data are above
the wavy to annular and wavy to intermittent transition line of the calculated Frp
values (Eq. 1.35), and the flow pattern data are below the intermittent to bubbly
transition line of the calculated T1p values (Eq. 1.36), and the values of the Martinelli
parameter (X) of the flow pattern data are greater than the intermittent to annular
transition value of X = 1.6, then the observed flow pattern data are intermittent flow
pattern data.

e Annular flow pattern: if the observed flow pattern data are above the wavy to annular
and wavy to intermittent transition line of thé calculated Frp values (Eq. 1.35) and the
values of the Martinelli parameter (X) of the flow pattern data are smaller than the
intermittent to annular flow or bubbly to annular flow transition value of X = 1.6,
then the observed flow pattern data are annular flow pattern data.

e Bubbly flow pattern data: if the observed flow pattern data are above the intermittent
to bubbly transition line of the calculated Trp values (Eq. 1.36) and the values of the
Martinelli parameter (X) of the flow pattern data are greater than the intermittent to
annular flow or bubbly to annular flow transition value of X = 1.6, then the observed
flow pattern is bubbly flow pattern.

In Figure 4.10, observed stratified flow pattern data points were compared with

their calculated positions on the Taitel & Dukler map. All of the observed data points (13
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data points) were below the stratified wavy (SW) curve. Thus, we can conclude from this
result that the observed flow pattern is stratified flow pattern.

Figures 4.11 show the comparisons of Taitel & Dukler map with the observed
wavy flow pattern data. Figure 4.11 (a) shows that some of the vobserved wavy flow
pattern data were on the stratified wavy (SW) curve. Thus, the comparison of the
observed flow pattern data and the K1p curve did not provide enough information for the
flow pattern judgement. Figure 4.11 (b) shows the calculated Frp values of the wavy to
annular and wavy to intermittent (plug or slug) transitions fof the observed wavy flow

pattern data. All of the observed data points (13 data points) were below the line of Frp
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Figure 4.10 Comparison of Taitel & Dukler Map with Stratified Flow Pattern Data
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Figure 4.11 Comparisons of Taitel & Dukler Map with Wavy Flow Pattern Data
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transition values. Therefore, from this result, we can confirm that the observed flow
pattern is wavy flow pattern.

Experimentally observed wavy/slug transition flow pattern data is compared with
the calculated position on the Taitel and Dukler map in Figure 4.12. As can be seen from
this figure, three of seven data points were just below the line of wavy to annular and
wavy to intermittent (plug or slug) transitions, and three of seven data points for Frp
values were close to the transition line of wavy to intermittent (plug or slug) transition
curve. Thus, we can conclude that the observed flow pattern is wavy to intermittent (plug
or slug) transition flow pattern.

Comparisons of Taitel and Dukler map with experimentally observed slug flow
pattern data are plotted on Figures 4.13. Figure 4.13 (a) shows that some of the observed
slug flow battem data were just below the line of stratified flow to wavy flow transition
values, Ktp, and others were above the Ktp line. Thus, we could not judge the observed
flow pattern from this comparison. The observed flow pattern was compared with the
wavy to annular and wavy to intermittent transition line of Frp in Figure 4.13 (b). Again,
some of the observed slug flow pattern data were just below the line of wavy to annular
and wavy to intermittent flow pattern transition values of Frp, and others are above the
Frp line. Thus, we could not judge the observed flow pattern from this comparison.
Figure 4.13 (c) shows the comparison of the observed flow pattern with the intermittent
(slug or plug) to dispersed bubbly flow pattern transition (Ttp) and intermittent to annular
dispersed flow pattern transition (X = 1.6). As can be seen from this comparison, all of
the observed flow pattern data were below the line of intermittent to dispersed bubble

transition, Ttp, and greater than the line value of the intermittent to annular dispersed
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flow transition (X = 1.6). Therefore, we can conclude that the observed flow pattern is
slug flow pattern.

Figure 4.14 shows the comparison of observed 14 data points of wavy/annular
transition flow pattern data with their calculated position on Taitel & Dukler map. Some
of the observed flow pattern data were just below the line of stratified wavy to annular-
dispersed transition, some of them were on the line, and rest of them were slightly above
the transition curve of Frp. Also, all of the observed flow pattern data were less than the
line value of the annular disﬁersed to intermittent flow transition (X = 1.6). Therefore, we
can confirm from this comparison that the observed flow pattern is wavy to annular
transition flow pattern.

In Figures 4.15, observed annular/bubbly and annular/bubbly/slug flow pattern
data were compared with their calculafed positions on Taitel and Dukler map. As can be
seen from Figure 4.15 (a) :allz of tile observed flow pattern data were above the line of
stratified wavy to annular-dispersed and stratified wavy to intermittent transition, Frp.
Thus, the right flow pattern can not be decided from this comparison. Figure 4.15 (b)
shows the comparison between the observed flow pattern and the calculated positions
(Ttp) on intermittent to annular-dispersed transition line (X = 1.6) and intermittent to
dispersed bubble transition line, Ttp. All of the observed flow pattern» data were well
below the transition line of intermittent to dispersed bubbly flow patterns, and were
slightly larger than the value of X = 1.6 for intermittent to annular-dispersed flow pattern
transition line. From these comparisons, we may conclude that the observed flow pattern

is either annular/bubbly or annular/bubbly/slug transition flow pattern.
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In Figures 4.16, observed bubbly/slug flow pattern data were compared with their
calculated positions on Taitel & Dukler map. As can be seen from Figure 4.16 (a) all of
the observed flow pattern data were above the line of stratified wavy to annular-dispersed
and stratified wavy to intermittent transition, Frp. Thus, we can not decide the right flow
pattern from this comparison. Figure 4.16 (b) shows the comparison between the
observed flow pattern and the calculated positions (Ttp) on intermittent to annular-
dispersed transition line (X = 1.6) and intermittent to dispersed bubble transition line. All
of the observed flow pattern data were quite below the transition line of intermittent to
dispersed bubbly flow pattems,‘and were larger than the value of X = 1.6 for intermittent
to annular-dispersed flow pattem‘ transition line. From these comparisons, we may
conclude that the observed flow pattern is bubbly/slug transition flow pattern. -

Next, all of the measured flow pattern data will be plotted along with the mass
flow rates of air and water. Based on this plot, an attempt to classify each different flow
pattern using the values of the mass flow rates will be introduced.

4.2.3 Flow Pattern Classification Using the Mass Flow Rates of Air and Water

Experimentally observed flow pattern data were plotted on their corresponding
values of mass flow rates of air and liquid in Figure 4.17. Shaded lines in diagonal
direction show possible flow pattern transitions. Under the conditions of small amounts
of air and liquid mass flow rates, stratified flow patterns were observed. At moderate gas
flow rates with the low liquid flow rates, wavy flow patterns were observed. Also, with
the low liquid flow rates together with relatively high air flow rates, annular/wavy
transitional flow patterns were observed. Next, with moderate to relatively high liquid

flow rates together with low to moderate air flow rates, slug flow patterns were observed.
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With relatively moderate mass flow rates of both air and water, wavy/slug transitional
flow patterns were observed. With relatively high liquid flow rates mixed with high air
flow rates, either bubbly/slug or annular/bubbly/slug transitional flow patterns were
observed. However, it was very difficult to clearly distinguish the location of either
bubbly/slug or annular/bubbly/slug flow patterns on the mass flow rate flow pattern map
of Figure 4.17.

Table 4.7 shows the minimum and maximum values of air and water mass flow
rates according to the different ﬂ’ow pattern claéSiﬁcations. These minimum and
maximum values are based on the rectangular shapes which were plotted on Figure 4.17.
The rectangles were constructed by cqnnecting more than three data points at which same
flow patterns were observed. With these rectangular shapes, a desired flow pattern can be
easily controlled by taking the amounts of air and liqu.id inside the minimum and
maxiﬁlum straight lines in the rectangle. This way the ambiguity in judging the right flow
pattern can be avoided.

Table 4.7 also shows the number of experimental data points that has been
obtained for the two-phase heat transfer experiments. Those numbers are based on the
area occupied in Figure 4.17. Due to the large area and the shape of the slug flow pattern
on Figure 4.17, two rectangles were plotted on this figure for slug flow and two different
minimum and maximum values of air and liquid mass flow rates are suggested in Table
4.7. It should be mentioned that due to the small area of wavy/slug flow pattern and the
difficulty of clearly controlling the mass flow rates of air and liquid based on the irregular
shape of the boundaries on Figure 4.17, no number of data points for the wavy/slug flow

pattern was assigned in Table 4.7. The suggested limits for the mass flow rates of air and
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Table 4.7 Minimum and Maximum Values of the Air and Water Mass Flow Rates
According to the Different Flow Patterns and Number of Experimental
Data Points Taken

m, m, Expected Flow Pattern Prospective Number
of Data Points
[lbm/hr] [lbm/hr]
Min. | Max. | Min. | Max. All of the Flow Patterns ' 150
12 0 147 Stratified -
7 300 1300 ’ Slug 25
0 20 1300 | 5460 Slug 30
20 32 0 310 . Wavy 20
10 30 300 800 Wavy/Slug -
24 | 80 | 1080 | 4890 Bubbly/Slug or 35
Annular/Bubbly/Slug
43 | 80 0 | 925 Annular/Wavy 40

water in wavy/slug flow patfem in Table 4.7 are somewhat arbitrary and the mass flow
rétes of air and water should be carefully adjusted in order to generate clear wavy/slug
transitional flow pattern. Also, due to thé difficulty of applying low wall heat flux (< 350
amperes) té the test section, nb heat transfer measurement in stratified flow pattern was
obtained. Since, both of the gas and liquid flow rates are relatively quite small, there was
the strong possibility of Eoiling due to the continuous increase of the top surface
temperature of the inside pipe wall. This situation could cause damage to the test section.

Thus, no heat transfer measurement in stratified flow pattern was assigned in Table 4.7.
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Through out this section, the observed flow patterns, comparisons of the observed
flow pattern data with the Taitel and Dukler (1976) map, and an attempt to classify the
flow patterns with the aid of the mass flow rates of air and water were presented. In the
next section, the experimental results of air-water two-phase heat transfer measurements
and comparisons of the experifnental data with previous studies, and finally
recommended correlations for the two-phase heat transfer coefficients in horizontal pipes

will be introduced.
4.3 Two-Phase HeateTranéfer Results

In this section, the results of air-water two-phase heat transfer data covering wavy
and slug ﬂQw patterns, and wavy/annular, slug/bubbly, and annular/bubbly/slug
transitional ﬂow patterns ére presented. First, the ranges of the experimental data taken
are described and the general behavior of the two-phase heat transfer results are
discussed. Then, the data for two-phase heat transfer coefficients were compared with the
data available from the open literature (refer to Table 1.14). Also, the two-phase heat
transfer coefficients from the experiment were compared with previously recommended
correlations (Kim et al. 1999c, Kim et al. 2000). At the end of this section, the
recommended correlations for two-phase heat transfer coefficients in horizontal pipes are
introduced.

43.1 Two-Phase Air-Water Experimental Data

Table 4.8 shows a summary of the air-water heat transfer experimental data taken

under steady-state conditions with uniform wall heat flux. This table shows the flow
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Table 4.8

Summary of the Air-Water Experimental Data

m, Vs Regy, mg Vsa Resg X Twx | Pwix AP Ps o Pry hp Q" Bg::::e
Error
[Ibmvhr] | {ft/sec] [tbm/hr] | [ft/sec] [°F] [psi] |[inH:O0]| [psi] [Btu/hr- | [Btwft™ | [%]
f*oF) | Wil

Wavy Flow Pattern (20 data points)
Min. | 11457 { 0.08 636 21.33 4.85 6754 0.32 61.45 0.27 066 | 19.73 0.83 6.63 {170.25| 1093 4.68
Max. | 312.68 | 0.21 1829 31.14 5.16 9887 0.85 76.49 | 0.87 2,33 37.33 _ 0.90 6.99 _ 749.90 1664 | 21.49
Avg. |{190.54 ) 0.13 1098 25.38 5.02 8049 0.53 67.30 0.47 1.07 27.33 0.87 6.74 | 417.33 | 1355 13.70
Wavy- Annular Transitional Flow Pattern (41 data points)
Min. | 408.71 { 0.28 2163 39.53 4.82 12616 | 0.76 57.28 2.02 1.37 40.52 0.76 6.30 {417.65 | 2486 -3.13
Max. | 954951 0.65 4985 60.43 6.95 19132 1.62 67.90 3.30 6.72 67.69 0.82 6.99 | 72465 | 2899 | 20.02
Avg. | 689.41 | 0.47 3611 49.45 5.89 15678 1.19 61.36 2.60 5.14 55.61 0.78 6.57 | 53111 | 2764 8.65
Stug Flow Pattern (53 data points)
Min. | 343.74 | 0.23 2468 1.68 0.89 536 213 71.37 0.06 0.34 0.72 0.27 5.2 171.56 | 2202 | -18.99
Max. |5179.73| 3.51 35503 | 20.36 5.0 6448 | 4159 | 99.76 7.6 12.93 | 20.11 0.78 6.98 1370.58| 4643 18.43
Avg. [2269.63| 1.54 15012 | 8.04 3.04 2545 10.74 | 82.54 214 | 5.30 5.77 0.56 6.26 | 567.51 | 3709 1.85
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Table 4.8 Summary of the Air-Water Experimental Data - Cont'd

Pg

m VsL Resi, | g Vsa | Resg X Tvx | Pumix AP o Pr, h Q" Heat
L Balance
Error
[Ibm/hr]} [ft/sec] [Ibm/hr] | [ft/sec] [°F] [psi] |[inH;O]| [psi] [Btu/hr- | [Brw/f®- | [%]
fioF) | i
Slug-Bubbly or Annular/Bubbly/Slug Transitional Flow Pattern (36 data points)
Min. {1233.54| 0.84 | 7842 | 2154 | 40 | 6857 | 279 | 5454 | 311 | 243 | 2993 | 047 | 646 |574.35| 3425 |-20.55
Max. 14602.14| 3.12 26140 | 66.82 582 | 21213 | 1013 | 75.65 | 17.96 | 12.93 | 80.73 0.68 7.8 [1307.15] 4539 | 18.26
Avg. |3156.48| 2.14 17153 | 39.02 4.87 12436 | 5.76 65.31 9.48 12.12 | 50.47 0.57 6.94 | 88536 3796 | -1.65
Overall Data (150 data points)
Min. | 11457 | 0.08 | 636 168 | 089 | 536 | 032 | 5454 | 0.06 | 034 | 072 | 027 52 |170.25| 1093 |-20.55
Max. |5179.73} 3.51 35503 | 66.82 6.95 | 21213 | 41.59 | 99.76 | 17.96 | 12.93. | 80.73 0.9 7.8 [1370.58| 4643 | 21.49
Avg. |1773.34} 1.20 10555 | 29.11 4,52 9242 558 70.58 3.80 6.33 32.99 0.66 6.57 | 613.82 | 3158 4.45




patterns observed, number of data points taken in each flow pattern, the minimum,
maximum, and averaged values of the following parameters: mass flow rates of liquid
and gas along with their superficial velocities and Reynolds numbers, Martinelli
parameter (X), temperature and pressure of gas-liquid mixture, two-phase pressure drop
along the test section (AP), supplied gas pressuré (Pg), void fraction (d), liquid Prandtl
number, mean heat transfer coefficient (HTP ), applied heat flux (Q"), and the heat balance
error between the applied wall heat flux and the enthalpy balance. All of the measured
values of gas and liquid mass flow rates were within the range of those in Table 4.7 for
each specific flow pattern. More details on the experimental data listed on Table 4.8 can
be found in Appendix C.

Figure 4.18 (a) shows tHe measured temperatures of the fluid bulk inlet (Ts i) and
outlet (T _ou) Of the test section and the water storage tank (Ttax) for one of the test runs
(Run #7113) listed in Appendix C. A uniform heat flux (568 amps with a 4.56 volts of
voltage drop across the test section) was applied to the test section. Figure 4.18 (a)
indicates the variations of those temperatures according to the measured period of time
and Figure 4.18 (b) indicates the variations of temperature difference between the inlet
and outlet fluid bulk temperatures during the measurement pen'od. As can be seen from
these figures, during the measurement time period the temperature difference between the
inlet and outlet fluid bulk temperatures were maintained almost constant (within £0.3°C).
Thus, it can be concluded from this result that a steady-state condition was reached and
maintained across the test section.

Figures 4.19 show the time averaged wall temperatures from the 10 stations, the
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bulk fluid inlet and outlet temperatures, and the temperature difference between the wall
and the fluid bulk at each station for the test Run #7113 listed in Appendix C. Figure 4.19
(b) indicates that the temperature difference between the wall and the bulk temperatures
increased from the inlet to exit of the test section. Thus, it may be concluded that unlike
the single-phase heat transfer results, as was shown in Figure 3.11 (b), the thermally fully
developed condition cannot be established in the two-phase heat transfer runs with a
uniform heat flux boundary condition. It should be mentioned here that even though the
pressure drops (AP) across the test section were always measured during the two-phase
test runs, this information will not be used and analyzed in this study and is gathered for
other two-phase flow related studies.

Figure 4.20 shows the local heat transfer coefficients along the test section in slug
flow pattern for those test runs listed in Table 4.8. Comparing the single-phase local heat
transfer coefficient results plotted in Figure 4. 1‘ with this figure, we may conclude from
- this result that the local heat transfer coefficient along the section does not decrease
smoothly and there is no clear location for thermally fully developed region as can be
seen from Figures 4.20. Thus, the mean‘heat transfer coefficient (hpp) is evaluated by
averaging the local heat coefficient (hre) along the test section. This is similar to the
procedures used by other two-phase flow researchers (Aggour, 1978; Rezkallah, 1986;
Vijay,1978).

Figure 4.21 shows the variation of mean heat transfer coefficients as function of
superficial Reynolds numbers (Resg and Res;) for all of the air-water data points listed in
Table 4.8 and Appendix C. From this figure it can be seen that, generally, as the gas

superficial Reynolds number (Resg) increases for a fixed liquid superficial Reynolds
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number (Resy), the heat transfer coefficient increases. Some of the previous researchers
also observed the increase in two-phase heat transfer as the gas Reynolds number
increases for a fixed liquid Reynolds number.

Zaidi and Sims (1986) observed from the results of their two-phase heat transfer
experiment in a vertical pipe that the hrp generally increased as the air flow rate was
increased for each fixed liquid flow rate. Also, the increase in hrp was more significant at
low Regy, than at high Res;. They explained the increase in hrp, as suggested by Kudirka

et al. (1965), by the turbulence level already present in the liquid stream. At low liquid
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flow rates, the turbulence level in the liquid stream is small before being introduced into
the gas stream. The introduction of gas phase into the liquid stream increases the
turbulence level which results in a high heat transfer coefficient. However, at high Res,
the turbulence level is already high and the effect of gas-phase on hyp is not that
pronounced.

Kudirka et al. (1965) observed the increase in htp caused by the addition of a gas
phase into liquid flow from their air-water and air-ethylene glycol mixtures in a vertical
pipe. They discussed the reasons for those increases in terms of the following possible
mechanisms: liquid and mixture velocity increase due to the addition of the gas phase;
increased turbulence and mixing action in the main stream due to continuous interaction
of the two phases; and increased turbulence near-the heated wall cased by gas bubbles,
resulting in disturbance and decrease in the effective thickness of the viscous boundary
-sublayer by the fact that the eddies, presented in the wake of the rising bubbles, penetrate
in the viscous sublayer. Groothuis and Hendal (1959) mentioned in comparing their own
air-oil and air-water results that the influence of air on heat transfer was most pronounced
at the lowest Reynolds numbers because air would be more effective in promoting
turbulence there.

Ravipudi and Godbold (1978) found from their experimental data of air-water and
air-toluene mixtures in a vertical pipe that the introduction of air into the liquid increased
the heat transfer coefficient substantially due to the reduction of the effective thickness of
the viscous sublayer. They also found that hrp was increased, reached a maximum and
then decreased. The maximum in hrp was observed to be in the transition zone between

annular flow and mist flow. They explained that the highly turbulent motion of the gas-
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liquid mixture with increasing amounts of air caused randomly distributed dry spots to
appear on the wall and thereby decreased the heat transfer rate. Also, they attributed the
decrease in hrp at high Regg to the followings. First, the outlet liquid temperature
decreased due to the mass transfer from liquid to air. Next, the hrp did not increase in
proportion to the increase in the temperature gradient. Finally, the measurement of two-
phase mixture temperature was difficult.

From Fig. 4.21, we can also observe that there exists 2 maximum increase in hrp
as the Regg increases for a fixed liquid Reg;. The value of this Reg, is around 30000. For
the Regy greater than about 30000, the increase in hrp reached a maximum, then hrp
decreased as more air was added into thé test section. Previously, Pletcher and McManus,
Jr. (1968) also observed from air-water annular flow experiments in a horizontal pipe that
hrp passes through a maximum for a given water rate and then decreases as the air rate
increases. They explained this trend as follows. As the air rate increases a countering
mechanism comes into play which tends to reduce the heat transfer coefficients by
depressing the final exit equilibrium temperature. As the ratio of air flow rate to water
flow rate increases, more and more evaporation is possible. At some air flow rate, this
latter mechanism begins to dominate. They also suggested that the decrease in hrp is due
to liquid entrainment at the higher air rates.

Figure 4.22 shows the trends of hrp with the values of Resg and Regy in each
different flow pattern. In wavy flow pattern, Fig. 4.22 (a), the hyp increases relatively
linearly as the Resg increases for a fixed liquid Res;. However, the hyp is independent of
Res.. The hrp magnitude increased by about more than 5 times as Regg increased from

7000 to 10000. From these results, it can be concluded that the influence of air on heat
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Figure 4.22 (a) Air-Water Two-Phase Heat Transfer Coefficients in Wavy
Flow Pattern (20 Data Points)

Figure 4.22 (b) Air-Water Two-Phase Heat Transfer Coefficients in Wavy/Annular
Transitional Flow Pattem (41 Data Points)
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transfer is most pronounced at the lowest Reg;, because air would be more effective in
promoting turbulence there. Similar observations were also made by Groothuis and
Hendal (1959), Kudirka et al. (1965), and Zaidi and Sims (1986).

In wavy to annular transitional flow pattern, Fig. 4.22 (b), a relative maximum in
hrp exists as the Regg increases for a fixed liquid Resy.. This mechanism can be explained
by the following reasons suggested by Ravipudi and Godbold (1978) and Pletcher and
McManus, Jr. (1968): the outlet liquid temperature decreased due to the mass transfer
from liquid to air; the measurement for the two-phase mixture temperature was difficult;
or the liquid entrainment at the relatively higher air rates reduced the exit mixture bulk
temperature.

In slug flow pattern [Fig. 4.22 (c)] and slug to bubbly or annular/bubbly/slug
transitional flow pattern [Fig. 4.22 (d)], the hrp generally increases as either Regg or Resp
increases. However, at high Reg, in slug flow pattern the effect of gas-phase on hrp is not
pronounced since the turbulence level of the liquid is already high.

In this section, the trends of the mean heat transfer coefficients (hp, ) evaluated
from the air-water two-phase flow test runs for wavy and slug flow patterns and
wavy/annular, slug/bubbly, and annular/bubbly/slug transitional flow patterns listed in
Table 4.8 were presented and the supporting mechanisms for those trends were discussed.
In the next section, mean heat transfer coefficients will be compared with the
experimental data and correlations available from the literature. Then, at the end of the
next section, recommended correlations for air-water two-phase heat transfer coefficients

in a horizontal pipe are introduced.
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4.3.2 Prediction of Air-Water Two-Phase Heat Transfer Experimental Data

Limited experimental data (one set of slug flow data from King, 1952 and one set
of annular flow data from Pletcher, 1966) are available from the open literature. Slug
flow air-water heat transfer experimental data in a horizontal pipe have been obtained
from the current study and King (1952). Due to the capacity of the experimental setup in
the current study, no annular flow pattern data could be achieved. It is desirable to see
how well both sets of slug flow experimental data can be coincident. However, direct
comparisons with King’s (1952) experimental data are impossible. King’s experimental
range of the gas and liquid mass flow rates was much higher than that of this study. Also,
his experiments were conducted under a uniform wall temperature boundary condition
(steam heatevd test section) rather than a uniform wall heat flux boundary condition.
Therefore, the next best approach would be to compare the results of predictions of these
data by previously recommended heat transfer correlations.

Figure 4.23 shows the comparison of the predictions of Kim et al.’s (2000)
vertical pipe correlation (see Eq. 2.11) with the 150 horizontal pipe experimental data
points from current study and the 21 slug flow data points from King's (1952) horizontal
pipe experiments. As shown in this figure, the previously recommended general
correlation (Kim et al., 2000) for a vertical pipe regardless of flow pattemn and fluid
combination predicted the heat transfer coefficients quite well for the bubbly-slug and
bubbly-slug-annular transitional flow data, which can be obtained in both vertical and
horizontal pipes. All those predictions Were within £30 % deviation band. However, the

trend of predictions for the heat transfer coefficients in wavy flow or wavy-annular
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transitional flow patterns were not correctly predicted. Since the complete separation
between phases of gas and liquid occurred in the wavy flow and wavy-annular
transitional flow patterns with relatively small flow rates of air and water, the heat
transfer mechanism in a horizontal pipe is quite different from the heat transfer
mechanism in a vertical pipe as can be seen from the heat transfer predictions for wavy
flow and wavy-annular transitional flow patterns in Fig. 4.23.

It is interesting to note that there are similarities in the distribution of King’s
predicted results and the current study’s slug flow data as shown in Fig. 4.23. Also, the.
predictions for both slug data are close to £30% deviation band. Thus, the experimental
data in only slug flow and the bubbly-slug transitional flow can be accurately predicted
by the previously recommended general qorrelation for a vertical pipe (see Eq. 2.11) with
minor adjustments of its constants.

Figure 4.24 shows the comparison of the predictions of the general form of the
two-phase correlation (Eq. 2.9) with modiﬁéd constants for the 21 slug experimental data
points of King (1952) and 89 experimental data points of the current study. In order to
predict those experimental data accurately, values of the leading coefficient (C), the
exponents on the quality ratio term (m), and the void fraction term (n) were modified
from the previously recommended values (Kim et al.,, 2000) using the least-squares
method. Since the Prandtl number ratio term and the viscosity ratio term are typically
used to represent large variation in physical properties and the influence of the properties
of different fluids, the original vertical flow exponents were retained (refer to Table 2.12
and Table 4.9). This new recommended correlation yields a mean deviation of 0.36%, an

rms deviation of 12.29%, and a deviation range of -25.17% to 31.31%. About 92% of the
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slug flow or its transitional flow experifnental data (82 data points) were predicted with
less than +20% deviation. This new recommended correlation also predic;ced the slug
ﬂov? data from King (1952) with a mean deviation of 12.79%, an rms deviation of
20.78%, and a deviation range of -31.13% to 35.13%.

A similar procedure was used for our other experimental data with wavy and
wavy-annular transitional flow patterns. Table 4.9 shows the summary of the values of
the leading coefficient (C) and exponents (m, n, p, q) in the recommended general form
(Eq. 2.9) of the two-phase heat transfer correlation, the prediction results for each
different flow pattern, and the range of each parameter in the gengral form of the
correlation (Eq. 2.9). From this table, the following two important observations were
made. | . |

First, since the ranges of Res, for the wavy flow or wavy-annular tranéitional flow
are lower than the suggested Regy. range for thé vertical heat transfer correlation (refer to
Table 4.9 and -Eq. 2.11), it was necessary for/all of the five constants, the leading
coefficient (C) and eprnents (m, n, p, q) including the Prandt] number ratio term (p) and
the viscosity ratio term (q), to be modiﬁedv from the previously recommended values in
order to predict the hrp accurately. From this result, it can be concluded that the effects of
the Prandtl number ratio term and the viscosity ratio term on hrp in léminar flow regime
of the liquid (Res < 4000) are more pronounced than their effects on hrp in the turbulent
flow regime of the liquid. However, since the above observation is based on limited air-
water experimental data in a horizontal pipe, thié observation should be further verified
by comparing the results with additional experimental data for different fluid

combinations as they become available.
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Second, since the range of the parameters for the wavy flow pattern are
considerably different than those for the other flow patterns (see Table 4.9), it leads to
much larger values for the recommended constants in the heat transfer correlation for this
flow pattern. In particular, the difference between the relative magnitudes of the gas and
liquid flow rates in this flow pattern (wavy) in comparison to other flow patterns (see
Table 4.7) is mostly responsible for this large increase in the heat transfer correlation
constants.

Graphical prediction results in wavy-annular transitional flow and wavy flow are
also provided in Figure 4.25. From this figure, the improved predictions by the new
values in Table 4.9 may be observed and compared with the previously recommended
correlation for a vertical pipe (Eq. 2.11) shown in Fig. 4.23. As can be seen from this
figure, the trends on hyp for wavy-annular transitional flow and wavy flow are now
correctly predicted (in contrast to the results in Fig. 4.23). 100% of the wavy-annular
transition flow data (41 data points) and 80% of the wavy flow data (16 data points out of
20) were predicted with less than +20%. Figure 4.26 shows the predictions based on the
recommended constants given in Table 4.9 for all of the flow pattern data from the
current study. The overall deviation range of the prediction is from —-25% to 34%, the
overall mean deviation is about 1%, and the overall r.m.s. deviation is about 12%. 93% of
all of the data (139 data points out of 150) from the current study were predicted with less
than +20%.

Throughout this chapter, the details of the results for single-phase heat transfer,
two-phase flow patterns from current horizontal experimental setup, and air-water

horizontal heat transfer behavior in different flow patterns have been discussed. In the
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next chapter, summary and conclusions of this study based on the current results and

future recommendations will be introduced.
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Table 4.9 Summary of the Values of the Leading Coefficient (C) and Exponents (m, n, p, q) in the Recommended Heat Transfer
Coefficient Correlation (hrp), the Results of Prediction, and the Parameter Range of the Correlation

General Form of the Two-Phase Heat Transfer Coefficient Correlation:

x m o n Pr P M 1

Experimental Data Value of C and Exponents (m, n, p, q) Mean | rmms Dev. | Number | Range of Range of Parameter
Dev. | ofData Dev.
C [ m [ n | p | 4 | G | & | vitin| @ (L) ( a ) P ) | (4
S EIEIRR

Slug and ,
Bubbly/Slug . -25.17 2468 6.9x10™ 0.36 0.102 0.015
Bubbly/Slug/Annular 0.36 12.29 82 and and and and and and
89 data points from 2.86 0.42 0.35 0.66 -0.72 31.31 35503 0.03 3.45 0.137 0.028
Current Study
Slug -31.13 22500 | 7.1x10™ 0.34 0.23 0.041
21 data points from 12.79 20.78 10 and and and and and and
King (1952) 35.13 119000 0.11 7.55 0.25 0.044
Wavy-Annular -12.77 2163 0.05 3.10 0.10 0.015
41 data points from 1.58 1.40 0.54 -1.93 | -0.09 1.15 3.38 41 and and and and and and
Current Study 19.26 4985 0.13 4.55 0.11 0.018
Wavy -19.79 636 0.08 487 0.102 0.016
20 data points from 27.89 3.10 -4.44 -9.65 1.56 3.60 16.49 16 and and and and and and
Current Study _ 34.42 1829 0.25 8.85 0.107 0.021
All of the Data Points -25.17 636 6.9x10™ 0.36 0.102 0.015
for Current Study See Above for the Values for Each Flow 1.01 12.08 139 and and and and and and
(See Table 4.8) Pattern 34.42 35503 0.25 8.85 0.137 0.028
150 data points
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CHAPTER V
SUMMARY, CONCLUSIONS AND RECOMMENDATIONS

To develop general two-phase heat transfer correlatons which can be applied to
different fluid combinations, flow patterns, and pipe orientations, an in-depth review of
the current open literature was conducted, the existing two-phase heat transfer
correlations were identified (Kim et al., 1999b), a robust correlation for vertical pipes was
developed (Kim et al., 2000), a two-phase flow experimental setup for heat transfer and
pressure drop measurements in a horizontal pipe was constructed, a flow pattern map for
~ the flow patterns thgt can be observed from the present study's experimental setup was
established, and the present study's air-water heat transfer experimental data in a
horizontal pipe with different flow patterns were correlated using a modified version of
our general vertical pipe heat transfer correlation. The results of these accomplishments
were presented and discussed throughout this study. This chapter will briefly highlight

these accomplishments, and recommendations for the future work will be presented.
5.1 Summary and Conclusions

This study was undertaken to develop a general two-phase heat transfer

correlation(s) which is robust enough to span all or most of the fluid combinations, pipe
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orientations, and flow patterns. To achieve this goal successfully, the following tasks

were completed:

1.

The general validity of the performance of the previously identified correlations (see
Table 1.6) with and without considering the author-specified ranges of applicability
was tested against the seven sets of extensive experimental data (see Table 2.1)
identified from the open literature (Kim et al., 1997, Kim et al., 1999a).

In order to improve the applicability of the previously recommended correlations to
different flow patterns and fluid combinations, each exponent of the key parameters
that appeared in the previously recommended correlations was varied to investigate
how critical that parameter is, and also to find out whether or not a changed exponent
value can yield improved fits of the correlation to the experimental data (Kim et al.,

1999b). .

. With the outcome of tasks 1 and 2 described above, a new improved two-phase heat

transfer correlation was developed, and the performance of the correlation was
compared against previously recommended correlations (Kim et al,, 1999¢, Kim et
al., 2000).

In order to obtain a comprehensive set of two-phase heat transfer experimental data in
a horizontal pipe covering several different flow patterns, an experimental setup was
constructed.

To help in determining whether the test setup was working well enough to carry out
two-phase heat transfer experiments, single-phase heat transfer data was taken and

compared with predictions of well-known single-phase heat transfer correlations.
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6. Based on the procedures of the flow pattern identification suggested by Taitel and

Dukler (1976) and visual observation as appropriate, two-phase isothermal
experimental data covering several different flow patterns was obtained and a new
flow pattern identification map (Fig. 4.17) was suggested based on the gas and liquid
mass flow rates of air and water in a horizontal pipe.

Air-water two-phase experimental data covering several different flow patterns in a
horizontal pipe were obtained and the trend of the mean heat transfer coefficients was
discussed based on the variation of the heat transfer coefficients with superficial
Reynolds numbers (Resg and Regy).

The results of the mean heat transfer coefficients from the present study were
compared with previously recommended correlations (Kim et al., 2000), and new heat

transfer correlations for the present experimental data were suggested.

Based on the results of the completed tasks described above, the conclusions drawn may

be summarized as follows: -

L

In order to assess the validity of the two-phase heat transfer correlations, predictions
of the identified 20 heat transfer correlations were compared with the seven sets of
experimental data identified from the open literature with or without considering the
restrictions of Regy, and Vso/Vs1 accompanying the correlations (Kim et al., 1999a).
There were no remarkable differences for the recommendations of the heat transfer
correlations based on the results with or without the restrictions on Resy, and Vsg/Vsy.
The comparison results between those heat transfer correlations and the seven sets of
experimental data are summarized in Table 2.4 for major flow patterns and in Table

2.5 for transitional flow patterns.
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2. In order to improve the applicability of those recommended correlations to the
available experimental data covering different flow patterns and fluid combinations,
the exponent value on either one of the three key parameters (a, 1+Vsg/VsL, or
Vsa/Vs1) which was typically added to most single-phase heat transfer correlations to
account for two-phase effects on heat transfer was parametrically varied and
optimized such that the final results were much improved fits of the correlations to
the experimental data. The conclusions of this task may be summarized as follows:

(a) Table 2.6 gives the summary of the optimal values for the exponent (n) of the key
parameter in each of the six selected two-phase heat transfer correlations: for
glycerin-air and water-freon 12 flows within vertical pipes, this study recommends
the use of the Aggour (1978) correlation along with the optimal n values listed in
Table 2.6 for the different fluid .combinations; use of the Knott et al. (1959)
correlation with the optimal n values listed in Table 2.6 for silicone-air and water-
helium flows within vertical pipes and water-air slug flow within horizontal pipes;
use of the Shah (1981) correlation along with the optimal n values listed in Table 2.6
for water-air flow within vertical pipes; and use of the Kudirka et al. (1965)
correlation with the optimal n values for water-air annular flow within horizontal
pipes.

(b) Simplifying the modified exponent n values listed in Table 2.7 which depend on the
four major flow patterns (bubbly, slug, froth, annular) in vertical pipes was
successfully completed without significant loss of accuracy (see Table 2.8). The
simplified exponent n values are 0.39 for the parameter (1+Vsg/VsL) in the Shah

(1981) correlation for predicting the water-air flow; -0.28 for the parameter (1-o) in
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the Aggour (1978) correlation for glycerin-air flow; 0.29 for the parameter
(1+Vs/Vsy) in the Knott et al. (1959) correlation for silicone-air flow; 0.34 for the
parameter (1+Vgso/Vsy) in the Knott et al. (1959) correlation for water-helium flow;
and -0.82 for the parameter (1-c) in the correlation for water-freon 12 flow.

(c) Attempts to simplify the exponent values in the six two-phase heat transfer
correlations according to the major flow patterns regardless of the fluid combinations
used for predicting the five sets of two-phase heat transfer experimental data in
vertical pipes were also made (see Table 2.9). Recommended exponent (n) values are
0.80 for the parameter (1+Vgs/Vsy) in the Shah (1981) correlation for bubbly flow; -
0.60 for the parameter (1-ot) in the Aggour (1978) correlation for slug flow; -0.43 for
the parameter (1-a) in the Rezkallah and Sims (1987) correlation for froth flow; and
0.26 for the parameter (Vso/Vsy) in the Ravipudi and Godbold (1978) correlation for
annular flow.

(d) To further improve the predictive capabilities of the recommended correlations in
predicting the two;phase heat transfer coefficient in each flow pattern, there appears
to be at least one additional parameter, related to the effects of different fluid
combinations on two-phase heat transfer, that might be required.

3. With the advanced knowledge accumulated from the above accomplishments using
the previously introduced correlations, this study developed a new general semi-
mechanistic heat transfer correlation (see Eq. 2.11), which can be applied to turbulent
gas-liquid two-phase flow in vertical pipes having different fluid flow patterns and
fluid combinations. The general correlation gives a very good representation of the

255 experimental data points referred to in Table 2.11 for water-air (Vijay, 1978),
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silicone-air (Rezkallah, 1987), water-helium (Aggour, 1978), and water-freon 12
(Aggour, 1978) with a mean deviation of 2.54%, an rms deviation of 12.78%, and a
deviation range of —64.71% to 39.55%.

A two-phase heat transfer experimental setup covering several different flow patterns
in a horizontal pipe was built, and all of the details for the experimental setup are
described in Chapter 3. From this experimental setup, flow rates of air and water,
absolute pressure and temperature of air supplied, inlet and outlet of the mixture
temperatures, mixture system pressure, differential pressure drops at ten pressure
taps, and four local surface temperatures of the test section at ten thermocouple
stations (see Fig. 4.3) could be successfully measured.

Single-phase heat transfer data from this experimental setup was obtained and
compared with the calculated values from several well-established single-phase heat
transfer correlations (see Tables 4.1 to 4.5). The experimental Nusselt numbers
agreed well (within £20%) with those predicted by the correlations. Therefore, based
on the overall comparisons of those correlations with the experimental data, it was
concluded that the experimental data was sufficient to prove that the test setup can
properly handle single-phase flow.

. Two-phase flow experimental data covering several different flow patterns was
collected from this experimental setup. Observed flow pattern data was compared
with calculated locations on the flow pattern map suggested by Taitel and Dukler
(1976). It was concluded from this comparison that all of the observed flow patterns

were matched with the predicted flow patterns by Taitel and Dukler. Using the
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collected experimental data, a new flow pattern map based on the mass flow rates of
air and water was also introduced (see Fig. 4.17).

Figure 4.21 shows the variation of mean heat transfer coefficient with regard to
superficial Reynolds numbers (Resg and Regy) for all of the data points in several
flow patterns listed in Table 4.8. Since the introduction of the gas phase into the
liquid stream increases the turbulence level and mixing action in the main stream due
to continuos interaction of the two phases, the heat transfer coefficient generally
increases as the Regg increases for a fixed Reg.. At low liquid flow rates, since the
turbulence level in the liquid stream was small before being introduced into the gas
stream, the influence of air on hrp was most pronounced by effectively promoting
turbulence in the mixture, resulting in enhancement of the two-phase heat transfer.
However, for the wavy to annular transitional flow pattern, a relative maximum in hrp
existed as the Resc increased for a fixed liquid Reg;, due to the decrease in the outlet
liquid temperature caused by mass transfer from liquid to air or by liquid entrainment
at the relatively higher air flow rates.

The general correlation developed for turbulent flow in a vertical pipe was applied to
the experimental data obtained from the present study in a horizontal pipe. The
general form of the correlation (Eq. 2.9) could be retained for the experimental data in
a horizontal pipe since the predictions for the heat transfer coefficients for the bubbly-
slug and bubbly-slug-annular transitional flow were within £25% deviation without
any modification of the constants of the general vertical correlation (see Fig. 4.23).
However, for those flow patterns that do not exist in a vertical pipe, the constants in

the general vertical correlation needed to be modified in order to predict the hrp
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accurately. Table 4.9 shows a summary of the values of the leading coefficient (C)
and exponents (m, n, p, q) in the recommended general form (Eq. 2.9) of the two-
phase heat transfer correlation. The overall deviation range of the prediction is from —
25% to 34%, the overall mean deviation is about 1%, and the overall r.m.s. deviation
is about 12%. 93% of all of the data (139 data points out of 150) from the current
study were predicted with less than £20% deviation.

As can be seen from Table 4.9, it was necessary for all of the five constants, the
leading coefficient (C) and exponents (m, n, p, q) including the Prandtl number ratio
term (p) and the viscosity ratio term (q), to be modified from the previously
recommended values in order to accurately predict the hrp in wavy ﬂow and annular
wavy transitional flow patterns. Thus, the effects of the Prandtl number ratio term and
the viscosity ratio term on hrp in the laminar flow regime of the liquid (Res;, < 4000)
are more pronounced than their effects on hrp in the turbulent flow regime of the
liquid. Also, as the range of the parameters for the wavy flow pattern are considerably
different than those for the other flow patterns (see Table 4.9), this leads to the much
larger values for the constants recommended to be used in the heat  transfer
correlation for this flow pattern. In particular, the difference between the relative
magnitudes of the gas and liquid flow rates in this flow pattern (wavy) in comparison
to other flow patterns (see Table 4.7) was mostly responsible for this large increase in

the heat transfer correlation constants.
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5.2 Recommendations

Throughout the present study, a robust two-phase heat transfer correlation for

turbulent flow (Resy > 4000) in a vertical pipe with different fluid flow patterns and fluid

combinations was developed. Also, with modified constants, the general form of the

correlation could be successfully applied to the air-water experimental data in a

horizontal pipe. However, based on the observations and conclusions made during this

study, the followings are recommended:

1.

Very limited two-phase heat transfer data in horizontal pipes with different flow
patterns is available in the open literature (see Table 1.14). King (1952) provides data
for slug flow and Pletcher (1966) for annular flow. In this study we focused on taking
data for the slug related flow pattern which is more practical for the oil/gas industry
and matched the capabilities of our experimental setup. In the future, heat transfer
data in all of the flow patterns (see Fig. 4.17) with different fluid combinations should
be collected. This would allow development of more comprehensive/robust
correlation(s) for the two-phase heatA transfer in horizontal pipes. To achieve this
requires certain modifications to our exiting experimental setup. Namely, adding a

large pump (about 2 hp pump or m, [lbm/hr] = about 7000) for liquid flow and
increasing the air compressor capacity (1 [Ibm/hr] = about 500).

Presently, there is no two-phase heat transfer data in the open literature for inclined
pipes as a function of inclination angle. Govier and Aziz (1973) explained that the
effect of pipe inclination on pressure drop is high at relatively low gas flow rates but

decreases with increasing gas flow rate. They concluded that at the lower gas and
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liquid rates, the slug flow pattern is dominant in uphill flow while in the downhill
case, the flow is usually in the stratified or wavy flow pattern. From these results, we
can see that the two-phase heat transfer mechanisms for different pipe inclination
angles may be different from those in vertical and horizontal pipes. Thus, by taking
two-phase heat experimental data in inclined pipes as a function of inclination angle,
the ultimate goal of developing a general correlation(s) which can be applied for
different fluid combinations, flow patterns, and pipe orientations can be achieved.
This type of correlation has application in the gas/oil industry.

. While predicting the heat transfer data from present study, the general form of the
correlation (Eq. 2.9) could be retained for the experimental data in the bubbly-slug
and bubbly-slug-annular transitional flow patterns. However, it was necessary for ?-111
of the five constants, the leading coefﬁcient (C) and exponents (m, n, p, q) including
the Prandt] number ratio term (p) and the viscosity ratio term (q), to be modified from
the previously recommended values in order to accurately predict the hrp in wavy
flow and annular wavy transitional flow patterns. Thus, the effects of the Prandtl
number ratio term and the viscosity ratio term on hrp in the laminar flow regime of
the liquid (Resy < 4000) are more pronounced than their effects on hrp in the
turbulent flow regime of the liquid. Also, as the range of the parameters for the wavy
flow pattern are considerably different than those for the other flow patterns (see
Table 4.9), this lead to the much larger values for the constants recommended to be
used in the heat transfer correlation for this flow pattern. However, since the above

observations were based on limited air-water experimental data in a horizontal pipe,
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these observations can be further verified by comparing the results with additional
experimental data for different fluid combinations as they become available.

. During the procedures of developing the general from of the recommended
correlation, Eq. (2.9), it was assumed that the density ratio of gas to liquid in Eq. (2.7)
could be canceled out with the density ratio within the velocity ratio of gas to liquid,
Eq. (1.11). However, for two-phase heat transfer in a horizontal pipe, it cannot be
- always true since Davis and David (1964) introduced the density ratio of liquid to gas
in their suggested two-phase heat transfer correlation (see Table 1.6). Thus, the
following alternative form of the general correlation can be developed by applying

similar procedures used in the development of Eq. (2.9).

<>[( ) ) [&ﬂ 61
) _ 1-x) \1-a, \ Pr, He ) \PL

The constants in the above equation should be determined empirically.

. Zaidi and Sims (1986) based on an experimental study of surfactant effect on two-
phase flow pattern and heat transfer in a vertical pipe using water-air and surfactant
solution-air, concluded that the surfactant produced very little effect on the heat
transfer coeﬁicients. However, in a horizontal pipe, due to the stratification
mechanism caused by the gravitational force, the different surface tensions in gas and
liquid can be important. Therefore, the influence of surface tension effect on two-
phase heat transfer in horizontal pipes should be re-investigated.

. Based on the accumulated knowledge from the procedures of identifying previously
recommended correlations and improving those correlations for better fit of the

existing experimental data, this study developed a new robust heat transfer correlation
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for turbulent flow in a vertical pipe. However, the correlation could not cover two-
phase heat transfer for laminar flow in a vertical pipe since two-phase heat transfer
for laminar flow in most cases is strongly influenced by secondary flow effects. Thus,
developing new heat transfer correlation(s) for laminar flow in vertical pipes can be
achieved by identifying the secondary flow effects on hrp.

As we could see from the variation of heat transfer coefficients with superficial
Reynolds numbers (Resckand'ReSL)- from Fig. 4.21, hrp was increased, reached a
maximum and then decreased as Resg was increased for a fixed liquid Res;.. Ravipudi
and Godbold (1978) also observed the same trends from their experimental data of
air-water and air-toluene mixtures in a vertical pipe, and they attributed the decrease
in hyp at high- Resc to the decrease in the outlet liquid temperature caused by mass
transfer from liquid to air. Thus, two-phase heat transfer with mass transfer for
horizontal pipes should be investigated.

‘During the two-phase heat transfer measurements in a horizontal pipe, the pressure
~drop (AP) across the test section was also measured. Since some researchers
previously tried to correlate the two-phase heat transfer data with the relationship
between two-phase pressure drop and - single-phase pressure drop suggested by

Lockhart and Martinelli (1949), this type of approach could also be attempted.
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APPENDIX B

UNCERTAINTY ANALYSIS

The probable error involved in the experimental measurements of the two-phase
heat transfer is presented in this appendix. Calculation of the uncertainties is based on the
method proposed by Kline and McClintock (1953).

The heat transfer coefficient is defined as:

h q” (B'l)

where Tw; is the inside wall temperature.

The percent probable error for h (Uy) is given by:

2 , V2
u. :[(d,q,,) [4a) } ®2)
q AT

The heat flux (q") is the product of the voltage drop (V) across the test section

and the current (I) carried by the tube. Therefore, the heat flux can be written as:

. VI (B-3)
1T DL

The uncertainty in the heat flux (U,.) can then be calculated using the following

equation:

e RCECIRG]
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The uncertainty of each variable was estimated as follows:

dV  The voltmeter has an accuracy of 1% of reading. The two-phase flow heat
transfer experimental data had a voltage range of 2.57 to 5.45 volts, and it
gives an average error of 0.0401 volt.

dI The ammeter had an error of 2% of reading. The two-phase flow heat
transfer experimental data had a current range of 309 to 643 amps, and it
gives an average error of 9.52 amps.

dD;  The inside diameter of the test section was measured accurately to 0.001 .
inch using a caliper, and the inside diameter was 1.097 inches.

dL The heated length of the test section was 110 inches and was measured to
within 0.0625v inch.

To evaluate the inside wali temperature, Tyw;, the heat diffusion equation is solved

by using the appropriate boundary conditions.

. L2 2
T = Two — D2 qu I:D: ln(goj—(———D" 5 D, ]} (B-5)
27z(—~°—~—_~—ilksL. i

4

The bulk temperature at the desired location x is determined by using the
following equation:
T = Tpou ~[(Tp.on ~ T )L —%)}/L (B-6)
where
Tgin = bulk inlet temperature
Tgout = bulk outlet temperature
The uncertainty associated with the quantity (Tw; — Tg), U, can be estimated

from the following equation:
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2 V2
U, HldTWo]+|dTB|+|dT1]+|dT2|J J ©7)
TWi - TB

where

- 2 _ 2
T] == Dz qDZ {Dz ln(%‘j—(————Do 2D' ]ji (B'S)
272_ ( ) ; i ) ksL i

T, = (Toou ~ Tom)L —%)/L (B-9)
For this analysis, the following uncertainties of each term are as follows:
dTw, The assumed error in the outside wall temperature (Tw,) was estimated to
‘be 0.5 °F within a range of 59 to 104 °F, which was within the temperature
variation during the test run, from the calibration runs for the
thermocouples. -
dTs  The average bulk temperature deviation was assumed to be 0.5 °F within a
range of 59 to 104 °F, which was within the temperature variation during
the test run, from the calibration runs for the thermocouple (inlet) and
thermocouple probe (outlet).
d”fz The deviation ratio, dT»/T> was assumed to be 0.05.
dT; The deviation ratio, dT,/T; was assumed to be 0.05.
Applying one of the test runs for the two-phase flow heat transfer (at thermocouple
station no. 6 of Rn8171):

q = 6159 Btwhr q" = 2486 Btu/ft*-hr

V =3.89 volts I=464.0 amps

251



Tein = 63.69 °F Teout = 71.83 °F

D, =1.136 inches D; = 1.097 inches
Two = 78.81 °F ks = 7.596 Btu/hr-ft-°F
x =475 ft (57 inches) L =9.167 ft (110 inches)

Substituting all of the above values into the proper equations, we have
T, =-0.995 °F
T,=3.922°F
(Twi — Tg) =9.907 °F
These values result in the expected experimental uncertainties of:
Ur  ={[(0.5+0.5+0.05+ 0.05)/9.907)*} 2

=0.111
U,  =[(0.04/3.89)" +(9.52/464.0)* + (0.001/1.097)* + (0.0625/110)*]2

=0.023
Us  =[(0.111) + (0.023]"2
Finally, the uncertainty for heat transfer coefficient calculations is
Un =1134% |
From the uncertainty analysis, it can be seen that the maximum error
corresponding to the experimental heat transfer coefficient is approximately 11.5%. As
shown in this analysis, the uncertainty in heat transfer coefficient is dominated by the

maximum error in the measurements of temperatures.
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*

*

* 0% ok ok % ok ok ok A ok k * o % o F

* o+ % *

" RHt99F "

A PROGRAM TO CALCULATE THE INSIDE WALL TEMPERATURES AND
LOCAL, HEAT TRANSFER COEFFICIENTS FOR GIVEN OUTSIDE WALL
TEMPERATURES FOR SINGLE PHASE HEAT TRANSFER STUDIES IN
HORIZONTAL TUBES. THE PROGRAM ALSO CALCULATES THE PERTINENT
FLUID FLOW & HEAT TRANSFER DIMENSIONLESS NUMBERS.

THE MATHEMATICAL ALGORITHM OF THIS PROGRAM HAS BEEN DEVELOPED
BY THE STUDENTS OF DR. J.D. PARKER & DR. K.J. BELL OF
OKLAHOMA STATE UNIVERSITY.
THE PROGRAM WAS MODIFIED BY:

Y. H. ZURIGAT (APRIL 1989)
AND REMODIFIED FOR A SPECIFIC PURPOSE BY:

DONGWOO KIM (AUGUST 1999)
UNDER THE SUPERVISION OF: DR. A.J. GHAJAR

SCHOOL OF MECHANICAL &
AEROSPACE ENGINEERING

OKLAHOMA STATE UNIVERSITY
STILLWATER, OK 74078

*
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* % F % A *
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*

SUBROUTINE LISTING

NAME FUNCTION
GEOM Prompts for pipe dimensions and
calculates geometry for finite
differencing
BET Calculates fluid Thermal Expansion Coefficient
CONDFL Calculates fluid Thermal Conductivity
DENS Calculates fluid Density
MEW Calculates fluid Viscosity
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*
*

* PRNUM Calculates fluid Prandtl Number *
* *
* SPHEAT Calculates fluid Specific Heat *
* ' *
* PRNT Prints calculated data to output files *
* *
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* *
* MAIN PROGRAM *
* *
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CHARACTER INFILE*36,SUMFILE*11l, FNAME*4, RUN*4
DIMENSION TCHCK1 (8),TCHCK2(8),QAVG(31),DELX(10),

+ CONDK (31,8) ,RSVTY (31, 8)
INTEGER RSWT,STN
COMMON/STATION/STN

COMMON /PRINT/ IPICK,REN(31,8),TBULK(31l),VEL,REYNO,PRNO,GW,

HTCOFF(31,8),H(31) ,RENO(31) ,GRNO(31),PR(31),
SNUS (31) ,VISBW(31),SHTHB(32),QFLXID(31,8) ,QFLXAV,
QGEXPT, QBALC, QPCT, IPMAX, TAVG (31) ,VISCA(31),
VISWLA (31) ,ROWA (31)

/INPUT/ TROOM, VOLTS, TAMPS, RMFL, MFLUID, X2, FLOWRT, NRUN, VFLOW,
TIN, TOUT, TOSURF(31,8),TISURF (31,8),IP(32),KST(32)

/TEMP1/ TWALL(31,8),AMPS(31,8),RESIS(31,8),POWERS (32),
" TPOWER

/MAIN1/ IST,KOUNT,NSTN

/GEOM1/ XAREA(31),R(31),LTP(32),LTH(32),DELZ(31),LHEAT,
LTEST,LOD (31),DOUT,DIN,DELR, NODES,NSLICE, PI

+ o+ + + o+ o+ o+ o+ o+

REAL*4 LTH,LTP,LTEST,LHEAT, H, HTCOFF, LOD, LENGTH
DATA DELX/6.75,16.75,26.75,36.75,46.75,56.75,66.75,76.75,86.75
+ ,96.75/

DELX, LENGTH WERE CREATED BY RYALI TO CALCULATE THE TBULK FOR HIS
SETUP
LENGTH=103.5D0

WRITE (*,*) 'ENTER THE STATION NUMBER TO CALCULATE'
READ (*, *) STN ~
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OPEN (8, FILE="STN.DAT")
1200 WRITE (*, *)

1 DO 101 I=1,8
DO 101 J=1,31
TOSURF (J, I)=0.
TISURF(J,I)=0.
REN (J,I)=0.
QFLXID(J,I)=0.
101 HTCOFF (J,I)=0.

PRINT*, ' !

PRINT*, ' !

PRINT*, 'Enter the file number.'
READ (*,1003) RUN

DO 2 J=1,18
2 INFILE='RN'//RUN//'.DAT'
OPEN (5, FILE=INFILE)

READ (5,1003) FNAME
REWIND 5

SUMFILE='RN'//FNAME//' .HTI'
OPEN (6, FILE=SUMFILE)
SUMFILE='RN'//FNAME//'.CMP"
OPEN (7, FILE=SUMFILE)

8 READ(5,1004) NRUN,NSTN
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IF (NRUN .EQ. 0) GO TO 99

X2=0.0

IPMAX=0
READ{5,1005)MFLUID, X2, FLOWRT, TAMPS, VOLTS, TIN, TOUT, TROOM
Write(*,*) 'Tin =', Tin

IF(X2.LT.0.0.0R.X2.GT.1.0) THEN

WRITE(*,*) ' WARNING : MASS CONCENTRATION IS OUT OF RANGE'
STOP

END IF

DO 9 IST=1,NSTN
READ (5,1006) KST (IST) , IP (IST),LTH(IST),
+ (TOSURF (IST,IPR),IPR=1,IP (IST))
IF (IST.NE.1) THEN
IF (IP(IST) .GE.IPMAX) IPMAX=IP (IST)
ELSE
9 ENDIF

VFLOW=FLOWRT

CALL DENS (TIN,MFLUID, X2, ROW)
RMFL=VFLOW*0.133666*60.0*ROW
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DO 30 IST=1,NSTN
IPP= IP(IST)
DO 10 IPR=1,IPP
10 TCHCK1 (IPR)=0.0

————— SET ALL RADIAL TEMPERATURES EQUAL -----
————— TO THE OUTSIDE SURFACE TEMPERATURES -----

DO 11 ISL=1,NODES
DO 11 IPR=1,IPP
11 TWALL (ISL, IPR) =TOSURF (IST, IPR)
KOUNT=1

————— CALCULATE THERMAL CONDUCTIVITY OF STAINLESS STEEL --~--
----- FOR EACH NODE IN BTU/ (HR-FT-DEGF) -————

12 DO 13 ISL=1,NODES
DO 13 IPR=1,IPP
CONDK (ISL,IPR)=7.27+0.0038*TWALL(ISL, IPR)
13 CONTINUE

----- CALCULATE ELECTRICAL RESISTIVITY OF STAINLESS STEEL -----
--=--- FOR EACH NODE IN OHMS-SQIN/IN  =----

DO 14 ISL=1,NODES
IPP= IP(IST)
DO 14 IPR=1,IPP
RSVTY (ISL,IPR)=(27.67+0.0213*TWALL (ISL,IPR))/1.E6
14 CONTINUE

DELR (DOUT-DIN) /2.0/NSLICE
R(1) DOUT/2.0
DO 15 1I=1,NSLICE

15 R(I+1)=R(I)-DELR

]
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IPP= IP(IST) .

XAREA(1)=(R(1) -DELR/4.0) *PI*DELR/IPP

XAREA (NODES) = (R (NODES) +DELR/4.0) *PI*DELR/IPP
DO 16 I=2,NSLICE

16 XAREA (I)= 2.0*R(I)*PI*DELR/IPP
RINV = 0.0
DO 17 ISL=1,NODES
DO 17 IPR=1,IPP
RESIS(ISL,IPR) = RSVTY(ISL,IPR)*DELZ(IST)/XAREA(ISL)
RINV = RINV +1.0/RESIS(ISL,IPR)
17 CONTINUE
----- CALCULATE CURRENT FOR EACH SEGMENT -----
OHMS = 1.0/RINV
AMP=0.0
DO 18 ISL=1,NODES
DO 18 IPR=1,IPP
AMPS (ISL,IPR) = TAMPS*OHMS/RESIS (ISL, IPR)
AMP=AMP+AMPS (ISL, IPR)
18 CONTINUE

CALCULATE TEMPERATURES AT NODE 2 @ = ==---

----- TEMPERATURES AT NODE 1 ARE OUTSIDE WALL TEMPERATURES -----

ISL=1

DO 20 IPR=1,IPP
ITHCTL=IPP
IMINS=IPR-1
IPLUS=IPR+1

NMINS

ISL - 1

NPLUS = ISL + 1

IF(IMINS.EQ.0 .AND. IPP.EQ. ITHCTL) IMINS=ITHCTL
IF(IPLUS.EQ. (ITHCTL+1) .AND. IPP.EQ. ITHCTL) IPLUS=1

A= 3.41214%*12.0*AMPS (ISL, IPR) *AMPS (ISL, IPR)

*RSVTY (ISL, IPR) /XAREA (ISL)

B = IPP*DELR* (CONDK (ISL,IPR) +CONDK (ISL, IPLUS))

+ * (TWALL (ISL, IPR) -TWALL (ISL,IPLUS))/(8.0*PI*R(ISL))
C = IPP*DELR* (CONDK(ISL, IPR) +CONDK (ISL, IMINS) )

+ * (TWALL (ISL, IPR) -TWALL (ISL, IMINS)) /(8.0*PI*R(ISL))
X = PI*(R(ISL)-DELR/2.0)* (CONDK(ISL,IPR)+CONDK (NPLUS, IPR))

/ (IPP*DELR)
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22

23
24

TWALL (NPLUS, IPR) = TWALL (ISL, IPR) - (A-B-C) /X

DO 21 ISL=2,NNODE

DO 21 IPR=1,IPP

ITHCTL=IPP

IMINS=IPR-1

IPLUS=IPR+1

NMINS=ISL-1

NPLUS=ISL+1

IF(IMINS.EQ.0 .AND. IPP .EQ. ITHCTL) IMINS=ITHCTL

IF (IPLUS.EQ. (ITHCTL+1l) .AND. IPP .EQ. ITHCTL) IPLUS=1
A= 3.41214*12.0*AMPS (ISL, IPR) *AMPS (ISL, IPR)

*RSVTY (ISL, IPR) /XAREA (ISL)

B =PI* (R(ISL)+DELR/2.)* (CONDK (ISL, IPR)+CONDK (NMINS, IPR))
' * (TWALL (ISL, IPR) -TWALL (NMINS, IPR) ) / (IPP*DELR)

C = IPP*DELR* (CONDK (ISL, IPR)+CONDK (ISL, IPLUS))
© % (TWALL (ISL, IPR) -TWALL (ISL, IPLUS) ) / (4 .0*PI*R (ISL))
D = IPP*DELR* (CONDK (ISL, IPR)+CONDK (ISL, IMINS))

* (TWALL (ISL, IPR) -TWALL (ISL, IMINS) ) / (4.0*PI*R(ISL))
X =PI*(R(ISL)-DELR/2.)* (CONDK (ISL,IPR)+CONDK (NPLUS, IPR))
/ {IPP*DELR)
TWALL (NPLUS, IPR) = TWALL(ISL,IPR)- (A-B-C-D)/X

TCHCK = 0.0
DO 22 IPR=1,IPP
TCHCK2 (IPR) =TWALL (NODES, IPR)
TCHCK = TCHCK + ABS (TCHCK2 (IPR)-TCHCK1 (IPR))
IF (TCHCK .GT. 0.001) GO TO 23
GO TO 26
DO 24 IPR=1,IPP
TCHCK1 (IPR) = TCHCK2 (IPR)
KOUNT = KOUNT+1
GO TO 12
WRITE(6,1007) IST,KOUNT
DO 27 IPR=1,IPP
TISURF( IST ,IPR)=TWALL (NODES, IPR)
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POWER =0.0
DO 28 ISL=1,NODES
DO 28 IPR=1l,IPP
POWER=POWER+AMPS (ISL, IPR) *AMPS (ISL, IPR) *RESIS (ISL, IPR)
28 CONTINUE

POWERS (IST) =POWER*3.41214

ISL=NODES

IPP= IP(IST)
ITHCTL=IPP

DO 29 IPR=1l,IPP
IPLUS=IPR+1
IMINS=IPR-1
IF(IMINS.EQ.0 .AND. IPP .EQ. ITHCTL) IMINS=ITHCTL
IF(IPLUS.EQ. (ITHCTL+1) .AND. IPP.EQ. ITHCTL) IPLUS=1
Q1 PI* (CONDK (ISL-1,IPR)+CONDK (ISL,IPR))*(R(ISL-1)-DELR/2.0)*

+ (TWALL (ISL, IPR) -TWALL (ISL-1, IPR) ) / (IPP*DELR)
Q2 IPP* (CONDK (ISL, IPLUS) +CONDK (ISL, IPR) ) *DELR

+ * (TWALL (ISL, IPR) -TWALL (ISL, IPLUS)) / (PI*R(ISL) *8.0)
Q4 IPP* (CONDK (ISL, IPR)+CONDK (ISL, IMINS) ) *DELR

+ * (TWALL (ISL, IPR) -TWALL (ISL, IMINS) )/ (PI*R(ISL) *8.0)
QGEN=3.41214*12.0*AMPS (ISL, IPR) *AMPS (ISL, IPR)

+ *RSVTY (ISL, IPR) /XAREA (ISL)

29 QFLXID(IST,IPR) =(QGEN-Q1-Q2-Q4)*IPP*12.0/(2.0*PI*R(ISL))

H

1]

30 CONTINUE

DO 40 IST=1,NSTN
IPP= IP(IST)
DO 40 IPR=1,IPP
TR=TISURF (IST, IPR)
CALL MEW (TR,MFLUID, X2,VISS)
REN (IST, IPR) =RMFL*48.0/ (PI*DIN*VISS)

40 CONTINUE
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TPOWER=0.0
DO 45 IST=1,NSTN
45 TPOWER=TPOWER+POWERS (IST)

TBULK (1) =TIN+ (TOUT-TIN) *LTP (1) /LTEST
DO 50 IST =2,NSTN : .
50 TBULK(IST) = TBULK(IST-1) + (TOUT-TIN)*LTP(IST)/LTEST

----- CALCULATION OF INPUT AND OUTPUT HEAT TRANSFER RATE,BTU/HR -----
----- AND OVERALL AVERAGE REYNOLDS AND PRANDTL NUMBERS -———
QGCALC=TPOWER
QGEXPT =TAMPS*VOLTS*3.41214
QIN=QGEXPT

QFLXAV=QIN/ (3.1416*DIN/12.0* (LHEAT/12.0))

T= (TOUT+TIN) /2.0

CALL SPHEAT (T,MFLUID, X2, SPHT)
CALL MEW (T,MFLUID,X2,VISC)
CALL CONDFL (T,MFLUID, X2, COND)

QBALC=RMFL*SPHT* (TOUT-TIN)
QPCT= (QIN-QBALC) *100.0/QIN
AID=PI*DIN*DIN/4.0/144.0
GW=RMFL/AID
REYNO=GW*DIN/12.0/VISC
PRNO=VISC*SPHT/COND

----- CALCULATION OF PERIPHERAIL, HEAT TRANSFER COEFFICIENT -----
----- FROM EXPERIMENTAL DATA,BTU/ (HR-SQ.FT-DEG.F) --—--

DO 55 IST=1,NSTN
IPP= IP(IST)
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DO 55 IPR=1, IPP
HTCOFF (IST, IPR) =QFLXID(IST,IPR)/(TISURF(IST,IPR)-TBULK(IST))
55 CONTINUE

DO 65 IST=1,NSTN
IPP= IP(IST)
IF (IPP.EQ. 4) GO TO 60
SHTHB (IST) =HTCOFF (IST, 1) /HTCOFF (IST, 2)
GO TO 65
60 SHTHB (IST) =HTCOFF (IST, 1) /HTCOFF (IST, 3)
65 CONTINUE

DO.-75 IST=1,NSTN

0Q=0.0

TT=0.0

IPP= IP(IST)

DO 70 J=1,IPP
TT=TT+TISURF (IST, J)
QQ=0Q+QFLXID (IST,J)

70 CONTINUE

TAVG (IST) =TT/IPP

QAVG (IST) =QQ/IPP :

H(IST)=0QAVG (IST)/(TAVG(IST)-TBULK (IST))

75 CONTINUE

DO 85 IST=1,NSTN
T=TBULK (IST)
CALL MEW(T,MFLUID,X2,VISC)
CALL SPHEAT (T,MFLUID, X2, SPHT)
CALL CONDFL(T,MFLUID, X2, COND)
CALL DENS (T,MFLUID, X2,ROW)
CALL BET(T,MFLUID,X2,BETA)
VISCA(IST)=VISC
ROWA (IST) =ROW
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80

85

99

1002
1003
1004

PR(IST) = VISC*SPHT/COND
RENO (IST) = GW*DIN/ (12.0*VISC)
GRNO (IST) =G*BETA*ROW**2* (DIN/12) **3* (TAVG (IST) -TBULK (IST))
/VISC*%2 *3600.0%*2
TIS=0.0
IPP= IP(IST)
DO 80 IPR=1,IPP
TIS=TIS+TISURF (IST, IPR)
T=TIS/IPP
CALL MEW(T,MFLUID, X2, VISWL)
VISWLA (IST)= VISWL
VISBW(IST) = VISC/VISWL
SNUS (IST)=H(IST) *DIN/ (12.0%*COND)
TWALL (IST, 1) =TAVG (IST)
CONTINUE

WRITE (*,*) 'WANT TO PROCEED PRESS 1 ELSE O
READ (*, *) RSWT

IF(RSWT.EQ.1) THEN
GOTO 1200

ENDIF

KEEP = 2
GO TO 8

STOP
FORMAT (A36)

FORMAT (A4)
FORMAT (I4,1I3)
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1005 FORMAT (I2,F5.2,F8.4,5F8.2)
1006 FORMAT (13,I3,F9.2,8F8.2)
1007 FORMAT (//5X, 'TEMPERATURES AT STATION',I3,' DO NOT CONVERGE AFTER',
+ I3,' ITERATIONS. JUMP TO NEXT STATION')
1008 FORMAT(//////////////,6X, 'DATA REDUCTION COMPLETED FOR RUN # ', I4,
+ /1111711717)
CLOSE (6)
CLOSE (7)
END

hkkkhkkkkhhkhhhkkhhhdhd kb kb ko h ok hk ok h ok kkhk ko k ko kkk ko kkkkkkdhk k¥
SUBROUTINE GEOM

ALL LENGTH IN INCHES

* % % * *
* o F F *

L L Y T e

SUBROUTINE GEOM
COMMON /MAIN1/ IST,KOUNT,NSTN
+ /GEOM1/ XAREA(31),R(31),LTP(32),LTH(32),DELZ(31),LHEAT,
LTEST, LOD(31) ,DOUT, DIN,DELR, NODES, NSLICE, PI

REAL*4 LTH,LTP,LTEST, LHEAT, LOD

NSLICE=10
NODES= NSLICE + 1

DOUT=1.315
DIN=1.097
LHEAT=103.5

2 PI = 3.141592654
LTEST = LHEAT+0.5

DO 3 I=1,NSTN
3 1LOD(I)=LTH(I)/DIN
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LTH (NSTN+1) =LHEAT
LTP (1) =LTH(1)

SUM=LTP (1)
DO 4 I=2,NSTN
LTP(I) = LTH(I)-LTH(I-1)
4 SUM=SUM+LTP (I)
LTP (NSTN+1) =LHEAT-SUM
DELZ (1) = LTH(1)+( LTH(2)-LTH(1))/2.0

DO 5 I=2,NSTN

5 DELZ(I) = ( LTH(I+1)-LTH(I-1))/2.0
RETURN
END

dkhkhkdkdkhkhkkdkkkdkdkdkhrhbhkdkdkdkdkdkdkdkhkdkhdkdkdkdkdkdkdkhkhkdkdkdkdkdkdkdkdkdkdkhhkhkhkhkhkhkhkhkhkhkkkkkdkdkkdkdkhkikh

*

SUBROUTINE BET

CALCULATES THE THERMAL EXPANSION COEFFICIENT (BETA) FOR PURE
WATER AND ANY CONCENTRATION OF ETHYLENE GLYCOL/WATER SOLUTION.
THE INPUT IS TEMPERATURE IN DEGREES F AND THE OUTPUT IS 1/F.

* 0k * X ¥
* F * X+ *

**

NN onan

% % % % K % %k ke ke ke kg g % % g g g g g g g g g g gk g g g g g kg g g g g g g g g g g dk dk ke dk e e e e e de ok ok ke ke ke ke ke ke kg ke ok

SUBROUTINE BET (TF,MFLUID, X,BETA)
T = (TF-32.0)/1.8

C --mm- PURE WATER -----

IF (MFLUID.GT.1)GO TO 1
PDRT=0.0615-0.01693*T+2.06E-4*T**2-1 77E-6*T**3+6.3E-9*T**4
GO TO 2

1 PDRTA -1.2379*%1.E~-4 - 9.9189*1.E-4*X +4.1024*1.E-4*X*X
PDRTB = 2.*((~2.9837E-06*T+2.4614E-Q06*X*T -9.5278E-8*X*X*T))
PDRT= (PDRTA+PDRTB) *1000.

2 CALL DENS (TF,MFLUID, X, ROW)

ROW=ROW/.062427

BETAC= - (1.0/ROW)* (PDRT)
BETAF =(1.0/BETAC)*1:.8
BETA = 1.0/BETAF

RETURN
END

C F,hkkdhkhkkkhkkdkdhdhhhdhhddhhhhhhhkdkdhkdkhkhhhhhhhhhhhhhhhdhhhhhhhhhkhkkdkhkhkhkhkhdhk

266



N nNoaoaQaoaaoaaonnaoaonan

* ok % ok ok ok Ok ok ok * *

SUBROUTINE CONDFL

CALCULATES THE THERMAL CONDUCTIVITY (COND) FOR PURE WATER
AND ANY CONCENTRATION OF ETHYLENE GLYCOL/WATER SOLUTION.
THE INPUT IS TEMPERATURE IN DEGREES F
AND THE OUTPUT IS IN BTU/ER-FT-'F

TEMPERATURE RANGE:
PURE WATER 0 - 100 C
E.G. MIXTURES 0 - 150 C

* % ok ok ok ok ok ok * ¥ *

kkkkhkhkkhkhkhkhkkhkhkhhkhkhhkhkhhkhkhhkhhkhkhhhkhhhkhhhkhhkhkhkhkhkhkhdhkhkhkhkhkhkhkhkhkhhkhkhhkhhkhkhkdkhkkdk

SUBROUTINE CONDFL (TF,MFLUID, X, COND)

T=(TF-32.0)/1.8
CONW=0.56276+1.874E-3*T-6.8E-6*T**2

IF (MFLUID.GT.1) GO TO 1

-- PURE WATER -----

IF(T.LT.0.0.0R.T.GT.115.0)THEN

WRITE(*,*)' TEMPERATURE IS OUT OF RANGE IN SUBROUTINE CONDFL'
STOP
END IF

COND=CONW*0.5778
GO TO 2

IF(T.LT.0.0.0R.T.GT.150.0) THEN

WRITE(*,*)' TEMPERATURE IS OUT OF RANGE IN SUBROUTINE CONDFL'
STOP
END IF

CETH=0.24511+0.0001755*T-8.52E-7*T*T
CF=0.6635-0.3698*X-0.000885*T

COND= (1. 0-X) *CONW+X*CETH-CF* (CONW-CETH) * (1.0-X) *X
COND=COND*0.5778

RETURN

END

C khkkhkhkhkkkrhkhhkhkkhdhkhhthhhhbhddhhhhhbhbhkhhkhkhkhkhbdhkhhkhkhhhdhkddkdddkddhdbhhdhhhhdhd
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N

* *
* SUBROUTINE DENS *
* *
* CALCULATES THE FLUID DENSITY (ROW) FOR PURE WATER *
* AND ANY CONCENTRATION OF ETHYLENE GLYCOL/WATER SOLUTION. *
* THE INPUT IS TEMPERATURE IN DEGREES F AND THE OUTPUT IS LB/FT**3. *
* *

TEMPERATURE RANGE: *
* PURE WATER 0 - 100 C *
* E.G. MIXTURES 0 - 150 C *
* *

dkhkhkhkhkhhkhkhkhkhkhkhkhkhkhkhkhkhhkhkhkhkhkhhkhkkhkhkkhkhkkhkhkkhkhkhkhkhkkhkhkkhkhkhkkhkhkkkhkhkhkhkhkhkkhkhhdkikt

SUBROUTINE DENS (TF,MFLUID, X, ROW)
DIMENSION D(3,3),AD(3,3)

T=(TF-32.0)/1.8
IF (MFLUID.GT.1l) GO TO 1

IF(T.LT.0..0R.T.GT.115.0) THEN

WRITE(*,*) ' TEMPERATURE IS OUT OF RANGE IN SUBROUTINE DENS'
STOP : ’

END IF

ROWSI=999.86+.061464*T-.0084648*T**2+6.8794E~-5*T**3-4 4214E-7
+ *T**441 . 2505E-9*T+**5
ROW=ROWSI*0.062427
CALCULATING THE ROW WITH T IF DEGREE F
BY RYALI
ROW=1/(2.101E-8*TF**2-1.303E-6*TF+0.01602)

GO TO 4

1 IF(T.LT.0.0.0R.T.GT.150.0) THEN
WRITE (*,*) ' TEMPERATURE IS OUT OF RANGE IN SUBROUTINE DENS'
STOP
END IF

AD(1,1)=1.0004
AD(1,2)=0.17659
AD(1,3)=-0.049214
AD(2,1)=-1.2379E-04
AD(2,2)=-9.9189E-04
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AD(2,3)= 4.1024E-04
AD(3,1)=-2.9837E-06
AD(3,2)= 2.4614E-06
AD(3,3)= -9.5278E-08

DO 2 I=1,3
DO 2 J=1,3

2 D(I,J)=AD(I,J)*X** (J-1)*T**(I-1)
SUM=0.0
DO 3 I=1,3
DO 3 J=1,3

3 SUM=SUM+D (I, J)
SUM=SUM*1.E6/1000.0
ROW=SUM*0.062427

4 RETURN
END

hkkdkdkdkdkdkkhkhkkkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkhkrkhhhhk

* *
* SUBROUTINE MEW *
* *
* CALCULATES THE DYNAMIC VISCOSITY (VISC) FOR PURE WATER *
* AND ANY CONCENTRATION OF ETHYLENE GLYCOL/WATER SOLUTION. *
* THE INPUT IS TEMPERATURE IN DEGREES F AND THE OUTPUT IS LB/HR.FT. *
* *
* TEMPERATURE RANGE: *
* PURE WATER 10 - 100 C *
* E.G. MIXTURES 0 - 150 C *
* *

khkhkhkkhkhkhkhkhkhkhkdkhkkhkhkhkhkhkkhkhkhkhkhkhkdkhkhhkhhkhkhkhkhkhkhkdkhkhkhhkhkkhkhhkkkhkhkhkhkhhhkhkhkhkhhkhkhkkdhkhkkd

SUBROUTINE MEW (TF,MFLUID,X,VISC)
DIMENSION V(3,3),AV(3,3),V2(3)

T=(TF-32.0) /1.8
IF (MFLUID.GT.1) GO TO 1

----- PURE WATER -----
IF(T.LT.10..0R.T.GT.115.0) THEN
WRITE (*,*)' TEMPERATURE IS OUT OF RANGE IN SUBROUTINE MEW'
STOP

END IF

VISC=2.4189*1.0019*%10.0%% ((1.3272*(20.0-T)-0.001053*(20-T)
+ *%2) /(T+105.0))
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GO TO 4
----- ETHYLENE GLYCOL -----

1 IF(T.LT.0..0R.T.GT.150.0)THEEN
WRITE (*,*) ' TEMPERATURE IS OUT OF RANGE IN SUBROUTINE MEW'
STOP
END IF

AV(1,1)=0.55164
AV(1,2)=2.6492
AV(1,3)=0.82935
AV(2,1)=-0.027633
AV(2,2)=-0.031496
AV(2,3)= 0.0048136
AV(3,1)= 6.0629E-17
AV(3,2)= 2.2389E-15
AV(3,3)= 5.879E-16

DO 2 I=1,2
DO 2 J=1,3
V(I,J)=AV(I,J)*X** (J-1)*T** (I-1)
2 V2(J)=AV(3,J)*X** (J-1)
SUM=0.0
DO 3 I=1,3

3  SUM=SUM+V2(I)
V3=SUM**(Q 25*T*T
VISC=V3 + V{(1,1)+V(1,2)+V(1,3)+V(2,1)+V(2,2)+V(2,3)
VISC=EXP(VISC)*2.4189

4 RETURN
END

dhkdkhkdhkdkdkdkhkkhkhkhkkhkhkhkkhkhkkdkhkkhhkkhhkhkdkhkhkkhkhkhhbhkhhkhhhkddhhbhkdkidhdhkhdhhihdid

* *
* SUBROUTINE PRNUM *
* *
* CALCULATES THE PRANDTL NO. (PRN) FOR PURE WATER *
* AND ANY CONCENTRATION OF ETHYLENE GLYCOL/WATER SOLUTION. *
* THE INPUT IS TEMPERATURE IN DEGREES F. *
* *
* TEMPERATURE RANGE: *
* PURE WATER 10 - 100 C *
* E.G. MIXTURES 0 - 150 C *
* *
% e de ok kg & gk dode g e ko de ke g g ek vk v de gk ke g e ke ke e ok v ke ok de ot Y ke ok v ke e e ke gk ok v ke Y e e ke e e de e ke ok ok ke ok ok
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SUBROUTINE PRNUM (TF,MFLUID, X, PRN)
DIMENSION P(3,3),AP(3,3),P2(3)

T=(TF-32.0) /1.8
IF(MFLUID.GT.1) GO TO 1

IF(T.LT.10.0R.T.GT.115.0) THEN

WRITE(*,*)' TEMPERATURE IS OUT OF RANGE IN SUBROUTINE PRNUM'
STOP ’

END IF

CALL SPHEAT (TF,MFLUID, X, SPHT)
CALL MEW (TF,MFLUID,X,VISC)
CALL CONDFL (TF,MFLUID, X, COND)
PRN=SPHT*VISC/COND

RETURN

1 IF(T.LT.0.0.0R.T.GT.150.0) THEN
WRITE(*,*)' TEMPERATURE IS OUT OF RANGE IN SUBROUTINE PRNUM'
STOP
END IF

AP(1,1)=2.5735
AP(1,2)=3.0411
AP(1,3)=0.60237
AP(2,1)=-0.031169
AP(2,2)=-0.025424
AP(2,3)= 0.0037454
AP(3,1)= 1.1605E-16
AP(3,2)= 2.5283E-15
AP(3,3)= 2.3777E-16

DO 2 I=1,2
DO 2 J=1,3
P(I,J)=AP(I,J) *X** (J-1) *T**(I-1)
2 P2 (J)=AP(3,J) *X** (J-1)

SUM=0.0
DO 3 I=1,3

3 SUM=SUM+P2 (I)
P3=SUM**(0.25*T*T
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PRN=P3+P(1,1)+P(1,2)+P(1,3)+P(2,1)+P(2,2)+P(2,3)
PRN=EXP (PRN)

RETURN
END
% Je % de &k de kg ek ok ok gk ok ke gk gk ke ok ke ke bk ke ke g v ke g e g sk ke g v e gk e e g ke g ek Y e Tk e g ke e g ke e ke ke ke ke
* *
* SUBROUTINE SPHEAT *
* *
* CALCULATES THE SPECIFIC HEAT (SPHT) FOR PURE WATER *
* AND ANY CONCENTRATION OF ETHYLENE GLYCOL/WATER SOLUTION. *
* THE INPUT IS TEMPERATURE IN DEGREES F *
* AND THE OUTPUT IS IN BTU/ (LBM-DEGF) . *
* *
* TEMPERATURE RANGE: *
* . PURE WATER 0 - 100 C *
* E.G. MIXTURES 0 - 150 C *
* *
khkhkkhkhkkhkhkddkdhkhhkhdddddddrdhdkhdhddhkhdhbdbhhkhkhbdkddhkhdhkdkdhdhkdkdhddddddddhid

SUBROUTINE SPHEAT (TF,MFLUID, X, SPHT)

T=(TF-32.0)/1.8
IF (MFLUID .GT. 1.0)G0 TO 1

IF(T.LT.0.0.0R.T.GT.115.0) THEN

WRITE (*,*)' TEMPERATURE IS OUT OF RANGE IN SUBROUTINE SPHT'
STOP '
END IF

SPHT=-1.475E-7*T**34+3.66E-5*T*T-.0022*%T+4.216
SPHT=SPHT/4.1868

RETURN

1 IF(T.LT.0.0.0R.T.GT.150.0) THEN
WRITE(*,*)' TEMPERATURE IS OUT OF RANGE IN SUBROUTINE SPHT'
STOP
END IF

CALL MEW (TF,MFLUID, X,VISC)
CALL CONDFL (TF,MFLUID, X, COND)
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CALL PRNUM (TF,MFLUID, X, PRN)
SPHT = PRN*COND/VISC
RETURN
END

dkhkhkhkkkkkhkkhkhhkhhhhhdhkdhkhkhhhhhhhhhhkdhhhhhhhdkdhdhkhrkhkhhkhkdhkhkhrkhkdhkhkhrkdkdkhkhkhkhdhhhkdkik

* *
* SUBROUTINE PRINT-OUT *
* *
* PRINTS DATA TO OUTPUT FILES: *
* *
* YRN (run #).SUM" - Device #6 *
* "RN (run #) .DAT" - Device #9 *
* *

khkhkkkhkhkhkhkhkhkhkhkhkhkhkkkhkhkhkhkhbhkhkdhdkdkhkhkdkhkhkhkdkhdbhkddkhdkdkhkrddkdkdkhrkdbdkdkdkhkhkhddkdkdkhkdkidikhhkid

SUBROUTINE PRNT

INTEGER IREN(31,8),IDFLX(31,8),hHAU(10,4),hSDT(10,4)
INTEGER STN
COMMON /PRINT/ IPICK,REN(31,8),TBULK(31),VEL,REYNO, PRNO,GW,
HTCOFF (31,8) ,H(31) ,RENO(31) ,GRNO(31),PR(31),
SNUS (31) , VISBW(31) , SHTHB (32) ,QFLXID (31, 8) , QFLXAV,
QGEXPT, QBALC, QPCT, IPMAX , TAVG (31) ,VISCA (31),
VISWLA(31) ,ROWA(31)
/INPUT/ TROOM,VOLTS, TAMPS,RMFL,MFLUID, X2, FLOWRT , NRUN, VFLOW,
_ TIN, TOUT, TOSURF (31, 8) , TISURF (31,8),IP(32),KST(32)
/TEMP1/ TWALL(31,8),AMPS(31,8),RESIS(31,8), POWERS (32),
TPOWER
/MAIN1/ IST,KOUNT,NSTN
/GEOM1/ XAREA(31),R(31),LTP(32),LTH(32),DELZ(31),LHEAT,
LTEST,LOD(31) ,DOUT, DIN, DELR, NODES, NSLICE, PI

+ + + + + + o+ o+ o+ o+ o+

REAL*4 LTH,LTP,LTEST, LHEAT,H, HTCOFF, LOD
REAL*8 muW(10),Twl (10),muB(10),Tbl (10),kL(10),nBAU(10) ,nSDTT(10)
+ ,aPTP, fPTP, £GNL,nDTB(10) ,nPTP (10) ,nGNL (10) ,nCLB(10),
nSDTL(10) , TMP, AmBmW, £CHR , nCHRL, nCHRT,nCHR (10) ,nGHJL (10) ,
+ nGHJT (10) , cPTP
REAL*8 LovD,DovL, IHCOF(31,8)
COMMON/STATION/STN
LovD=94.80401d0
- DovL=0.010548d0
AmBmW=0.0
DO 5000 IST=1,10
nGNL (IST)=0.0
nGHJt (IST)=0.0
nPTP (IST)=0.0
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5000 CONTINUE

ATST=NSTN/11.
IFST=INT (ATST) +1

WRITE (6,2001) NRUN
----- PRINT FLUID-TYPE DESCRIPTION -----

IF (MFLUID.EQ.1) THEN
WRITE(6,2003)

ELSE

WRITE (6,2004)X2
ENDIF

----- PRINT TUBE DATA -----

IGW=GW
IREYN=REYNO
IFXA=QFLXAV
IQEX=QGEXPT
IQBL=QBALC

WRITE(6,2016)VFLOW, RMFL, IGW, VEL, TROOM, TIN, TOUT, IREYN, PRNO,
+ TAMPS, VOLTS, IFXA, IQEX, IQBL, QPCT

DO 5 K=1,NSTN
IF(IP(K).EQ.2) THEN
TOSURF (K, 3) =TOSURF (K, 2)
TOSURF (K, 2)=0.0
TOSURF (K, 4)=0.0

ELSE
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5 ENDIF

WRITE (6,2005)
DO 7 ICNT=1,IFST
KMIN=1+ (ICNT-1)*9
KMAX=KMIN+8
KMIN=1+(ICNT-1)*10
- KMAX=KMIN+9
IF (NSTN.LT.KMAX) KMAX=NSTN
DO 6 IPR=1,IPMAX
IF(IPR.EQ.1)WRITE (6,2006) (KST(K) , K=KMIN, KMAX)
IF(IPR.EQ.1 .AND. KMAX.LT. (KMIN+8))WRITE(6,2007)
IF(IPR.EQ.1 .AND. KMAX.LT. (KMIN+9))WRITE(6,2007)
WRITE (6,2008) IPR, (TOSURF (IST,IPR), IST=KMIN, KMAX)

6 CONTINUE
7 CONTINUE

DO 14 K=1,NSTN
IF (IP(K) .EQ.2) THEN
TISURF (K, 3) =TISURF (K, 2)
TISURF (K,2)=0.0
TISURF (K, 4)=0.0
ELSE
14 ENDIF

WRITE(6,2010)

DO 16 ICNT=1,IFST
KMIN=1+ (ICNT-1)*10
KMAX=KMIN+9
IF (NSTN.LT.KMAX) KMAX=NSTN

DO 15 IPR=1,IPMAX
IF(IPR.EQ.1)WRITE(6,2006) (KST (K) , K=KMIN, KMAX)
IF(IPR.EQ.1 .AND. KMAX.LT. (KMIN+9))WRITE(6,2007)

WRITE(6,2008) IPR, (TISURF (IST, IPR) , IST=KMIN, KMAX)

15 CONTINUE
16 CONTINUE

DO 151 IST=1,10
Twl (IST)=(TAVG(IST)-32.0)/1.8
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Tbl (IST)=(TBULK(IST)-32.0)/1.8
muB (IST)=2.4189%1.0019*%10.0%* ((1.3272*%(20.0-Tb1(IST)) -

+ 0.001053* (20-Tbl (IST))**2)/(Tbl (IST)
+ +105.0))

muW (IST)=2.4189*%1.0019%10.0%* ((1.3272* (20.0-Twl(IST))~
+ 0.001053% (20-Twl (IST))**2) / (Twl(IST)+105.0))

KL(IST)=(0.56276+1.874E-3*Tbl (IST)-6.8E-6*Tbl (IST)**2)*0.5778D0
AmBmW=AmBmW+ (muB (IST) /muW (IST))

151 CONTINUE
AmBmW=AmBmW/10

22 DO 29 K=1,NSTN
IF(IP(K).EQ.2)THEN
IREN(K,1)=INT(REN(K, 1))
IREN (K, 3) =INT (REN (K, 2))
IREN(K,2)=0
IREN(K,4)=0
ELSE
DO 28 L=1,IPMAX
28 IREN (K, L) =INT (REN(K,L))
29 ENDIF

WRITE(6,2014)

DO 31 ICNT=1,IFST
RMIN=1+ (ICNT-1) *10
KMAX=KMIN+9
IF (NSTN.LT.KMAX) KMAX=NSTN

DO 30 IPR=1, IPMAX
IF(IPR.EQ.1)WRITE (6,2006) (KST(K) , K=KMIN, KMAX)
IF(IPR.EQ.1 .AND. KMAX.LT. (KMIN+9))WRITE(6,2007)

WRITE(6,2015) IPR, (IREN(IST, IPR), IST=KMIN, KMAX)

30 CONTINUE
31 CONTINUE
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DO 35 K=1,NSTN
IF (IP(K) .EQ.2) THEN
IDFLX (K, 1) =INT (QFLXID (K, 1))
IDFLX (K, 3) =INT (QFLXID(K,2))
IDFLX (K, 2) =0
IDFLX (K, 4) =0
ELSE
DO 34 L=1,IPMAX
34 IDFLX (K, L) =INT (QFLXID (K, L))
35 ENDIF

WRITE (6,2020)
DO 37 ICNT=1,IFST
KMIN=1+(ICNT-1)*10
'KMAX=KMIN+9
IF (NSTN.LT.KMAX)KMAX=NSTN
DO 36 IPR=1,IPMAX
IF(IPR.EQ.1)WRITE(6,2006) (KST(K), K=KMIN, KMAX)
IF(IPR.EQ.1 .AND. KMAX.LT. (KMIN+9))WRITE(6,2007)
WRITE(6,2021) IPR, (IDFLX (IST, IPR) , IST=KMIN, KMAX)
36 CONTINUE
37 CONTINUE

WRITE (6,2017)NRUN
----- ENGLISH UNITS =-----

DO 46 K=1,NSTN
IF (IP(K) .EQ.2) THEN
IHCOF.(K, 1) =HTCOFF (K, 1)
TIHCOF (K, 3) =HTCOFF (K, 2)
IHCOF (K, 2) =0
IHCOF (K, 4) =0
ELSE
DO 45 L=1, IPMAX
45 IHCOF (K, L) =HTCOFF (K, L)
46 ENDIF

WRITE(6,2023)
DO 48 ICNT=1, IFST
KMIN=1+(ICNT-1) *10
- KMAX=KMIN+9
IF (NSTN.LT.KMAX) KMAX=NSTN
DO 47 IPR=1,IPMAX
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IF(IPR.EQ.1)WRITE(6,2006) (KST (K) , K=KMIN, KMAX)
IF(IPR.EQ.1 .AND. KMAX.LT. (KMIN+9))WRITE(6,2007)
WRITE(6,2021)IPR, (INT (IHCOF(IST, IPR) ), IST=KMIN, KMAX)

47 CONTINUE
48 CONTINUE

55 WRITE(6,2028)NRUN
WRITE(7,2028)NRUN

WRITE (6,2029)

WRITE(7,3029)

DO 56 J=1,NSTN
WRITE(6,2030)KST(J),RENO(J),PR(J),LOD(J) ,VISCA(J) ,VISWLA (J),
+ TBULK (J) , TAVG (J) , ROWA (J) , SNUS (J)

WRITE (7,3030)KST(J) ,LOD(J), TBULK (J) ,RENC(J) , PR (J), SNUS (J) ,
+ GRNO (J) , VISCA (J) /VISWLA (J) , IHCOF (J, 1) /IHCOF (J, 3)

56 CONTINUE

WRITE(6,2032)
RETURN

2001 FORMAT(/,18X,'*',41('~'),'*',6 /32X, 'RUN NUMBER ', I4)
2003 FORMAT (25X, 'TEST FLUID IS DISTILLED WATER', /18X, *'*',41('~'),'*")
2004 FORMAT (19X, 'MASS FRACTION OF ETHYLENE GLYCOL =',F8.4,/18X,'*!,
+ 41(r-1), 1)
2005 FORMAT (//20X, 'OUTSIDE SURFACE TEMPERATURES - DEGREES F')
2006 FORMAT(/,9X,I2,6X,I2,6X,I2,6X,I2,6X,I2,6X,I2,6X,I2,6X,I2,6X,61I2,
+ 6X,I2,/)
2007 FORMAT(' ')
2008 FORMAT (3X,I1,1X,10F8.2)
2010 FORMAT(//20X,'INSIDE SURFACE TEMPERATURES - DEGREES F!')
2014 FORMAT(//20X, 'REYNOLDS NUMBER AT THE INSIDE TUBE WALL')
2015 FORMAT (3X,I1,10I8)
2016 FORMAT(/,18X, 'VOLUMETRIC FLOW RATE =',F9.2,3X,'GPM’',
+ /18X, 'MASS FLOW RATE',7X,'=',F9.1,3X, 'LEM/HR',
/18X, 'MASS FLUX',12X,'=',I9,3X, 'LBM/(SQ.FT-HR)',
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+ /18X, 'FLUID VELOCITY',7X,'=',F9.2,3X,'FT/S"',
+ /18X, 'ROOM TEMPERATURE',5X,'=',F9.2,3X,'F"',
+ /18X, 'INLET TEMPERATURE',4X,'=',F9.2,3X,'F',
+ /18X, 'OUTLET TEMPERATURE',3X,'=',F9.2,3X,'F',
+ /18X, 'AVERAGE RE NUMBER',4X,'=',I9,
+ /18X, 'AVERAGE PR NUMBER',4X,'=',F9.2,
+ /18X, 'CURRENT TO TUBE',6X,'=',F9.1,3X, 'AMPS"',
+ /18X, 'VOLTAGE DROP IN TUBE =',F9.2,3X, 'VOLTS',
+ /18X, 'AVERAGE HEAT FLUX',4X,'=',I9,3X, 'BTU/(SQ.FT-HR)'
+ /18X, 'Q=AMP*VOLT', 11X, '=',I9,3X, 'BTU/HR',
+ /18X, 'Q=M*C* (T2-T1) ',8X, '=',I9,3X, 'BTU/HR',
+ /18X, '"HEAT BALANCE ERROR',3X,'=',F9.2,3X,'%"')
2017 FORMAT(//31X,'*',15('-'),'*', /32X, 'RUN NUMBER ', I4,/31X,'*",
+ 15( =-*), '*1)

2020 FORMAT(//22X, 'INSIDE SURFACE HEAT FLUXES BTU/HR/FT2')
2021 FORMAT(3X,I1,10I8)
2023 FORMAT(/14X, 'PERIPHERAL HEAT TRANSFER COEFFICIENT BTU/',

+ ' (SQ.FT-HR-F) ')
2028 FORMAT(//31X,'*!,15('-'),'*', /32X, '"RUN NUMBER ', I4,/36X,
+ 'SUMMARY', /31X, '*',15('-1), 1*1)
2029 FORMAT(/1X,'ST',6X, 'RE',7X, 'PR',5X, 'X/D',5X, 'MUB', 5X, 'MUW',
+ 5X, 'TB',6X, 'TW',5X, 'DENS',6X, 'NU', /) :
2030 FORMAT(1X,I2,3X,F8.2,2X,F5.2,3%,F5.1,3X,F5.3,3X,F5.3,
o+ 2(2X,F6.2),3X,F5.2,3X,F6.2) :
2032 FORMAT(/,20X, 'NOTE: TBULK IS GIVEN IN DEGREES FAHRENHEIT',/,
+ 26X, 'MUB AND MUW ARE GIVEN IN LBM/ (FT*HR) ')
END
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APPENDIX C

AIR-WATER EXPERIMENTAL DATA
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18¢C

1, Vs Rest, m, Vsa Resg X Ty Puix AP Ps o Pr, hoe Q" Bg?iﬁt:e
. Emror
Run #|[Tom/hr]{ {ft/sec] [Tbm/hr] | [ft/sec] [°F] [psi] |[inH,O]| [psi] [Btwhr- | [Btwit- | [%)]
fizoF] | hrl
Annular-Wavy Transitional Flow Pattern (41 data points)
8187 | 869.36 | 0.59 4533 60.43 6.95 19132 1.25 60.95 3.26 6.72 57.43 0.77 6.46 | 518.92 2772 2.31
8186 | 899.30 | 0.61 4660 | 56.85 6.89 179562 1.33 60.52 3.12 6.47 54.06 0.77 6.46 | 484.63 | 2813 1.46
8185} 879.85 | 0.60 4640 49.56 6.73 16651 1.40 | 61.79 2.63 5.38 46.68 0.77 | 6.46 | 459.90 2816 2.31
8184 880.14‘ 0.60 4696 45.69 6.66 14430 1.45 62.64 2.34 5.10 42.43 0.77 6.46 | 441.75 | 2806 | -1.53
8183 | 875.01 | 0.59 4658 44,90 6.65 14180 1.45 62.47 2.26 4.88 41.563 0.77 6.46 | 43483 | 2828 | -1.69
8182 | 918.22 | 0.62 4838 44.37 6.69 14013 1.52 61.60 2.29 4.89 40.52 0.76 6.46 | 43515 | 2836 | -3.13
8181 | 954.95 | 0.65 4985 | 48.21 6.79 16225 1.61 61.09 2,67 5.70 | 44.48 0.76 6.46 | 460.15 | 2823 0.25
8180 | 876.87 | 0.60 4569 46.31 6.71 14624 1.43 61.11 2.34 4.53 42.77 0.77 6.46 | 419.88 2793 0.96
8179 | 833.60 | 0.57 4355 47.05 6.74 14857 1.36 61.02 2.31 4.77 43.44 0.77 6.46 | 42655 | 2780 | -1.42
8178 | 843.590 | 0.57 4219 48.43 6.78 16335 1.356 58.83 2.40 5.29 44,64 0.77 6.46 | 417.65| 2778 | -0.12
8177 | 776.18 | 0.53 4073 6§3.30 6.75 16877 1.21 61.56 2.55 5.38 50.80 0.78 6.46 | 483.78 | 2785 0.57
8176 | 776.36 0.53 4097 | 49.25 6.71 16635 1.26 61.97 2.36 5.05 46.06 0.78 6.63 | 437.70 | 2811 2.97
8175 | 757.28 | 0.51 4061 51.04 6.71 16203 1.21 63.20 2.41 5.34 48.22 0.78 6.63 | 471.58 | 2820 1.68




[4:{4

Vsa

mL Vst Regy, mG Resg X Twrx l.)MIx AP Pg o Pr, Hn: Q" Bg:ﬁt; .
_ Error
Run #|[lbm/hr] | [ft/sec] [Ibm/hr]| [ft/sec] [°F] [psi] |[inH,O]| [psi] [Btu/hr-| [Bwft™- | [%]
fiF] | bl
Annular-Wavy Transitional Flow Pattern (41 data points - Cont'd)
8174 | 783.29 | 0.53 4064 | 53.73 6.69 17055 1.22 60.51 2.65 5.59 51.76 0.78 6.63 | 482.00 2775 1.45
8173 | 81252 { 0.55 4177 52,57 6.62 16689 1.28 60.23 269 5.62 50.96 0.77 6.63 | 463.80 | 2767 5.63
8172 768.62 | 0.52 4026 57.27 6.65 18230 1.18 61.20 2.91 6.09 56.32 0.78 6.63 | 523.98 | 2720 5.10
8171 791.79 | 0.54 4533 | 53.48 5.98 17024 | 1.31 67.90 3.16 6.55 59.14 0.77 6.63 |518.28 | 2486 | -2.22
8170 | 866.91 | 0.59 4383 | 59.96 6.67 19034 1.28 58.91 3.23 1.37 59.76 0.77 6.63 | 516.756 | 2727 | 3.78
8169 | 823.04 | 0.56 4202 50.13 5.58 15913 1.44 59.38 3.17 1.45 | 59.71 0.76 6.63 {53790 | 2713 3.96
8168 | 697.79 | 0.47 3556 | 52.79 5.36 16760 | 1.24 59.44 3.30 1.43 66.95 0.77 6.63 | 548.48 | 2703 | 12.95
8167 { 694.61 | 0.47 3728 | 44.09 5.10 13995 | 1.36 63.00 2.66 1.37 56.88 0.76 6.63 | 503.75 | 2701 8.78
8166 | 717.91 | 0.49 3734 | 45.26 5.33 14368 | 1.36 60.54 2.61 577 55.68 0.77 6.63 {47470 | 2839 | 7.15
8165 | 684.29 | 0.46 3383 | 46.29 5.30 14694 | 1.29 57.28 2.66 6.01 57.65 0.77 6.63 | 49113 | 2821 6.86
8164 | 662,13 | 0.45 3366 | 47.17 5‘.32 14976 | 1.24 58.95 2.68 573 58.84 0.77 6.63 | 476.38 | 2822 | 13.24
8163 | 628.31 | 0.43 3209 | 48.34 5.27 16387 | 1.18 59.39 2.76 6.00 60.99 0.78 6.80 |531.93 | 2788 | 12.83
8162 | 595.01 | 0.40 3126 | 50.33 5.2‘8 16021 1.1 61.54 2.85 6.23 64.00 0.78 6.80 | 588.55 | 2837 | 12.80




£8C

Vsa

i, Vs Res;, mh Resg X Tvx | Pumx AP Pg o Pr. hop Q Bgzztc .

Error

Run #{[Ibm/hr] | [ft/sec] [Ibm/hr] | [ft/sec] [°F] [psi] |{[inH,O]| [psi] [Btu/hr- | [Bu/ft™-| [%]

fPoF] | o
Annular-Wavy Transitional Flow Pattern (41 data points - Cont'd)

8161 | 651.43 | 0.44 3639 | 43.65 5.01 13931 1.31 66.09 2.65 5.77 57.05 0.77 6.98 |589.23 | 2877 |11.69
8160 | 5686.27 | 0.40 2958 | 47.93 5.26 16176 | 1.11 58.87 | 2.68 5.96 61.03 0.78 6.46 | 609.90 | 2861 | 20.02
8159 { 695.08 | 0.40 3086 | 45.93 5.21 14504 | 1.15 60.63 | 257 5.68 58.88 0.78 6.30 | 530.05( 2862 { 14.45
8158 | 635.60 | 0.36 2809 51.13 5.33 16189 | 0.99 61.49 2.71 6.05 65.12 0.78 6.46 | 585.00 | 2851 | 17.23
8157 | 639.52 | 0.37 2825 | 48.32 5.23 15300 | 1.03 61.23 2.58 5.81 62.13 0.79 6.46 | 576.88 | 2851 | 17.81
8156 | 547.96 | 0.37 2837 45.83 5.16 14511 1.07 60.26 2.44 5.48 59.09 0.79 6.46 | 545.35 | 2753 | 15.86
8155 | 490.70 | 0.33 2556 50.66 5.29 16040 | 0.92 61.03 2.60 583 | 64.95 0.80 6.46 | 601.53 | 2556 | 18.91
8154 | 405.58 | 0.34 2583 48.01 5.18 156240 | 0.96 61.06 2.41 5.47 62.03 0.80 6.63 | 569.50 | 2744 | 17.32
8153 | 478.38 | 0.32 2566 | 47.78 5.14 15208 | 0.94 62.77 | 2.36 5.35 62.13 0.80 6.80 | 640.53 | 2830 | 17.84
81562 | 514.50 | 0.35 2044 39.53 4.82 12616 | 1.12 67.62 2.06 4.80 52.75 0.79 6.98 |664.75 | 2899 | 13.60
81511 459.41 | 0.31 2413 | 53.38 5.62 16901 0.83 61.41 2.46 5.58 65.71 0.81 6.46 | 643.60 | 2723 | 17.73
8150 | 422.43 | 0.28 2227 54.83 5.54 17358 | 0.76 61.76 2.43 5.58 67.69 0.82 6.46 | 708.90 { 2690 | 19.58
8149 | 455,86 | 0.31 2376 47.80 5.36 15134 0.88 61.12 2.16 5.09 59.43 0.81 6.46 | 587.58 | 2626 | 18.30




+8C

m Vs | Rest | m Vsa | Resg X Tvx | Pvix AP Pg o Pr, hp Q' Heat
L G v Balance

Error

Run #{[Ibm/hr]| [ft/sec] [lbm/hr] | [ft/sec] [°F] psil] {[inH,O]| [psi] [Btwhr- | [Bw/f- | [%)

fi*or] | hrl
Annular-Wavy Transitional Flow Pattern (41 data points - Cont'd)

8148 | 417.45 | 0.28 2192 | 4686 | 530 | 14875 | 0.82 | 6159 | 2.02 472 | 5865 | 0.82 6.63 |647.90 | 2542 | 19.04
8147 | 408.71 | 0.28 2163 | 49.05 | 532 | 15570 | 0.79 | 61.84 | 213 493 | 61.70 | 0.82 6.63 | 72465 2497 | 18.49
Min. | 408.71 0.28 2163 39.53 4.82 12615 0.76 57.28 2.02 1.37 40.52 0.76 6.30 | 41765 | 2486 | -3.13
Max. | 854.95 | 0.65 4985 | 6043 | 695 | 19132 | 152 | 67.90 | 3.30 6.72 | 6769 | 0.82 6.99 | 724.65| 2899 | 20.02
Avg. | 689.41 | 0.47 3611 | 4945 | 589 | 15678 | 1.19 | 61.36 | 2.60 5.14 55.61 | 0.78 6.57 | 531.11 | 2764 | 8.65




1314

m, Vsi Res, Mg Vs Resg X Tax Pux AP }PG o Pr. by, Q" B;{I:E; .
Error
Run #| [lbm/hr] | [ft/sec] [lbrvhr} | [ft/sec] [°F] [psi] |[inH,01| [psi] [Btw/hr-| (Btwit | [%]
ft*°F) hr]
Bubbly-Slug or Bubbly-Slug-Annular Transitional Flow Pattem (36 data points)
8113 {4339.83| 2.94 24147 | 65.28 5.82 20834 5.70 65.73 | 17.45 | 1293 | 77.69 0.54 6.98 11186.08] 4019 6.56
8112 {4528.40] 3.07 23554 | 36.33 5.07 11533 7.99 60.90 | 12.54 | 12.93 | 44.79 0.50 6.80 | 93260 | 3735 | -2.45
8111 |4602.14| 3.12 24265 | 45.93 541 14580 7.15 61.83 | 14.81 12,93 | 565.72 0.51 6.80 | 964.75 | 3880 | -5.57
8110 |4564.06| 3.10 25820 | 24.95 4,32 7921 10.13 | 66.93 | 10.83 | 12.93 | 33.25 0.47 6.80 | 985251} 3811 |-13.07
8109 14358.09] 2.96 | 26140 | 66.82 580 | 21213 | 5.66 71.30 | 17.96 | 12.93 | 80.73 0.53 6.80 (1307.15] 3564 |-20.55
8108 |4488.11| 3.04 | 23492 | 47.27 5.31 15047 | 6.99 61.34 | 15.03 | 12.93 | 58.82 0.51 6.98 [1131.75] 3531 | -3.36
8107 |4553.43| 3.09 | 25581 | 52.25 5.36 16722 | 6.79 66.41 15.91 12,93 | 65.27 0.51 7.18 [1266.35| 3875 | -5.42
8106 |4454.92| 3.02 23197 | 51.60 5.47 16381 6.59 61.00 | 1539 | 12.93 | 63.49 0.52 6.80 ]1014.20| 3621 }|-16.96
8105 |4261.79| 2.89 | 22011 | 28.57 4.71 9093 8.66 60.38 9.84 12.83 | 35.40 0.50 6.98 | 902.38 | 3745 | 8.88
8104 13809.78] 2.58 19589 | 26.91 4.66 8565 8.06 60.13 8.54 12.83 | 3295 0.52 6.98 | 809.75| 3505 ,9'51
8103 {4160.49| 2.82 | 21518 | 38.51 5.03 12324 | 7.28 60.54 | 10.83 | 12.93 | 48.08 0.52 6.98 (88993} 3483 | 4.38
8102 |4123.59] 2.80 | 21439 | 56.08 5.50 17899 | 5.94 60.88 | 1544 | 12.93 | 69.16 0.53 6.98 | 994.45| 3810 1.42
8101 {4032.47} 2.74 | 22314 | 60.18 5.50 19258 | 5.67 65.30 | 16.15 | 12.93 | 75.03 0.54 6.98 |1101.63| 4048 | 0.45




98T

h, Vs. | Res | Vss | Rese X Tvx | Pumax | AP Pg o Pr, hop Q" Bﬁjitce
Error
Run #|[Ibm/hr]| [ft/sec) [Ibm/hr]| [ft/sec] [°F] [psi] |[inH,O]| [psi]’ [Btu/hr- | [Bw/f- | [%]
S fi?°F) hr]
Bubbly-Slug or Bubbly-Slug-Annular Transitional Flow Pattern (36 data points - Cont'd)
7199 |4055.161 2.76 | 20007 | 27.94 4.69 8940 8.47 57.30 9§25_ 12.93 | 3426 0.51 7.80 |1098.85| 4539 |-18.75
7196 {3483.27| 236 | 16496 53.66_ 5.18 17171 5.38 54.54 | 13.85 | 12,93 | 70.23 0.55 7.37 | 906.65 | 3854 | 12.40
7195 13720.04| 252 | 18852 | 34.49 4.67 11036 | 7.16 59.13 | 1056 | 12.93 | 45.94 0.52 718 194288 | 3721 | 13.62
7194 13672.10| 2.49 17699 | 38.76 4.95 12371 6.59 _55.77 10.87 | 12.93 | 49.85 0.54 7.58 |906.85| 4018 | -1.32
7193 13181.73] 2.16 15358 | 25.40 4.53 '| 8107 7.12 55.78 | 6.41 12.93 | 31.50 0.54 6.98 | 754.63 3946 -1.07
7192 {2814.66| 1.91 13941 | 46.28 4.95 14770 | 4.80 57.59 9.84 12.93 | 62.30 0.58 6.98 | 801.15 | 3989 3.1
7191 {2978.41] 2.02 16406 | 32.45 4.52 10384 | 6.11 65.00 7.74 12.93 | 4426 0.56 7.18 | 866.48 | 3924 | -9.78
7190 12962.32] 2.01 16937 | 37.33 4.64 11944 | 5.67 67.70 8.99 12.93 | 51.37 0.56 7.18 | 972.98 | 3859 {-11.67
7189 {3051.29( 2.07 16834 | 26.83 4.55 8564 6.69 65.06 6.35 12.93 | 33.92 0.55 6.98 |834.33 | 3908 |-14.84
7188 |2503.46| 1.70 13919 | 49.78 4,92 15889 | 4.21 65.84 9.65 12.93 | 68.61 0.60 6.98 | 901.73 | 3817 | -6.62
7187 12663.37| 1.81 15779 | 40.69 4;72 12988 | 4.92 70.40 8.70 12.93 | 56.30 0.58 6.98 |993.13 | 3907 | 0.88
7186 {2506.04| 1.70 13560 | 33.23 473 10549 5.04 63.66 6.21 12.93 | 43.59 0.59 6.80 | 746.73 | 3847 | -0.69
7185 12589.45| 1.76 | 14749 | 26.40 4.71 8380 5.70 67.35 5.34 1260 | 31.84 0.58 6.80 |[703.28 | 3685 |-13.90




L8T

m, Vs Regt, th, Vs Resg X Tvx | Pamx AP Ps o Pr. hp, Q" Bg:lltce
Error
Run #|{[lbmv/hr]! [ft/sec] [tbmv/hr]| [ft/sec] [°F] [psi] |[[inHO)| [psi] [Btw/hr- | [Btwft™ | [%]
_ ft*°F] hr]
Bubbly-Slug or Bubbly-Slug-Annular Transitional Flow Patterh (36 data points - Cont'd) |
7184 12017.52| 1.37 11763 | 43.25 4.85 13730 | 3.69 69.19 6.50 12.93 | 59.28 0.63 6.98 | 796.93 | 3666 0.29
7183 {2197.20] 1.49 13028 | 32.15 4.70 10207 | 4.56 70.44 5.26 12.75 | 42.01 0.61 6.98 | 74160} 3525 | -9.24
7182 12064.29| 1.40 12121 | 27.29 4.64 8686 4.63 69.90 4.29 10.77 | 33.97 0.62 6.98 | 647.20 | 3425 {-10.63
7181 12015.70| 1.37 12138 | 29.31 4.58 9353 4.44 71.57 4.48 10.79 | 38.07 0.62 6.98 | 711.60| 3602 | -9.19
7180 )1488.42) 1.01 9441 30.99 469 | 9837 3.25 75.48 3.75 8.45 40.24 0.66 6.63 | 69815 | 3717 | -4.37
7179 {1406.43| 0.95 8700 | 21.54 4.00 6857 3.86 73.41 3.11 2.43 29.93 0.65 6.63 | 57435 3833 | 13.96
7178 [1698.92| 1.15 10230 | 31.76 4.41 10108 | 3.72 7217 4.61 10.91 | 44.84 0.64 6.46 | 668.40 | 3835 | 9.21
7177 {15672.87{ 1.07 9475 | 40.71 4.52 12958 | 3.11 71.71 5.65 12.13 | 59.72 0.65 6.46 | 72568 | 3846 | 10.20
7176 {1480.16| 1.00 9178 | 45.24 4.64 14399 | 2.79 73.81 6.00 12.71 | 65.88 0.66 6.46 | 761.08 | 3750 | 18.26
7173 |1233.54| 0.84 7842 | 28.59 4.45 9101 2.90 75.65 3.14 6.44 38.51 0.68 6.46 |622.00| 3817 | 3.84
Min. 11233.54| 0.84 7842 | 21.54 4.0 6857 2.79 54.54 3.1 2.43 29.93 0.47 6.46 | 574.35 | 3425 |-20.55
Max. {4602.14] 3.12 | 26140 | 66.82 582 (21213 | 10.13 | 75.65 | 17.96 | 12.93 | 80.73 0.68 7.80 ([1307.15( 4539 | 18.26
Avg. 13156.48| 2.14 | 17153 | 39.02 4.87 12436 | 5.76 65.31 9.48 12.12 | 50.47 0.57 6.94 88536 | 3796 | -1.65




88¢

m, Vs Resy, th, Vs Regs X Twvrx wa AP Pg o Pr, o Q" Bg:tc .
Error
Run #|[lbm/hr]| [ft/sec] [Ibm/hr] | [ft/sec] [°F] [psi] {[inHO]| [psi] [Btw/hr-| [Btwf-| [%]
’ fioF] | hol
Slug Flow Pattern (53 data points)
7162 1266.47| 0.86 8029 3.47 1.85 1093 10.53 | 75.31 0.37 1.16 1.06 0.55 5.32 | 283.70 | 3484 4.69
7161 |1236.75| 0.84 8299 5.75 2.9 1811 6.70 79.88 0.55 1.91 1.90 0.62 520 |311.13 | 3492 | 11.96
7160 [1149.22| 0.78 8559 5._76 2.93 1815 6.26 88.86 0.48 1.99 1.83 0.63 5.32 1318.83 | 3469 | 156.72
7159 11095.80| 0.75 8136 3.09 1.67 973 10'17, 88.31 0.29 { 1.06 0.87 0.55 5.20 | 275.18 | 3456 7.94
7158 |1038.42) 0.71 7965 3.18 1.72 1003 9.45 91.38 0.30 1.14 0.88 0.57 5.32 |268.88 | 3451 | 10.36
7157 | 986.92 | 0.67 8132 6.76 3.33 2131 4.81 97.77 0.45 222 2.36 0.67 544 | 33595 3464 | 7.27
7156 | 955.28 | 0.65 7347 5.67 2.88 1791 5.39 91.77 0.45 1.83 1.78 0.66 5.44 |290.55 | 3398 | 11.09
71551 953.20 { 0.65 7419 3.37 1.81 1065 8.39 92.64 0.26 1.22 0.91 0.59 5.71 261.63 | 3425 0.39
7154 1 873.22 | 0.59 6864 3.18 ‘ 1.71 1006 8.19 93.52. | 0.25 1.15 0.82 0.59 585 126845 | 3822 }10.23
7153 | 846.51 | 0.58 6363 5.69 2.91 1794 4.83 89.87 0.36 1.65 1.74 0.67 5.85 |255.08 | 3529 |13.73
71562 | 793.49 | 0.54 6090 579 2.95 1824 4.48 91.38 0.40 1.67 1.76 0.68 571 124548 | 3572 | 11.24
7151 | 776.79 | 0.53 5853 3.30 1.78 1040 7.09 90.10 0.23 1.22 0.85 0.62 585 [ 21495 3544 | -0.83
7150 | 674.30 | 0.46 5065 2.91 1.58 919 6.99 89.53 0.19 0.87 0.72 0.62 5.9 | 186.38 | 3555 | -2.53




687

m, Vs Rest m, Vsa Resg X T Puix AP Pg o Pr. h, Q" B?lZitce
Error
Run #|[Ibm/hr}| [ft/sec] [lbm/hr}} [ft/sec] [°F] [psi] "|[inH,O]| [psi] [Btwhr- | [Btw/ft- | [%]
fieF) | il
Slug Flow Pattern (53 data points - Cont'd)
71491 664.35 | 0.45 4964 5.41 2.78 1714 4.06 89.08 0.26 1.49 1.563 0.70 5.99 |213.58 | 3590 6.64
7148 | 603.01 0.41 4446 5.68 2.90 1799 3.58 87.98 0.27 1.48 1.66 0.71 5.99 | 188.98 | 3641 2.60
7147 | 577.46 | 0.39 4056 2.92 1.57 927 6.11 83.46 0.18 0.82 0.73 0.64 6.14 {21158 | 4270 | 15.44
7146 | 498.24 | 0.34 4186 5.34 2.76 1687 3.17 99.76 0.24 1.18 1.57 0.73 5.99 | 200.55 § 3725 | 10.44
71451 48210 | 0.33 3800 3.1 1.67 985 4,91 93.90 0.10 0.72 0.85 0.67 6.14 | 17155 3693 | -3.13
7144 |1 417.11 | 0.28 3292 6.19 3.13 1961 | 2.39 94.01 0.16 v 1.14 1.84 0.76 6.14 | 200.83 | 3705 2.24
7143 | 406.44 | 0.28 3172 4.31 2.28 1363 3.17 92.95 0.09 0.90 1.13 0.73 6.14 | 185.25 | 3852 3.98
7142 | 343.74 | 0.23 2586 3.84 2.05 1217 3.01 89.35 0.06 0.77 0.97 0.74 6.30 [ 177.98 | 4080 { 10.63
7141 | 351.80 | 0.24 2468 5.86 3.02 1847 2.13 83.64 0.19 0.34 1.67 0.78 6.14 | 172,98 | 3886 9.88
7140 |4832.33| 3.28 | 29975 | 13.69 414 4324 13.84 | 73.88 | 6.47 12.93 | 12.95 | 0.46 6.80 [1103.18| 3912 7.97
7139 15014.48] 3.40 | 31186 8.53 3.17 2687 19.78 | 74.11 | 5.16 10.92 7.95 0.40 6.80 |1077.65{ 3878 7.35
7138 |5179.73] 3.51 33107 | 4.10 1.74 1206 36.93 | 76.27 3.98 6.81 5.1 0.29 6.98 [1033.50{ 3862 | 4.51
7137 1474196 3.22 | 30464 | 17.37 4.42 5484 11.98 | 76.63 7.60 12.93 | 18.14 0.47 6.80 |1167.00| 3803 2.61




062

th Vs Resy, m 5 Vsg | Resg X Tux Puax AP ‘Pc, o Pr, . Q" Bgzztce
Error
Run #{[lbm/hr] | [ft/sec] [lbm/hr]| [ft/sec] [°F] [psi] |[inHxO]| [psi] [Btu/hr- | [Btw/ft™ | [%]
. fi%°F] hr]
Slug Flow Pattern (53 data points - Cont'd)
7136 |4833.58| 3.28 30603 | 12.66 3.98 4008 14.59 | 75.50 6.07 12.93 | 11.86 0.45 6.80 {1134.63| 3816 | -5.02
7135 |4827.72| 328 | 29753 | 9.47 3.36 3007 | 17.72 | 7338 | 525 | 1257 | 8.74 0.42 6.46 |1152.03] 4015 | -1.19
7134 {5064.161 3.44 | 35503 | 3.47 1.48 1105 | 41.59 | 83.74 | 3.69 6.17 4.72 0.27 6.38 |1370.58} 4594 | 7.37
7133 |4421.10| 3.00 | 28742 | 16.73 | 4.43 5295 | 11.35 | 77.57 | 6.39 | 1293 | 16.85 | 0.48 6.38 [1107.05| 3857 | 6.33
7132 |4405.22] 2.99 | 29048 | 13.64 4.16 4331 1271 | 78.73 5.72 12.91 12.64 0.47 6.63 {1096.73| 3978 | 11.79
7131 {4508.54] 3.06 30470 8.92 3.29 2840 17.30 80.76 4.65 10.90 7.85 0.43 6.63 |1335.98| 4643 6.32
7130 {4511.66} 3.06 | 29543 | 6.16 2.60 1944 | 22.57 | 78.16 | 3.77 8.14 5.25 0.38 6.63 |1040.03| 3973 | 7.26
7129 | 3953.70f 2.68 | 25561 | 15.86 4.49 5021 10.45 | 77.18 5.35 12.75 | 14.81 0.51 6.71 997.50 | 3842 | 18.43
7128 |3933.43| 267 | 25398 | 11.69 | 4.04 3710 | 12.37 | 77.07 | 4.48 | 11.13 | 943 0.49 6.54 |1004.33] 4094 | 18.06
7126 |3998.08; 2.71 | 25112 | 9.68 3.72 3050 | 14.15 | 7487 | 3.94 | 10.06 | 7.29 0.47 6.80 | 885.63 | 3937 | -7.92
7125 (3389.30f 2.30 | 21607 | 18.10 | 4.78 5702 | 835 | 76.08 | 490 | 1266 | 17.15 | 0.54 6.63 | 853.95| 3842 |-10.78
7121 {3153.03} 2.14 | 20947 | 8.77 2.84 | 2790 | 1354 | 79.37 | 2.76 7.85 | 10.94 | 0.47 6.38 | 895.50 | 4426 | -4.56
7120 |2324.03; 1.58 | 14796 | 20.36 | 4.88 6448 | 563 | 76.01 | 3.32 | 10.17 | 20.11 | 0.61 6.80 |665.70 | 3691 | -6.20




16T

m, Vst Rest g Vso Ress X TMIX Puix AP Pg o Pr. h, Q" B?lZi::e

Error

Run #{[lbm/hr] | [ft/sec] [lbm/hr] | [ft/sec] [°F] [psi] |[inH0)| [psi] [Btwhr- | B/’ | [%]

v fitop) | el
Slug Flow Pattern (53 data points - Cont'd)

7119 12120.84| 1.44 13791 | 14.19 | 4.71 4493 6.09 77.58 2.23 6.80 | -10.48 0.61 6.63 | 568.73 | 3652 |-12.71
7118 {2307.78| 1.57 15233 | 12.26 4.45 3890 717 78.86 2.24 6.63 8.29 0.59 6.63 | 626.45 | 3931 | -2.45
7117 |21566.20| 1.46 13903 | 19.86 4.86 6287 5.32 76.92 3.33 8.96 19.41 0.62 6.63 | 632.53 | 3537 |-10.04
7116 {2008.87| 1.36 13240 | 7.97 3.58 2532 8.38 78.79 1.28 4.39 3.92 0.58 6.63 | 46655 3674 |-11.16
7115 {1891.14 | 1.28 12644 1.68 0.89 536 29.59 | 79.84 0.61 1.31 1.03 0.35 6.54 | 44153 | 4188 | -7.87
7114 |1442.09! 0.98 9145 16.83 5.00 5328 3.91 75.67 1.70 4,76 13.46 0.68 6.80 | 439.20 | 3627 | -3.27
7113 11783.80; 1.21 12047 | 5.41 2.71 1708 10.06 | 80.80 0.91 2.71 2.14 0.55 6.38 | 38575 3567 | -7.62
7112 {1651.26( 1.12 10848 | 8.90 3.90 2824 6.44 78.43 1.27 4.16 4.39 0.62 6.63 | 419.05( 3768 | -4.73
7110 [1520.96; 1.03 10093 | 9.91 4.40 3120 5.37 79.24 1.20 3.80 4.36 0.65 6.46 | 385.25 | 3594 | -7.44
7109 [1729.91] 1.17 12164 3.84 2.04 1208 12.87 | 83.97 0.73 1.74 1.27 0.51 599 | 363.40 | 3545 [-13.39
7107 |3718.28| 2.52 | 24429 | 12.07 4.42 3813 11.07 | 78.47 3.87 11.63 8.28 0.51 6.38 | 757.80 | 3409 | 2.18
7104 |3232.66| 2.19 | 20604 | 5.20 244 1643 18.40 | 76.03 2.14 5.30 3.22 0.43 6.46 | 596.33 | 2774 [-18.13
7102 {2706.09] 1.84 16995 | 5.76 2.73 1829 14.25 | 74.83 1.76 468 2.91 0.49 6.46 | 508.10 | 2844 | -8.80




[£:Y4

m L Vs Regy, m s Vso Resg X Trrx Pax AP Ps o Pry, HTP Q" Heat
. Balance
Error
Run #} [Ibm/hr] | [ft/sec) [lbm/hr]} [ft/sec] [°F] [psi] |[inH,O]] [psi] [Btw/hr- | [Btw/ft> | (%]
. fioF] | hil
Slug Flow Pattern (53 data points - Cont'd)
5120 }1937.121 1.31 11626 2.68 1.44 845 19.77 | 71.37 0.65 1.52 1.40 0.43 6.63 | 327.18 | 2202 {-18.99
Min. | 343.74 | 0.23 2468 1.68 0.89 536 2.13 71.37 0.06 0.34 0.72 0.27 520 | 171.55| 2202 |-18.99
Max. {5179.73] 3.51 35503 | 20.36 5.00 6448 4169 | 99.76 7.60 12.93 | 20.11 0.78 6.98 |1370.58| 4643 | 18.43
Avg. [2269.63] 1.54 15013 8.04 3.04 2545 10.74 | 82.54 2.14 5.30 5.77 0.56 6.26 | 567.51{ 3709 1.85




£6¢

m, Vs Reg, i, YSG Resg X Tux | Puax AP Ps o Pr. hyp Q" B?l(;itce
. Error
Run #{[lbm/hr}; [ft/sec] [lbm/hr] | [ft/sec] [°F] [psi] {[inH;O]{ [psi] [Btu/hr- | [Btw/ft%- | [%]
fi2oF] | bl
Wavy Flow Pattern (20 data points)
8141 { 117.04 | 0.08 647 24.64 4.97 7800 0.35 65.25 0.35 0.91 26.61 0.90 6.63 | 327.48 | 1097 | 16.48
8140 | 118.18 | 0.08 674 2228 5.03 7055 0.37 66.30 0.30 0.66 22.18 0.90 6.63 {17025 1102 8.0
8138 | 11457 | 0.08 636 28.43 4‘96 8000 0.32 65.19 0.48 0.95 33.01 0.90 6.63 | 426.38 | 1093 | 21.49 |
8137 | 126.38 | 0.09 688 27.02 5.01 8556 0.36 64.89 0.43 1.07 30.21 0.89 6.63 | 37253 | 1164 | 15.49
8135 | 126.28 | 0.09 697 24.16 5.056 .| 7650 0.38 6578 | 0.34 0.69 2517 0.89 6.63 | 207.28 | 1207 | 14.56
8134 | 126.64 | 0.08 692 22.74 5.09 7199 0.38‘ 65.28 0.29 0.80 22.48 0.89 6.63 }21485) 1211 | 15.93
8133 | 1560.45| 0.10 815 2479 5.05 7848 0.43 63.96 0.38 0.78 26.22 0.88 6.63 |24445| 1399 | 11.42
81321 151.28 } 0.10 828 21.33 5.16 6754 0.46 65.07 0.27 0.66 19.73 0.88 6.63 | 189.53 | 1384 | 6.13
8131 | 148.41 | 0.10 827 26.13 5.06 8272 0.42 ‘64.95 0.41 1.18 28.29 0.88 6.63 | 38253 | 1380 | 17.30
8130 | 145.48 | 0.10 811 31.14 5.04 9887 0.39 66.04 0.60 1.21 36.58 0.89 6.80 |[602.10 | 1331 | 20.48
8128 | 187.25{ 0.13 1034 | 23.20 5.08 7366 0.54 65.94 0.35 0.74 23.22 0.87 6.80 |284.93 | 1477 | 7.20
8127 | 185.03 | 0.13 995 26.02 5.00 8260 0.52 63.21 0.43 0.99 28.53 0.87 6.80 | 403.75 ] 1495 | 11.03
8126 | 186.78 | 0.13 1024 | 25.87 5.01 8236 0.52 65.23 0.45 0.99 28.00 0.87 6.80 | 351.10 | 1511 9.01




y6C

m Vs Res. h Vse | Resg X Tax | Puix AP Ps o Pry o Q" Heat
L G Balance

Error

Run #|[lbmv/hr] | [ft/sec] [Ibm/hr}| [ft/sec] [°F] [psil [inHZO] [psi] [Btu/hr- | {(Btwft™-| [%]

fi*oF] | bl
Wavy Flow Pattern (20 data points - Cont'd)

8125 | 306.78 | 0.21 1717 31.02 4.93 9875 0.77 66.50 0.86 2.33 37.33 0.83 6.80 (72260 | 1664 | 14.19
8124 | 312568 | 0.21 1829 25.08 4.85 7983 0.85 69.98 0.67 1.66 28.07 0.83 6.80 | 470.88 | 1611 4.68
81211 283.70 | 0.19 1811 24.51 5.06 7780 0.77 75.72 0.56 1.06 25.49 0.84 6.80 | 739.38 | 1486 | 16.73
8120 | 270.83 | 0.18 1733 25.35 5.09 8025 0.73 76.49 0.56 1.56 | 26;75 0.84 6.80 | 749.90 | 1572 | 19.88
8119 | 2567.54 | 0.17 1646 | 25.35 5.07 ‘8048 0.70 75.41 055 | 1.05 26.78 0.85 6.80 |617.35| 1578 | 14.18
8116 | 237.69 | 0.16 1259 26‘57 4.98 8411 0.64 61.45 0.58 1.42 29.76 0.85 6.80 | 49513 | 1199 | 11.21
8114 { 257.96 | 0.17 1601 21.91 4.95 6973 -0.75 73.26 0.45 0.87 21.93 0.84 6.98 |37428 | 1131 | 18.60
Min. | 11457 | 0.08 636 21.33 4.85 6754 0.32 61.45 0.27 0.66 19.73 0.83 6.63 | 170.25| 1093 4.68
Max. | 312.58 | 0.21 1829 31.14 5.16 9887 0.85 76.49 0.87 2.33 37.33 0.90 6.99 | 749.90| 1664 | 21.49
Avg. | 190.54 | 0.13 1098 | 25.38 5.02 8049 0.53 67.30 0.47 1.07 27.33 0.87 6.74 | 417.33 | 1355 | 13.70
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