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Executive Summary 

 The goal of this project was to design modular Gas-To-Liquids (GTL) processing plants 

to be deployed at a network of wellheads, which can convert stranded natural gas resources into 

liquid material. The reasoning for this project was to reduce greenhouse gas emissions at 

wellheads by avoiding venting/flaring methane to the atmosphere. The task of the project was to 

provide the preliminary design package for a Fischer-Tropsch Reaction unit (FTR) and 

separation facilities, as well as optimizing the deployment of the GTL plant modules into the 

field. The wellhead network was located around a central plant location where units could be 

initially deployed from as well as a location to transport product to for further refining. The 

modules in this design were sized based on feed capacities of 500 MSCF/day, 2,500 MSCF/day, 

and 5,000 MSCF/day respectively. The central plant had a maximum capacity of 30,000 

MSCF/day of natural gas feed, requiring optimization of which wells could be in service at a 

given time. Permits will be requested at the beginning of 2023, and after approval at six months, 

the equipment can undergo construction. Production is planned to begin at the start of 2024.  

 The economic analysis of this project was evaluated over a 20-year period with a 7-year 

straight line depreciation. The company’s hurdle rate was 8%, and an inflation of 3% per year 

was assumed. After the preliminary design for sixteen well sites, with a starting natural gas feed 

ranging from 2,870-14,700 MSCF/day, the net present value was determined to be $2.29B. The 

total capital investment is estimated to be $1.33B with a payback period of 3.5 years. This 

project requires two large units, seven medium units, and twelve small units totaling to 21 

module units to be constructed. The project requires the employment of 154 operators. Due to 

the central plant’s capacity and the varied service of wells in any given year, the combined 

production of these active wells processed on average 21,800 MSCF/day of natural gas each 

year, producing on average 1.78 MMbbl/year of naphtha and 5.22 MMbbl/year of diesel.   

 An inherently safer design was implemented after assessing the potential hazards. Since 

this design not only overcomes the hurdle rate and is designed to reduce major safety risks the 

final recommendation is to move forward with this project.  
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Introduction 

AIChE has identified a potential area of growth in the chemical engineering industry. 

Natural gas is often flared or vented at isolated well sites which leads to higher carbon dioxide 

(CO2) emissions, as opposed to being transported or further processed into usable product. The 

goal of this project was to investigate ways to convert stranded natural gas resources into liquid 

petroleum gas (LPG), naphtha, and diesel products through the use of modular GTL plants. This 

paper details the engineering and supply chain decisions that were made to consider this 

problem. Figure 1: Block Flow Diagram illustrates the generalized process. 

 

Figure 1: Block Flow Diagram 

The GTL process will utilize steam methane reforming (SMR) to make syngas (CO/H2 

mixture), then the product will be fed to a Fischer-Tropsch Reaction unit (FTR). The reactor will 

utilize Fischer-Tropsch (FT) synthesis to create higher chain carbon molecules to be sold as 

LPG, naphtha, and diesel. A separations unit will follow the FTR to purify product streams. A 

hydro-isomerization unit (HIU) will collect the heavy bottoms product from the main 

fractionation column to form additional naphtha product, as well as diesel and waxes to further 

process in a downstream processing plant. The design statement calls for a detailed design of the 

FTR and separations facilities. Due to the nature of the units being modular and having various 

sizes, these units were considered at three different operating capacities based on the feed of 

methane: 5,000 MSCF/day, 2,500 MSCF/day, and 500 MSCF/day. This allowed for a variation 

of module sizes to be used at any given site based on need. 
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The GTL plant has four major feeds: methane, steam, carbon dioxide, and oxygen. The 

flow rates of oxygen, carbon dioxide, and steam depend on the modules maximum methane feed. 

The first stream is methane which comes directly from the wellhead at 500 psig and 100 oF. 

Carbon dioxide and high pressure (HP) steam, at those same conditions, are purchased for feeds 

to the syngas unit. The three feeds are mixed and must be heated before being sent into the 

syngas unit. The preheater is an electric furnace, heating the combined feed to 1,000 °F. The 

syngas unit is upstream of the FTR unit immediately following the feed preheater. This process 

converts methane feedstock into carbon monoxide and hydrogen in a ratio of two moles of 

hydrogen to one mole of carbon monoxide. This ratio will lead to the desired distribution of 

alkane products. Carbon monoxide and hydrogen will function as the feed to the Fischer-Tropsch 

reactor. The syngas unit can operate between a pressure of 300-500 psig and at a temperature of 

1,600-1,950 oF. When simulating the syngas unit, the lower bound of the reactor temperature 

range was the target, as it reduced the amount of duty on the preheater. The two products are 

formed through three simultaneous reactions: steam reforming, partial oxidation, and the shift 

reaction. While the steam reforming and the shift reaction will end in equilibrium, the partial 

oxidation will go to completion. These reactions are listed in Table 1: Syngas Unit. 

Table 1: Syngas Unit 

Steam Reforming: CH4 + H2O  ⟷ CO + 3H2 

Partial Oxidation: CH4 + 
3

2
O2  ⟶ CO + 2H2O 

Shift Reaction: CO + H2O ⟷ CO2 + H2 

 

The steam reforming reaction serves as the primary method for converting methane into 

carbon monoxide and hydrogen. This is an equilibrium reaction and will not completely consume 

the methane feed. The partial oxidation reaction helps to convert more of the methane. Finally, 

the shift reaction functions to balance out the products into the desired 2:1 ratio. 

The first part of this project was the design and optimization of the FTR based on the 

syngas product. Following the FTR design, was the detailed design of the separation units. It was 

determined that a 3-phase separator would follow the FTR to reduce flow rates to the distillation 

column by removing water. The distillation column separates the C10 and lighter material from 
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the C11+ material. C11+ material is sent to the HIU which does not need to be designed for this 

project. Products from the HIU were calculated given the equations from the design statement.  

The second part of the project includes supply chain analysis and the optimized 

deployment of the modules based on plant capacities and well productions. Given that the well 

production rates decline over time, unit deployment was designed to provide the maximum 

product to the central plant.  

Discussion 

 When beginning the preliminary stages of the FTR design, it was determined that Aspen 

HYSYS would be utilized to simulate the processes. The fluid package utilized throughout the 

simulations was Peng-Robinson. Using the specifications for the feed conditions, material 

streams were created and fed into an exchanger at a desired outlet temperature of 1,000 °F. The 

type of steam chosen for the feed was HP steam because of its high temperature allowing for less 

duty in the syngas preheater. The feed was then fed to an equilibrium reactor which is simulating 

the syngas reactor. The equations from Table 1: Syngas Unit were inserted into the reactor with 

the partial oxidation reaction having an equilibrium constant set to 1.0 MM to simulate a 

conversion reaction. An oxygen stream with 99% purity was fed to the reactor as a reactant for 

the partial oxidation reaction to occur. The reactor was then optimized by varying the inlet flow 

rates of steam, CO2, and oxygen to help meet FTR reactant specifications. Varying the oxygen 

stream flow rate affected the temperature of the reactor since it was the exothermic reaction, so 

once a temperature was reached in the range of 1,600-1,950°F, the other two reactant stream 

(CO2 and HP steam) flow rates were varied to help reach a product specification of 1.0 mole 

fraction CO to 2.0 mole fraction H2.  

 Following the reactor was a 2-phase separator which acted to separate excess water from 

the product stream. The rational for implementing the drum was to reduce the overall flow rate 

downstream which will allow for a smaller-volume FTR and absorption column. After the 

separator, an absorption column was used with a water solvent to remove excess CO2. Similar to 

the rational for the separator placement, the column was implemented to help reduce the volume 

of flow which will eventually lead to the FTR and to also purify the feed stream.  
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The Fischer-Tropsch reactor was designed and costed as a jacketed, non-agitated packed 

bed reactor. The goal of the reactor was to utilize the 2:1 H2/CO feed to create the desired 

distribution of LPG’s, naphtha, and diesel. This was done using the Anderson-Schulz-Flory 

distribution which is effective from 390oF-450oF. The higher end of the temperature distribution 

led to heavier carbon chain material (diesel), which is more valuable. The reactor was then 

designed to maintain the temperature at roughly 450oF. The reaction is highly exothermic which 

made it necessary to have the reactor jacketed to maintain the temperature of the reactor. This led 

to the need for a large amount of steam as coolant to maintain that temperature. Pressure drop is 

also a large factor in the reaction since the vapor flow becomes a two-phase flow, which greatly 

decreases the conversion of the reaction. The overall pressure drop was reduced by increasing 

the number of tubes within the reactor while decreasing the tube diameter.  

The reactor was modelled using differential equations paired with auxiliary equations. 

Polymath was considered for modelling the FTR, but it struggled with troubleshooting errors.  It 

was then modelled within MATLAB due to its superior troubleshooting and computational 

abilities. This was done using a function file which contained all the reactor’s differential 

equations and auxiliary equations. The function file was adjusted depending on the conditions of 

the reactor and the size of the modular unit’s inlet flow. The script file was used to specify the 

initial conditions and to run the function file. In order to graph the resulting conversion, pressure 

drop, and temperature changes within the reactor, the function file was used. The script and 

function file can be seen in the appendix. 

 Following the FTR is a 3-phase separator which splits water from the hydrocarbon 

streams to help reduce the size of downstream units. Separators are typically much cheaper 

compared to other units, so the decision to implement these before larger facilities aims to reduce 

flow and therefore reducing the size of the more expensive units. The light liquid stream from 

the separator contains most of the C5-C30 material, which can be separated into the high-value 

products. This stream was then fed to a distillation column which was operating at atmospheric 

pressure. The rational for the column was to separate the C11+ material from the C10 and lighter 

material. The column has a partial condenser to separate tail gas from the naphtha stream. The 

bottoms products are then fed to the HIU to be separated into diesel and wax products. The 
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amount of naphtha in the HIU feed was effectively negligible so it was included into the diesel 

stream.   

Conclusions 

 A modular gas plant design is a viable option to produce diesel and naphtha from 

methane coming from hard-to-reach wellheads. Preliminary design of the units focused on the 

FTR and separation sections. Supply chain and network analysis were also a large portion of the 

design. Costing transportation of product trucks as well as module movement is a large expense, 

but maintenance and repair were the biggest factor to loss of revenue on a yearly basis. Once the 

preliminary design for all sixteen well sites was completed, it was determined that the project 

requires two large units, seven medium units, and twelve small units for a total of 21 modules to 

be built. Due to the central plant’s capacity, the number of wells in service at any given year 

varies. The combined production of these active wells processed on average 21,800 MSCF/day 

of natural gas each year, producing on average 1.78 MMbbl/year of naphtha and 5.22 

MMbbl/year of diesel. After conducting a net present value analysis, the NPV was determined to 

be $2.29B. The total capital investment was estimated to be $1.33B with a payback period of 3.5 

years. In addition to being economically attractive, this project is also a relatively safe design as 

it does not require exotic materials, most of the components are compatible with one another and 

the overall design is simplified to not include unnecessary equipment. Finally, this design is 

better for the environment since it is turning methane into products rather than venting to the 

atmosphere or including continuous flaring.   

Recommendations 

 Overall, it is recommended to move forward with this project. Given the positive 

environmental impact it has when compared to traditional methods, as well as the final NPV, the 

project is attractive in all aspects. When considering the volatility of the oil and gas market, the 

sensitivity analysis examined the worst-case scenario for oil prices and the project still yielded a 

positive NPV. When moving forwarded with the project, it is recommended to reexamine 

product specifications. For this project, the product specifications were left loose and often times 

unreasonable. In conclusion, verifying product specifications is recommended.  
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 Another recommendation is to optimize the number of trucks being used to deploy the 

modules. It is recommended that the spacing for the modules within the containers is maximized 

to reduce the total number of containers being deployed.  

 Since the last three years of production are not profitable, another recommendation is to 

decommission the units at those wells and salvage material early.  

Project Premise 

 The project was premised on the idea of investigating ways to reduce CO2 emissions 

from well sites. When natural gas resources are stranded too far from conventional gathering 

pipeline systems, it cannot be collected along with crude oil. This results in the gas being burned 

using an on-site flare. The alternative to these methods of getting rid of natural gas is to 

implement a modular GTL processing plant among a network of producing wells. This allows 

for natural gas to be converted into longer-carbon-chain liquids to be transported and further 

processed at a refinery. Successful design and implementation of a network eliminates the need 

for methane to be vented or flared at stranded well sites and allows for more non-renewable 

resources to be utilized in other markets.  

Heat and Material Balance 

Table 2: Mass Balance for Medium Unit, Table 3: Mole Balance for Medium Unit, and 

Table 4: Energy Balance for Medium Unit present the mass, mole, and energy balances for the 

medium unit. The 1% difference in the mass balance is likely due to significant figure errors 

from entering values back and forth from several platforms (Aspen HYSY, Excel, MATLAB, 

and PowerPoint). There is a slight loss of heat from the system, but it is shown as 0% because it 

is negligible.  
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Table 2: Mass Balance for Medium Unit 

 

Table 3: Mole Balance for Medium Unit 

 

Table 4: Energy Balance for Medium Unit 

 

Stream In  (lb/hr) Stream Out (lb/hr)

Methane 6594

Carbon Dioxide 6601

HP Steam 6950

Oxygen 6392

Solvent 3603000

Process Water Return 3630000

Naphtha 6538

Diesel 18880

Wax 9253

Sums 3629537 3664671

Percent Difference % 1%

Medium

Stream In (lbmole/hr) Stream Out (lbmole/hr)

Methane 411

Carbon Dioxide 150

HP Steam 385.8

Oxygen 200

Solvent 200000

Process Water Return 201100

Naphtha 62.43

Diesel 94.66

Wax 26.59

Sums 201146.8 201283.68

Percent Difference % 0%

Medium

Heat In (Btu/hr) Heat Out (Btu/hr)

Stream

Methane 13260000

Carbon Dioxide 25460000

HP Steam 39120000

Oxygen 31030

Feed Preheater 8078000

Condenser 28220000

Solvent 24590000000

FTR Preheater 2671000

Tower Condenser 1761000

Tower Reboiler 5530000

Isom Reboiler 4883000

Naphtha 5965000

Process Water Return 24720000000

Isom Condenser 4025000

Wax 3249000

Diesel 12450000

Sums 24689033030 24775670000

Percent Difference % 0%

Medium
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Figure 2: FTR Unit Process Flow Diagram 
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Figure 3: PFD for Medium GTL Plant Process (DWG. 1) 
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Figure 4: PFD for Medium GTL Plant Process (DWG. 2) 
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Table 5: Medium Unit PFD Stream Table 
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Safety and Environmental Summary 

 Inherently safer consideration should always be addressed in the preliminary design stage 

since it is often incredibly expensive to incorporate these ideas into an existing plant. The main 

focus of inherent safety is to avoid hazards rather than attempting to control them by adding 

additional equipment.  

This project includes several inherently safer design considerations. One of the concerns 

was having a large amount of hazardous material in storage or process equipment that could 

potentially be released. To minimize this risk, the equipment was sized accordingly based on 

each modular unit size to ensure that process vessels and piping did not contain excessive 

amounts of process material that could pose problems in the case of a fire or explosion. 

Similarly, there is no long-term product storage built at the well sites. Frac tanks on trailers are 

used to store products until they reach half capacity and are then taken back to the central plant 

so that products are not being stored onsite for long periods of time. The benefits of these 

changes are reduced capital cost from smaller equipment and reduced operating cost of buying 

the mobile storage tanks rather than renting them or building permanent ones on site. Unwanted 

material was also removed from the process stream. This leads to a lower overall amount of 

material. It can also lead to a reduction in the size of the equipment used in the process. In this 

project, an absorption column is used to remove the excess CO2 while a flash drum removes the 

water from the system. This leads to an increase in the concentration of the reactants and 

increased the overall conversion of the reactor. It also reduced the volumetric flow rate of the 

stream and reduced the size of the reactor and all following equipment. 

Another inherently safe factor utilized was substitution. The solvent used in the reactor 

was water rather than a more exotic solvent. Using water is a much safer than using a potentially 

toxic or highly flammable solvent. Other solvents are not as readily available, and many times 

must be regenerated after a certain point which is a significant added expense.  For the FTR, 

medium pressure steam was used as the cooling medium rather than high pressure steam. This is 

because high pressure steam will cause the reactor to overheat and result in an undesired 

Anderson-Schulz-Flory probability distribution and the desired products will not be able to be 

obtained at a temperature over 449 degrees Fahrenheit. Cooling water was also considered but 

due to the possibility that the water could vaporize, it was determined that the vapor state was the 
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preferred cooling medium. Medium pressure steam is also at a lower temperature which will be 

less likely to cause an explosion, fire, or material release. Using the medium pressure steam for 

the reactor also reduces the cost of operation since it is cheaper than the high-pressure steam.  

 Project safety management is a key management system that needs to be in place at every 

plant to achieve safe operation. This is done by defining safe operating limits and putting 

procedures in place to make sure that the process is operating within those limits. In addition to 

providing general safety information, standard operating procedures for this GTL plant will be 

clearly defined and written with step-by-step instruction that requires annual certification.  

 One of the best ways to help make safe practices a habit is to have continuous training 

programs and yearly, companywide training conferences. People will often pay closer attention 

when they know they will be quizzed on the material so tests or quizzes after training sessions 

should be held to confirm that everyone has retained the information provided.  

 All equipment in the plant needs to be inspected and undergo frequent testing to verify 

that all processes are operating properly. This should also include a pre-startup safety review and 

process hazard analysis as each module is redeployed.  

 Management of change is a significant part of having good safety culture. This system 

needs to be implemented to require proper documentation for all maintenance, shift changes, 

contracted work, etc. A mandatory authorization permit for any hazardous activities within the 

plant should be required as well as the proper training.  

 To prevent incidents a full-scale emergency planning and response team will be put into 

effect before start-up.  For any incidents that occur, an investigation needs to be held within 48 

hours of the occurrence and a written report should be issued and recorded. 

 After a conducting a chemical reactivity analysis, it was determined that there are 

potentially hazardous conditions throughout the process since it contains oxygen. Hydrocarbons, 

especially, those considered to be naphtha, are highly flammable. Oxygen generates heat that 

creates an exothermic reaction at ambient temperatures. This reaction could be intense, violent, 

or explosive as shown in the deflagration analysis below.  



20 

 

These substances can also create gaseous products that may cause increases in pressure. 

An increase in pressure may lead to an overpressure event which will be handled with pressure 

relief devices and rupture disks to prevent any damage to equipment. Reactions from these 

substances can produce toxic gases such as carbon monoxide, chlorine, hydrogen halide, 

nitrogen oxides, and acid fumes.  

This process also uses a lot of water as the solvent for the reactor. Water when mixed 

with carbon dioxide and oxygen can be corrosive. The process water return line will need to be 

monitored and possibly treated to prevent corrosion of the pipes and equipment.  
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Figure 5: P&ID of Medium Unit Major Fractionator
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The modular gas plant is a refinery that deals with volatile carbon chains. If the system were 

to experience a catastrophic failure, it could lead to flammable liquid or vapors escaping the 

system and creating health and environmental hazards. Plume dispersion, puff dispersion, and a 

deflagration were modeled to determine the potential worst-case effects. The Pasquill-Gifford 

coefficients as well as atmospheric stability classes were used to determine how the plume was 

spread. The best and worst cases, class A and F, were modelled, and the wells were in a rural 

setting. It was determined that the worst-case scenario occurs within the large unit. A rupture 

within the FTR or FTR product line could release a large amount of vapor or flammable liquids. 

The line is also under pressure at 495 psia and 449 oF. The condition of each model assumes the 

ambient conditions of the area to assist with specifying variables in the continuity equation. 

The plume is modelled using point source dispersion modelling. A modified form of the 

continuity equation was used to determine the concentration of volatile carbon chains at various 

distances. Figure 6: Plume Dispersion Effect shows how the concentration of the carbon chains 

that vaporize spread over a distance from 5 meters to 640 meters when escaping at 12 kg/s. A 

continuous plume is unlikely due to the control systems in place causing a shutdown of the 

system thus stopping the 12kg/s flow. 

 
Figure 6: Plume Dispersion Effect 

 In the event the FTR experiences a rupture or of the FTR product line rupturing, a puff 

model was developed again using the continuity equation. This event assumes that the control 

system would quickly stop flow upon a sudden pressure drop. The puff model then assumes that 
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all the material within the reactor would be released over a 18 seconds, the amount of time for 

the reactor volume to move through the reactor. This leads to 216 kg of hydrocarbons being 

released with 90 kg being vaporized. This 90 kg is composed of the lighter carbons from C1-C12 

which are flammable. Figure 7: Puff Dispersion Case Comparison shows the dispersion from 5 

m to 1,460 m. The average lower flammability limit is 1.63% by volume while the average upper 

flammability limit is 10.4% by volume. The mixture will only be flammable between these 

bounds. Since the vapor is a hydrocarbon, it is likely for the mixture to combust at some point 

upon release due to the many ignition sources located within the GTL plant. 

 
Figure 7: Puff Dispersion Case Comparison 

An uncongested vapor cloud deflagration was conducted to determine the potential risks 

associated with a vapor leak of flammable hydrocarbon gases. The puff model’s 90 kg mass was 

used to determine the equivalent mass of TNT and the resulting damage. The resulting mass of 

TNT was determined to be 18.6 kg of TNT using an efficiency of 30% for hydrocarbons. Figure 

8: Deflagration Pressures vs Distance Error! Reference source not found.shows the resulting 

pressure wave at varying distances. From 0-10 meters, the resulting damage is a total loss of 

equipment. Beyond that, severe damage is seen all the way to 65 meters, at this point the damage 

lowers to minor damage to structures and less. 
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Figure 8: Deflagration Pressures vs Distance 

 

From a safety perspective, there is always risk associated with chemical processes, but there 

is nothing in this process that is exceptionally unsafe. At this point in the design stage, the only 

potential for terminating the project is purely economic. 

One of the major concerns requiring significant attention in the detailed design stage would 

be start-up processes. More specifically, since all the units are modular, each unit will have to be 

taken off the truck and assembled at the well site. The assembly will include a structure that will 

hold the condenser and condensate receiver up in the air next to the fractionation column in the 

separation unit. Such a structure may need safety railing and or harnesses for routine 

maintenance.  

Preventing a runaway reaction or loss of containment from the Fischer-Tropsch reactor is a 

major concern that will require considerable attention and should be adequately addressed with 

process safety management practices. The most important would be the aforementioned methods 

like standard operating procedures, management of change procedures, and proper training.  

 A risk management plan will need to be developed to minimize the frequency and 

severity of accidents within the plant. A focus on communication with the nearest communities 
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and adjacent landowners will be necessary to implement a plan to handle emergencies properly. 

This project also focuses on being environmentally conscious. In many similar processes, 

methane is vented to the atmosphere, or a flare is used to burn off excess hydrocarbons. In this 

project the goal was to convert as much methane into products as possible. 

Overall, this design is inherently more safe, all of the hazards have been identified and 

consequences of risk have been addressed and mitigated. A strong safety culture will be realized 

once the process safety management procedures are put into place and a risk management plan is 

established.  

Equipment Information Summary 

All equipment information can be found in Table 6: Medium GTL Plant Process 

Equipment Summary. This table only summarizes equipment specifications for the medium-sized 

units, the small and large units can be found in the appendix. Equipment design specifications 

were determined based on safety of the process and maximizing the NPV. Any specifications 

marked in Table 6: Medium GTL Plant Process Equipment Summary as “N/A” implies that 

detailed design was not necessary for the scope of the project. The material of construction for 

all of the equipment and piping is carbon steel since it is the cheapest option that can safely 

operate given all operating conditions and materials.  

All heaters in this design were determined to be electric heaters. After a cost analysis for 

both feed preheaters (H-101 & H-102) and the column reboiler (H-103), it was determined that 

fuel gas would cost more than electricity when supplying the duty to run at the desired outlet 

conditions.  

The condensers were all determined to be U-Tube heat exchangers since it is the cheapest 

option that provided the largest heat transfer area. The syngas condenser (E-101) was not sized 

since it was within the scope of the syngas unit which did not need to be detailed; however, 

specifications regarding expected inlet/outlet conditions were provided along with the duties to 

achieve a calculated area if needed for future reference. 

 The main fractionation vessel consisted of 7, single-pass sieve trays with a material of 

construction being carbon steel. The tower has a condenser and reboiler to maintain product 

specifications and aid in efficient separation and product temperatures. The column was 
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optimized to maximize the bottoms production in order to produce more C11+ material. The 

temperature and pressure of the column were determined by examining the relative volatilities of 

C10 and lighter material compared to C11+ material. Due to the nature of these two product 

streams, it was a simple separation which allowed for the tower being able to operate at 

atmospheric pressure, which resulted in lower condenser and reboiler duties. Diesel was a more 

profitable product compared to naphtha and LPG, so the goal of the design was to produce as 

much of the heavier products as possible to maximize the project NPV.  

A three-phase separator was implemented to provide liquid holdup to remove water and 

vapor from the main hydrocarbon stream. The purpose of the placement of the vessel was to 

remove volume from the feed stream to the main fractionation vessel (T-102). This resulted in an 

overall smaller volume for the distillation column. The orientation of the 3-phase separator was 

determined to be horizontal as they are cheaper since they don’t require as much structuring, and 

the length and diameter calculated fit within the required dimensions. The condensate receiver 

following the distillation column is vertical since it contains a higher vapor volume.  

A packed bed reactor (PBR) was designed to serve as the FTR (R-102). A PBR was 

chosen due to the requirement of continuous flow and the use of a catalyst. PBR’s are generally 

versatile and help to increase contact between multiple phases. This reaction leads to the creation 

of a two-phase liquid/gas flow in contact with a cobalt catalyst. A tubular design was selected to 

help increase catalyst contact and conversion of the feed into the desired products. Tube numbers 

ranging from 3-70 were tested, ultimately leading to 42 tubes being the optimum number to 

increase conversion while balancing catalyst weight and cooling water cost.  The reactor was 

kept at constant temperature to lead to the desired ratio of products. This led to the reactor further 

being designed as a jacketed reactor to regulate temperature. The reactor was designed to be 

horizontal to reduce the cost as it requires less structure. This was chosen after a compatibility 

matrix of the reactants and products was conducted. The conditions of the reactor are also 

reasonable as the maximum temperature and pressure of carbon steel are 750 oF and 60,000 psi 

respectively.
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Table 6: Medium GTL Plant Process Equipment Summary 
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Unit Control and Instrumentation Description 

Controls is an integral part of designing a safer, more reliable design. A full control 

system was developed for the major fractionator and a preliminary plan was considered for the 

FTR. The systems were designed considering safety, and access to the operators to monitor the 

system in the field and in a central control location.  

The control systems in place in the major fractionator primarily maintain temperature, 

pressure, liquid levels, and flow rates. Level controllers are used in the separators and condensate 

receivers in order to maintain proper separation of phases and components. This is done by using 

a control valve on a liquid outlet which will adjust the flow of liquid. This will serve to maintain 

the liquid seal. Temperature controllers are used throughout the system. The temperature 

controller uses a transmitter and controller to adjust the flow rates of the cooling or heating fluids 

to the necessary flow rate. This allows the process fluid to maintain the proper temperature. 

Pressure controllers are used to regulate the flow rate of gasses throughout the system. A 

pressure indicator records the pressure and sends a signal to a controller which in turn regulates 

the gas flow line. This system also helps prevent the pressure of the vessels from going above 

operating conditions. 

The control system is depicted in Figure 5: P&ID of Medium Unit Major Fractionator. 

The control system is the same across the sizes of modules, but this description will follow the 

medium unit’s P&ID.  

Table 7: Unit Control and Instrumentation Description describes the instruments that are 

not connected to the central control system, and their purpose. 

The FTR requires temperature controls to regulate and monitor the temperature due to the 

exothermic nature of the reaction. The temperature needs to be monitored not only for the safety 

of the equipment but also for the risk of causing a runaway reaction or creating undesirable 

products. A backup to the steam cooling system will need to be implemented, as well as a control 

system. This system should also include pressure relief devices to prevent over pressuring the 

equipment. 
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Table 7: Unit Control and Instrumentation Description 

Type of Device ID 

 

Locations Description 

Pressure Relief 

Valve 

PSV  (V-102) 

(E-102) 

(H-103) 

If overpressure occurs, PSV will allow relief to 

protect the process vessel until overpressure event 

desists.  

Rupture Disk RD  (V-102) 

(T-102) 

(H-103) 

Disk will rupture due to overpressure to prevent 

equipment breakage but may lead to backpressure. 

Temperature 

Indicator 

TI  (V-102) 

(T-102) 

(E-102) 

Monitors temperature at different points throughout 

the distillation column, and the three-phase separator, 

and overhead condenser. These devices are local 

allowing operators to monitor the tower in person. 

Economics 

 This design was evaluated over a 20-year project life with a hurdle rate of 8%. Based on 

timing for permits, construction is planned to begin in the latter half of 2023, so that the first 

units can be deployed in the first part of 2024. Units were calculated with a first of a kind 

(FOAK) cost initially and then a learning rate was applied to the subsequent units. The heat 

exchangers, FTR, vessels, distillation column, and trays were all calculated using the Turton 

Appendix A equations for capital costs. The capital cost for the syngas unit, HIU, steam plant, 

and CO2 recovery unit were cost based on their calculated capacities and scaled for each unit 

size. The FOAK cost was applied to each size unit since the dimensions will change between 

units. In Table 8:Cost of Module by Name (Total is Sum x 4.8) the total capital cost was 

multiplied by the supplied multiplier of 4.8 and applied to the total equipment sum. This table 

also shows the salvage value calculated at the end of the project life. 

Based on the unit’s positions/usage throughout the well systems over the project life the 

utilities were calculated based on the capacity of the units deployed (for example a medium unit 

may be deployed because smalls were unavailable, so the medium runs at a reduced capacity).  

The utilities reported in Table 9:Utility Cost per Unit & Usage per Year are the services used 
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and the associated usages per year of each unit at full capacity. Some utilities where credited for 

returning them, those credits were accounted for in the utilities total. 

The other operating costs include labor, maintenance (including catalyst recharge), 

module transportation and product transportation. The number of operators needed for the units 

employed was calculated to be 154 and the salary estimated at $80,000 per year. This salary was 

inflated 3% every year over the project life. Maintenance was calculated to be 10% of the capital 

cost each year plus the catalyst recharge for all the units every three years. The module 

transportation was calculated based on the unit capacity and the distance traveled. For example, a 

unit named Hedy, moved from well 2C to 2B in year ten, and this transportation was 

approximately 83 miles and cost $1.4M. Further information of total transportation cost and 

specific distances traveled can be found in the Appendix. Finally, once the amount of product 

produced per unit was finalized, the number of product trucks needed per day was determined 

and priced. Each product truck was priced based on the number of miles driven. The cost for 

product trucks was $1.25 per mile, for total product truck costs per well see the Appendix.  
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Table 8:Cost of Module by Name (Total is Sum x 4.8) 

 

  

Table 9:Utility Cost per Unit & Usage per Year 
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The income for this project was solely from the products of naphtha and diesel. The goal 

was to optimize the amount of diesel as the sale price is $90/bbl and naphtha was $75/bbl. The 

design did not create a viable LPG stream, and since LPG is only $0.30/lb the focus was not 

placed on excessive equipment to create and LPG product. Since the design was able to produce 

a substantial amount of diesel and naphtha, this project was ultimately profitable.    

Table 10:Production of LPG, Naphtha, and Diesel by Unit Size 

 

The bottom line of the preliminary design was calculating a rate of return that was greater 

than 8% and completing an NPV analysis. That final ROR exceeded the hurdle rate substantially 

coming in at 23%. The project NPV was determined to be $2.29B with a capital cost of $1.33B. 

The average cashflow per year is about $181M, with the first years being the most profitable and 

the final years being the least. The cash flow below provides more details, note that in the final 

three years the maintenance estimates are the same as early on, which is not a completely fair 

assumption since most units are not in service. The negative values were kept maintaining a 

conservative estimate of the project.   
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Table 11: Cash Flow Table for Modular GTL Plants 



34 

 

Wellhead Site System Plot 

 The system for the wells in based around a central plant. The wells in the system all vary 

in distance from the central plant, these distances are depicted in Table 12: Well Distances from 

the Central Plant. The wells were assumed to be approximately 45° starting from 1A moving 

toward 2A then to 1B, 2B, 1C and so on around a full 360°. This assumption led to the 

approximation of each site from each other site as shown in Table 13. To better visualize the 

entire well system, Figure 9: Wellhead Map shows an approximation of the wells from the 

central plant. This map is not exactly to scale, however this visualization helped with 

optimization for module deployment. The images on each well site are in varying sizes so that 

the largest producing wells have the largest icons and the least producing have the smallest. The 

actual starting feed value of methane of each well is depicted and organized from the least 

productive well to the most as well as the rounded value used throughout the development of this 

plan in Table 14.  

 
Table 12: Well Distances from the Central Plant 

 

Table 13:Well Distances from Other Wells in the System 
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Figure 9: Wellhead Map 
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Table 14: Well Starting Methane Feed Values 

 

Unit Deployment and Redeployment Logistics 

 The central plant can only process the product equivalent of 30,000 MSCF of natural gas 

feed each day. Each well starts with the feed depicted in Table 14: Well Starting Methane Feed 

Values and produces that same amount for 2 years then steadily decreases by 35% each year. The 

graph in Figure 10: Well 1A Methane Supply depicts the decline of Well 1A to represent the 

decrease. In order to optimize the wells in service at any given time, the startup of the wells was 

varied over the project life.  
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Figure 10: Well 1A Methane Supply 

Since the production of each well decreases over time, there was less of a need for larger 

modular units later in the project. There were occasions where a well may be taken out of service 

in the middle of its useful production life, to optimize the use of methane while still meeting the 

central plant’s capacity. Figure 13: Well Feed Value (MSCF/day) and Years in Service shows 

what wells were determined to be in service each year. Figure 11: Optimized Service Years of 

Wells in System over the Project Life shows further information such as the feed for each year, 

showing the total of the methane as well as the number of wells in service each year. This table 

represents the method that was used to optimize the utilization of each well, each array of the 

feed and its decline was shuffled though out the years to find the best time to bring the well into 

service. It was important to try to get as close to the central plant’s 30,000 MSCF/day capacity 

while also minimizing the number of wells in service at a time, as that translates to total 

minimum number of modular units.   
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Figure 11: Optimized Service Years of Wells in System over the Project Life 

 

 The unit sizes were based on feed of methane with three sizes, 500 MSCF/day, 2,500 

MSCF/day, and 5,000 MSCF/day. Based on the optimized service of the wells, modules had to 

be assigned to active wells each year of the project. This was accomplished by displaying the 

map of the wells next to its total production and the calculated number of units needed to meet 

the feed of the well. An example of two years of the well sites with their modules is displayed in 

Figure 14: Example of Year 1 and Year 10 Module Distribution. When refining the total number 

of modules, the turndown of the unit was considered and it was determined that the units could 

not turn down more than approximately 60%, so when a well only had, for example 100 

MSCF/day remaining, that production was lost.  

 The final number of units needed of each size was determined to be twelve small, seven 

medium, and two larges. In Table 15:Module Fleet Inventory Deployment Plan the full fleet of 

modules is displayed as well as their location. Due to the cost of moving the modules, unused 

units would remain at the site they were last used while they waited to be deployed to the next 

site.  
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Figure 12: Wells Feed Value (in MSCF/day) and Years in Service Figure 13: Well Feed Value (MSCF/day) and Years in Service 
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Figure 14: Example of Year 1 and Year 10 Module Distribution 
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Table 15:Module Fleet Inventory Deployment Plan 
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Based on the deployed modules the product truck development plan was created. This 

plan was designed by finding the maximum number of product trucks needed every five years, as 

they are contracted in five-year increments. Using the total production per day, the number of 

trucks was determined and then priced based on the requirement to return to the central plant to 

off load product. It was estimated that any given driver could work a maximum of 11 hours in a 

day and that the average speed of travel was 65 mph. It was also assumed to take about 45 

minutes to load and unload a truck. This information helped model the number of trips required 

per day to any given site. The number of trips were then applied to how many trips a specific 

could truck make in a day based on the distance to the central plant and the allowable number of 

work hours. The total number of contracted product trucks are displayed in Table 16: Total 

Product Trucks Contracted. 

Table 16: Total Product Trucks Contracted 

Years: 1-5 6-10 11-15 16-20 

Trucks Contracted 16 20 30 27 

 

Summary of NPV and Sensitivity Analysis 

 The costs for the project have the potential to suddenly change as it is hard to predict 

future trends in inflation and demand. Variable analysis was conducted to determine the potential 

effects in changes to costs. Tornado charts were assembled to compare the effects of each new 

cost. Figure 15: Single Variable Analysis Tornado Chart shows the relative impact of varying 

costs for capital, labor, total feed, and total utilities as well as varying income from naphtha and 

diesel. Income was found to have the most profound effects on the profitability of the project. 

The price of oil can vary greatly over time and can be affected by many factors. The price low 

point was chosen to be a 45% reduction from original prices while the high point was a 45% 

increase in price. This is based upon trends in the last 20 years. Ultimately, income is the most 

important factor for the success of the project in a field that experience upturns and downturns 

frequently. The next major factor is the capital cost of the system. All the equipment is modular. 

This leads to an increase in the cost as it is specialized for being capable of being disassembled 

and moved relatively quickly. The cost of this equipment is difficult to estimate. A 4.8 multiplier 
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was used to initially estimate the cost of equipment. A lower bound of 1.7 was selected as it is 

the Lang factor for a prefabricated modular plant. The upward bound was chosen to be 7.9 as it 

was the opposite direction of the Lang factor. This multiplier greatly affects the profit of the 

project as a multiplier of 7.9 would reduce the NPV by $1B. 

 
Figure 15: Single Variable Analysis Tornado Chart 

 Assuming the capital cost and income are fixed, labor was then compared to the cost of 

the feeds and utilities. Figure 16: Labor Cost Comparison with Feed and Utilities show the 

relative weight of varying the combined utilities and feed by ± 10%. This number was chosen to 

estimate the potential increase or decrease in utilities on top of inflation. The labor cost was 

varied by adjusting the average operator pay from $50k/year to $130k/year. The salary depends 

heavily on the experience of the operators and the location of the site. Ultimately, it was found 

that the increase in utilities and feed would cause less of an effect on the total NPV. Labor was 

found to have a similar effect. The increase in cost of utilities and feed will not lead to the project 

being economically unattractive even with the large of amount of water, steam, and other 

auxiliary feeds and utilities. 
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Figure 16: Labor Cost Comparison with Feed and Utilities 
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Table 1: Large Unit PFD Stream Table 
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Table 2: Small Unit PFD Stream Tables 
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Figure 1: Large GTL Module P&ID 
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Figure 2: Small GTL Module P&ID 
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Table 3: Transportation Cost per Year 

 



52 

 

 

Table 4: Distillation Column Sizing for Each Unit Size 

 

Table 5: Distillation Column Costing for Each Unit Size 
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Table 6: Large GTL Plant Process Equipment Summary 

 

 

Table 7: Small GTL Plant Process Equipment Summary 
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Figure 3: Income Effects on NPV 

 

Figure 4: Variable Effects on NPV 
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Table 7: FOAK Plant Cost for Large Unit 

 

Table 8: FOAK Plant Cost for Medium Unit 
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Table 9: FOAK Plant Cost for Small Unit 

 

Table 10: Condenser/Reboiler Sizing and Pricing for Each Unit 
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Table 11: Heater Costing for each Unit 

 

Table 12: Condenser/Reboiler Specifications (Steam on reboiler can be negated) 
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Table 13: Additional Heat Exchanger Sizing Information 
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Table 14: Additional Distillation Column Sizing Information 
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Table 15: Large Condensate Receiver Feed Conditions 

 

Table 16: Large Condensate Receiver Sizing 
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Table 17: Medium Condensate Receiver Feed Conditions 

 

Table 18: Medium Condensate Receiver Sizing 
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Table 19: Small Condensate Receiver Feed Conditions 

 

Table 20: Small Condensate Receiver Sizing 
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Table 21: O’Connell Correlation for Tray Efficiency 
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Table 22: Large 3-Phase Separator Feed Conditions 



65 

 

 

Table 23: Large 3-Phase Separator Sizing 
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Table 24: Medium 3-Phase Separator Feed Conditions 
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Table 25: Medium 3-Phase Separator Sizing 
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Table 26: Small 3-Phase Separator Feed Conditions 
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Table 27: Small 3-Phase Separator Sizing 
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MATLAB Code 

Function File Code 

  

function f = FTRFunctionFinal(W,Y) 

X = Y(1); 

z = Y(2); 

T = Y(3); 

Ta = Y(4); 

  

Dt = 20; %cm 

Tube = 42; 

  

db = 0.8; %gm/cm^3 

  

mc = 395000; %g/hr 

  

Vt = W/db; 

Vtft = Vt*3.53*10^-5; 

Vtotal=Vtft*Tube %ft^3 

  

F1o = 60922/Tube; %CO 

F2o = 122434/Tube; %H2 

F3o = 259/Tube; %H2O 

F4o = 0; %C Chain 

F5o = 16254/Tube; %CH4 

F6o = 42/Tube; %O2 

F7o = 636/Tube; %CO2 
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Fi = F5o+F6o+F7o; 

Fto = F1o+F2o+F3o+F4o+Fi; 

  

S1 = 1; 

S2 = 2; 

S3 = 1; 

S4 = 1; 

  

O2 = F2o/F1o; 

O3 = F3o/F1o; 

O4 = F4o/F1o; 

  

F1 = F1o*(1-X); 

F2 = F1o*(O2-(S2/S1)*X); 

F3 = F1o*(O3+(S3/S1)*X); 

F4 = F1o*(O4+(S4/S3)*X); 

Ft = F1+F2+F3+F4+Fi; 

  

To = 505; 

  

T1 = exp((-4492)*((1/T)-(1/473))); 

T2 = exp(8237*((1/T)-(1/473))); 

  

Pto = 32; 

P1o = Pto*0.331; 

P2o = Pto*0.6251; 

P3o = Pto*0.0013; 
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P4o = Pto*0; 

Pio = (Fi/Fto)*Pto; 

  

P1 = Pto*(F1/Ft)*(T/To)*z; 

P2 = Pto*(F2/Ft)*(T/To)*z; 

P3 = Pto*(F3/Ft)*(T/To)*z; 

P4 = Pto*(F4/Ft)*(T/To)*z; 

Pi = Pto*(Fi/Ft)*(T/To)*z; 

Pt = P1+P2+P3+P4+Pi; 

  

k = 0.173; 

k2 = 4.512; 

  

Cp1 = 0.0282; %BTU/g*K 

Cp2 = 0.0275; 

Cp3 = 0.0549; 

Cp4 = 0.0438; 

Cp5 = 0.0438; 

Cp6 = 0.0295; 

Cp7 = 0.0423; 

Cpc = 0.0459; 

  

Hrx = -154.444; %BTU/gmole CO 

  

Do = 0.00885; %gm/cm^3 

D = Do*(Pt/Pto)*(T/To)*(Ft/Fto); 
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por = 0.4; 

dc = db/(1-por); 

  

u = 57804; %cm/hr 

  

G = u*D; 

  

Ua = abs((0.385*((G)^(0.8)))/(Dt^(0.2))); 

  

a = 0.00000305; %differ from excel 

  

r1 = (-k*T1*P2*P1)/((1+k2+T2*P1)^2); 

  

dXdW = -r1/F1o; 

dzdW = ((-a)/(2*z))*(T/To)*(Ft/Fto)*1.5; 

dTdW = (r1*Hrx-(Ua*(T-Ta)/dc))/(F1*Cp1+F2*Cp2+F3*Cp3+F4*Cp4+F5o*Cp5+F6o*Cp6+F7o*Cp7); 

dTadW = ((Ua/dc)*(T-Ta))/(mc*Cpc); 

f = [dXdW;dzdW;dTdW;dTadW]; 

end 

  

Script Code 

clc 

Wspan = [0,100000]; %Range for independent variable or catalyst weight 

% list values for dependent variables in order 1Conversion 2Pressure Drop 

%Guy-Lussac for temp and pressure 

y0 = [0,1,505,451]; % Initial Values for 0, 1, 473, 298 

%FTRNoP sees only conversion, Reactor Temp and Coolant Temp 
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[W, y] = ode78(@FTRFunctionFinal,Wspan,y0); 

  

%Plotting this stuff 

%Conversion 

plot(W,y(:,1)); 

%legend('Catalyst Weight','Conversion') 

ylabel('Conversion'); 

xlabel('Catalyst Weight'); 

figure; 

  

%Pressure Drop 

%plot(W,y(:,2)); 

%legend('Catalyst Weight','Conversion') 

%ylabel('Pressure Drop'); 

%xlabel('Catalyst Weight'); 

%figure; 

  

%CHANGED THE ARRAY POSTIONS 

  

%Reactor Temperature 

plot(W,y(:,3)); 

%legend('Catalyst Weight','Conversion') 

ylabel('Reactor Temperature'); 

xlabel('Catalyst Weight'); 

%figure; 

  

%Coolant Temperature 
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%plot(W,y(:,4)); 

%legend('Catalyst Weight','Conversion') 

%ylabel('Coolant Temperature'); 

%xlabel('Catalyst Weight'); 

 


