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PREFACE

The purpose of this study is to analyze the performance of pure
component condensers and to present a rapid estimation procedure to
design shell and tube heat exchangers for the condensation of pure
components.

Various aspects involved in pure component condensation and two-
phase flow are discussed. The effect of pressure drop on mean tem-
perature differences and condensation heat transfer coefficient is
~discussed. Rapid estimation procedures for design of shell and.tube
condensers are presented. Finally,:a discussion‘on optimization of
condensers is presented.
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NOMENCLATURE

heat transfer area, ft2

clearance between adjacent tubes, in.
diameter, in., Di - inside diameter,
DO outside diameter, Dot% - diameter
of outer tube limit, in.

tube outside diameter, in.

factors defined by Tables Vv, VI, VII,
respectively

fraction of total tubes that are in
crossflow

fraction of total crossflow area
available for bypass flow around tube
bundle

friction factor, fi ~ frietion factor
for ideal tube banks, f - shell side
friction factor |

total mass velocity, lb/ftzhr.
gravitational acceleration, ft./sec.2
gravitational conversion constant,

4.17x10° 1bm. ft./1b hr?

ix



AH - heat of vaporization, Btu/lb mole
h, h.,, h » - heat transfer coefficient for con-
densation, inside tubes, outside

tubes; Btu/hrftgoF

K - thermal conductivity, Btu/hrftzoF

L - total length of tubes, ft.

LVF - 1liquid volume fraction

[ ~ effective tube length (between tube

sheets), ft.

Qc . ~ Baffle cut, inc.

QS - baffle spacing, in.

MTD - mean temperature difference, OF

Nb — number of baffles in the exchanger
NC ~ number of tube rows crossed during

flow through one crossflow section
NCw - number of effective crossflow rows
in each window
NSs : - number of pairs of éealing strips
or equivalent obstruction to bypass

flow encountered by the stream in

one crossflow section

Nt - total number of tubes in the exchanger
P - pressure, lb/in.2
Pr% - liquid phase Prandtl number



AP - pressure drop, 1b/1n.2

P - tube pitch, in.

Py ~ tube pltch normal to flow, in.

pp ~ tube pitch parallel to flow, in.

Q - total heat transfer rate, Btu/hr

R -~ gas constant, 1.987 Btu/lb mole °r

Rb - correction factor for effect of bundle

bypass on prEssdre drop

Re ~ Reynolds number

RL - correction factor for effect of baffle
leakage on pressure drop

RST,CF - correction factor for effect of bundle
bypass and baffle leakage on pressure
drop in two phase flow

RST,W - correction factor for effect of baffle

leakage on pressure drop in two phase

flow

Sm - crossflow area at or near centerline
for one crossflow section, in.

SSb - shell-to-baffle leakage area for a
single baffle, in.2

Stb - tube-to-baffle leakage area for a
single baffle, in.?

Sw - area for flow through window, in.2

xi



S - window gross area, in.

wg

Swt - window area occupied by tubes, in.

T -~ temperature of shell-side fluid, OF,
T1 - inlet temperature, T2 - outlet

temperature, TS - saturation tempera-

ture, Tw - wall temperature

t ‘ - temperature of tube=side fluid, OF
tl - inlet temperature, t2 - outlet
temperature

U - overall heat transfer coefficient,

Btu/hrftzoF, UO - based on tube outside

area, Ui - based on tube inside area

\4 - velocity of fluid flow, ft/sec
W - weight flow rate lbs/hr

X - vapor quality (1b vapor/lb total)

Greek Letters

Xeer Qee - Martinelli-Nelson factors

*%kt - multiplying factors in Figures 10,
11, 12, 13, 15

A - latent heat of vaporization, Btu/lb

u - viscosity, 1b/fthr

o - density, lb/ft3

Subscripts

c - condensing

CF _ - crossflow

xii



friction

vapor phase
inside

liquid phase
outside
shell-side

two phase flow
tube side
vapor phase

window
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CHAPTER I
INTRODUCTION

The condensation of pure components occurs in a wide variety of
applications in the process and related industries. Most common
applications are the process condensers on distillation columns, on
chemical reactors, power plant condensers and condensers used in
refrigeration systems.

There are four basic mechanisms of condensation generally
recognized: dropwise, filmwise, direct contact and homogeneous.
Dropwise condensation, although allu?ing because of the high heat trans-
fer coefficients reported in the literature, is not considered to be
suitable for exploitation in the design of process condensers. Homo-
geneous condensation is primarily of concern in fog formation in
equipment and is not a design mode by itself. Direct contact conden-
sation, although a very efficient process, suffers from the disad-
Vantage of mixing the condensate and the coolant. The most common
mechanism of condensation found in process condensers is filmwise
condensation. Therefore, all the attention in this ﬁhesis will be
devotedbto filmwise condensation, and all references to condensation
will imply filmwise condensation, unless otherwise stated. The
condensation of only pure components has been considered.

The subject of filmwise condensation may be further subdivided

based on whether the vapor is condensing inside the tubes (in-tube)



or outside the tubes (in-shell) and whether the vapor hydrodynamics

has any effect on the condensation process.
Regimes of Two-Phase Flow

The types and the detailed description of two-phase flows depends
on the physical properties of the fluids flowing, the geometric con-
figuration of the conduit and the kind of heat transfer process involved,
if any. 1In the co-current flow of liquid and gas, there are four
possible combinations oflflow mechanisms: 1liquid turbulent/gaé turbu-
lent, liquid viscous/gas turbulent, liquid turbulent/gas viscous and
liquid viscous/gas viscous (12). However, only two, namely liquid
turbulent/gas turbulent and liquid viscous/gas turbulent have wide-
spread applications in co-current cogtactors in éhe chemical industry.

In addition, there may be several flow patterns depending upon the

liquid and gas flow rates and also upbn the type of the inlet.

Flow Patterns

The following general types of flow patterns are found in straight
horizontal tubes (1):
1. Bubble flow-flow in which bubbles move along the upper part
of the pipe at approximately the same velocity as the liquid.
2. Plug flow - flow in which alternate plugs of liquid and gas
move along the upper part of the pipe.
3. Stratified flow -~ flow in which liquid flows along the
bottom of the pipe and the gas flows above the liquid

over a smooth interface.



4. Wavy flow - flow which is similar to stratified flow except
that the gas flows at a higher velocity and the interface
is disturbed by waves traveling in the direction of flow.

5. Slug flow - flow in which a wave of liquid is lifted up
periodically by the more rapidly moving gas to form a frothy
slug which moves more rapidly than the liquid.

6f Annular flow - flow in which the liquid flows in a film
around the inside wall of the pipe and the gas flows at a
higher velocity and in the central core of the pipe.

7. Spray or Mist flow - flow in which a large fraction of the
liquid is entrained as a spray by the gas.

A modified form of the Baker map (2) is shown in Figure 1 and is
useful in giving a general appreciation of the general kind of flow
regime existing under given conditions. During the coﬁrse of conden-
sation, the relative ratios of vapor and liquid change; these changes
may be conveniently followed on the Baker map with the aid of Figure
2, which is used in the following way: Calculate the values of the
abscissa and ordinate on the Baker map corresponding to the half
condensed point. Plot this point on Figure 1. Place the 0.5 point of
the curve of Figure 2 on top of the‘point plotted on Figure 1 so
that the coordinates are parallel on the two figures. Then the curve
on Figure 2 traces the sequence of flow regimes as a function of vapor
quality from pure vapor at the left infinity point to pure liquid
at the bottom infinity.

For two-phase flow inside wvertical tubes, the stratified and
wavy flow regimes cannot exist and the flow regimés generally recog-

nized in this case are bubble (low vapor rate), slug, annular, and
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annular with mist. The Fair map (10) is generally recognized as the best
for this configuration and is shown in a slightly modified form in
Figure 3. The Fair map is not applicable at low condensing flow rates
because it is based on the assumption of upward two-phase flow. How-
ever, if vapor shear effects are sufficient to dominate the flow
behavior, the Fair map is quite useful.

Knowledge about two-phase flow patterns across tube banks, with
or without baffles, is much more limited and indeed hardly'extends
beyond what intuition tells. In the case of two-phase flow inside
horizontal tubes, wavy flow occurs mostly where the relative velocity
of the vapor with respect to the liquid is about 15 feet per second.
Annular flow occurs at a superficial velocity of 20 to 70 feet per

second depending upon the liquid flow rate.
Driving Mechanism

The condensation of pure components is mostly a heat transfer
process, wherein heat is removed from the condensing vapors across
the condensate layer to the cooler wall. The driving force for the
condensation process is the temperature gradient across the conden-

sate layer.
Equipment Types Used

The condensation of pure component vapors can be carried out
in a variety of heat transfer equipment. Some of the common types of

condensers are shell and tube condensers, jet condensers, evaporative
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condensers, knockback condensers and air-cooled condensers. The most
common type of condenser used in process plants is shell and tube
condenser. A chart of the different condenser configurations that

can be considered for process service and general comments about their
suitability for various services is given in Table I (16). The areas
of application or exclusion shown, the operating limits and the esti-
mation of accuracy are generally true. Experience should help a great

deal in the ultimate purpose of selecting and designing a condenser.
Pressure Drop and MID Considerations

Pressure drop during the condensation process is a very impor-
tant factor that has to be considered. Pressure drop for two-phase
flow inside tubes is higher than that for single-phase flow. The
pressure drop in condensers adversely affects the temperature differ-
ence. The greater the pressure drop the lower the condensing tempera-
ture and the greater the heat transfer area required. Very high
pressure drops can lead to two-phase choking flow. In the case of
the condensation of pure vapors at low pressures, the pressure drop

is a critical factor in the design of condensers.
Handling of Non-Condensables

The design of a surface condenser for the condensation of vapor
from a mixture of vapor with non-condensing gases presents several
unusual conditions and complications in heat transmission, not

encountered in the condensation of pure vapors. The properties of



SURVEY OF PROCESS

TABLE I

CONDENSER CONFIGURATIONS (Ref. 16)

Subcooled Mixed Vapor Fouling Heat Transfer
Shell and Tube Condensate Condensation or Corrosion Predictive
Total or Partial Polymerization Ability
Inside Tubes
Vertical-Upward Flow Not Applicable Limited Range of Not Applicable Fair Poor
Concentration
-Downward Flow Excellent Excellent Fair Good Good
Horizontal Very Poor Good in Annular Fair Good Good
Flow
Outside Tubes _
’ Vertical Possible But Good Very Poor ‘Poor—alloy Fair
Not Recommended Shell Required
Horizontal Not Recommended Poor for Wide Con- Very Poor Poor Fair
densing Mixtures
AIR COOLER -
Horizontal Tubes Not Recommended Good Fair Excellent Good
Vertical Tubes Excellent Good Fair Excellent Good
DIRECT CONTACT Good Fair Excellent Excellent Very-Good

" (Usually Con-
servative)
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the gas stream vary greatly as the condensation proceeds. The heat
transfer coefficient of the film, the rate of wvapor flow and the thermal'
capacity of the vapor stream decrease as the condensation proceeds.

The condensation of the vapor depends upon the diffusion of the vapor
through the gas; hence, mass transfer as well as heat transfer

becomes important. For these reasons no method of calculating the

MID based on the terminal temperatures is applicable. The design

aspects of condensers with non-condensables present are given in
reference (7).

The purpose of this study is to analyze the performance of
condensers for pure vapor and develop approximate design procedures
for quick design of pure component condensers. Some modifications
to the existing rigorous methods aregalso being éuggested. Finally,

some discussion is made about the optimization procedures to be used

in the design of condensers.



CHAPTER II

ANALYSIS OF PRESSURE DROP AND MEAN TEMPERATURE

DIFFERENCE RELATIONSHIP

As has been already discussed, the pressure drop in condensers
adversely affects the mean temperature difference and increases the
heat transfer area for a given condenser duty. Hence, an analysis
of the extent to thch the pressure drop affects the mean temperature
difference is justified.

Variation of Saturation Temperature

with Pressure Drop

The Clausius—-Clapeyron equation is used to relate the varia-
tion of the saturation temperature to pressure. For a vapor enter-
and the condensate

ing at a pressure P, and saturation temperature T

1 1
leaving at a pressure P2 and saturation temperature T2 the
Clausius-Clapeyron equation simplifies to
P AH
1
i 5t G- ) (2-1)
1 1 2
1 1
P, (AH_/R) (5= = ) -
== 1 2 (2-2)
Py

11
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o Pl - R, (AHV/R) (_T"Tl,’—‘)
————-—-——P = 1 - e l 2
1
T. - T
2 1
. (AH_/R) (=)
c e 5%
1
AH
AP
e = D) = e - )
1 1 2

X2 X3
2n(l—x)=—x———2———3—
s -3 = - £F
1 1
oo M1 g
Pl R Tl T2
then:
1 1_ R
T T P.AH
A\

2 1 1

12

(2-3)

(2-4)

(2-5)

(2-6)

(2-7)

This correlation assumes that the vapor follows the perfect gas law

and the heat of vaporization AHV is constant throughout the conden-

sation process,

The saturation temperature calculated after considering the

pressure drop in the condenser results in a logarithmic mean tempera-

ture difference which is lower than the LMTD calculated assuming the

saturation temperature to be constant throughout the condensation
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process. The effect of pressure drop on LMTID is shown on the plots

made for different vapors.

(T, - t,)) - (T, - t.)
MTD = L 2 2 1 (2-8)
T - t
en 1 2
T, - %

Figure 4 shows a plot of the ratio of actual LMTb to the ideal
LMTD for vapors which have high condensing temperatures, compared to
the coolant. The coolant is assumed to be entering the condenser at a
equal to 85°F and leaving the condenser at t

temperature t equal to

1 2

105°F. The overall heat transfer coefficient is assumed to be con-
stant. Figure 5 shows a plot of the ratio for vapors which have coﬂ—
densing temperatures close to the temperature of the coolant medium.
In>both these plots the abscissa is Lhe ratio of the pressure drop

to the inlet pressure of the vapor.

The plots show that the IMTD does not vary much in the case of
vapors which have high condensing temperatures compared to the coolant
temperature. The higher the condensing temperature the lower is the
decrease in IMTD with pressure drop. The reduction in LMTD for a
pressure drop of 20 percent of the inlet pressure is less than
5 percent for a larée LMTD and it is about 25 percent for small
values of LMTD.

These results suggest that when the temperature difference avail-
able for condensation is small, the effect of pressure drop on LMTD
becomes an important consideration. 7The decrease in the LMID tends
to increase the heat transfer area required for a given condensation

duty. The effect may be as great as a 30 percent increase in area.
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CHAPTER TIII

EFFECT OF PRESSURE DROP ON THE FILM
HEAT TRANSFER COEFFICIENT FOR

CONDENSATION

The pressure drop in condensers has an effect on the condensing heat
transfer coefficignt. The pressure drop increases the heat transfer
coefficient and thereby decreases the area required for a given con-
denser duty, other things remaining constant. An explanation of this
effect of pressure drop follows;

The effect of pressure drop on the heat transfer coefficient for
vertical intube condensation has been considered for the cases of
gravity controlled-condensation and vapor shear-controlled condensation.
In the case of gravity controlled-condensation, both laminar flbw and
turbulent flow are considered.

Nusselt's equation (13) for laminar flow gravity controlled con-

densation on a vertical surface is

o, 1/4

K "0, (p,~P )8

h = 0.943 | X2 X8 (3-1)
LUQ(TS‘TW)

As can be seen from this equation, for a given length and a given set of

fluid properties, as the saturation temperature decreases hC increases

16
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assuming the wall temperature is constant. As discussed in the previous
chapter the saturation température.decfeases with increasing pressure
drop. Hence, the heat transfer coefficient increases with increasing
pressure drop. The effect of pressure drop on the heat transfer coeffi-
cient for laminar flow has been shown in Figure 6. The ordinate is the
ratio of hC calculated at mean saturation temperature (average of inlet
and outlet saturation temperatures) to the hc calculated at inlet
saturation temperature. The abscissa is the ratio of the pressure drop
to the inlet absolute pressure. The wall temperature is assumed to be
constant at 1500F for the cases of benzene and steam condensation and
lOO?F for the cases of condensation of ethyl chloride and Refrigerant-
21. The effect of pressure drop is found to be large when the differ-
ence TS—Tw is large. However, the effect of pressure drop on the
mean heat transfer coefficient is much greater for vapor shear controlled
condensation.

In the case of turbulent flow condensation, the Colburn equation

(6) is applicable. A curve fitted form of the Colburn equation is

(K > (p,~p ) 1/3
= % L g'g 1/3 _oy
hC 0.011 ; 5 ReC 4/§r2 (3-2)

L )
where

DG (1-x) ot .

Re = ———=and Pr = - (3-3)
c 2 2 K
Mo L

Based upon the Colburn equation (3-2) the effect of pressure drop on
the heat transfer coefficient has been shown in Figure 7. The ordinate
in this figure is the ratio of heat transfer coefficient at any pres-

sure drop to the heat transfer coefficient at a unit pressure drop.
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Here again, the hC increases with increasing pressure drop.
In the case of vapor shear controlled intube condensation, the
Boyko—Kruzhilin correlation (5) can be used. For total condensation .

from a dry saturated vapor this correlation is

(3-4)

/0.6 )°~8 ous [ Lt yleg
L 2

The effect of pressure drop on hC in this case is shown in Figure 7.

"There is a large increase in hC as the pressure drop is increased.

As can be seen from this analysis, the increase in heat transfer
coefficient with increasing pressure drop, is insiginificant for
laminar flow gravity controlled condensétion. In this case, it is
suggested that the désigner pay moré}attention to the effect of AP on
LMTD than on hc. In the case of turbulent flow gravity controlled
condensation, the increase in hC with increasing AP is significant but
the increase in hC for vapor shear controlled condensation is very
high.

Vapor shear~controlled condensation occurs at high condensing
loads and vapor velocities. The heat transfer coefficient calculated
itself gives an indication whether vapor shear has any effect on the
condensation process. AFigure 7 shows a graph of hc at any pressure
drop to hC at a unit pressufe drop against pressure drop. As cén be
seen froﬁ this graph the heat transfer coefficients are very high in

cases of vapor shear controlled condensation.
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CHAPTER IV
RAPID ESTIMATION OF AP

As has been already discussed, the pressure drop in condensers is
an important aspect of the design of condensers. The calculations of
two-phase flow pressure drop and heat transfer are generally much less

precise than for single phase flow. The methods presented in this

chapter generally work well over broad ranges of conditions and applica-

tions, but more precise methods do exist for specific situations

in certain parameter ranges. Thié chapter deals with some methods of
calculating pressure drop in condensers when condensation is occurring
on the tube side or on the shell side. Only the frictional pressure
drop is being considered, because it forms the major portion of the

total pressure drop.
Tube Side Pressure Drop

The frictionmal pressure gradient for two phase flow inside tubes

is calculated by the Martinelli-Nelson correlation (12):

dg) - o2 175 (dp_) (4-1)
tt: gf
(dg £,TPE tee SR

b

0.57¢u.10.11
= _5)1- v s -
Xee = (x CQ) (uv) (4-2)

where:
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and .
i 21 ¢ *
= = - (4.2)
Qll)f,v gvva
2 . ‘ : ‘ S
o et is read from Figure 8 for the value of Xee calculated.

When the above calculations are based on the liquid phase we have

the following equations (16)

QB) - ¢2' (QE) (4.4)
(dz £, TPF ree \d2j£,2

2
‘ 2f G
(%P_) - ___.&-%__ (4.5)
' Qf,l gcpz

EZ or fv can be read from Figure 9.

If Re2 1s greater th;n 2100, equations 4.4 and 4.5 are used. If
Rez ié less than 2100 and ReV 1s greater than 2100, equétions 4.1 and 4.3
are used (16). If both Re2 and ReV are less than 2100, an approximate

value may be obtained using the laminar flow friction factor equation

for either phase

. T
f or fv = (4.6)

However, in this case, the pressure drop will be so low as to be unim-

portant.

The total frictional pressure drop from one end of the condenser

to the other end must be found by integration of equations 4.1 or

4.4 over the quality range

X

o
., - dp) dx
A®pp [ (dg)f - 1/ (df) dx (4.7)

*y
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The exact numerical evaluation of this integral is abrather tedious
trial and error procedure, even on a computer, because the properties
and the local quality depend upon the local pressure and the integrated
heat transfer rate implicity. For a condenser, however, one is usually
concerned with complete condensation (xi = 13 Xo = 0) and a very nearly

linear condensation rate, (dx/df= 1/L). Then a good approximation

to APTPF is obtained by a '"pseudo-simpson'" rule (16):
f25 d d | 23 [d }
o P ; P \
AP, = 4 22 (—E> + (———) L+ = (—-) MAL (4.8)

x=0.1 x=0.9~ x=0.5"

The method of calculating the pressure drop’on the tube side is
still a rather tedious method.i If d designer isldoing very preliminary
calculations, he need not go through this long procedure. The remain-
ing part of the section deals with a simpler and quicker method of

predicting the tube side pressure drop.

The tube side préssure drop can be predicted by the equation

— 2
2 4EGTL
BPrpr = @ pre (ngDp) 4.9
where:
@2 . 1is read from Figure 10, 11, 12 or 13, for the required exit

Ltt
vapor quality and the appropriate parameter R; -defined by

0.5

_ (pv)
R, = (Y
Py

0.11

7/uR
{—— 4.10
uV
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The Parameter is R1
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The development of these figures is given in Appendix A. The proper
figure to be used depends upon the phase on which the calculations are
based and if that particular phase is in turbulent region or not. If
the calculations are based on the liquid phase, Figure 10 or 12 is
used. TFigure 12 is used when the liquid phase is expected to be in
turbulent flow conditions and the equations to be used is

0.156u20'25Gl'75L

AP rpp = pl-25 ® get (4.11)

plgc

ol

otherwise Figure 10 is to be used and fg is read from Figure 9. If
the calculations are based on the vapor phase and this phase expected
to be in the turbulent region, Figure 13 is used and the equation

to be used is

O.25Gl.75L —

0.156p
_ v
TPF 1.25 ® et (4.12)
D P8

v C

AP

othewise Figure 11 is to be used and fV is read from Figure 9 for
the calculated Rev. The criterion for selecting the phase for cal-
culations depends upon the Reynolds number of each phase as discussed
earlier. .

Hence, the steps involved in calculating the tube side pressure
drop in condensers are

1. calculate Rl for the substance condensing by equation (4.10).

2. calculate ReV and Rez. Select the phase on which the

calculations are to be based and hence, the proper figure for

——

reading factor @2 .
2ttt



3. Read ®22tt from the appropriate figure corresponding to
the exit vapor quality.
4. Use the appropriate equatioﬁ 4.9, 4.11 or 4.12 to
calculate the two-phase pressure drop.
This short-cut method predicts pressure drops which aré very close to

the pressure drops predicted by the equations of Martinelli and

Nelson.
Prediction of Shell-Side Pressure Drop

There: has not been much work done on two-phase flow across banks
of tubes. Diehl and Unruh (9) did some experiments on two-phase

flow across banks of horizontal tubes for different tube layouts.

Figure 14 shows the plot of APTPF agéinst QNF)DR . This graph was
AP

P .
developed from the experiments on the condensgtion of pure vapors
across banks of horizontal tubes. This graph can be used to predict
the pressure drop for condensation across banks of tubes by using

pointwise calculations.

Figure 15 shows a plot of multiplying factor @2 against

Ltt,CF

the exit vapor quality x. This graph has been developed from Figure

31

14 and the development is shown in Appendix B. The shell side pressure

drop can be calculated by the equation

2
BPrpp = [}Pg,CFRST,CF e Qtt,Cé](Nb+l)

(4.13)

7 N
" [;Pg,wRST,w ¢ Qté] b
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Figure 14. Two Phase Pressure Drop Correlation for Turbulent Horizontal Flow Through Tube Banks
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L
This equation can be used in conjunction with the Delaware method (16)

for design of shell and tube heat exchangers. The Delaware method is
discussed below. The shell side geometry data known are do’ tube

trical L .
geometrical arrangement, Di’ Do s 2, QC, o and Nss

te

Calculation of Shell-Side Geometric

Parameters

1. Number of tubes Nt is found from tube count table (16).
2. Tube pitch parallel to flow pp’ and normal to flow, Py
are found from Table V corresponding to do’ p and tube

layout selected.

N = Dy E-—z(%)j
c Py

4, FC is read from Figure 16 as a function of baffle cut

)
[(5—9)(100%)] , and shell diameter D,.
i

0.88_
5. Ney =
P
_ 128

6. N === -1
8

- -d ]
7. S =4 |DsD _ + (Do‘t‘ 0)( d )l . 1n.? for rotated and
* "m Ts| U1 Tote P o

inline square layouts;
~ -

(Dotz"do) 2 .
S =2 Di~23t2+ ———— (p—do) , In.” for triangular

. -t

layouts.
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(D, -D )4
_ i o S

tl
sbp Sm

9. St is calculated as follows:

2

= in.: = 0.01 in.,
dO 5/8 in Stb 0.0 52Nt(1+FC), in

2

= in.: = 0. + in.

do 3/4 in A Stb 0 0184Nt (1 FC), in
d =1 in.: S = 0.0245N (14F ), in.2

o tb t c

10. SSb is read from Figure 17 as a function of D, and percent
. i

baffle cut.

| | | :
S is read from Figure 18A as a function of percent baffle

t dD
cut and D,

Wt is read from Figure 18B as a function of Nt and Fc'

Calculations of Correction Factors

. i f Fi f i f + S
1 Rz is read from Figure 19 as a function o (SSb Stb)/ o
with Ssb/(SSb+Stb) as parameter.
2. R is read from Figure 20 as a function of F and N /N .
' sbp ss' c

Once these calculations are made, the shell side pressure drop

can be calculated by using equation (4.13)

where:

_ ) is ¢ e 2
APg,CF = 0.69 x 10 ——5—, 1bf/in (4.14)
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2
7 W_T(240.6N ) )

APg o 1.73 x 10 55 SW. 1bf/in (4.15)
’ mw 8

fi is read from Figure 21A or 21B for the Re calculated.

Rep,cr = BpXRy (4.16)
Rerw = Ry (4.17)
;5 is read from Figure 15
Ltt,CF g
and
gigtt is obtained from Figures 10, 11, 12 or 13, the proper

figure chosen according to the criteria discussed earlier.

Obviously this method for prediction of shell side pressure drop
is a tedious one and for preliminary calculations a quicker method
could be used. The following simplified method could be used for a

quick estimate of shell side pressure drop.

N (4.18)

where ¢ 1s the clearance between tubes calculated as pnd@. Also, it

1s assumed that:

SW - Sm (4.19)
RST,CF = 0.45 (4.20)
RST,W = 0.6 (4.21)
f, = 0.1 to 0.12 (4.22)
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The use of these equations gives a quick estimate of the shell side
pressure drop. These equations predict pressure drops which are ade-
quate for preliminary estimates.

The methods outlined in this chapter have not been checked for
accuracy against experimental data points. It is expected that they

will give a reasonably good prediction of pressure drops.



CHAPTER V

RAPID ESTIMATION OF HEAT TRANSFER COEFFICIENT

This chapter deals with the different methods available for calcu-
lating the film heat transfer coefficient for condensation. Typical
heat transfer coefficients have been tabulated and the range of overall

coefficients for different services have been given.

Calculation of the Condensate

Film Coefficient
|

Inside Vertical Tubes

For the calculation of the condensing coefficient in vertical tubes
there are three cases which must be considered. For the case of low
tube loadings and condensate flow rates, the condensate film flow is

gravity-dominated and laminar, and the Nusselt equation (13) is used:
1/3

3
K 7o, (p,-p g -1/3
ho=1.47 | 22 % 8 Re
c 2 c
Hy

(5-1)

At higher condensate rates the film becomes turbulent and the Colburn
correlation (6) is the correct one to use. A curve fitted form of

the Colburn correlétion is:

46.
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1/3
3
K,7p,(p,-p )8 1/3‘@f5r
h =o0.011 | % % & Re . (5-2)
c 2 c
Y
where:
DG(1-x) CH
Re = —="%X) nd pr = 2 (5-3)
c U 2 K =)

At high tube loadings the condensate film is vapor-shear controlled

and the Boyko-Kruzhilin correlation (5) is valid:

- 0.8 0.43 /Golom); + /(p/pm)oI
hC = 0.024 (;;f) (Prz) 5 J
(5-4)
where:
0,-p
(—EL) -1+ (-———5) x (5-5)
on). Py i
i .
and
0,=p
(L) s (_i)x . (5-6)
o oy o
(o]

The procedure is to calculate hC by all the three equations and
choose the higher value, since that is the one that is valid under

existing conditions.

Inside Horizontal Tubes

For condensation inside horizontal tubes a procedure similar to



48

that suggested for vertical tubes is used. At low tube loadings

(gravity dominated) the Kern correlation (11) is valid:
1/3
K,%0 (0,-p )glL
g PpPyP,)8

oW

hC = 0.761 (5-7)

-
At high condensing loads, with vapor shear dominating, the
Boyko-Kruzhilin correlation is valid. The procedure again is to cal-

culate hC from both equations and choose the higher value.

Qutside Single Horizontal Tubes

Condensation on the outside of a single horizontal tube is satis-

factorily handled by Nusselt's equation (13)

1/3
K 30 (p,~p g -1/3 )
h =1.51 | 2% % & Re (5-8)
c pn,2 c
2
where:
: _ AW _
ReC = UQL . (5-9)

On Bank of Horizontal Tubes

The mean condensing coefficient for the entire row of N tubes is

given by
N~ /4

c’N  e’1
This is much too conservative for values of N typical of process con-

densers. In roughly cylindrical bundles of horizontal tubes, the
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usual practice is to use a mean value of the number of tubes in a
vertical row, equal to 2/3 of the number of tubes in the central

or longest row. There is a limited amount of proprietary data on the
effect of vapor shear on horizontal tube banks. These indicate that
at high velocities the condensing coefficient can be 10 to 20 times
that predicted for the case of zero vapor shear.

For a preliminary rough design of a condenser, some typical values
of film coefficients can be used. Table II gives film heat transfer
coefficients for some of the substances commonly encountered in practiée.
Table III gives the typical overall heat transfer coefficients for
tubular condensers (l4). It is futile worrying too much about the
precise value of a coefficient for preliminary design purposes. A
better procedure for estimating U isl to build up U from the individual

h values, and wall, fin and fouling resistances using

A -
1_ (1 ax) (o 1 :
v (h) T Reo * Regn ¥ (K) (A.)+ (Rfi+h.) (Ao/Ai)
(o] (6] m 1

It will be generally found that one or at most two terms will
dominate the value of UO. Attention can be focussed upon these con-
trolling values. For a very rough estimate of UO the values given in

Table IV can be used (3).
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TABLE IT

TYPICAL FILM HEAT TRANSFER COEFFICIENTS
FOR CONDENSATION

Component \ hc 2 o
Btu/hr-ft -F

Propane 330
Propanol 350
Acetone 440
Benzene 320
Ammonia 1600
Water 2000
Carbon disulfide 380
Ethanol 500
Aniline 600-700
Dowtherm 250-300
Naphtha 200

Methanol 560




TABLE III
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TYPICAL OVERALL HEAT TRANSFER COEFFICIENTS FOR TUBULAR CONDENSERS

Streams Involved Design Uo
Shell Side Tube Side Btu/hr-£t2-CF

Alcohol Vapor Water 100-200
Dowtherm Vapor Tall 0il 60-80
Dowtherm Vapor Dowtherm Liquid 80-120
Kerosene Water 30-65
Naphtha Water 50-75
Naphtha 0il 20-30
Organic Solvents Water 100-200
High Hydrocarbons Water 20-50
Low Hydrocarbons Water 80-200
Organic Solvents Water 100-200
Steam Water 400-1000
Sulfur Dioxide Water 150-200
Steam No. 2 Fuel 0il 60-90
Propane Water 90-100
Air* Freon-12 70
Air* Ammonia 110 )
Air#* Gasoline 80
Air* Light Hydrocarbons 90
Air* Naphtha 75
Air* Low Pressure Steam 135
Air* Overhead Vapor " 65



TABLE III (Continued)
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Steams Involved

Design Uo

Btu/hr-ft>-°F

Shell Side Tube Side
Gasoline Water 80
Gas 0il Water 50

*Finned tube coefficients based on inside area.
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TABLE IV

OVERALL HEAT TRANSFER COEFFICIENTS FOR CONDENSATION

Streams Y%
Fluid 1 Fluid 2 Btu/hr-f£2-CF
Water Condensing Light Organic 150-200
Vapors, Pure Component¥®
Water Condensing Medium Organic 100-150
Vapors, Pure Component¥*
Water Condensing Heavy Organic
Vapors, Pure Component¥® 75-100

*"Light Organic Liquids' include liquids with viscosities lesser than
0.5 cp.
"Medium Organic Liquids" include liquids with viscosities between
0.5 cp and 1.5 cp.
"Heavy Organic Liquids" include liquids with viscosities between
1.5 cp and 50 cp.
"Very Heavy Organic Liquids" include liquids with viscosities
greater than 50 cp.



CHAPTER VI
RAPID ESTIMATION OF CONDENSER AREA

The basic design equation to be used for design is

_ Q _
A, = U_ (MTD) (6-1)

The validity of this equation depends upon aknumber of assumptions,
including constant sbecific heat of each stream and constant overall
heat-transfer coefficient. These conditions are often not met, In
principle, a more elaborate formulaﬁion is required. However, that
completely defeats the purpose of rapid procedures, and most of these
departures from ideality introduce errors smaller than the probable

error in other approximations made.

Estimating Ao and Key Exchanger

Parameters

Once Q, MTD and UO are known the total outéide heat transfer
area A0 is readily found from Equation 6-~1. Figure 22 can be used to
select the heat exchanger dimensions corresponding to the‘calculated
AO 3. In this figure the ordinate is AO, in ft2, and the abscissa
is the effective tube length (tube sheet to tube sheet for straight
tube bundles, or length of a single straight section from tube sheetb

to tangent line for a U-tube bundle) in ft.
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The solid black lines in parameters are the commonly specified
shell inside diameters in inches. Using standard tube count tables
for 3/4-in OD tubes on a 15/16-in triangular pitch for a fixed-tube-
sheet heat exchanger with one tube pass, the total outside tube area
that can be fitted into a shell has been calculated.

Therefore, once the required area AO is known, Figure 11 shows
immediately the combinatioﬁs of tube length and the shell diameter
that will provide the area in a single shell for an exchanger of the
given tube size and layout. The dashed lines in parameter in Figure
22 show the approximate locus of shells having a given effective tube
length to shell diameter ratio. Many heat exchangers fall into the
6:1 to 8:1 range, with a pronounced trend towards the higher values

as pressure drop prediction procedures have improved.

Extension of Figure 22

Figure 22 can be used to estimate the required length and diameter
of exchangers for other tube sizes and layouts, multiple tube side
passes and different bundle constructions. An effective area, Ab',

is defined by

Ao' = AOFleF3 . (6-2)
where:
AO' = the area on the ordinate of Figure 22
5 = the required outside area as calculated from
Equation 6-1
F. = the correction factor for the unit cell tube array
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the correction factor for the number of tube passes

5]
I}

the correction factor for the shell construction/tube

e
1]

bundle layout type.

Values of the correction factors are given in Table V (Fl),
Table VI (F2), and Table VII (F3). It should be emphasized that the
use of this technique is approximate, especially for the smaller-
diameter shells.

Therefore, for preliminary estimates one could get the heat
exchanger dimensions for a given area using this techﬁique. This

rapid preliminary estimate will be adequate for many purposes.
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TABLE V
F, FOR VARIOUS TUBE LAYOUTS AND DIAMETERS

Tube Tube

0D, in. Pitch, in. Layout Fl
5/8 13/16 -~ < 0.90
5/8 13/16 > 0O 1.04
3/4 15/16 + 1.00
3/4 15/16 > 1 1.16
3/4 1 g 1.14
3/4 1 > 1< 1.31
1 1 1/4 + < 1.34
1 11/4 >OO 1.54




TABLE VI

F_ FOR VARIOUS NUMBERS OF TUBE-SIDE PASSES
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Inside Shell

Number of Tube-Side Passes

Diameter, in. 2 4 6 8

Up to 12 .20 .40 .80 -

13 1/4 to 17 1/4 .06 .18 .25 .50
19 1/4 to 23 1/4 .04 14 .19 .35
25 to 33 .03 .12 .16 .20
35 to 45 .02 .08 .12 .16
48 to 60 .02 .05 .08 .12
Above 60 .01 .03 .04 .06




F_ FOR VARIOUS TUBE~BUNDLE CONSTRUCTIONS

3

TABLE VII
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Type of Tube. Bundle

Inside Shell Diameter, in.

Construction Up to Above
12 13 1/4-21 1/4 23 1/4-35 37-48 48

Split Backing Ring

(TEMA S) 1.30 1.15 1.09 1.06 1.04
Outside Packed

Floating Head

(TEMA P) 1.30 1.15 1.09 1.06- 1.04
U-Tube (TEMA U) 1.12 1.08 1.03 1.01 1.01
Pull-Through

Floating Head

(TEMA T) - 1.40 1.25 1.18 1.15




CHAPTER VII

OPTIMIZATION PROCEDURES

Since condensers are major pieces of equipment, the design of con-
densers based on the minimum total cost is most appropriate. Process
economic feasibility studies usually evaluate several alternatives
in which heat exchanger calculations occur frequently. The use of the
principles of price optimum design and the computer greatly reduce the

time required for these calculations and eliminate mistakes.
Price Optimum Design

Price optimum design (15) is that design having the lowest cost
in terms of annual fixed and variable costs. By fixing the design
requirements at various alternate values and comparing the costs, an
economic design can be found.

For example, the initial conditions usually given are:

1. Vapor flow rate

2. Total amount of vapor to be condensed

3. Inlet temperature of the utility fluid.

The parameters required are:
1. Heat transfer area
2. Exit temperature of the utility fluid

3. Flow rate of the utility fluid

61
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4. Number, length of tubes, tube size and tube layout

5. Shell diameter

6. Shell side and tube side pressure drops.
The most direct approach is to determine the design on a price optimum
basis initially.

Optimum economic design implies the best or most favorable con-
ditions, and usually optimum conditions can be reduced to a considera-

tion of costs.
Outline of Optimization Procedure

The total heat exchanger cost to be minimized includes the annual
fixed charges and annual variable operating costs. Annual fixed
charges are those costs which remain' constant, including depreciation,
taxes, insurance and rent. Plant overheat costs are similar and may.be
included in this category. Annual variable operating costs are those
items directly dependent on the production rate, including the cost
of the utility fluid, the costs for pumping, direct labor and mainten-
ance. The detailed procedure for optimization of condensers is given in
Reference (15). It is suggested.that the designer use better design
correlations than given in this Reference. The following information
may be specified before one starts to optimize a condenser:

1. Tube diameter, wall thickness, pitch and tube layout

2. Number of tube passes

3. Heat-transfer resistance caused by tube walls, dirt and scale.

The calculation procedure gives the following optimum values:
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1. Optimum h
2. Optimum h
3. Optimum U
4, 0ptimum‘mass velocities for tube side and shell side
5. Optimum flow rate of utility fluid
6. Optimum number of tubes and minimum cross flow area on thei
shell side

7. Optimum length of tubes.

Optimum tube éize is not determined since the tube size does not affect

the total cost very much.
Important Features of Condenser Optimization

In the case of condensers, theré are some simplifications possible
which reduce the number of independent variables in the total cost
equation (15). The power cost for the condensing fluid side can be
considered to be negligible. Also, for a preliminary and rough
optimization, the temperature of the condensing side can be considered
to be constant. Another reasonable assumption possible is that since
the heat transfer resistance of the condensing fluid film is relatively
small in most cases, a reésonable constant value for the condensing
film coefficient can be assumed. Thﬁs, in the case 6f condensers, the
number of independent Variablesvin the design is reduced to two.

This procedure is an ap?roximate procedure and a very rigoroué
procedure should include the effect of pressuré drop on condensing

film coefficient and mean temperature difference. This effect has been
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discussed in Chapter II and Chapter III of this thésis. The incorpora-
tion of equations for the effect of pressure drop on hC and MTID into
the optimization program discussed earlier will give rise to a better

optimized design of a condenser.
Limitations of Price Optimum Design

Since price optimum design‘is based on costs, the reliability of
the design depends on the accuracy of the fixed charges, the accuracy of
the variable operating costs, and the accuracy of the installed cost of
the condenser. The source of data on these costs has a significant

effect on the final result of the optimization of condensers.



CHAPTER VIII
SUMMARY AND CONCLUSIONS

This thesis deals with approximate design estimates for pure com-
ponent condensers.

The various aspects involved in condensation of pure component
vapors are studied. The effect of pressure drop on the heat transfer
coefficient and on the mean temperafure difference is studied. It
is found that increase in pressure drop increases heat transfer coeffi-
cient and decreases mean temperatureidifference}‘ The increase or
decrease depends upon various factors discussed in this thesis. A
rapid estimation procedure for design of condensers and calculation
of pressure drop is presented. Finally, a discussion on optimization of
condensers is presented.

The methods outlined in this thesis give a quick estimate useful
as a first step in obtaining a more exact design. These rapid esti-
mates are particulérly useful when a designer is doing a very pre-

liminary estimate of plant cost, layout and space requirements.
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Based on Liquid Phase

2
2f G
EARS 2
(%E) T gD, Catt (A-1)
LS ) c R
@2 is read from Figure 9 for the value of]x calculated by
Lttt tt
0.57 " 0.11
o o [izx (E.Y. (_._& (A-2)
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— _-—x.,. Gl
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Assuming linear condensation rate
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Lttt

1

This integral is evaluated at different values of Ry and for different
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exit vapor qualitiés. The results are shown on Figure 10,

Based on Vapor Phase

2

ap 2va 2 1.75
= — X (A-10)
tt
(dl) £,v chpV Lttt
(EB) _ ek 1.75
a4 tv T Yerr Xee (A-11)
c Vv
Proceeding in a similar fashion as for the liquid phase we have
2£G°L 2
AP - 0 (A-12)
TPF chpV Lt
where
2 ¥ 2. 175 2
Pote = J * e Yore 9% (A-13)

1

This integral is evaluated at different values of Rl and for

different exit vapor qualities. The results are shown on Figure 11.

Based on Liquid Phase Considering

Variation of Friction Factor

Assuming liquid phase is in the turbulent region, one can sub-
stitute in equation A-4.

0.078

(A-14)
0.25
(DG, /u)

f =
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Equation A-4 simplifies to

0.25LG1.75

0.156u X
_ 2 _oN1.75 2
AP o = D1.25 ; J (1-x) . dx (A-15)
gc 2 1
0.15611K0.251‘(;l.75 — A
<o BPopp T L5 oott (4-16)
gcpl
where
2 X 1.75 2
®ztt = J (1-x) tat dx (A-17)
1

This integral is evaluated for different values of R, at different

values of exit vapor qualities and the results are shown in Figure 12.

Based on Vapor Phase Considering

Variation of Friction Factor

Assuming vapor phase is in the turbulent region, one can substi-

tute in equation A-11,

¢ = 0.073 = _ (A-18)
OG_/u )
v v

and proceeding in the same fashion as for the liquid phase we have

0.25_ 1.75
0.15611V LG 5

APppp = Pl 25 2te (a-19)
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where

Xet Yoee 94X (A-20)

This integral is evaluated for different values of R1 at different

values of exit vapor qualities and the results are shown in Figure 13.
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In the paper by Diehl and Unruh (13) two phase pressure drop
AP

P
AP

across tube banks has been studied and a graph of against
g
LVF/(pg/pQ) is plotted for different tube layouts (Figure 14). The

liquid volume fraction LVF is defined by

we /e,
LVF = ——— (B-1)
w W
2 v
—— + —
G(1-x)/p,
. LVF = 621:;$f:7§£ (B-2)
Py e,
LIV = L (B-3)
2 x
+ — ——
! 1-x
%
Define R2 as
p
2
RZ = - (B-4)
p
v
S 1
LVF = Ry (B-5)
L+ i
R
Abscissa of Figure 14 is R x
2
1+ g
AP, .
Define @2 - IHE (B-6)

et AP
g



75

2

P = d (AP o] B-7
d(a TPF) ( g) 1t ( )
[ 2 2
1
Ap = P, 07 (B-9)
TPF g et
where
— X
2 2 .2
Qltt = J X Qﬁtt dx (B-10
1
and
APg is the pressure drop assuming only vapor
flows with total mass velocity G.
°0
The integral is evaluated for different values of R2(= E*j and different
A%

values of exit vapor quality. It was found that results did not vary
much with R2 and therefore results corresponding to R2 equal to 30

are considered sufficient and are shown in Figure 15. The results were
studied for variation of Ry from 10 to 1000. Also, the results did not
vary much with tube orientation and therefore average values of AP P/

T

AP were taken for calculations from Figure 14,
g .
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Example Problem 1.

It is desired to totally condense 50,000 1lb/hr of saturated pro-
pane vapor at 105°F and 200 psia on the shell side of a shell and tube
heat exchanger, by heating cooling water from 80°F to 100°F. A
fixed tube sheet heat exchanger is specified. The tube size and lay-
out is specified as 3/4-in. OD 16BWG tubes on a l-in. equilateral
triangular pitch.

Estimate the shell length, shell diameter and the shell side
pressure drop. The properties of saturated propane at these condi-

tions are as follows:

A = 138 Btu/lb

o = 1.85 1b/ft>

v 1

0, = 29.3 1b/ft |
K, = 0.074 Btu/hr £tOF

Mo = (.08 centipoise

uy T 0.0085 centipoise

Solution:

50,000 (138)

]

Condenser duty Q

6.9 x 106 Btu/hr

6.9 x 10°/(100-80) (1)

]

The flow rate of cooling water

3.45 x 10° 1b/hr

Mean temperature difference:



LMTD = [ (105-80)-(105-100)]/#n[ (105-80)/(105-100) ]

= 12.43°F

U, from Table IV is 200 Btu/hr £t2 OF

Calculation of the required area:

6.9 x 10%)/(200) (12.43)

2780 ft2

>
Il

This is the area required in the actual exchanger. But, in order to
use Figure 22 it is necessary to use Equation 6.3 and the associated
tables to find A ~.

o

From Table V for 3/4-in. OD tubes on 1l-in. equilateral triangu-

lar pitch, T 1.14. From Table VI for four tube passes and 25 to

1

33-in. shell, F2 = 1.12. Since fixed tube sheet construction is

specified, F3 = 1.0.

Therefore:

>
I

= 2,780(1.14)(1.12)(1.0)

3,550 ftz.

Entering Figure 22 at 3,550 ft2 on the ordinate, the following

shell diameter/length combinations will provide the required area:

Shell ID, in. Tube Length, ft. L/Di
39 12 3.7
37 14 4.5
35 16 5.5
33 17 6.2
31 20 7.7
29 24 10.0
27 27 12.0
25 31 14.9
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The 31-in. ID shell, 20 ft. long would probably represent typi-
cal practice in the case, but those on either side would likely prove
equally feasible.

It is worth checking the velocity of water in the tubes. Using
a standard tube count table from Reference 16, there are 678 tubes

for four tube passes. The velocity of water in the tubes would be:

(3.45 % 10°)/(678/4) (n/4) (0.62/12) 2 (3600) (62)

= 4,35 ft/sec.

which is in line for water. One could go further and calculate the
shell side pressure drop.

Using a standard table from Reference 16,

0.866

Pp

0.5

PN
Using a 12-in. baffle spacing, Equation 4.18 gives

5, = (31)(0.25)(12)/(0.5)

= 186 in”.
Equation 4.19 gives
s = 186 1n2.
w
Re_ = 12 (0.75)(50,000)/(0.0085) (2.42) (186)

58,800

Equation 4.22 gives



£, = 0.1

=2
I

12(20)/(12)-1

19

I

Using a 30 percent baffle cut

N, = 31 [1-2(0.3)]/(0.866)
= 14
N = 0.8(0.3)(31)/(0.866)

=9
Therefore:

0.69 x 10°0(0.1) (50,000)%(14)/ (1.85) (186)>
2 2

AP

3.77 x 10 © 1bf/in.

]

AP
gsW

Il

1.73 x 1077(50,000)°[2+0.6(9) ]/ (186) (186) (1.85)

5 x 1072 1bf/in. 2

It

Equation 4.20 and 4.21 give

RST,CF = 0.45

R

ST,W 0.6

Il

R, from Equation 4.10 is

1

(1.85/29.316)°°7 (0.08/0.0085)°" 11

= 0.265

From Figure 11 for x=0 and Rl = 0.265
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From Figure 15 for x=0

Therefore:

A [ (0.0377)(0.45)(0.29)](20) + [(0.05)(1.2) (0.6)](19)

Prpy
0.78 1bf/in.”

Therefore, for preliminary estimates one could specify that a fixed
tube sheet exchanger, 31-in. inside shell diameter by 20 ft. long
(tube sheet to tube sheet) containing 678 tubes 3/4-in. OD 16 BWG
on a 1l-in. equilateral triangular pitch, four tube side passes
would be adequate. This construction gives a shell side pressure
drop of 0.78 lbf/in.z- This much’information will be sufficient

for many purposes.
Example Problem 2

It is required to condense 300 1b/hr of saturated propane
vapor at 105°F and 200 psia inside a 3/4-in. OD 16 BWG tube 50 ft.
long. Estimate the frictional pressure drop. The properties of
propane are same as in problem 1.

The flow area of the tube = 0.302 in. 2.

Total mass velocity G = 300/(0.302/144)

1.43 x lO5 lb/hr—ft2

(0.62/12) (1.43 x 10°)/(0.08) (2.42)

]

Re

Il

4
3.82 x 10" which is greater than 2100.



Therefore, the calculations are based on the liquid phase.

From Figure 9 for this Reynolds number

f = 0.0055

@itt for x=0 and R; = 0.265 is 12.0 from Figure 10.
Therefore, Equation 4.9 gives

2
(4) (0.0055) (1.43 x 10°) (50)

(2)(4.17 x 108)(0.62/12)(29.3)

APTPF = 12

213.8 lbf/ft2
2

1.5 1bf/in.

This gives a quicK and approximate estimate of the pressure drop.
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