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INFLUENCE OF CATALYST PARTICLE SIZE ON REACTION KINETICS:

HYDROGENATION OF ETHYLENE ON NICKEL
CHAPTER 1
INTRODUCTION

The most challenging problem in the unknown fringes of science
and chemical technology today is to establish scientific principles
of catalyst activity. . . . Conclusive scientific principles involved
in the selection of a catalyst and factors determining catalyst activ-
ity still remain obscure.

Olaf A. Hougen

Award Address, American Chemical Society
Award in Industrial and Engineering:
Chemistry, 1961 (29)

No development would have a greater impact on the chemical in-
dustry than & real engineering exploitation of catalysis.

Report on Dynamic Objectives for Chemical
Engineering, 1961: American Institute of
Chemical Engineers (1)

Advances in the chemical industry would be greatly accelerated if
catalysis could be better understood. Yet today the principles of catal-
ysis remain the weak link in the chain of chemical processing. The prac-
tical application of catalysis is clear: scientific selection of solid
catalysts; interpretation of experimental data; optimum design and opera-
tion of catalytic reactors. Before the application, however, must come
discovery and understanding.

In this spirit, the research reported here was directed toward

1
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one facet of catalysis--a study of the influence of catalyst particle
size on the reaction process of a surface catalyzed reaction.

The reaction system chosen for this study was the hydrogenation
of ethylene to ethane on a nickel catalyst. This reaction system has sev-
eral assets which recommend its use. First, the reaction proceeds without
any side reactions. This characteristic reduces the complexity of the
kinetic data and allows the influence of each variable on the catalytic
sctivity to be more easily isolated. Second, the hydrogenation does not
occur to a measurable degree in the absence of a catalyst. Thus, homoge-
neous, wall-catalyzed and other reactions need not be considered. Third,
conversion of any amount may be obtained at moderate operating conditions.
Fourth, there is much information available which discusses the kinetics
of thie reaction. This information is most helpful in lcoking beyond the
reaction mechaniem to find the influence of the solid catalyst.

The rate of a heterogeneous catalyzed reaction is determined by
both the chemical reaction kinetics at the surface and by the rate of
heat and mass transfer to this surface. ﬁhen.the reaction is operating
at a steady state, the number of moles of a component destroyed at the
catalyst surface by the chemical reaction is exactly equal to the number
of moles of that component tramsported to the surface by convective or
molecular diffusion. Likewise, the heat generated by the reaction must
equal the heat removed by convective, conductive, and radiant heat
exchange. Increasing the size of a catalyst pellet increases the area
for heat transfer, mass transfer, and chemical reaction. Increasing pel-
let size, however, not only changes the area through which these trans-

port mechanisms act but also changes the heat and mass transfer
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coefficients. This variation in behavior between the transport phenomena
and chemical reaction with changing particle size c#uses a change in
character of the reaction kinetic data. Changing temperature and concen-
tration have varying effects on the reaction rate. Reaction rates gener-
ally change linearly or nearly linearly with changes in concentration,
but they change exponentially with changes in temperature. Catalyst sur-
face temperatures as much as 420°C above that of the bulk gas temperature
(46) may occur. This higher temperature may promote shifts in reaction
mechanism, undesirable side reactions such as coking, or other changes in
the catalyst behavicr and properties.

In order to obtain an accurate picture of catalyst activity and
reaction kinetics; it is necessary to study the behavior of the reaction
at the catalyst surface. Experimentally, it is difficult or impossible
t0 measure temperatures and chemical concentrations directly on the sur-
face of a catalyst pellet. Generally one can measure only bulk gas tem-
peratures and concentrations. Therefore the influence of heat and mass
transfer phenomena between the bulk gas phase and the catalyst surface
must be taken into consideration. These phenomena are a function of the
catalyst particle size, and this function is of critical influence. Thus,
small changes in the size of the catalyst particle may have a profound
effect upon the behavior of the reaction. The purpose of this study is

to determine the precise character of this effect.



CHAPTER II
REVIEW OF PREVIOUS WORK

The review of the previous work done on the concepts used in
this paper may be divided into two general areas: reaction kinetics
studies of the hydrogenation of ethylene on nickel catalysts, and heat

and mass transfer studies for particles in a packed bed.

Reaction Kinetics

Much experimental work has been done on the reaction kinetics of
the hydrogenation of ethylene, and several reaction mechanisms have been
proposed in an effort to explain the observed experimental phenomena.
The greatest controversy concerning the kinetics of this reaction is be-
tween two proposed mechanisms, "associative" and "dissociative," for the
adsorption of ethylene on the nickel catalysts (33) (58). The rate ex-
pression for either mechanism is the same, however, and this common ex-
pression can be used in catalyst studies. Therefore, the details of
these mechanism studies will not be considered, and only the general be-
havior pattern noted.

Some of the more important papers which discuss this catalytic
reaction begin with Beeck (5). He studied the hydrogenation rate over
evaporated porous metal films of the transition elements and correlated
the data with the d-character of the metallic single bond. At the same

4



5
time, Twigg (58) used infra-red spectroscopic examination as proof that
the hydrogen is first dissociated into atoms on the catalyst during the
hydrogenation reaction. Although his proposed reaction mechanism has
been disputed more recently (42), his pioneering work gave insight into
the behavior of the catalyst. Jenkins and Rideal's studies (33) (34)
examined the adsorption of ethylene on nickel films. They found that
ethylene undergoes dissociative chemisorption to form an adsorbed acet-
ylenic complex which produces a partly "carbided" catalyst surface.
Laidler and Townshend (36) found that the order of introduction of the
reactant gases to the nickel film was important to the subsequent rate of
reaction. The greatest rate was obtain;d vhen hydrogen was introduced
first; a lower rate resulted when hydrogen and ethylene were introduced
simultaneously. The lowest rate oFcurred wvhen ethylene was introduced
first. 1In the present study hydrogen was always introduced first.
Crawford, Roberts and Kemball (15) found that the kinetics and activatiomn
~energy for the hydrogen of ethylene on nickel films are not influenced by
the temperature used to sinter the films.

Several excellent and general reviews of the catalytic hydrogena-
tion of ethylene studies are available. Eley (17) has a review of the
more prominent theories, including the theory of the adsorbed film, the
parahydrogen conversion on nickel, and the stereochemistry of hydrogena-
tion. A paper by Hoelscher, Poynter, and Weger (27) reviews the litera-
ture on the hydrogenation of the olefin hydrocarbons over solid catalysts.
Their survey includes theoretical and experimental reports on adsorption
and transfer of heat and mass as well as kinetic studies of the reaction

mechanism. A recent book by Bond (7) covers the general field of
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catalysis by metals. His book includes a chapter on the hydrogenation of
olefins which summarizes the experimental results of ethylene hydrogena-
tion on nickel. His summary for this energy of activation determined by

various workers is given in Table I.

TABIE I

ETHYLENE HYDROGENATION ENERGY OF ACTIVATION:
NICKEL CATALYSTS

Catalyst Energy of Temperature
Form Activation Range
(kcal/gm-mole) (?gj
Film 10.7 -80 to 150
Film 8.0 0 to 96
Film 10.2 20 to 150
Film 7 -100 to-120
Wire 14 60 to 100
Wire 4.6 0 to 17
Wire 8.2 60 to 110
Foil 3.2 30 to 200
Foil 5 400 to 600
Powder 6 -78 to O
Powder 7.5 -70
on 510, 8.4 -78 to O
on Al,0, 11.6 30 to 80

Although none of the theories advanced for this reaction mech-

anism has been proven to be conclusively true, there are some areas of
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general agreement. First, there is general agreement that the reaction
is unaffected by the presence of ethane, other than through its action as
an inert diluent (17)(33). Furthermore, there seems to be a reaction
mechanism shift between 150°C to 200°C. The reaction mechanism at the
lower temperatures is generally correlated as first order with respect to
the hydrogen partial pressure (5)(20) but has also been correlated as
first order with respect to the partial pressures of both hydrogen and
ethy®ene (43). It seems reasonable that Beeck's value for the energy of
activation at the lower temperatures, AH* = 10.7 kcal/gm-mole, is prob-
ably the most accurate, since it was taken over a range of -80 to 150°C.
Pauls, Comings, and Smith's (42) value of AH¥ = 11.6 kcal/gm-mole might
also be reasonable for purposes of comparison, sirnce it was obtained
using a nickel-on-alumina catalyst similar to the one used in this study.
The mechanism at the higher temperatures is generally correlated as first
order with respect to the partial pressures of both hydrogen and ethylene
(18). A value for the energy of activation above 150°C is difficult to
gather from the literature values. Most researchers find values below
3.& kcal/gm-mole (58). For ethylene pressures less than a few milli-
meters of mercury at high temperatures, the reaction can be correlated as
first order with respect to ethylene and independent of the hydregen

concentration (18).

Transfer Processes
Heat and mass transfer processes for a catalyst pellet may be
divided into two categories: those processes which occur inside the pel-

let, and those which occur in the stagnant gas film surrounding the pellet.



8
A review of these processes has been published recently by Hougen (29).
Mathematical expressions describing the overall behavior of packed bed
reactors are given and solved numerically by Park (41) and von Rosenberg
(59). Textbooks by Hougen and Watson (31) and Smith (55) consider general
heat and mass transfer correlations for a packed bed.

Much interest lately has centered around the relation between
catalytic activity as influenced by heat and mass transfer within porous
solid catalysts (38)(51)(57)(60). The pioneering paper or pore diffusion
in isothermal catalysts was by Thiele (56). He defined an effectiveness
factor to show the role of pore length on the reaction rate. Wheeler
(61) later reviewed the entire problem of the influence of catalyst pores
on reaction rates and selectivity. Schilson set up and numerically
solved the mathematical equations for heat and mass transfer within a
catalyst pellet for his Ph.D. thesis (51). Subsequently he and Amundson
published two papers on this study (52)(53). Prater (45) derived a sim-
ple expression for the temperature gradient within a pellet. Mingle and
Smith (38) studied the influence of varying pore diameters and proposed
microeffectiveness andpygcroeffectivenesa factors. Aris (2) considered
the modifications which must be made on pore diffusiom results for irreg-
ularly shaped particles.

Three recent papers present solutions of the non-linear differen-
‘tial equations for mass and energy balances inside a porous catalyst pel-
let. These papers considexr the reactivity behavior of the pellets
subject to both internal mass concentration gradients as well as tempera-
ture gradients in endothermic and exothermic reactions. Tinkler and

Metzner (57) solved the equations on an analog computer, Weisz ard Hicks
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(60) on an IBM 7090, and Carberry (10) on an IBM 650. Chu and Hougen (13)
have discussed the effect of adsorption on the effectiveness factor.

Shifting from studies of effects occurring inside the catalyst
pellet to those which consider external surface effects, we find that
heat and mass transfer. through a stagnant gas film rather than through
pores becomes important. Theoretical approaches to the influence of
operating variables on this gas film surrounding the pellet have not been
useful to dgte. The boundary-layer of a gas flowing past a sphere with
heat and mass transfer between the gas and sphere is extremely complex,
Five recent papers which have offered models of this system have been
presented by Carberry (9), Kusik and Happel (35), Hoelscher (28), Rosner
(49), and Pfeffer and Happel (44).

Although the system of heat and mass transfer through a gas film
in a packed bed is complex, there have been extremely useful correlating
equations developed over the past thirty years. Chilton and Colburn (12)
applied the principles for fluid friction to heat and mass transfer.

They defined j-factors for several systems, including adsorption of water
from air flowing across a single cylinder. The j-factor occupies the
same role in heat and mas; transfer that the friction factor occupiles in

friction correlations.

A c 2/3
i (o )( Pm#) @b
CPMGM k $

kn P 2/3
b = ( Gif)(ﬂ > (11-2)
: GM PgDi £
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where jH = heat transfer number, dimensionless
'Jp = mass transfer number, dimensionless
hG = gas phase heat transfer coefficient, cal/cm2 hr °K
Cpm = heat capacity per unit mass at constant pressure, cal/gm °k
Cp = molal heat capacity at constant pressure, cal/gm-mole °K
M
/“ = viscosity of the gas, gm/cm sec
k = thermal conductivity, cal/cm2 hr °K
' 2
ke = gas phase mass transfer coefficient, gm-moles/cm hr
/% = average density of gas phase, gm/cm3
D; = gas phase diffusion coefficient of component i, cmz/sec
Gy = superficial molal velocity of the gas based upon the total
crossectional area of the bed, gm-moles/cmZ hr
P = Ppressure factor, defined as the logarithmic mean value of
the partial pressure over the boundary limits of the gas
film, atm.

Gamson, Thodos, and Hougen (23) applied a similar analogy to
heat and mass transfer in the flow of gases through granular beds. They
used ten different solids, five spherical and five cylindrical in shape,
which had a veriety of dimensions and covered a wide range of densities
and porosities. For these measurements, water was evaporated from cat-
alyst carriers into a stream of air. These data were correlated with the

Reynolds number:
d e \"
Jp and 3y cx( pm
M

where dp

particle diameter, cm

Gm

superficial mass velocity of the gas, gm/cm2 hr
The experimental measurements of jp-factor dependence on the

Reynolds number can be divided into two classes. The first class
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correlates data taken from a system using evaporation of a liquid from
porous pellets. The second class correlates data using a gas film only,
by sublimating solid napthalene pellets. It has been generally assumed
in the literature that the jp-factor correlations for these two classes
should be the same. This assumption, however, does not seem reasonable
from a mechanistic point of view, and the literature data show the error
of this assumption. A porous sphere with an evaporating liquid film will
have a different interfacial surface area than the geometric surface
area, on which the calculation of the transfer coefficients are based.
Also, capillary action of the porous pellets, distortion of the liquid
film by the gas momentum, vapor-liquid film effects, and other €factors
due to the presence of a liquid would modify the mass transfer correla-
tions. These correlations based on the presence of a liquid film are
useful in the design of vapor-liguid contacting equipment, such as ab-
sorbers, but they would not be directly applicable to systems not having
a liquid film. A few of the more prominent jn-factor correlations based

on the presence of a gas-liquid film are given below:

jp = 16.8 (Re)! Re < 40

-0.41 (23)
ip = 0.989 (Re) Re > 350
3y = 1.82 (re)™-! 45 < Re < 350 (62)
jp = 1.625 (Re)™0-3%7 Re < 120

-0.327 (39)
iy = 0.687 (Re) Re > 120

Most of the j-factor correlations have been reviewed by
Ramaswami in his recent Ph.D. thesis (46). He correlated the heat and

mass transfer factors with a modified Reynolds number,
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where Gm

His correlations

12
G

a, 8 A

Re =

superficial mass velocity of the gas based upon the total
crossectional area of the bed, gm/cm® hr

surface area of the particles per unit volume of the bed,
cm?/cm

particle shape factor as defined by Gamson (23) equal to the
ratio of actual external surface area available for mass
transfer to the total external surface area, dimensionless

are as fo}lows:

0.84 (Re) 0-31

0.57 (Re) %1

= 1.077 jD

for 0.01 < Re < 50

for 50 < Re < 1000

Data taken using a gas film only, without the presence of a liq-

uid, would not have the added complexity introduced by the liquid £film.

The jp-factor correlations for these gas-film studies were generated by

sublimating napthalene spheres in air or CO, streams (3)(14)(32) (48) and

decomposing Hyp0y vapor on nickel spheres (50).

ju-factor correlations for

packed beds were developed by dielectrically heating plastic particles

(19) and electrically heating metal spheres (4)({16)(25).

j-factor correlations with a gas film only are given below:

0.18(Re)'°‘376

(Re)-0.35

-0,
0.66(Re) 46

- I/
0.724(Re) 0 3*

0.606(re) "0+3%7
(including .axial mixing)

1 < Re < 400
d G

- p.m
1<Re-<(1_€)4¥30 (14)

(32) (48)

0.17 < Re < 250 3)
15 < Re < 161 (50)
400 < Re < 10,000 (8)

A summary of the
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-0.293

jp = 0.506(Re) 400 < Re < 10,000 (8)
(Omitting axial mixing) .
ig = 0.235(Re)'°‘35 1<Re< 18 (19)
b = 0.918(Re) 0% 200 < Re < 10,400 4)
H
4/8
jg = 8'335 for —ER~ >0
o (Re)"*~ - 1.6 t
a G
100 < Re = pm < 10,000  (25)
(1 -€)pu
3 Af8 - /@
3-}1 = 1+ 10.73 T-E (Re) 0.384 for TR>>0
Ho t t
iy = 0.992(re) -3 15< Re < 161 (50)
iy = 0.584(re) 30 500 < Re < 50,000 (16)

Chu, Kalil, and Wetteroth (14) combined their gas film data with
the liquid-gas film data of Gamson, Thodos, and Hougen (23), Wilkie and.
Hougen (62), McCune and Wilhelm (39), and others. They reported that
their data agreed with that of the liquid-gas film correlations given
earlier. A correlation of their gas film data alone, however, gives a
correlation of j = (Re>-0.35’ in closer agreement with the results for
gas film alone.

A look at the gas film j-factor correlations shcws that the ex-
ponent on the Reynolds number varies between 0.29 to 0.35. The coeffi-
cient multiplying the Reynolds number varies between approximately 0.2
and 1.0, Several investigators have shown that this multiplying coeffi-
cient 18 a function of system variables (25)(32)(48). The unreliability
of this coefficient i3 the weakest point in these transport phenomena

correlations.

The relationship between the heat transfer factor, jH, and the
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mass transfer factor, jp, was demonstrated by Satterfield and Resnick
(50). They decomposed hydrogen peroxide on nickel spheres, and found the
ratio jH/jD = 1.37.

The heat and mass transfer correlations discussed above are
tools with which to calculate catalyst surface temperatures and concen-
trations. The behavior of the process occurring at the catalyst surface
was discussed by Frank-Kamenetskii (21). He applied the ideas and meth-
ods which have been useful in the theory of thermal ignition ir homoge-
neous reactions to the problem of the increased catalyst surface
temperature (thermal regime) of heterogeneous exothermal reactions. He
noted that the rate of a heterogeneously catalyzed reaction was deter-
mined both by the true chemical reaction kinetics and by the rate of
supply of reactants to the surface through molecular or convective dif-
fusion. At low temperatures, as long as the rate of reaction is small
ccmpared with the rate of diffusion, the overall rate of reaction is
determined by the chemical reaction kinetics at the surface (kinetic
region, or lower thermal regime) and increases exponentially with the
temperature according tc Arrhenius' law. This temperature increase, how-
ever, can continue only until the rate of the reaction becomes comparable
with the rate of the diffusion. From that transition point, the process
will pass into the diffusional region (upper thermal regime), where its
rate is determined by the rate of diffusion,

For Frank-Kamenetskil's proposed mechanism of heat and mass
transfer, three stationary thermal states are possible: the lower state
or reaction kinetics region, the upper state or diffuzional region, and

the unstable intermediate state. Ignition of tlie surface represents a
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discontinuous transition from the lower to the upper stationary thermal
regime. The reverse transition from the upper to the lower regime also
takes place discontinuously at the critical condition of extinction.
The;efore, in an exothermic heterogeneous reaction, there can be two
stationary thermal states: the kinetic region where there is a small
temperature rise between the bulk gas and the catalyst surface (lower
thermal regime); the diffusional region where there is a large tempera-
ture rise. Passage from one regime to another occurs discontinuously at
the critical conditions of ignition and extinction at the catalyst sur-
face. For a more detailed discussion of Frank-Kamenetskii's study, see
Appendix A,

From the preceding discussion we see that several areas of study
have developed which are applicable to heterogeneous reactions in a
packed bed: reaction kinetics studies, heat and mass transfer correla-
tions, and mathematical and theoretical developments. No study has been
reported, however, which considers the influence of particle size on the
kinetics of a reaction occurring on the external surface of a catalyst,
The literature indicates that the influence of catalyst particle size may
be important for this system, but no experimental work has been conducted
to study this influence. All but one of the heat and mass transfer cor-
relations for sz packed bed consider non-reacting systems. The only ex-
ception is that of Satterfield ard Resnick (50), who decomposed hydrogen
peroxide on nickel spheres. They did not, however, vary the size of

their catalyst spheres.

Therefore, it would seem important, in the area of heterogeneous

catalysis, to gather and study data demonstrating the influence of

‘catalyst particle size on the behavior of the reaction process.



CHAPTER III

APPARATUS

The apparatus used in this study may be divided into four units:
feed system, reactor, temperature measuring system, and gas analysis sys-
tem. A schematic diagram of the apparatus is shown in Figure 1 and a
detalled diagram of the reactor in Figure 2. Except for tygon tubing
transporting room temperature hydrogen and ethylene gases, all equipment
is glass, with ground-glass joints used for all connections. Silicone
lubricant was used on glass connections at room temperature. This

apparatus operated at atmospheric pressure.

Feed System

Hydrogen and ethylene gases were fed from commerical cylinders
with constant pressure regulators and pressure reducing needle valves.
Their flow was measured by capillary tube flowmeters. Triethylene glycol
was used as the manometric fluid because of its low vapor pressure at
room temperature (0.1 mm Hg at 176°F). The flowmeters were calibrated
against a rising soap-film flowmeter. The hydrogen and ethylene feed
temperatures were recorded continuously during the calibrations as well
a8 during the reaction runs,

A Deoxo catalytic purifier for electrolytic hydrogen was in-
stalled in the hydrogen line to reduce any traces of oxygen to water. A

16
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heated Model C Deoxo Purifier for removal of oxygen and sulfur was in-
stalled in the ethylene line.
Both zas streams passed from theilr purifiers through Drierite
drying tubes, in order to remove moisture.
The gases were thoroughly mixed in a mixing chamber before being

fed to the preheater.

Reactor

The reactor was designed with the primary purpose of maintaining
an accurate and isothermal temperature level. The entering gases passed
through a preheater coil of 7 mm glass tubing which wrapped around the
reaction tube and emptied into it at the bottom. From the bottom of the
reactor the reactants passed up through the reactor tube containing the
catalyst bed and out the top of the reactor. The preheater coil served to
bring the reactants up to reaction temperature before they entered the
catalyst bed. The preheater coil and reaction tube were in a boiling
liquid jacket. The liquid jacket, in turn, was surrounded by an insu-
lated, electrically heated resistance wire coil. The temperaﬁure of the
boiling liquid was controlled by regulating the vacuum above it

A glass thermowell rose through the middle of the reaction tube
and thus through the middle of the catalyst bed. It was fitted on a
ground-glass joint, which allowed an opening at the bottom of the reactor
so that the catalyst beds could be changed without moving the reactor and
other apparatus. Another thermowell was fixed overhead in the gases pass-
ing out of the reactor. This thermowell was fitted on a ground-glass
joint, permitting easy loading of the reactor,

The reactor bed was packed in a particular way in order to hold
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isothermal conditions and maintain the bed fixed. The method of packing

is discussed in Chapter V,

Temperature Measuring System

All temperatures at the thermocouple points indicated in Figure
1 were sensed by iron-constantan thermocouples inserted in glass
thermowells.

Three thermocouples were inserted in the thermowell rising up
through the reactor, as shown in Figures 1 and 3. One was at the bottom
of the reactor bed, another in the middlé, and a third at the top. They
were separated by glass wool packing and served to indicate the tempera-
ture profile up the reactor bed. A thermocouple in the top thermowell of
the reactor measured the temperature of the effluent gas. Thermocouples
also measured the gas feed temperature and room temperature. Each tem-
perature sensed was recorded every three minutes on a strip chart by a
Brown "Electronik" Multipoint Recording Potentiometer, Model No.

153X60P12-X-31, with a range of 0 to 500°F.

Product Analysis System

A vapor phase, partition chromatograph, built and modified in
conjunction with previous research projects (27)(39), was used to analyze
the reacting and product mixtures. A four-foot copper tube, one-fourth
inch in diameter, packed with finely divided silica gel, constituted the
column used for the gas analysis. The column temperature was maintained
at 208°F and the gas thermal-conductivity cell temperature at 165°F, with
a helium flow of 150 cc per minute. The analysis was determined by com-

paring the peak heights of the elution curves obtained for the reaction
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gas samples to those obtaine& from the standard gas mixtures. Six dif-
ferent compositions of gas samples were used as standards.

In the procedure for obtaining the standard gas samples, a 500
cubic inch stainless steel cylinder was evacuated. Ethylene, ethane, and
hydrogen were added in succession to the cylinder in amounts determined
by absolute pressure measurements taken before and after each gas addi-
tion. The absolute pressure measuremants were obtained from a mercury
manometer connegted to the cylinder.

After addition of the gases, the cylinders which contained about
100 ml of 0.8 mm glass beads were shaken vigorously to assure complete
mixing.

A one-cubilc centimeter gas sample was used for the gas analysis.

The analysis could be completed within three minutes.



CHAPTER IV
MATERIALS

The materials used in this study were the catalyst, the reac-

tants hydrogen and ethylene, and a packed bed diluent.

Catalyst

The catalyst used throughout the study was nickel on alumina.
The catalyst (Girdler catalyst No. T-310, sample #10-152) and an anal-
ysis of its physical characteristics were supplied free of charge by
Girdler Catalysts. According to Girdler Catalysts, the internal surface
area of the catalyst was 210 mz/gm, and its weight 10-12% Ni. Pore vol-
ume contained 0.29 cc/gm below BOOX threshold diameter and 0.27 cc/gm
below 140 threshold diameter determined by the CCl, adsorption technique
of Benesi, Bonnar, and Lee (6).

The catalyst was received as one-eighth inch pellets and was
subsequently crushed in a glass mortar and pestel. The catalyst parti-
cles were classified by screening in U. S. Standard sieves. Sample
sizes varying from 8-12 mesh to 200-325 mesh were used in this study.

All of the catalyst samples were taken from a single crushing and screen-
ing operation.

The nickel in the catalyst was in the unreduced form (Ni0). The
catalyst sample for each reaction run was packed iﬁto the reactor and

22
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then reduced. Reduction was accomplished by passing pure hydrogen over
the catalyst maintained at 700°F for twelve hours. Molten Hitec heat
trangsfer salt was used in the reactor jacket to maintain the desired re-
duction temperature. After reduction the catalyst was exposed only to
hydrogen and ethylene. No air was allowed to contact the catalyst be-

cause it was found that oxygen markedly deactivated it,

Hydrogen

The hydrogen was taken from commercial cylinders. Manufactured
by the electrolytic process, the hydrogen was about 99.9% pure. The im-
purities were primarily oxygen and water. The oxygen trace was converted
to water by installing a Deoxo catalytic purifier for electrolytic hydro-
gen in the feed stream. The water was temovgd by passing the gas through

a Drierite drying bed.

Ethylene
Pure grade ethylene was supplied free of charge by Phillips

Petroleum Company. The mole percent purity by mass spectrometer was
99,3%, with trace impurities of acetylene, carbon monoxide, water, carbon
dioxide, sulfur, and oxygen. The sulfur and oxygen deactivated the
catalyst and were therefore removed by a heated Model C Deoxo Purifier.

The water was removed by passing the gas through a Drierite drying bed.

Packed Bed Diluent

The inert particles used to dilute the catalyst bed were Ottawa
sand, which is nearly pure quartz and has almost spherical grains. The
sand was classified by screening in U. S. Standard sieves.

The procedure for cleaning the sand of organic and metal
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contaminants was as follows. The sand was first rinsed several times
with distilled water. Then the particles were boiled in an Alconox
glassware cleaning solution. After several rinsings with distilled
water, the sand was boiled in dilute hydrochloric acid. The sand was
then rinsed several times with distilled water, drained, and dried in

an oven at 180°F.



CHAPTER V

EXPERIMENTAL PROCEDURE

The description of the experimental procedure of this study is
presented in five sections: method of packing the reactor, calibration
of the flowmeters, catalyst reduction, reaction run, and method of

analyzing the reactant and product streams.

Packing the Reactor

As mentioned in Chapter III, the reactor was packed in a par-
ticular way in order to assure essentizlly isothermal conditions and to
maintain the bed fixed. A schematic diagram of the reactor packing is
given in Figure 3. First, three inches of 3 mm glass beads were packed
into the reaction tube, after the bottom thermowell had been fixed in
place. Then one inch of clean 20-30 mesh Ottawa sand was packed above
the glass beads. This entrance packing served to distribute the incoming
gases evenly across the tube diameter before contact was made with the
catalyst. Above the initial packing was packed the catalyst diluted in
100 ml of Ottawa sand. The catalyst sample (0.1 or 0.2 grams weighed
accurately to one milligram) was diluted in order to spread the reaction
throughout the bed, since the exothermic heat of reaction (-32,000
cal/gm-mole) was fairly large. The diluted bed reduced the possibility
of hot spots developing and allowed the heat of reaction to be carried

25 .
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off by the liquid jacket. Isothermal conditions were thus maintained
throughout. During moét runs the diluent Ottawa sand was 20-30 mesh, no
matter what the catalyst particle size, By using the same size diluent
throughout a series of runs, changes in the overall bed characteristics
could be avoided. Some of these variations would be in the thermal con-
ductivity and pressure drop of the bed. There was a limit, however, to
how small a catalyst particle size could be mixed with 20-30 mesh sand.
Catalyst particle sizes smalier than 100 mesh could move through the
interstices of the 20-30 mesh bed. The data resulting from such a condi-
tion was erratic, especially with changes in the feed rate. Attempts
were made, however, to use these particles by placing glass wool plugs
at intervals through the packed bed. The purpose of these plugs was to
prevent the accumulation of the small catalyst particles in the bottom
or top of the reactor, or in concentrated spots. This method of packing,
in order to use very small catalyst particles in a 20-30 mesh bed, was
not generally successful. During some of the runs, the Ottawa sand
diluent particle size was varied in order to keep it the same size as the
catalyst pellets. The catalyst was diluted by rolling a weighed sample of
the catalyst with the sand in a round bottom flask until a uniform mix-
ture was observed. Above the catalyst bed was packed another one inch of
clean sand and another one inch of glass beads. The reactor was cleaned

and repacked for each particle size and weight of sample.

Calibration of Flowmeters

The flowmeters were calibrated before ahd after each run. The
hydrogen and ethylene capillary manometer type flowmeters were calibrated

using a rising soap-film flowmeter. In this flowmeter gas was fed into
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the bottom of a calibrated tube, which contained a soap solution. The
flowing gas picked up a soap film stretched across the diameter of the '
tube, and the gas pushed the film up the Eube. By timing the volume dis-
placed by the rising film, the volumetric flow rate was calculated. The

precision of this calibration was + 0.05 cc/sec at 10 cc/sec.

Catalyst Reduction

A weighed sample of the nickel catalyst in the unreduced form
was packed into the reactor bed with the inert diluent as described
earlier. The liquid jacket surrounding the reactor tube was empty at
this time. Hydrogen flow at a rate of 1,176 gm-moles/hr was fed through
the packed bed and was maintained throughout the reduction of the
catalyst. During reac;ion, the hydrogen flow rate was combined with the
ethylene and was varied, but was never stopped, in order to keep the
reacting system free of air. After a few minutes were allowed for the
hydrogen to purge the catalyst bed of air, the reactor apparatus was
slowly heated. After an hour the reactor attained a temperature of
177°C. At this point 750 ml molten Hitec heat transfer salt which had
previously been melted and heated to 177°C was added to the reactor
jacket. The reactor and molten salt were slowly heated to 403°C, attain-
ing this temperature after approximately four hours. Constant tempera-
ture was maintained by reguleting the current flow to the heating cotl
surrounding the liquid jacket. The hydrogen flow had been continued dur-
ing this preheating operation and continued to flow over the 403°C cata-
lyst for eight hours,

After eight hours the Hitec molten salt was drained from the

reactor, and the reactor allowed to cool slowly. After about two hours,
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the reactor had cooled to room temperature.
The catalyst was completely reduced by this operation. Several
test saemples were analyzed for pure nickel by a procedure furnished by

Girdler Catalysts (24).

Reaction Run

After the catalyst reduction operation, the liquid jacket was
rinsed to remove any remaining Hitec salt, and then 1200 ml of distilled
water were added. The reactor was brought up to a reacting temperature
of 93°C, The reaction temperature was controlled by regulating the boil-
ing point of the water in the reactor jacket by varying the vacuum above
it. This was accomplished by regulating an air leak in the line from the
vacuum pump to the air space above the boiling liquid. The boiling lig-
uid was returned to the jacket after condensing in the liquid condenser
above the reactor. In this way, total reflux was maintained and all of
the liquid was returned to the boiling jacket.

After the reactor had attained the temperature of 93°C, ethylene
flow was begun at 0,294 gm-moles/hr, combining it with the continuing
hydrogen flow of 1.176 gm-moles/hr. This reaction mixture was continued
for two hours, and then changed to a hydrogen feed of 2.350 gm-moles/hr
and an ethylene feed of 0.588 gm-moles/hr for fifteen minutes. The flow
was then changed to 3.528 gm-moles/hr for hydrogen, and 0.882 gm-moles/hr
for ethylene for fifteen minutes, After this final feed composition, the
feed rate was returned to the original rate of 1.176 gm-moles/hr for
hydrogen and 0.294 gm-moles/hr for ethylene, and the reaction temperature

dropped to 71°C. The same variation in feed rate was used for the 71°C

run as for the 93°C run, except that each feed rate was continued for
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only fifteen minutes. At this point the reaction temperature was dropped
again to 40°C, and the same feed rate pattern followed.

On the basis of catalyst particle size, the Reynolds' number
variations in this study ranged from 0.16 to 5.13. For a bed of 20-30
mesh particles the range in Reynolds number was from 0.64 to 1.92.

At the end of the run, the reacting conditions were returned
to the original 93°C and 1.176 gm-moles/hr for hydrogen and 0.294
gm-moles/hr for ethylene feed rate. This final run was continued for
fifteen minutes. All of the feed rates represented a 4:1 hydrogen to
ethylene feed ratio. Product samples were analyzed every five minutes
to be sure that steady state conditions had been reached.

During the reaction run the temperatures throughout the system

were recorded continuously by a recording potentiometer (described in

Chapter III).

Method of Analyzing the Product Stream

For the fifteen minute runs described above, samples of the
product stream were analyzed at 5, 10, and 15 minutes. For the first
run, two hours in duration, samples were analyzed at 5, 10, 15, 30, 60,
and 120 minutes,

The gas samples of 1 cc were taken by a syringe and needle from
the product stream., The reactor effluent stream and chromatograph inlet
stream tubes had a rubber septum through which the gas samples were taken
or injected.

During the first half and last half of a reaction run, the six
standard calibration samples described previously were run through the

chromatograph. They served as standards for analyzing the reactor
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product stream. For an example of a calibration, see Appendix E. Since
the elution curves for the ethylene-ethane system on silica gel are quite
sharp, uniform and symmetrical, peak heights were used for calculating
reactant conversion, Précision for conversion calculations were = 0.5%

at 20%Z conversion,



CHAPTER VI
EXPERIMENTAL RESULTS

The experimental results show the influence of changing the cat-
alyst particle size at various temperatures at a given flow rate and
weight of catalyst. An illustration of this influence can be seen from
Figure 4, which considers reaction at a bulk temperature of 93°C. The
reaction occurs entirely on the exterior surface of the catalyst parti-
cle, as will be shown later.

The reaction rate was calculated by using the basic rate equa-

tion for a catalytic flow reactor:

rdW = Fdx
. _dx ¥ Ax
or TE T W
@ 2
where r = rate of conversion, gm-moles converted per catalyst weight
per hour
W = weight of catalyst, gm
F = feed rate to the reactor, gm-moles/hr
x = conversion, gm-moles converted/gm-mole of entering feed

The reactor was operated at differential conditlons whenever possible.
When the x vs, (W/F) plot was not a straight line from the origin, the
slope of the curve was used to determine the reaction rate.
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The circles (solid line) in Figure 4 represent experimental data
taken with the catalyst particles diluted in cleaned 20-30 mesh Ottawa
sand. The triangles (dashed line) represent data taken with the catalyst
diluted in cleaned Ottawa sand having the same particle size =2 the
catalyst.
- Beginning with the smaller particles at the left of Figure 4, an
increase in particle diameter resulted in a small increase in reaction
rate per unilt area. At a particle diameter of about 0.03 cm the reaction
rate began to rise sharply. At a particle diameter of about 0.09 cm, the
reaction rate arrived at a plateau. The rate continued at this plateau
for increasingly larger particle sizes, except for the largest size,
where the rate dropped slightly. For a threefold increase in particle
diameter of 0.03 to 0.09 cm, the reaction rate jumped approximately
thirtyfold. On either side of this transition the reaction rate remained
relatively constant.
| Over the transition range where the rate rose sharply with in-
creasing particle size, the sand diluent size was varied in order to
‘equal the size of the catalysﬁ pellet. The curve for these data (dotted
line in Figure 4) was displaced slightly from but behaved in the same way
as the curve describing the data using only 20-30 mesh sand as the
diluent,

At the end of each reaction run the operating conditions were
returned to those at the beginning, in order to check the stability of
the catalyst over the period of the run. The same reaction rate was ob-
tained at the end of the run when given the same operating conditions,

demonstrating that this catalytic system was stable. Runs for 12 hours
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duration failed to show a change in catalytic activity,

Runs were made in order to test the reproducibility of the data.
As with all runs, these tests involved cleaning and repacking the reactor
bed between runs., It was found that the conversion reproducibility error
of £1% was well within the range of the estimated maximum deviation of
4%,

Several runs were made which varied internal surface area while
maintaining external surface area constant. For this, the reaction rate
using 0.2 grams of a larger pellet size was compared with the reaction
rate using 0.1 gram of a smaller pellet size, the smaller pellet having
an external surface area per gram which was twice that of the larger pel-
let. The two samples with the equal external surface areas were found
to have equal reaction rates, although their internal surface areas were

different by a factor of two.



CHAPTER VII
DISCUSSION OF RESULTS

Observing the behavior of the curve of Figure 4 leads one to the
conclusion that a major shift in reaction behavior occurs when the cata--
lyst particle size is increased from 50-70 mesh to 20-30 mesh. All bulk
conditions other than catalyst particle size remained constant and yet
the reaction rate increased thirtyfold when the average particle size was
increased from 0.03 cm to 0.09 cm. This experimental demonstration that
varying the catalyst particle size has a pronounced effect on the reac-
tion rate leads us to seek the cause of this behavior and to attempt to
evaluate quantitatively and to elucidate the process.

In the previous section, it was shown that the catalyst behaved
in the same manner in this transition range whether or not it was diluted
with a diluent of the same particle size. That is, the reaction rate
shift couid not be ascribed to a caging or shielding effect on the cata-
lyst particle by tke diluent., Also, by packing the catalyst in a diluent
of equal size, there could be no movement or fluidization of the catalyst
particles.

Purthermore, the experiments with varying volumes of catalyst
having the same surface area show that the reaction rate depended upon
external surface area only. Calculations using the equations developed
by Prater (45) and Schilson (36), and data examined by Ramaswami (46),

36
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Pauls, Comings, and Smith (42), and Weisz and Hicks (60) for systems sim-
ilar to the one used in this study rule out significant temperature and
concentration gradients within the pellet.

Radiant heat transfer for the system used in this study would
not be significant. The Ottawa sand diluent and nickel-on-alumina cata-
lyst would transfer negligible radiant heat at the temperatures encoun-
tered, as shown by Chen and Churchill (11).

The catalyst behavior can be explained by gas-film heat and mass
transfer correlations for the behavior of particles in a packed bed.
These transport phenomena are introduced in terms of the j-factor cor-
relations. The purpose of these j-factor correlations is to obtain heat
and mass transfer coefficients which can be used to determine the par-
tial pressure and temperature gradients in the gas film surrounding the
catalyst pellet. In the case of mass transfer, the correlations may be

used as follows:

r = k. a z’(P . )
m, Gi m ig ig
Tm
or by -p, ) = APy = 1 (ViI-1)
S iy a_ok
m” G
i
where r = rate of reaction per unit weight of catalyst for component
By i, gm-moles/hr gm
a = surface area of the pellets per unit weight of the catalyst,
" cm?/gm
P, = partial pressure of component i at the catalyst surface,
S atm
p1 = partial pressure of component i in the bulk gas phase, atm
B

Solving Equation (II-2) for l/kGi
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1 _Ps L u N3
il (jD) <?r> (V1i1i-2)

Substituting Equation (VII-2) into Equation (VII-l),

. Pig - Pip - _:";135 (jl,)'1 T (VII-3)

In a similar manner the expression for the temperature gradient
across the film may be derived. The heat generation is equal to heat

release at steady state:

rmiAHi 8 hGam(i)(""‘s N TB)

m AH!.
or (Ts - TB) = AT = 1 - (VII-4)
em; G
where TS.= temperature at the catalyst surface, °k
TB = temperature of the bulk gas, °k
Aﬂi = heat of reaction for component i, cal/gm-mole
Solving Equation (II-1) for 1/hG
C_ M \2/3
1.1 (JH)-1< '
hG CPMGH k (ViIi-5)

Substituting Equation (VII-5) into (VII-4),
c 2/3
r H M
- Ty = my Afy G )-1 P > (VII-6)
H

’ am% cpHGM k /g

In order to use Equations (VII-3) and (VII-6) to determine the

Tg

partial pressure and temperature gradients across the gas film surround-
ing the catalyst particle, it is necessary to have suitable j-factor cor-
relations for mass and heat transfer. The heat transfer correlation of

Denton (16) was judged the most appropriate for this study for several
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reasons. First, his data was taken with only a gas film surrounding the
pellet and did not introduce the added complexity of a gas-liquid f£ilm.
As discussed in Chapter II, the correlations with only a gas £ilm in-
volved are more appropriate to a gas phase heterogeneous reaction.

Second, Denton's values for the j-factor correlation with
Reynolds number is in line with the majority of the other gas film
correlations.

Third, and most important, Denton's data was taken in a system
similar to the one used in this study. He measured the steady state heat
transfer coefficients by generating heat in a single metzl sphere random-
ly packed in a bed of glass spheres. A similar situation exists in the
reactor bed used in this study. The catalyst pellet, which generates the
heat, is randomly packed in a bed of relatively spherical sand grains.
The catalyst pellets are essentially isolated from each other because the
volumetric ratio of the reactor bed packing is approximately 1:100 -
catalyst:sand. The similarity of the two systems tends to eliminate the
problem of variables specific to the particular system in question. For
example, the magnitude of pellet-to-rellet heat conduction through the
solid point contacts cannot be assessed. There has been some recent work
on the problem of point-to-point heat transfer (37) in a packed bed, buév‘
actual calculation of the magnitude of this phenomena i{s not as yet pos-
sible. The situation is further complicated when only one particle among
many is generating heat, which was the case in this study. Denton's
correlation, however, includes this effect, and calculation of surface
temperatures for a particle generating heat among inert particles should

be more accurate using his correlation.
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The relationship between heat and mass transfer j-factors for a
reacting system is found in the research of Satterfield and Resnick (50).
They decomposed hydrogen peroxide in a bed of metal spheres, measuring
both the heat and mass transfer characteristics of the system. They
fgand the ratio j,/) = 1.37.
Utilizing the heat and mass transfer studies of Denton (16) and

Satterfield ang Resnick (50), one obtains the correlationms:
-0.30

0.584(Re) (Vii-7)

Iy
j 0.426 (Re) -0.30 (VII-8)

D
Substituting Equation (VII-8) into Equation (VII-3), the partial pressure

gradient of a component across the gas film may be calculated:

. 4 ¢ \0.30 2/3
pi - pi = Api = _m. pf . 1 ( p.m> M >
5 B ay, G ¢ (0.426) \ M Py Je
¢ \0-30 2/3
=m ,0300 P . __1 <_m_> M
a, P GngS (0.426) pgDi;E
- x rm ‘ 0.30 (VII-9)
a p
m
¢ \0.30 2/3
where ) = Pe | 1 <m> < M ) ] (VII-10)
Gyf  (0.426) \ M PP )k

The temperature change from the bulk gas stream to the external
surface of the catalyst may be calculated from Equations (VII-6) and
(V11-7):

0.30/C_u \2/3
Tg = Tg = AT = Tm , AN . 1 . (dpcm> <pm >
a PCp O (0580 m k /,
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The» terms @ and ¥ are functions of temperature and were calcu-
lated from physical and transport properties available in the literature.
The arithmetic average gas film temperature was used for the physical
properties of the gases. Sample calculatfons for the influence of tem-
perature on @ and ) are given in Appendix C. Using the smoothed ex-
perimental values {see Appendix B) for x'm/a“l and dp’ the values of partial
pressures at the catalyst surface for various particle sizes were calcu-
lated from the measured values of the rate. The calculation of Ap and
AT were accomplished by a trial and error solution of the following four

simultaneous equations:

AP = y._m 4 (VII-9)
a P.
m
T - r 0.30 ViI-11
A Q a: d, ( )
e = £,(T) (ViI-12)
¥ = fz(T) (VII-10)

Examples of the values of surface temperatures and concentra-

tions are shown in Figure 5. Studying Figure 5 from left to right, one
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sees that the temperature at the surface of the catalyst particle gen-
erally increases with increasing particle diameter. At first, however,
the smaller particles show only a slight change in surface temperature
with increasing particle size. At the 0.03 cm particle size the tempera-
ture begins to rise abruptly. As the particle size increases, the tem-
perature continues to increase and finally begins to taper off at the
larger particle sizes.

The partial pressures of ethyleme at the surface of the cata-
lyst behaves inversely from that of the surface temperature. As the
particle size increases the partial pressure of ethylene at the surface
decreases.

Using these calculated values of surface temperatures and con-
centrations, an Arrhenius type function of log r vs. 1/T was plotted in
Figure 6. A sample calculation of these points is8 given in Appendix D.
From Figure 6 the energies of activation and frequency factors for the
reaction levels can be calculated. For the small particles (lower reac-
tion level) the Arrhenius energy of activation is 9.6 kcal/gm-mole and
the frequency factor is 2,900 gm-moles/hr cm2 ar.mz° For the larger
particles (upper reaction plateau) the energy of activation is 1.96
kcal/gm-mole and the frequency factor is 1.18 gm-moles/hr cm2 atmz.

The energy of activation for the small particles, 9.6 kcal/gm-
mole, is somewhat lower than Beeck's (5) value of 10,7 kcal/gm-mols.

The value of 9.6 kcal/gm-mole is, however, close enocugh to Beeck's value
to insure that the chemical reaction kinetics is primarily the rate con-
trolling step. The calculated catalyst surface temperatures for the

small particles (50-70 and 70-100 mesh) in this study find the surfaca
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temperatures essentially the same as the bulk gas temperatures, 40°C,
71°C, and 93°C. These surface temperatures are within the range of
Beeck's study. If the reaction were diffusion controlled, the rate would
be considerably lower than the 9.6 kcal/gm-mole value.

The energy of activation for the increasingly larger particles
decreases and then levels out at a value of 1,96 kcal/gm-mole. The cal-
culated surface temperatures for the larger catalyst pellets (8-12,
12-16, and 16-20 mesh) show that they have considerably higher surface
.temperatures than the smaller pellets, ranging from 381 to 443°C. The
literature reports that for temperatures above 150 to 200°C the energy
of activation decreases. The reports differ on the energy of activation
found, and there seems to be no agreement on what should be a reasonable
value. However, most of these studies do agree that the energy of acti-
vation above 150 to 200°C should be below 3.4 kcal/gm-mole. Therefore,
the energy of activation of 1.96 kcal/gm-mole found in this study seems
reasonable, although possibly somewhat low. The value of 1.96 kcal/gm-
mole was evaluated using the calculated surface temperatures and partial
pressures and is considerably lower than Beeck's 10.7 kcal/gm-mole. Thus
the drop in activation energy must result from a change in the reaction
mechanism rather than from a diffusion controlling condition,

Algso, the decrease in equilibrium constant with increasing tem-
perature does not become a limiting factor. A surface temperature of
about 1000°K would be required before the reversible reaction would be-
come significant. The equilibrium constant for the hydrogenation of

17

ethylene is 3.2 X 10"’ at 300°K, 3.2 X 103 at 716°K (the highest calcu-

lated surface temperature), and 0.35 at 1000°K,
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What happened in this reaction process was that a sharp rise in
catalyst surface temperature with increasing particle size shifted the
chemical reaction mechanism or chemical reaction rate controlling step.
This new mechanism, in tura, operated at a high reaction temperature and
high reaction rate. As a result, the catalyst interface became depleted
in ethylene, and the molecular diffusion to the surface became the slow-
est step in the overall process. This depleted condition can best be
seen from Figure 5. For the larger particles the surface temperature was
high but the partial pressure of reactant at the interface was low. The
overall reaction became diffusion controlled in the upper thermal regime.

A more graphic description of this reaction process can be given
by plotting the reaction rates for the two mechanisms, using the calcu-
lated catalyst surface temperatures and partial pressures, and the eval-
uated Arrhenius energies of activation and frequency factors. The

reaction rates can be calculated using the following equations:

Literature rate equation: < Tm

) A - AH*/RTg
- p p e
a, H2 CZH4

For small particles: < “m ) - 2,900 (0.8 - Ap)(0.2 - pr)e-9,600/RTs
a
1

m

For large particles: (rnx ) - 1.18 (0.8 - Ap)(0.2 - [§p)e-1’960/RTs
a
m ‘2

The experimentally evaluated data were substituted into these two rate

equations and the resulting reaction rates were plotted in Figure 7.
Beginning at the lower left of Figure 7, one can see that the

first reaction rate (for small particles) began to rise at a catalyst

particle diameter of 0.03 cm. The rate increased sharply, rising over
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two orders of magnitude before it began to level off. During this rise,
vhich could only be due to an exponential rise in temperature, the tem-
peérature increase at the catalyst surface caused a shift in the chemical
reaction mechanism, As a result, the mechanism shifted to the second
rate expression, shown by the dashed line in Figure 7. This second reac-
tion rate became controlled by the diffusion step and leveled off in line
with the experimental data points. Therefore, two shifts occurred during
the transition phase, both of them resulting from an increase in surface
temperature due to an increase in catalyst particle size. First, the in-
crease in temperature induced a change in reaction mechanism. This
mechanism change has been documented in the literature and discussed in
Chapter II, Second, the increase in temperature shifted the rate con-
trolling step from reaction kinetics controlling in the lower thermal
regime to film diffusion controlling in the upper thermal regime. This
second shift was the cause of the levelling off of the experimental reac-
tion rates for the larger particles, and was also the reason calculated
values for the second reaction rate expression level off along with the
experimental values. This shift from reaction kinetics to diffusion
controlling steps was explained by Frank-Kamenetskii, as shown in Chapter

II and Appendix A,



CHAPTER VIII
CONCLUSIORS

Catalyst particle size may exert a strong influence upon the
observed reaction rate for an exothermic surface reaction in a packed bed
flow reactor. This marked change in reaction rate is consistent with the
theory of surface thermal regimes developed by Frank-Kamenetskii. In-
creasing the catalyst particle size shifts the reaction from chemical
reaction kinetics controlling (lower thermal regime) to gas film con-
trolling (upper thermal regime).

The j-factor correlations for gas film systeme adequately eval-
uate changes in catalyst surgface temperatures and concentrations, and
these calculated changes are consistent with experimental results and
iliterature values. Furthermore, the j-factor correlations are satis-
factorily employed with a diluted catalyst bed, and the inert diluent
particles may be either larger than, equal to, or smaller than the cata-

lyst particles.
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NOMENCLATURE
external surface area of the catalyst particles per unit
weight, cmz/gm
surface area of an individual particle, cmz/particle

surface area of catalyst particles per unit volume of the bed,
cm“/cm

Arrhenius frequency factor, gm-moles/hr cm2 atm2

cross sectional area of the bed, cm2
heat capacity per unit mass at constant pressure, cal/gm °k
molal heat capacity at constant pressure, cal/gm-mole °K
average catalyst particle diameter, cm

gas phase diffusion coefficient of component i, cm2/sec
diameter of packed column, cm

mathematical function

feed rate to the reactor, gm-moles/hr

superficial mass velocity of the gas based upon the total cross
sectional area of the bed, gm/em® hr

superficial molal velocity of the gas based upon the total cross
sectional area of the bed, gm-molea/cm2 hr

gas phase heat transfer coefficient, cal/cm2 hr °K
mass transfer number, dimensionless

heat transfer number, dimensionless

gas thermal conductivity, cal/cm? hr °K

reaction rate constant, gm-moles/hr cm2 asz
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gas phase mass transfer coefficient, gm-moles/cm2 hr
partial pressure, atm

pressure factor, defined as the logarathmic mean value of the

partial pressure over the boundary limits of the gas film, atm

Cp M
Prandtl number, P , dimensionless
k

rate of reaction per unit weight of catalyst, gm-moles/hr gm

Reynolds number, <~dgGm >, dimensionless

Schmidt number, ( M ), dimensionless
PgDi_

temperature, °x

weight of catalyst, gm

conversion, gm-moles converted per gram mole of entering feed
mole fraction

heat transfer group (see Equation VI1-12), °x cm2 hr en™0-3

gmn-mole”

mass transfer group (see Equation VII-10), atm cm2 hr cm'0'3

gm-mole'1

heat of reaction, cal/gm-mole

Arrhenius energy of activation, cal/gm-mole
bed void fraction

Lennard-Jones force constant/Boltzmann's constant

gas viscosity, poise or gm/cm sec

total pressure, atm

average density of the gas phase, gm/cm3

Lennard-~Jones force constant
particle shape factor as defined by Gamson (22), equal to the

ratio of actual external surface area available for mass
transfer to the total external surface area, dimensionless
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57’D = collision integral
Subscripts
B = bulk gas phase
c = critical value
f = average film characteristic
i = component 1
m = mass basis
M = mole basis
mv = mean value
P = Product
r = reduced value
R = reactant
S = catalyst surface
1, 2 = reaction 1 and 2, or component 1 and 2

Superscript

Primes refer to pseudo-values in viscosity calculation
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APPENDIX A
THERMAL REGIMES OF THE CATALYST SURFACE

The thermal regimes of the catalyst surface were explained by
Frank-Kamenetskii, and the experimental verifications of his theory are
reviewed in his book (21). His ideas are presented in Figure 8.

Curve Gl represents the rate of reaction, or the heat generated
per unit surface area per unit time. The left hand portion of the curve
corresponds to the reaction kinetics range, where the rate of reaction
increases exponentially with temperature and is independent of flow ve-
locity. The right hand portion of the curve corresponds to the diffu-
sional range, where the overall rate of reaction is a weak function of
temperature but is a strong function of flow velocity. Curves G2 and G3
represent greater and smaller flow velocities, respectively, Curves Rl
through R5 represent the intensity of heat removal from the surface under
various conditions, expressed in the same units.

The thermal regime of the surface depends upon the mutual posi-
tion of the heat generation (G) curves and the heat removal (R) curves.
The points of intersection for different positions of the curves deter-
mine the stationary state at the surface. It is assumed that the éas at
the surface and the catalyst surface are at the same temperature.

For heat removal curve Rl and heat generation curve Gl, the
only stationary state possible is point n, corresponding to a small
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surface temperature increase in the reaction kinetic range (lower thermal
regime). For heat removal curve R5, the only stationary state possible
is point m, corresponding to a large surface temperature increase in the
diffusional range.

For heat removal curve R3 and heat generation curve Gl, three
stationary states are possible, of which, howeve«, only the upper and
lower are stable. Which stationary state will become established in
this region depends upon the initial state of the surface. If the sur-
face were at a high temperature and then placed in a cooler gas with a
heat removal curve corresponding to R3, its temperature would drop only
as far as the temperature corresponding to the upper intersection (point
y) and would not fall any farther; i.e., the upper stationary state would
be established.

Next, consider a reaction operating at the lower stationary
state point n. If the heat removal curve were moved to the right (inten-
sity of heat removal decreased), the temperature rise at the surface and
the rate of reaction would increase continuously from point n, through
point x, up to point p. On passing the point of contact p of the heat
generation and removal curves, R4 and Gl, a discontinuous change of the
surface temperature rise and observed reaction rate would ocecur_  The
condition at which the heat generation and heat removal curves contact at
point p is the condition of ignition of the solid body.

Finally, consider a reaction operating in the upper thermal re-
gime at point m. If the intensity of heat removal is increased, the
temperature rise at the surface and the observed rate of reaction would

decrease continuously from point m, through point y, and down to point q.
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With a further increase in intensity of heat removal beyond point q,
there would be an abrupt drop of the temperature of the surface, and
the reaction process would pass to the lower stationary state (point n)
corresponding to a small temperature rise in the kimetic regionm.

In summary, for an exothermic hetefogeneous reaction there can
exist two stationary thermal states, one corresponding to a small tem-
perature rise in the kinetic region (lower thermal regime), and the
other corresponding to a large temperature rise in the diffusional re-
gion (upper thermal regime). Passage from one regime to the other oc-
curs discontinuously at the critical conditions of surface ignition and

extinction,
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SAMPIE CALCULATIONS OF'@ AND ¥

0.30 2/3
8 - AE .1 [ S ) (cpgl"' ) (VII-8)
’SCPHGH (0.584) \ U k /g

r

p /e 0.30 2/3
% - e ._ 1 (% ) ( Jo ) ] (VII-6)
L ;SGM (02426) \IJ‘ pgDi £ J

@ and ¥ were calculated as fuqqtions of catalyst surface temperatures
for a given bulk gas temperature. The average gas film temperature
existing between the bulk gas phase and the catalyst surface was assumed
to be the arithmetic average of the bulk phase and catalyst surface
temperatures,

It was assumed that the physical properties of ethylene and
ethane could be considered the same for the calculation of @ and ¥ .
A comparison of their various physical properties establishes this as-
sumption as reasonable. Also, they occur in small concentrations with
respect to the hydrogen (for entering feed, CoH,:H, = 1:4). Such a sim-
plification eliminates the need to calculate the physical properties of
the gas mixture as a function of degree of comnversion.

Series of values of Q and J were calculated for each bulk
temperature used in this study (322°%, 344°K, and 366°K). These calcu-
lated functions were plotted in order to be used with the trial and error
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solutions of Equations (VII-5) and (VII-7).

A gsample calculation of Q and ¥ from the estimated calculated,

or known system and physical properties is given below.

Temperature

= [o]
T, = 300°K
- (o}
T, 366°K
- o}
Ty = 566°K. |
T_ = 566 + 366 _ 466°K
£ 2

Reactor Crosgs-sectional Area

_ 2
Acs = 2,94 cm

Flow Rate

G, . 3}&2 | 3600 se¢ | gn-mote | 273% |
", se€ | hr FE: 414 o | 300°% [2.94 cn?

0.398 gm-moles H:,_/cm2 hr

L}

G _ 2 *ﬁy °2“4 13600 ge€ |gm-mote | 273% |
H02H4 [ hr Izz 414 }mall 300”1&' 2.94 cm?

= 0.100 gm-moles/cm2 hr

Gy = 0.498 gm-mol«es/c:m2 hr
total
Gmn = 0‘398.5'51‘391‘”'15 ,2 gm Hy = 0.796 gm Hz/hr cm2
2 hr cm? IM "
G, _ 0100 gm-molesT7R, | 28 gm oMy " . 2.80 gm C,H,/br ca?
CZHI. hr cm2 Igm-m LA
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G, = 3.6 gm/hr em? = 3.6 g_ml Ji” = 0.001 gm/sec cmz

total 2 | 3600 sec

_hr" cm
Molal Heat Capacity (30)
“3\m -6,,.2:

Cp = 6.946 - (0.196 X 107°)T <+ (0.4757 X 10 )T

H

2

-~ a
T

N:E
\/
£~
[«
(-}

(¢}
~

I

O
o
"

(%e,n,
CoMy 466k

6.946 - (0.196 X 1073) (466) + (0.4757 X 10"°) (466) >
6.96 cal/gm-mole °K

3.019 + (28.21 X 1073)T - (8.537 X 10"")r2

- - 2
3.019 + (28.21 x 10 3)(466) - (8.537 x 10 6) (466)

14.51. cal/gm-mole °K

(c ) o = 0.8(6.96) + 0.2(14.51) = 8.46 cal/gu-mole °k
pave 466 K
Heat of Reaction (30)

H, + ?502 _— H,0 - 68.317 kcal/gm-mole
2C02 + 3H20 —_— 02H6 + 3’502 + 372.820 kcal/gm-mole
CoHy + Hy e C,H¢ - 32,731 kcal/gm-mole
A = AH +[(c) - e, ) |z -1

ElTz ° Py myp PM/mvR °
(AH)566°K = - 32,731 + (16.72 - 13.65 - 6.97) (566 - 298)



-4 3
( pg)l"“eK 2227 = 1,88 X 10  gm/cm
Shape Factor (22)
Spheres 6 = 1.0
Cylinders 6 = 0.91
Irregular granules 6 = 0.90 (assumed)
Flakes 6 = 0.81
Viscosity (30)(47)
- o oo _ o
(Tc)nz = 33.3% (rc)u2 = 0.8(33.3) = 26.64 K
(T)g g = 283.1°K (T)o ;= 0.2(283.1) = 56.62°K
24 274 , R
T = 83.26°K
T _ T _ _466°K  _ 5.70
T, 83.26°K,
= ! = =
(pc)Hz = 12.8 atm (pC)HZ 0.8(12.8) 10.24 atm
(P y = 50.50 atm (pc)é g = 0.2(50.50) = 10.10 atm
2% 2% B
pc': 20.34 atm
P . B - 1 _ _ 0.492
r ' 20. 34
pc
1)
/4r = 1.76
(foy, = 37X 1076 potse  0.8(34.7 X 10°% = 27.7 x 107% potise
(/,lc)czn4 = 215 X 10°% potse  0.2(215 X 107%) = 43.0 x 10°® potse
70.7 X 10°% potse

71

= - 33,811 cal/gm-mole

Gas Density

M = A4'u' = 1.76(70.7 x 10°% = 124 x 107 pot
466°K = /Ax_,uc = 1.76(70. poise
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Diffusion Coefficient (26)(47)

Assume diffusion of CZH4 in H, 1s important, since there 1s

always a large excess of H,. The application of the Lennard-Jones po-

tential by Hirschfelder, Curtiss and Bird has been most generally em-

ployed to predict diffusion coefficients.

T, = 4.232 T, = 2.968
C,H, Hy
€, 2
—5= 205 &= <383
oy, = 4.232; 2.968 _ , .
2 _
( 012) = 13.0
€ €€
12 _ 122 . A/33.3(205) = 82.5
k k
. _ _
at 466 K, __EE___ = 5,74, ﬂD = 0.8180
12

' 1/2
Dyp = 0.0018581° 2 [(M1+ Mz)/ulnz:]
3
v a'lzﬂn

_ 0.001858(466)3/2 [(28 + 2)/28(2)]1/2
- 1 (13.0) 0.8180

1.31 cmZ/sec

Prandtl NMumber

The Prandtl number is independent of temperature within the

range of this study.
(Pr)y 366°k = 0.74
2

(Pr) , 366°K = 0.83
C,H,
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(1>r)ave .  366°K = 0,8(0.74) + 0.2(0.83) = 0.758
2/3
(Pr)ave = 0.833

For Denton's correlation the Prandtl number was 0.73. For gases

the range of Prandtl number is 0.6 < Pr < 1.0.

Schmidt Number

2/3 2/3
(_//-_) _ <124X10-63m’l ol m)

PeP1 /466°k 5% 88C | 1 88 % 1074 gar| 1.31 o
= (0.505)2/3

= 0.638

For gases the range of the Schmidt number is 0.5 < Se¢ < 2.0,

Pressure Factor, Ps

For diffusion through a stagnant film in binary gas mixtures,
the pressure factor P 1s the logarithmic mean valué of the partial

pressure of the non-diffusing gas at the surface and in the bulk gas

stream,
Czﬂa + B, —— C,oHe
0.2 - y) 0.8 - y) ()
Total number of moles 0.2 -y
0.8 -y
—_—T1
1 -y
Partial pressure of hydrogen 0.8 - Y = P
1 -y H2
At complete conversion, py 0.8 - 0.2 _0.6 - 0.75 atm
1-0.2 0.8
At no conversion, pHZ 0.? - 8,\T = 0.8

Since the widest range of hydrogen partial pressure possible is 0.8 to
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0.75 atm, the value of the partial pressure factor actually encountered

will be relatively constant and assumed to be a constant 0.8 atm,

Temperature Grou

- _33,811 p«rl lgn—mb’fe o | cu? hr |

9566°R - gg;mﬂel 0.9 I 8.46 ;xf|0.498 gm-moles |0.584
0.39
x (2:001 gor | m;»ﬁ‘) (0.833)
sec’cﬁ?llza X 107° gur

0.3

= 23,600°K cmz hr cm~ gm-mole-1

Diffusion GrouLL

K o — 0.8 atml | cm2 hr I
566 K |0.9 l 0.498 gm-moles I 0.426
0.001 l e sec \0-30 2/3
x( sec cfgl 124 X 1076 3u> ©.30%)

5.00 atm cm2 hr cm-o'3 gm-mole-]'
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APPENDIX D

SAMPLE CALCULATION OF ARRFENIUS RATE CONSTART

- *
Arrhenius rate constant: k = Ae AH*/RT

Literature rate equation: ( )S (

8
m

Bulk stream partial pressure: (pHZ)B = 0.8 atm

<p0234)3 = 0.2 atm

Partial pressure gradiemt: Ap (for both H, and C )

Actual surface concentration: (pH )S = (0.8 - Ap) atm
2

= (0.2 - A t
(pczaal)s ( P) atm
L = T/ 8y _ pe-DHY/RT
(0.8 - Ap)(0.2 - Ap)
For 12-16 mesh catalyst
_ o
TB = 366 K

Gy = 0.498 gm-moles/hr cmz

o

0.0242
(0.8 - 0,0714)(0.2 - 0,0714)

2

= 0,258 gm-moles/hr cmz atm
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(INCHES)

ETHANE

CHROMATOGRAPH CALIBRATION /,"CB
FEBRUARY 13, 1963 /’
/
/
,/
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P
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PERCENT ETHYLENE CONVERSION TO ETHANE (%)

Figure 12 - Chromatograph Calibration
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Run Number 8

Catalyst

Particle Diameter (cm)

Sample Weight (grams)

Mesh Size (U. S. Standard)

80

8-12

0.2030

0.2 (23 pellets)

Date 2/25/63

Diluent: 100 ml 20-30 mesh Ottawa sand
Ethylene Hydrogen
Temp. Flow Rate Flow Rate Ap W Conv,
F
(°F)  (cc/sec) (g-m/hr) (cc/sec) (g-m/hr) (in.TEG) (%)
197 2 0.292 8 1.168 2.5 0.685 22
4 0.584 16 2.336 5.3 0.343 12
6 0.876 24 3.504 8.0 0.228 8.5
162 2 0.292 8 1.168 2.4 0.685 20
4 0.584 16 2.336 4.9 0.343 11
6 0.876 24 3.504 7.3 0.228 7.5
120 2 0.292 8 1.168 2.0 0.685 19
4 0.584 16 2.336 4.3 0.343 10
6 0.876 24 3.504 6.7 0.228 7.6



Run Number 10

Catalyst

Particle Diameter (cm)

Sample Weight (grams)

Mesh Size (U. S. Standard)

81

12-16

0.1435

0.1

(29 pellets)

Date 2/28/63

Diluent: 100 ml 20-30 mesh Ottawa sand
Ethylene Hydrogen
Temp . Flow Rate Flow Rate AP W Conv,
F
(°F)  (cc/sec) (g-m/hr) (cc/sec) (g-m/hr) (in.TEG) (%)
199 2 0.292 8 1.168 2.5 0.343 15.0
4 0.584 16 2.336 5.3 0.171 7.5
6 0.876 24 3.504 7.8 0.114 5.2
161 2 0.292 8 1.168 2.2 0.343 14.0
4 0.584 16 2.336 4.7 0.171 7.3
6 0.876 24 3.504 7.1 0.114 5.0
120 2 0.292 8 1.168 2.1 0.343 12,7
4 0.584 16 2,336 4.1 0.171 6.9
6 0.876 24 3.504 6.3 0.114 4.9



Run Number 9

Catalyst

Mesh Size (U. S. Standard)

Particle Diameter (cm)

Sample Weight (grams)

82

12-16

0.1435

0.2 (54 pellets)

Diluent: 100 ml 20-30 mesh Ottawa sand

Ethylene Hydrogen
Temp. Flow Rate Flow Rate AP W
(°F)  (cc/sec) (g-m/hr) (cc/sec) (g-m/hr) (in.TEG) !
194 2 0.292 8 1,168 2.3 .685
4 0.584 16 2.336 5.0 .343
6 0.876 24 3.504 7.5 .228
160 2 0.292 8 1.168 2.2 .685
4 0.584 16 2,336 4.6 .343
6 0.876 24 3.504 6.9 .228
118 2 0.292 8 1.168 1.9 .685
4 0.584 16 2.336 4.2 .343
6 0.876 24 3.504 6.3 .228

Date 2/26/63

Conv.

34
19

14

31
18

13

29
16

12



Run Number 11

Catalyst

Particle Diameter (cm)

Sample Weight (grams)

Mesh Size (U. S. Standard)

83

16-20

0.1015

0.1 (78 particles)

Date 3/1/63

Diluent: 100 ml 20-30 mesh Ottawa sand
Ethylene Hydrogen
Temp. Flow Rate Flow Rate AP W Conv.
F
(°F) (ce/sec) (g-m/hr) (ce/sec) (g-m/hr) (in.TEG) (%)
198 2 0.292 8 1.168 2,5 .343 22.5
4 0.584 16 2.336 5.3 171 12.0
6 0.876 24 3.504 7.8 114 8.5
158 2 0.292 8 1.168 2.2 .343 20.5
4 0.584 16 2.336 4.7 171 11.0
6 0.876 24 3.504 7.1 114 7.6
120 2 0.292 8 1.168 2.1 .343 19.4
4 0.584 16 2.336 4.2 171 10.0
6 0.876 24 3.504 6.4 114 7.0



Run Number 12

Catalyst

Particle Diameter (cm)

Sample Weight {grams)

Mesh Size (U. S, Standard)

84

16-20

0.1015

0.2 (151 particles)

Date 3/2/63

Diluent: 100 ml 20-30 mesh Ottawa sand
Ethylene Hydrogen
Temp. Flow Rate Flow Rate AP w Conv,
F
(°F)  (cc/sec) (g-m/hr) (cc/sec) (g-m/hr) (in.TEG). (%)
200 2 0.292 8 1.168 2.5 .685 60
4 0.584 16 2,336 5.3 .343 36.6
6 0.876 24 3.504 7.8 228 27.4
165 2 0.292 8 1.168 2.2 .685 56
4 0.584 16 2,336 4.7 .343 34
6 0.876 24 3.504 7.1 .228 26.1
122 2 0.292 8 1.168 2.1 .685 53.2
4 0.584 16 2.336 4.2 .343 32
6 0.876 24 3.504 6.4 .228 24,1



Run Namber 13

Catalyst

Particle Diameter (cm)

Sample Weight (grams)

Mesh Size (U. S. Standard)

85

20-30

0.0715

0.1

Diluent: 100 ml 20-30 mesh Ottawa sand
Ethylene Hydrogen
Temp. Flow Rate Flow Rate
(°F) (cc/sec) (g-m/hr) (cc/sec) (g-m/hr)
199 2 0.292 8 1.168
4 0.584 16 2.336
6 0.876 24 3.504
162 2 0.292 8 1.168
4 0.584 16 2.336
6 0.876 24 3.504
118 2 0.292 8 1.168
4 0.584 16 2.336
6 0.876 24 3.504

Date 3/4/63

AP W Conv,
F
(in.TEG) (%)
2.5 0.343 27.7
5.3 0.171 14.7
7.8 0.114 10.3
2.2 0.343 25.6
4.7 0.171 13.4
7.1 0.114 9.5
2.1 0.343 22,0
4.2 0.171 11.5
6.4 0.114 8.2



Run Number 14

Catalyst

Mesh Size (U. S. Standard)

Particle Diameter (cm)

Sample Weight (grams)

86

30-40
0.0505

0.1

Date 3/5/63

Diluent: 100 ml 20-30 mesh Ottawa sand
Ethylene Hydrogen
Temp. Flow Rate Flow Rate AP W Conv.
F
(°F) _ (ce/sec) (g-m/hr) (cc/sec) (g-m/hr) (in.TEG) (%)
203 2 0.292 8 1.168 2.5 .343 18.4
4 0.584 16 2.336 5.3 .171 9.5
6 0.876 24 3.504 7.8 114 6.5
157 2 0.292 8 1.168 2.2 .343 15.4
4 0.584 16 2,336 4,7 171 8.2
6 0.876 24 3.504 7.1 114 5.7
122 2 0.292 8 1.168 2,1 .343 13.7
4 0.584 16 2.336 4,2 171 6.7
6 0.876 24 3.504 6.4 ). 114 4.8



Run Number 16

Catalyst

Particle Diameter (cm)

Sample Weight (grams)

Mesh Size (U. S. Standard)

87

30-40
0.0505

0.1

Date 3/8/63

Diluent: 100 ml 30-40 mesh Ottawa sand
Ethylene Hydrogen
Temp. Flow Rate Flow Rate AP W Conv,
F
(°F)  (cc/sec) (g-m/hr) (cc/sec) (g-m/hr) (in.TEG) (%)
202 2 0.292 8 1.168 4.3 0.343 28.0
4 0.584 16 2.336 9.0 0.171 13.6
6 0.876 24 3.504 13.7 0.114 10.0
164 2 0.292 8 1.168 3.6 0.343 25.1
4 0.584 16 2.336 8.2 0.171 12.8
6 0.876 24 3.504 12.3 0.114 8.4
120 2 0.292 8 1.168 3.4 0.343 20.8
4 0.584 16 2.336 7.1 0.171 10.6
6 0.876 24 3.504 10.8 0.114 7.0



Run Number 28

Catalyst

Particle Diameter (cm)

Sample Weight (grams)

Mesh Size (U. S. Standard)

88

40-50

0.0358

0.1

Date 7/10/63

Diluent: 100 ml 20-30 mesh Ottawa sand
Ethylene Hyvdrogen
Temp. Flow Rate Flow Rate AP W Conv,
F .
(°F)  (cc/sec) (g-m/hr) (cc/sec) (g-m/hr) (in.TEG) (%)
200 2 0.292 8 1.168 2.5 0.343 3.7
4 0.584 16 2.336 5.3 0.171 1.8
6 0.876 24 3.504 7.8 0.114 1.4
163 2 0.292 8 1.168 2.2 0.343 2.5
4 0.584 16 2.336 4.7 0.171 1.4
6 0.876 24 3.504 7.1 0.114 1.0
123 2 0.292 8 1.168 2.1 0.343 1.4
4 0.584 16 2.336 4,2 0.171 0.7
6 0.876 24 3.504 6.4 0.114 0.35
203 1 0.146 4 0.584 0.686 4.4
' 0.073 2 0.292 1.372 7.5
3 0.036 1 0.146 2,744 15.7



Run Number 17

Catalyst

Mesh Size (U. S. Standard)

Particle Diameter (cm)

Sample Weight (grams)

Diluent:

Temp .,

(°F)  (cc/sec) (g-m/hr) (cc/sec) (g-m/hr) (in.TEG)

199

160

123

Ethylene

Flow Rate

1

2

0.

0

146

.292

.438

.146
.292

.438

.146
.292

.438

89

40-50
0.0358

0.1

100 ml 40-50 mesh Ottawa sand

Date 3/11/63

Hydrogen
Flow Rate AP W Conv.
’ (%)
4 0.584 3.7 .685 10.5
8 1.168 7.8 .343 5.1
12 1.752 12.2 .228 3.2
4 0.584 3.5 .685 4.3
8 1.168 6.9 .343 1.7
12 1.752 .228 1.0
4 0.584 2,6 .685 1.7
8 1.168 6.4 .343 0.6
12 1.1752 9.7 .228 0.4
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Run Number 25

Catalyst
Mesh Size (U. S. Standard) 50-70
Particle Diameter (cm) 0.0254
Sample Weight (grams) 0.2

Diluent: 100 ml 20-30 mesh Ottawa sand and glass wool

Date 3/28/63

ﬂthylene Hydrogen
Temp. Flow Rate Flow Rate AP W - Conv.
F
(°F)  (cc/sec) (g-m/br) (cc/sec) (g-m/hr) (in.TEG) (%)
198 2 0.292 3 1.168 2.5 0.685 5.3
154 2 0.292 8 1.168 2.3 0.685 1.6
123 2 0.292 8 1.168 2.1 0.685 0.3



Run Number 22

Catalyst

Particle Diameter (cm)

Sample Weight (grams)

Mesh Size (U. S. Standard)

70-100
0.0180

0.1

Date 3/22/63

Diluent: 100 ml 20-30 mesh Ottawa sand and glass wool
Ethylene Hydrogen
Temp. Flow Rate Flow Rate AP W Conv.
F
(°rF) (cc/sec) (g-m/hr) (cc/sec) (g-m/hr) (in.TEG) (%)
199 2 0.292 8 1.168 2.4 0.340 4.1
4 0.584 16 2.336 4.9 0.171 2.0
6 0.876 24 3.504 7.1 0.114. 1.5
156 2 0.292 8 1.168 2.0 0.343 2.7
4 0.584 16 2.336 4.2 0.171 1.0
6 0.876 24 3.504 6.3 0.114 0.7
120 2 0.292 8 1.168 1.8 0.343 1.5
4 0.584 16 2.336 3.8 0.171 0.6
6 0.876 24 3.504 5.7 0.114 0.3



Run Number 23

Catalyst

Particle Diameter (cm)

Sample Weight (grams)

Mesh Size (U. S. Standard)

92

140-200
0.0090

50 mg

Date 3/25/63

Diluent: 100 ml 20-30 mesh Ottawa sand and glass wool
Ethylene Hydrogen
Temp. Flow Rate Flow Rate Ap W Conv,
F
(°F)  (ce/sec) (g-m/hr) (cc/sec) (g-m/hr) (in.TEG) (%)
199 2 0.292 8 1.168 2.5 0.171 4.8
4 0.584 16 2.336 4.8 0.086 3.0
6 0.876 24 3.504 7.3 0.057 2.4
159 2 0.292 8 1.168 2.1 0.171 4.5
119 2 0.292 8 1.168 1.9 0.171 2.4




Run Number 27

Catalyst

Particle Diameter (cm)

Sample Weight (grams)

Mesh Size (U, S. Standard)

93

200-325
0.0059

0.1

Date 4/1/63

Diluent: 100 ml 20-30 mesh Ottawa sand and glass wool
Ethylene Hydrogen
Temp. Flow Rate Flow Rate AP W Conv,
F
(OF) (cc/sec) (g-m/hr) (cc/sec) (g-m/hr) (in,TEG) (%)
203 2 0.292 8 1.168 2.6 .343 22.3
4 0.584 16 2.336 4.8 171 19.2
6 0.876 24 3,504 7.1 114 20,0
160 2 0.292 8 1.168 2.1 .343 26,2
4 0.584 16 2.336 4.3 .171 20.2
6 0.876 24 3.504 7.2 1146 20.1
120 2 0.292 8 1.168 1.9 .343 23.3
4 0.584 16 2.366 3.9 171 17.3
6 0.876 24 3.504 5.8 114 14.9




SUMMARY OF CALCULATIONS



SUMMARY OF CALCULATIONS

GM = 0.498 gm-moles/cm2 hr

Catalyst Mesh

Catalyst (dp)ave

Bed Diluent Same Size as

0
Ty = 366 K
4
(rm/am)exp|1x 10
4
(rm/am)smoothx 10
Ap X. 104
AT
o)
4
(rm/am)expnlx 10
4
(rm/am)smoothx 10
Ap X 104
AT
o
4
(rm/am)exp'lx 10
4
(rm/am)smoothx 10
Ap X 104
AT
Tg = 366°K
4
(rm/am)exp'lx 10
Ty = 344°K
4
(rm/am)exp'lx 10
TB = 3220k
4

(rmlam)exp'lx 10

8-12 12-16 16-20 20-30 3G-40 40-50 50-70

70-100

.2030 .1435 ,1015 ,0715 .0505 .0358 .0254 .0180

Bed Diluent 20-30 Mesh Ottawa Sand

217
242
792

350

200
223
738

321

190
211
710

303

247
242
714

315

217
223
670

294

206
211
640

. 281

95

246
242
640

288

230
223
600

264

218
211
574

253

206 102 14.9
206 102 14.9
493 226 29

226 111 12

192 85.8 10.9
192 85.8 10.9
465 193 22.3
206 104 10

168 74.5 5.62
168  74.5 5.62
412 169 11,1
128 90 8

Catalyst Particle

206 165 21.0
192 141 7.05
168 118 3,28

7.58
8.35
1.46

<1

2.29

3.88

<1

0.43
1.47
<1
<1

8.35
8.35

1.40

<1

4.85
3.88
<1
<1

2.76
1.47
<1
<1



