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ABSTRACT

A computer program was created to solve the material
and energy balance equations simultaneously for a crude
distillation column. The model is designed to handle
hypothetical hydrocarbon components, allowing for the
simulation of crude oils which are usually made up of
unknown components. The accuracy of the model depends to
some extent upon the accuracy of the crude characterization
and the number and size of fractions used in that
characterization.

The model incorporates a second liquid phase, water, if
it exists and allows for solution of sidestream strippers
and pumparounds which are almost always used in crude
distillation. The solution technique is a modified Newton-
Raphson technique using the method of Newman for inverting
and solving the Jacobian.

The model has been used to simulate crude distillation
columns for a variety of crude oils and compared to existing
operating data available on crude distillation columns. The
model was found to be successful when comparing ligquid rate
and temperature profiles to those obtained from test run
data. Improvements in storage and convergence techniques
will allow use of this model for solution of crude columns

with microcomputers.
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CHAPTER I
INTRODUTION

Distillafion is a separation processAin which a
mixture is separated into two or more fradtions. The
separation occurs due to a difference in the boiling points
of the fractions. The simplest separation process is a
flash separator. In a flash separator a mixture is
separated into a liquid and a vapor. A distillation column
can be thought of as several flash separators in series in
which the liquid from one flash is fed to the flash below
and the vapor from below flows to the flash above. Each
flash separator can be thought of as an equilibrium stage.
Each stage is represented by a tra& in the distillation
column. Trays are designed so that the liquid and vapor are
continuously in contact to increase separation.

Two basic types of distillation columns exist- batch
and continuous distillation. Batch distillation involves
distilling a fixed amount of material. The modeling of
batch distillation must take into account the unsteady state
behavior as the composition of the mixture and amount of
material change with time. Continuous distillation is
called such because feeds and products are introduced and
removed continuously. In this manner the column exhibits

steady state behavior, the composition and flow rates on a



given tray do not change with time. In modeling a
continuous distillation column each tray is modeled as an_
equilibrium stage. This allows use of thermodynamic
equilibrium relationships on each tray.

Crude distillation is a specific application of
multicomponent, multistage continuous distillation. Crude
oil is often separated into different boiling point
fractions in distillation columns with steam. The use of
steam for stripping often causes water to condense on some
trays giving rise to a second liquid phase. Normal
distillation models cannot simulate this behavior as they
assume only one liquid and one vapor phase. Other elements
that are unique to crude distillation columns include
sidestream strippers and pumparounds. These extra elements
cause considerable problems in conventional models. 1In the
past, the strippers or interconnected columns were solved as
separate columns treating the interconnected streags as
recycle problems. In the open literature, no model exists
that incorporates these three elements all in one program.
Models exist to simulate either three phase distillation or
strippers but not both. Most models do not include a
hypothetical component correlation either.

The present model successfully incorporates the second
liquid phase, water, if it exists. The program also allows
solution of sidestream strippers and pumparounds without
having to solve independently of the main column. Therefore
the simulator becomes a powerful crude distillation

simulator successfully incorporating the three main elements



of crude distillation all in the same program. The program
successfully models crude columns with accurate results.

The simulation has been developed on a VAX mainframe
system using programing language Fortran 77. However, it can
easily be incoporated to any computer system with a few
minor changes. The program is an interactive package
containing a large component database. The progam also has
the capacity to generate data for hypothetical fractions

using a minimal amount of input data.



CHAPTER II
LITERATURE SEARCH

Previous litersture has presented the fundamentals of
multicomponent, multistage continuous distillation. Many
different algorithms have been employed to model basic
distillation columns. However, relatively few can handle
the problems associated with crude distillation columns.
The intent of this chapter is to present an introduction to
basic multistage, multicomponent distillation, to look at
available computer simulations of distillation columns and
their convergence‘techniques, and to examine past and
current work in modeling three phase and/or crude

distillation problems.
Introduction

Crude 0il towers represent an important part of any
refinery operation. Two basic fypes of crude towers exist,
atmospheric crude towers and vacuum crude towers. Crude
fractionation is often the first operations performed on
crude when it enters the refinery. Crude towers separate
the crude into different boiling fraptions so that the
fractions may be sent to other units to be further refined.
The towers operate at low pressure and use steam to strip

the crude. The steam often gives rise to water condensing



on certain trays. If water condenses it can cause
considerable problems and it is to the advantage of the
designer to know when this can occur and to take measures to
prevent or account for it. Other than proprietary methods,
no adequate method of simulating crude distillation,
combining material and energy balances, sidestream

strippers, and pumparounds, currently exists in the open

literature.
Distillation Fundamentals

The author assumes that the reader is familar with the
basic fundamentals of distillation. Those who are unfamilar
with the subject are referred to Seader and Henley's,
Equilibrinm-St S b 0 i in Cl ical
Engineering. This book presents a comprehensive study of
distillation principles. Material and Energy balances are
given and explained. Equilibrium relationships are
presented and methods of solution used in hand calculations

are discussed.
Continuous Distillation

Many techniques are available for solution of
continuous distillation columns. The basic equations and
solution methods of these techniques are the same as those
for three-phase distillation columns with some minor
changes.

Amundson and Pontinen (1958) developed one of the first

methods for computer solution of a continuous distillation



process. Equations were developed for mass balances on each
component and heat balances on each tray. These two sets of
equations are expressed in matrix format and solved by
matrix inversion. The material balance equations were
written in envelopes including the top tray. The material
balanée for the bottom tray is just around that tray. The
Component matrix contains a large number of zero elements
and therefore should be easy to invert. Heat balances are
written around each tray so that the matrix is tridiagonal
and easily solved. The solution method iterates on
temperature distribution using Newton’'s method. First,
constant molal overflow calculations are done to give a good
starting point for the entire problem. Complete heat
balancing is accomplished by using the vapor and temperature
profiles from constant molal overflow as initial estimates,
solving component mass balances to get new temperature
profiles, solving heat balances to get ﬁew vapor profiles,
and substituting back into the composition matrix and
repeating the entire process until the desired accuracy is
achieved. The authors‘presented the method but did not
attempt to solve the matrix equations realizing that there
were methods available to do this.

Friday and Smith (1964) analyzed the decisions involved
in the formulation of a solution method of equilibrium stage
equations. The best procedures are dependent upon the type
of problem. The authors suggest that the model equations
should be grouped by the type of equation, not by stage, and

that the concentrations should be solved for first. They



also present a new method for solving the C-matrix which is
not susceptible to truncation error, using stripping
factors. The authors point out that the bubble point method
of convergence should be used on close boiling feeds whereas
the sum rates method should be used on wide boiling feeds.
The differences in the two methods are based upon the
calculations of the vapor and temperature profiles. The
bubble point method calculates the vapor profiles from the
energy balances and the new temperature profiles are then
obtained from bubble point calculations. The sum rates
method adds the component rates to get the vapor profiles
and calculates the temperatures from the energy balances.
The authors felt that the sum rates method represented the
most versatile method for a general computer program.

Tomich (1870) described a general method of solution
capable of solving either distillation or absorber problems.
The component mass balance equations are set up so that the
matrix is tridiagonal and a tridiagonal matrix algorithm is
used to solve these equations. New temperature and vapor
flow rates estimates are obtained by solving component
summation equations and heat balances simultaneously.
Broyden’'s method, a modified Newton-Raphson method, is used
as it requires only one inverse of the Jacobian matrix per
problem by updating the Jacobian at each level using the
residuals calculated at the previous level. All equations
are solved simultaneously, in a mathematical sense, with the
assumption that all data are composition independent. This

method is numerically stable for all types of columns since



it avoids unstable tray by tray calculations. However, the
method requires that a large number of partial derivatives be
calculated numerically and solving the composition profiles
independently resticts the range of applications. Tomich
was one of the first to solve all equations simultaneously.

Naphtali and Sandholm (1871) presented a new approach
to separation calculations which works on a wide variety of
problems. The nonlinear equations of mass balances, energy
balances, and equilibrium relationships are grouped by stage
and solved simultaneously. The equations are linearized and
solved by a modified Newton-Raphson procedure. Convergence
increases as the solution is approached, as the linearized
equations become closer and closer to being exact. When the
equations and variables are grouped according to stage, the
matrix of partial derivatives is in block tridiagonal form,
which is particularly easy to solve. The authors show the
proper grouping of equations to create block tridiagonal
form and develop the equations needed to calculate the
Jacobian matrix. Inversion of the Jacobian is accomplished
by a Gaussian elimination scheme. The Newton-Raphson method
uses the inverted Jacobian to give the updated values of the
variables. Although the authors have tried to decrease the
amount of storage space required as much as possible, the
method still requires a large amount and is a major
disadvantage to this method. .

Goldstein and Stanfield (1970) have presented a Newton-
Raphson solution technique with improvements in speed and

efficiency. They state that one of the keys to the use of



the Newton-Raphson is in finding an economical method of
solving the linearized set of equations. They discuss the
two methods of ordering the equations. For columns with a
large number of trays and few components or composition-
dependent data, it is most efficient ﬁo group equations by
stage. However, for fewer trays and a large number of
components, it is more efficient to group the component
balances by component. The authors developed the second
method of grouping, though the technique is applicable to
either method of grouping. The inversion of the Jacobian
matrix is carried out by partial triangularization of the
matrix. Then Gaussian elimination of matrices is used to
invert the reduced matrix instead of elimination of
elements. The authors note that the Newton-Raphson
technique usually gives good direction toward the solution,
though sometimes the magnitude of the correction is too
large. They recommend using a fraction of the correction to
reduce the error. They also extended the algorithm to allow
solution of large towers. The column is sectioned off,
then in each section the temperature and loading profiles
are linearized. The resulting solution is an approximation,
but is very accurate for the product streams. By successive
applications of this procedure, the exact solution can be
obtained.

Gentry (1870) presents a method for the numerical
solution of a stagewise process. All non~linear terms are
linearized using Newton s method. The resulting material

and energy balances form a block band matrix. A block band
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matrix is a matrix in which the band elements are square
matrices. The aunthor assumes that each variable,
temperature, liquid, composition, is independent of the
other variables. This allows for the uncoupling of the
equations. This method is very similar to the Amundson-
Pontien (1958) method. This method of decoupling the
equations is probably not desirable for equations as coupled
as these.

A method for solving block band matrices has been
developed by Gentry (1870). The matrix is first rewritten
by arranging the blocks in a column matrix so that the first
non-zero entry appears in the first column. This saves an
enormous amount of storage space for large matrices. The
method is essentially Gaussian elimination with partial
pivoting. After elimination, solution is accomplished by
back substitution. Many methods using Gaussian elimination
fail where Gentry’'s method does not because partial pivoting
of the blocks is required. The success of this method of
solving block band matrices lies in its use of partial
pivoting.

Newman (1963) has proposed two methods of solution
of a distillation process. The first method updates
temperatures making distillation calculations by the Thiele-
Geddes method. The Thiele-Geddes method requires an
assumption of the temperature profiles in advance.
Calculations are done using the assumed temperatures. The
differences between one and the sum of the mole fractions on

any stage are related to the errors in the assumed
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temperatures using linear approximation. A linear
relationship is used to approximate the relationship between
temperature and sums of mole fractions.

Newman (1867) developed a second method for solution of
a distillation process which uses simultaneous solution of
all equations. The new method requires a large amount of
storage space but is preferrable to the previous method.

The new method is more general in its application,
especially in the flexibility of the specification of column
operating conditions. The first program had some problems
in updating liquid flows due to enthalpy balances. The new
program, however, includes the linearized enthalpy balances
and solves them simultaneously with the material balances.
The Jacobian is in the form of a block tridiagonal matrix.
The Jacobian is inverted by Newman’'s (1868) method for
solving coupled, ordinary differential equations. This
method is applicable to many different problems. Its
application to a distillation process is possible since the
distillation equations are similar to finite difference
approximations to differential equations. The distillation
equations involve unknown quantities for the stage above and
the stage below the one in question. This gives rise to the
similarities to finite difference approximations.

The method saves space by solving the Jacobian in
pieces. This allows for staorage of the error array (E
array) only and negates the storage of the entire Jacobian.
The program calculates derivatives associated with each

tray, including the tray below and tray above. Calls to
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Band, the numerical solution subroutine, are made on a tray
to tray basis in order to save storage space. Gaussian
elimination with partial pivoting is used to invert the
Jacobian.

This method is very general and encompasses a variety
of end specifications. Its basic disadvantage lies in the
vast amount of storage space needed for solution.

Ishii and Otto (1973) describe a method which employs a
multivariate Newton procedure to solve all equations
simultaneously for corrections to temperatures, flow rates
and compositions. The authors note that previous methods
based on linearization and simultaneous solution require
that a large number of partial derivatives be evaluated,
large storage space requirements, and long computational
times. These methods have difficulties incorporating
composition dependent enthalpy and equilibrium data. To
reduce the computational effort, the authors incorporate the
assumptions that K values are pressure, temperature, and
composition dependent and that enthalpies are only pressure
and temperature dependent. Using these assumptions in the
linearization process, the linearized equations only include
partial derivatives that have a dominant influence on the
solution. The authors used analytical techniques to
evaluate the partial derivatives since large amounts of
storage and calculational times are required for numerical
evaluation. The linearized equations then become sums of
matrix equations and are solved by an algorithm of the

authors or Gauss-Jordan elimination. The method converges
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for a broad range of initial assumptions, readily handles
complex column configurations, incorporates easily
composition dependent enthalpy and equilibrium data, and is
numerically stable for a wide range of feeds.

Venkataraman and Lucia (1988) discuss the convergence
characteristics of Newtdn-like solution methods. These

methods are only locally convergent and hust have good

initial profiles to converge for non-ideal problems. The
authors discuss the use of line searching, trust regions and
relaxation but prefer to improve the method of generating
initial profiles. The authors developed a procedure to
create initial profiles based on shortcut techniques such as
effective equilibrium ratios, Underwood’'s correlation and
constant molal overflow. The result was a successful tray
by tray which converged for ideal and non-ideal problenms.

Vickery, Ferrari and Taylor (1988) present a homotopy
continuation method to assist in convergence of Newton's
method. Homotopy continuation is a method in which a
sequence of related problems are solved beginning with an
easy problem to solve and ending with the more difficult,
desired problem solved. The authors chose to use the tray
efficiency as the continuation parameter. The method solved
all the difficult problems it was tried on without any
difficulty. The algorithm is an effective method for
solving separation problems that are difficult otherwise and
is easily implemented into any existing Newton method of
solution.

Kuno (1984) developed two methods to improve Wang and
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Henke’'s (1966) tridiagonal matrix solution method. The
methods focus primarily on improving convergence. The first
method is called partial normalization. It improves vapor
rates by giving priority to either light or heavy components
and replacing the normalization equation with partial
normalization. The components given priority have a self-
convergence nature and converge very quickly. Likewise, the
vapor rates of priority components approach a solution
rapidly and convergence is improved.

Kuno improved this method to converge for more types of
problems. The later method is called the enthalpy method.
The enthalpy method uses the priority components of the
partial normalization technique. A parameter is added to
the enthapies of each of these components. When the
priority components are the light components the parameter
is of positive value, when they are the heavy components
then the parameter is of negative value. The value of the
parameter is determined by trial and error. This method, in
effect, varies the numerical values of the enthalpies and
increases the speed of convergence.

A new class of solution methods for equilibrium
processes that have gained attention belong to the class of
“inside-out’ methods generated by Boston (1870). The
difference in the new method lies in the choice of variables
on which the solution is iterated. Previous methods
iterated on temperature profiles and interstage flow rates.
Boston's (1870) method iterates on defined volatility and

energy parameters. These variables were chosen since they
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are very weak functions of the temperatues and interstage
flow rates. This reduces the dependence of convergence on
initial estimates of temperatures and flow rates and

converges with exceptional stability and great speed.

Boston and Sullivan (1874) presented a detailed
analysis of the procedure with substantial improvements over
the previous procedure of Boston (1970). Defining
relations for the successive approximation variables,
volatility parameters and energy parameters, are given in
detail. The volatility parameters are defined so that they
compare easily with K values, and so that the parameters
which affect the stage temperatures the most are the least
sensitive to variations in the stage temperature. The
choice of these parameters tends to avoid the difficulties
associated with interactions between variables.
Corresponding temperatures are obtained from bubble point
calculations with the volatility parameters. The correction
of the volatility parameters is the outside loop. The
inside loop involves using these parameters to solve mass
balance and energy balance equations. The quasi-Newton
method of Broyden or direct substitution is used in updating
parameters. Using either solution technique, the method has
been shown to be both stable and efficient.

Boston and Sullivan (18972) have also developed an
improved algorithm for the solution of the component mass
conservation equations. There are two approaches which can
be used to write the mass balance equations. One of these

writes the mass conservation equations in envelopes that
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include a terminal stream of the column. This approach has
‘been shown to produce round-off error. The second approach
encircles only single stages. The system of equations that
result are in tridiagonal matrix form. Two methods
currently exist to solve tridiagonal matrices. The first,
involves forward elimination and back substitution. The
only step that produces round-off error is the subtraction
step in the forward elimination. The algorithm presented by
Friday and Smith (1964) contains no subtraction steps but is
cumbersome. The new algorithm is based on the first method.
The algorithm eliminates the subtraction step, reducing
error propagation with little increase in computational
time.

Boston aﬁd Britt (1978) presented an article detailing
the "inside-out” techniqué as applied to the solution of the
single-stage flash problem. The authors summarize the major
advantages of the ‘“inside-out’ technique. Simple model
parameters are used to replace temperature, pressure, and
composition eliminating the need for extensive complex
equilibrium and enthalpy models. These simple model
parameters are relatively insensitive to the accuracy of
initial estimates. Because of the choice of iteration
variables the initial Jacobian matrix may be approximated by
the identity maﬁrix. Subsequent Jacobians are approximated
by Broyden’'s method, eliminating the need to invert the
Jacobian even once. The aldorithm takes into account
different types of systems, initialization, and convergence.

Boston (1980) outlines the "inside-out’® procedure and
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its application to different equilibrium stage equations.

He lists the six most important features of this procedure:

(1)

(2)

(3)

(4)

(5)

(6)

Complex K-value and enthalpy models are used only
to generate parameters for simple models. These
parameters are unique for each stage of a multi-
stage systen.

These simple model parameters become the main (or
"outer loop") iteration variables, the role played
by the primitive variables temperature, pressure,
and vapor and liquid composition and phase rates
in Class I (Sum rates or Bubble point methods)

and Class II methods (simultaneous solution
methods).

The new outer loop iteration variables are
relatively free of interaction with each other,
and are relatively independent of the primitive
variables, hence precise initialization is not
critical to good algorithm performance.

The describing equations are expressed in terms
of the simple models, and are rearranged in a
novel way so that a complete solution for the
primative variables is possible. In most cases
this is achieved by converging an N-dimensional
inner iteration loop, where N is the number of
stages. In multi-stage applications, this inner
loop is particularly amenable to solution by
Broyden’'s quasi-Newton method, using the identity
matrix as the initial Jacobian.

The inner loop iteration variable for each stage
is a unique combination of temperature and phase
ratio which eliminates the need to make a
distinction between wide- and narrow-boiling
systems. In certain cases there are additional
inner loop variables. '

The primitive variables resulting from the
solution of the inner loop for a given set of
values of the outer loop variables are used to
calculate a new set of the latter through the
actual K-value and enthalpy models. The entire
problem is solved when these calculated values
match the corresponding assumed values. 1In
single-stage applications, convergence of the
outer loop is accelerated using the Broyden
quasi-Newton method with the identity matrix as
the initial Jacobian. In multi-stage
applications, it is converged either by direct
substitution or by the bounded Wegstein method.
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Russell (1983) of Badger Engineers, Inc. developed an
improved method belonging to the “inside-out’ class.
Russell had noticed that the set of stripping and withdrawal
factors in the Boston-Sullivan (1874) method often cause an
initial maldistribution of components when initial
temperature and vapor flow estimates are poor. To counter
these effects and increase speed of convergence, Sullivan used
relative stripping factors instead. The base stripping
factor remains the same throughout the calculations. The
scaling of the stripping factors moves the process material
up or down the column readjusting the compositions and puts
the starting point of the convergence procedure in the

initial vicinity of the solution.
Crude Distillation

One of the first processes in any petroleum refinery is
the separation of crude into various fractions by crude
distillation. Two types of crude distillation are used in
refining petroleum. First the crude is sent to the
atmospheric tower in which the crude is fractionated into
various fractions at slighlty above atmospheric pressure.
The bottoms product from the atmospheric tower, the
unvaporized crude, is sent to a vacuum tower. The vacuum
tower operates at subatmospheric pressure to further
fractionate the remaining crude. Regardless of its
importance, the technical literature is lacking in
information on crude distillation with even less information

being available on the computer solution of crude
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distillation columns.

One of the most comprehensive studies of crude
distillation is given by R. N. Watkins in Petroleum Refinery
Distillation. The book presents methods used in hand
calculations of atmospheric and vacuum distillation columns.
Watkins shows how to analyze crude and separate it into
hypothetical fractions, how to determine the appropriate
amounts of steam, and the number of trays between cuts.
Complete heat and material balances are given along with
detailed examples following step by step the procedure for
both types of columns.

Cecchetti, Johnston, Niedzwiecki and Holland (1963)
presented one of the first computer programs for crude
distillation. The method uses assumed temperature and vapor
rate profiles and iterates until these assumed profiles no
longer change. The calculations are carried out from the
condenser down to the feed plate and from the bottom plate
up. Material balances are used on each plate in this method
to obtain the compositions. Holland’s Theta-method of
convergence is used to correct the calculated compositions,
once they are merged at the feed plate. The desired set of
theta's are determined by the Newton-Raphson method,
numerically evaluating the partial derivatives. The next
set of temperatures are calculated from the compositions by
the bubble or dew point procedure. Sidestream strippers are
solved by the same method as the main column. Calculations
are done from the bottom of the sidestream stripper up and

the entering vapor compositions merged with those on the
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entering tray before continuing down the main column. This
method converges slowly because of the need to merge the
components at the feed tray. Special consideration must be
given to separated components, which can cause convergence
problems. Water is assumed to be in the vapor phase on all
trays except the condenser where two immiscible liquids are
assumed.

Hekim, Orrick, and Erbar (1873) presented a paper
recommending a procedure for short cut calculations for
distillation calculations in three phase systems. These
short cut calculations include predicting the minimum number
of trays and product distributions. The Fenske and Winn
methods are modified to»account for the second liquid phase
and/or azeotropic behavior. To avoid complexity the model
should be based on total liquid stream compostions. The
procedure is based on sound mathematical principles. A
short cut procedure enables the design engineer to save time
in computing distillation columns that are infeasible.
| Block and Hegner (1878) presented one of the first
simulation models of three-phase distillation. The model
incorporates two partly miscible liquid phases and a vapor
phase. The model works well for any combination of two- and
three-phase stages, defaulting to a two-phase distillation
column in the absence of a second liquid phase. A phase
splitting parameter is used to describe the phase separation
of the liquid at a stage. The method is a modified bubble
point method in which the liquid compositions are treated as

the independent variables. The procedure is summarized as
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follows:

(1) Assume initial set of average liquid compositions.

(2) Phase splitting is computed by iterative procedure
and the compositions of each liquid phase are
obtained.

(3) Temperature profiles and vapor compositions are
computed by a bubble point procedure.

(4) Liquid and vapor flows are calculated.

(5) Residuals of the component mass balance eqﬁations
are obtained.

(6) New liquid flows are obtained from the Newton-
Raphson procedure. Repeat until desired accuracy
is achieved..

A damping factor is used in updating the liquid
compositions. Convergence is dependent upon the initial
estimates of the independent variables. Stability is good
except when absorber type columns are simulated.

Hess, Holland, McDaniel and Tetlow (1977) present a
Newton-Raphson method to solve crude distillation columns.
Water is regarded as being distributed between the vapor and
liquid phases on all stages except for the condenser. On
the condenser, two liquid phases are presummed with the
liquids being immiscible. The composition matrix has off
band elements due to the sidestream strippers. The
sidestream strippers are numbered as extensions to the
column to keep the Jacobian as sparse as possible. The heat
and material balance equations are solved by the Newton-

Raphson, similar to its use in conventional distillation
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columns. The method requires a large amount of storage
space and computational time.

Hofeling and Seader (1978) presented a modified
Naphtali-Sandholm (1971) method for interlinked columns.

The modification retains the technique of total
linearization and simultaneous solution by a Newton-Raphson
procedure.v The equations are grouped by stage in this
method so it is important to number the stages so as to
minimize the off band elements. The stages are numbered as
if the interlinked column is located within the main column.
The solution of the composition matrix is modified to
account for the off band elements using forward elimination.
This method will also incorporate bypass or pumparound
streams.

Hidalgo, Correa, Gomez and Seader (1980) present a
method which provides for optimal arrangement of the
linearized equations for systems of interlinked, multistaged
separators. An algorithm was written which would
automatically arrange the linearized equations so that a
minimum or nearly minimum number of nonzero blocks appear
outside the tridiagonal band. An exhaustive search of all
ways of writing the equations is not feasible so the
computer search had to be limited. The authors found that
optimal arrangements occured along only one vector of the
matrix. The computer search space was limited to this ares.
The aldorithm was wriﬁten for use with the Newton-Raphson
procedure of Naphtali and Sandholm (1871).

Wasek and Socha (1980) discuss a solution method using
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the Newton-Raphson technique for steam strippers. The
strippers have no reboiler or condenser. Steam is assumed
to be in a vapor state throughout the column. The stripper
is solved separately from the main column for a given liquid
flow rate to the top of the stripper. Averaging modules are
used to make the choice of initial temperature profile and
vapor flow rates less critical, and to induce convergence.
All equations are solved similtaneously using the Newton-
Raphson technique for convergence. The method converged
even for slightly negative initial vapor flows.

Niedzwiecki, Springer, and Wolfe (1980) developed a
computer program called TPDIST for three phase distillation.
The program specifically accounts for liquid water in water-
hydrocarbon systems. The program modifies a previous one
liquid phase distillation program with a Newton-Raphson
convergence scheme. A technique was developed to modify K-
values to account for the second liquid phase. This limits
the set of equations to be solved. The program provides
accurate results for towers containing two liquid phases.

Stadtherr and Malachowski (1982) present a Newton-
Raphson method of solution for interlinked columns. The
method of solution is similar to that of Hofeling and Seader
(1978). The authors note that storage requirements become
an important problem in solving complex systems of columns.
With quasi-Newton solution methods, storage requirements are
increased significantly. However, the Jacobian is evaluated
only once and updated thereafter. This type of method is

particularly useful for highly nonideal solutions and when
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excessive time is consumed in calculating the partial
derivatives. The method of Hofeling and Seader requires
storage of all elements above the diagonal for back
substitution. The storage space requiremehts represent a
major problem. Therefore, it is desirable to minimize the
number of off band elements and their distance from the
diagonal. The authors describe two alternative procedures
to reduce the storage requirements. Both methods use
bordered matrix form. The bordered forms are obtained by
permuting the columns and rows of the original matrix. Two
bordered forms can be utilized, bordered-block-triangular
form and bordered-block tridiagonal form. The bordered
forms are solved by a combination of block elimination and
implicit back substitution in an algorithm developed by the
authors. Although the method offers a significant
improvement with respect to storage, there is some trade-off
with regard to increase in operations.

Kinoshita, Hashimoto and Takamatsu (1983) presented a
method to solve multicomponent distillation columns with
three phases of a vapor and two partially immiscible liquids.
The authors use phase-splitting parameters for derivation of
the basic equations. The method can be applied easily to
nonideal solutions or reactive solutions. The liquid
compositions of the two phases are in a way averaged and the
averaged ligquid compositions become the independent
variables. If the liquid compostions come out to be the
same in both phases, then only one liquid exists. No

convergence technique is applied, direct substitution is
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used, and still the method converges rapidly. The
application is quite successful and represents a powerful
procedure for three phase distillation problems.

Schuil and Bool (1884) presented a method to incorp-
orate three phases in flash and distillation calculations.
The model was incorporated in Russell’s (1883) distillation
- program. A mixed K-value model, an effective average of the
two liquid phase K-values,; is used without extensive
modifications to the existing program. The mixed K-value
model works well for systems with distribution of all
components over both liquid phases. The model also applies
to systems in which the second liquid phase is pure water.

Russell (1983) describes his method for solving crude
distillation columns. The method incorporates sidestrippers
and pumparounds in his conventional distillation program
discussed earlier. Russell numbers the sidestream stripper
stages as\if they were located on top of the column. The
method of Hofeling and Seader (1878), Gaussian elimination,
is used to solve the component mass balance equations which
are no longer tridiagonal. Convergence for the system is
the same as for the single column, with a few extra
variables. The method converges easily and quickly for
atmospheric and wet vacuum columns.

Ross (1879) presented a method for three-
phase distillation using the "inside-out’® technique of
Boston. The model incorporates Murphree tray efficiencies
and it was noticed that the appearance of a second liquid

phase depended upon the tray efficiency. This suggests that
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previous methods for simulating three-phase towers which
assume equilibrium trays may give misleading results.
Computation time is drastically reduced by removing the
liquid-1liquid equilibrium calculations to the outer loop.
The model successfully simulates azeotropic distillation,
both wide- and narrow-boiling systems, and highly nonideal

systems which require some damping between iterations of the

outer loop.



CHAPTER III
CRUDE DISTILLATION PRINCIPLES
Introduction

Crude distillation represents a special case of multi-
component, multistage continuous distillation involving
several elements peculiar to crude processing. This chapter
will look at the elements of crude distillation, the
equations which describe general distillation, particularly
those elements of crude distillation, and describe the

simulation package.
Crude Distillation

One of the first major processing units in any
refinery is crude distillation. Crude units separate the
crude o0il into fractions according to boiling point. Each
of the fractions represents a feed to another processing
unit and certain specifications for each fraction must be
met. Typical boiling point ranges for the various fractions
are given in Table I. Following is a description of crude
oil distillation borrowed liberally from Petroleum Refining
(Gary and Handwerk, 1984). Crude o0il separation can be
accomplished in one or two stages. A one stage crude unit
involves only one distillation column, the atmospheric

tower. The atmospheric tower fractionates the entire crude
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TABLE I
CRUDE DISTILLATION PRODUCTS

Fraction TBP(°F)

Butanes and Lighter

Light straight-run gasoline 80-180
Naphtha (heavy straight-run gasoline) 180-380
Kerosine 380-520
Light gas oil ' 520-610
Atmospheric gas oil 610-800
YVacuum gas oil 800-1050
Vacuum reduced crude 1050+

Source: Gary, James H. and Glenn E. Handwerk Petroleum
Refining. New York: Marcel Dekker, Inc. (1984) p.
32.
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feed at near atmospheric pressure.

Two stage crude units involve two distillation columns,
one operafing at atmospheric pressure and the other under
vacuum. Gary and Handwerk (1984) note, "Higher efficiencies
and lower costs are achieved if the crude oil separation is
accomplished in two steps: first, by fractionating the
total crude o0il at essentially atmospheric pressure; then,
by feeding the high-boiling bottoms fraction(topped crude)
from the atmospheric still to a second fractionator operated
at a high vacuum." A typical two stage crude unit is shown
in Figures 1 and 2. The vacuum tower further separates the
topped crude into fractions. These fractions cannot be
separated in the atmospheric column because the high
temperatures involved cause thermal cracking to occur,
resulting in coke formation and subsequent equipment
fouling. By operating under vacuum, the temperatures at
which these cuts vaporize is lowered, allowing for
separation. The bottoms product from the vacuum tower is
called vacuum reduced crude. The vacuum reduced crude can
be sent to a deasphalting unit or a coking unit to make low

grade fuel.
Preprocessing

Before the crude o0il is fractionated, it must be
desalted in order to minimize fouling and corrosion of
equipment. Along with the salt, some metals are partially
removed to prevent catalyst poisoning in subsequent catalyst

processing units. Desalting can be done in one or two stage
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units depending on the amount of salt in the crude.
Desalting is accomplished by mixing the crude ocil with
water. The salts dissolve in the wash water and the oil and
water phases are separated. Phase separation can be
accomplished in a settling vessel by adding chemicals to
break the emulsion or by inducing an electric field across
the vessel. Once desalted, the crude oil is sent through a
series of heat exchangers where its temperature is raised

to about 550°F. A furnace is used to further heat the crude

0il to about 750°F.
: ] ic Dj illati

The crude oil from the furnace is charged to the flash
zone of the atmospheric tower. A typical atmospheric tower
is shown in Figure 1. The furnace temperature should be hot
encugh to vaporize all of the side products plus about 20%
of the bottoms product. This is called a 20% "over—flash“ﬂ
and helps to increase fractionation by providing an internal
reflux and boilup. There are usually a few trays between
the flash zone and the introduction of stéam below the
bottom tray. This is to strip any remaining gas oil from
the bottoms product.

Reflux to the tower 1s provided by condensing part of
the overhead vapor and returning it to the top tray, by
pumparound streams and by pumpback streams. The ligquid
sidedraws use a large amount of the liquid flow thereby
requiring a large reflux. If all of the reflux is provided

at the top tray, a large liquid loading at the top of the
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tower results causing a very large diameter at the top of
the tower. Also, the liquid would have to be cooled to the
bubble point temperature requiring a large amount of low
temperature cooling source. By using pumparound or pumpback
streams the intermediate cooling can be done at higher
temperatures making the column more energy efficient.
Therefore, pumparocunds and pumpback streams are used to
introduce reflux at various points in the column.
Pumparound streams involve removing a liquid side streanm,
cooling it by heat exchange with the feed to the tower, and
returning it to the column. Pumpback streams are a portion
of a cooled side product stream returned to the column.
These cold streams help to condense some of the vapors when
returned to the column, increasing the reflux.

The sidestream draws are further stripped in éidestream
strippers. These strippers usually contain four to ten
trays and are used to strip out any light ends which are
then sent back to the tower. The-overhead condenser
normally condenses any pentane and heavier components and

the lighter gases are vented out the top.
v Distill .

The topped crude from the bottoms of the atmospheric
tower is fed to a heater and then to the flash zone of the
vacuum tower. A typical vacuum distillation unit is shown
in Figure 2. The vacuum tower is designed to minimize the
pressure loss from top to bottom thus minimizing the

pressure at the flash zone. This pressure determines the
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fraction of the feed that is vaporized for a given furnace
outlet temperature. The volume of vapor will be greatly
increased because of the low pressure, resulting in very
large column diameters. The elements of vacuum distillation
are very similar to those for an atmospheric unit. The
vacuum is maintained by the use of steam ejectors or a

vacuum pump. Typical vacuum column pressures are in the

range of 10-200 mm Hg.
Background

Distillation is a process based on the principle that
different components boil at different temperatures. A
mixture can be separated into different fractions by
distillation on the basis that the fractions boil at
different temperatures. A flash separator is a one-stage
distillation process in which a mixture is separated into a
vapor and a liquid. A distillation column can be thought of
as several flashes in series in which each stage represents
a flash process. For the purposes of modeling a
distillation column, it is assumed that each stage is an
equilibrium stage. 1In other words, the ligquid and vapor
leaving each stage are in thermodynamic equilibrium. In
order to model distillation columns it is necessary that the

following equations are satisfied:

(1) Equilibrium relationships
(2) Total material balance

(3) Component material balances
(4) Energy balances

These equations may be solved by grouping the equations by
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type or stage and solving the groups one after another. A
preferable method and the method used here is to solve all
equations simultaneously to help to account for the

interactions between variables.

The equilibrium relationships relate the vapor and
liquid compositions, decreasing the number of unknowns. The
conditions for equilibrium are the same for two- and three-
phase mixtures. The conditions for any number of phases in
equilibrium are:

(1) The temperatures of each phase must be equal.

(2) The pressures of each phase must be equal.

(3) The possiblity of a molecule of a component to
move from one phase to a second phase is exactly
counterbalanced by the possiblity of another
molecule of the same component moving into the
first phase from the second phase.

The last condition is the relationship between the vapor and
liquid compostion. This relationship can be described by
any of a number of thermodynamic packages. The vapor and

liquid compositions are related here by a combination of

Henry’'s and Raoult’'s laws as:
Pyi:pixi (1]

This simplifying assumption can be made since in crude
distillation the columns operate at low pressures. It
should be realized that this vapor pressure relation only
applies in conditions of low pressure, ideal gas, and ideal

solutions. The K-value is often used to relate the liquid
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and vapor compositions, where Ki is a function of
temperature and pressure. For any component i, y can be

related to x by:

Yi=K.1xi (21
For Raoult’'s law then the K-value is given by:

Ki=Pi/P (3]

The mole fractions of each phase will always sum to unity.

For two phases the following conditions hold:
inzl.o Zyi=1.0 [4]

In order for two or more phases to occur, the system
must be at a temperature between the bubble point and the
dew point. The bubble point is that temperature at which
the system is all liquid with one drop of vapor just ready
to form. The bubble point can be determined by finding the -

temperature which satisfies:
fKixizl.O (5]

The dew point is that temperature at which the system is all
vapor and one drop of liquid just ready to form. The dew
point can be determined by finding the temperature which

satisfies:
Zy;/K;=1.0 (6]

When between the dew point and the bubble point, a flash

calculation can be made at a specific temperature and



pressure to determine the amount of ligquid and vapor
produced. Equations [2] and [4] and a material balance

equation must be satisfied.
Total Material Balance

The total material balance is just a conservation of
mass equation written around either the whole column or a
single tray. For any column, the sum of streams entering
must be equal to the sum of the streams leaving the column.

This can be gxpressed as:
F.=D + B + &SL, + LSV, [7]
J J J

where the sum of the moles of each feed (Fj) equal the sum
of the moles of distillate (D), bottoms (B), and each side
product (SLj,SVj).

A schematic of a general single stage is shown in
Figure 3. A material balance around this stage can be
written as:

szLj+SLj+vj+SVj_Lj+i-V'

o1 (81

Component Haterial Balance

The component material balances are written for each
tray. These equations are similar to equation [8] except

they are for a single component. For component i:

szxi,j(Lj+SLj)+Vi,j(vj+svj)'

X, 5+1l5417Y5,5-1Y5-1 (9]
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If yij is replaced by Kijxij’ then for assumed liquid and
vapor flow rates there are m, the number of stages,
equations and m unknowns for each component i. Two terms
can be defined, similar to Russell’s (1983), which simplify

equation [9]. They are:
Bij=Lj+SLj+Kij(Vj+SVj) {10]

Ci;= Ky 5_1Y5.1 [11]

Then the component material balance becomes for each tray:

F5¥%5,3B13% %, 5-1%137%4, 5410501 (12

This set of equations may be expressed in matrix format as:

_Eim gim -‘;im ] —gm
im im-1 “im-1 im-]] m-1
[13]
~ "Ly Bis Cid | %52 £s
-Lz B . X. f
il L_ll L.l
) w——y — gt

This tridiagonal matrix format is easy to solve using a
method similar to Russell’s (1983). There are n matrix
equations, one for each component.

In this program the liquid hydrocarbon and the liquid
water are assumed immiscible. Therefore, the above
equations are not affected by the presence of water or
steam. The equations are written to take care of the
compositions of the hydrocarbon phase. ©Since the water and
hydrocarbon liquid are assumed immiscible, the liquid

compositions in the hydrocarbon phase are not affected by
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the presence of water. The water balance can be written

around a single tray as:

t + 1

H20 =~ YHz20,3 * lH20,3 T VH20,j-1 [14]

which implicitly includes the assumption that any liquid
water produced is drawn from the column in a water draw

tray. If water 1is produced on any tray the program will

notify the user so that the user may change the

specifications or make provisions for the water.
Energy Balances

The energy or heat balances are written around each
tray. Each tray is assumed to be adiabatic, although it
would be easy to incorporate a heat loss or gain on each
tray. The total energy balance around the tray shown in

Figure 3 is:

- vV L _ \
HFj—(Vj+SVj)H J.+(LJ.+SL;.‘)H i Vj-lH j-1
L
—Lj+1H j+1 [15]
The coresponding total vapor and liquid enthalpies are
obtained by:
Y = Zx..nl.. [18]
J 1] 1]
v v
. = . . .. 7
H Zylah i3 [17]

Substituting these equations into equation {15] and writing

yij in terms of K and x, the enthalpy balance becomes:



HF.=(V.+SV.) 2 K..x
J J J

. ..hV..
ij™ijs i3

L

+(L.+SL.) Zx..h"..
Jd J 1] 13

\

hy5-1

Vi1 ZEig%;;

L
"Ly injh i,3+1 [18]

When water or steam is present, the enthalpy effect of

cooling the steam must be accounted for in the enthalpy

balance.

This is treated as a heat input to the stage.

This heat input is added to the left side of equation [18].

Degrees of Freedom

The degrees of freedom of a system represents the

number of process variables that must be set in order to

completely describe a system. For an equilibrium systen,

the Gibb’s phase rule (VanWylen and Sonntag,

degrees of freedom as:

F=C-P+ 2

the degrees of freedom

where: F

C

the number of components

P the number of phases

(18]

This idea can be expanded to an equilibrium process.

An analysis of this type was presented in Chapter II of the

Phillips Fractionation Workshop (Erbar, 1883). The number

of specification variables (degrees of freedom), Ns

by:
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1978) gives the

is given
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N_=N_- N, +N

s v R T (20]

1

where: Nv the total number of variables in the process

=z
I

R the number of variables fixed by restraints on
the process

NT the number of recurring variables in the

process

Using this analysis a process stream is determined to have
C+2 independent variables. Therefore, a process stream can
be completely described by specifing C independent component
flow rates, the temperature, and the pressure. Likewise,
the number of independent variables can be obtained for an
equilibrium stage. The following is the procedure used to

calculate Ns for a single equilibrium stage.

4 streams 4(C+2)
Heat leak I
N = 4C+9
v
Component balance equations , C
Phase Distribution egquations C
Energy Balance 1
Equality of temperatures and
pressures of stream; leaving A
NR = 2C+3

Therefore, for a single stage, the number of process
variables that need to be specified are NS = 2C+6. The
stage could be set by completely specifying the two feeds to
the stage, the pressure on the stage, and the heat leak from
the stage.

Similar procedures can be used to find the number of
specifications required for a general column. The number of

specification variables for a condenser or reboiler is C+4.
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For a reflux divider, there are C+5 variables. There are
3C+8 variables required for a feed stage. The following is
an itemization of the procedure for a single feed column

with m stages:

m equilibrium stages m(2C+6)
Feed stage 3C+8
Reboiler and Condenser 2( C+4)
Reflux Divider ; C+5
Nv = (Zm+68)C+6m+21

Implied
The 2(m-1) interconnecting stages 2(m-1)(C+2)
7 Inteconnecting Streams 7C+14
NR = (2m+5)C+4m+10
‘'The number of stages 1
The location of the feed tray —_— 1
NT = 2
N = C+ 2m + 13

s

The column could be described by specifing the feed stream
and tray location, the total number of trays, the pressure
and heat leak on each tray and feed tray, pressure in the
condenser and reboiler, pressure and heat leak in the
divider, temperature out of the condenser, reflux rate and
bottoms rate. This represents only one way to specifiy a
column. Any of a number of different variables may be
specified but the number of specified variables must remain

the same.
S- ]I s] I'

The material and energy balance equations given earlier
are solved simultaneously by a modified Newton-Raphson

technique by Newman. The equations are organized by tray in
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the following order: component material balances around the
stage, sum of mole fractions equation, energy balance around
the stage, and total material balance around the stage.

There are n+3 equations for each stage. These equations are

then represented by:
AX=f [21]

where X is the vector of process variables to be soclved for
and E is the left side of each equation called the forcing
function. The Jacobian matrix is the matrix of partial

derivatives.
Jd = (dfi/dXi) [22]

Using the Newton-Raphson technique, the updated process

variables can be obtained by:

Xi+1 = X.1 - d x f, [23]

where J -1 is the inverse of the Jacobian.

Using Newman s method the Jacobian matrix is a block
band tridiagonal matrix. The inversion of the Jacobian is
done in steps, working on the three matrices of the band for
each tray. This eliminates the need to store the entire
Jacobian at once, storing only the inverted Jacobian. The
inversion technique is detailed by Newman (1867).

The Jacobian is made up of the following matrices. For
each tray, the three matrices making up the band elements
are A, B, and D. The A matrix is the partial derivatives of

the change in the forcing function with respect to the tray
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below (dE&/di&_l). Likewise, B is the matrix of partial
derivatives with respect to the tray in question, and D is
the matrix of partial derivatives with respect to the tray

above. The Jacobian then becomes:

By Dy o
43 By Dy
d = [24]
A B D
m-1 Am—l Bm-l
L m m____
$ig ™

The side stripper is solved in the same manner as the
main column, using the same set of equations. The stripper
is different in the respect that it has no condenser or
reboiler, and only one liquid feed on the top tray. The
stripper is solved using an assumed composition of the
liquid feed equal to the current composition of the tray in
the main column from which it is drawn. The stripper is
completely solved between iterations of the main column,
using the vapor from the top tray of the stripper as a feed

to the main column.
Pumparounds

Pumparound streams are solved as a combination of a
side product stream and a feed stream to the main column.
The pumparound stream re-enters the column, as a feed, at a

reduced enthalpy. The composition profile of the pumparound
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stream is updated between each iteration as the composition
of the tray from which it is drawn changes. The solution
requires that the user set a duty for heat removal in the

pumparound stream.
Simulation

The program is designed to model a crude tower or

conventional distillation column in continuous operation.
The program will not model startup, shutdown, or transient
behavior. The description of the program is split up into
the following sections: nomenclature, block data, input
section, the main program, and subroutines. The
nomenclature section is provided to supply the reader with a
reference for all variables used in the code. The listing
is a quite extensive list of variables, arrays and

subroutines. Included are definitions for each listing.
Block Data

The block data section contains all of the data needed
for use in the program for each of the pure components
listed in Table II. The component database contains data
for Antoine’s equation coefficients for calculating the
vapor pressure, molecular weights, ideal gas enthalpy
coefficients, heats of vaporization, and specific gravities.
The coefficients of Antoine’s equation were obtained from
three sources: Jordan (1954), Lange’ s Handbook of Chemistry
(Dean, 1985), and Felder and Rousseau (1978). The ideal gas

enthalpy coefficients are from the API Technical Data Book
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NUMBER NAME NUMBER NAME
1 Hydrogen 32 2-Methyl-1-Butene
2 Methane 33 3-Methyl-1-Butene
3 Ethane 34 2-Methyl-Z2-Butene
4 Propane 35 l1-Hexene
5 i-Butane 36 Cyclopentane
B n-Butane 37 Methylcyclopentane
7 i~-Pentane 38 Cyclohexane

. 8 n-Pentane 39 Methylcyclohexane
g neo-Pentane 40 Benzene
10 n-Hexane 41 Toluene
11 n-Heptane 42 o-Xylene
12 n-0Octane 43 m-Xylene
13 n-Nonane 44 p-Xylene
14 n-Decane 45 Ethylbenzene
15 n-Undecane 46 Nitrogen
16 n-Dodecane 47 Oxygen
17 n-Tridecane 48 Carbon Monoxide
18 n-Tetradecane 49 Carbon Dioxide
18 n-Pentadecane 50 Hydrogen Sulfide
20 n-Hexadecane 51 Sulfur Dioxide
21 n-Heptadecane 52 2-methyl-Pentane
22 Ethylene 53 3~-methyl-Pentane
23 Propylene 54 2,2 dimethyl-Butane
24 1-Butene 55 2,3 dimethyl-Butane
25 cis-2-Butene 56 1-Heptene
26 trans-2-Butene 57 Propadiene
27 i-Butene o8 1,2-Butadiene
28 1,3 Butadiene 59 Ethylcyclohexane
29 1-Pentene 60 Ethylcyclohexane
30 cis-2-Pentene 61 Water
31 trans-2-Pentene
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(1876) and the heats of vaporization from Lange’s Handbook
of Chemistry (Dean, 1985). The specific gravities are at
60°F referenced to water at B0°F. They come from Lange’s
Handbook of Chemisty (Dean, 1985) and GPSA Databook (1881).
Although data exists for only 61 -components, the data
base can be easily extended to accomodate any of a number of

components. To extend the utility of the program, the space

has been provided to allow for hypothetical components.
Input Section

The input section is part of the main program. Data
may be input interactively from a terminal or from a file.
After inputting data interactively, the program allows the
user to save the file. This allows the user to make simple
changes to the column without re-entering all of the data.

The procedure for entering the data by file is
reviewed. Data is entered in the same order from a
terminal. Interactive input is not discussed here as the
program is user friendly and self explanatory. The easiest
method is to enter data interactively first and save the
file. The format of the file is given so that the user may
make changes. To enter data by file, the user must create a
data file. This data file name must be entered into the
program. The format of the file is given in Figure 4.

Where the variables are listed the values of those variables
should be substituted. The file is set up to allow the user
to substitute his own physical and thermodynamic properties

instead of those calculated by the program. This increases



FILENAME .DAT

TITLE
NC,NCO,NSTAR,NH20

ID(I),AK(I),BK(I),CK(I)
AH(I),BH(I),CH(I),DH(I)
EH(I),FH(I),WHMOL(I),DELH(I)
GSG(I),BP(I)

NS,NF,LIM
JCOTYP,ND,NSDS
REBT

STEAM, TSTEAM
AL(NS),AL(1)
T(NS),T(1)
P(1)

P(2)

P(NS-1)
P(NS)

IFTRAY(JF),WLF(J),TFEED(J)
FX(1,J)
FX(2,d)

FX(NC-1,J)
FX(NC,J)
HF(J),F(J)

IDRAW(JD)
SL(J),SV(J)

ISTRAY(JJ)
SL(JS)
NSS(JS)
SR(JJ),TS(JIJ)
ALS(JJ)
PS(JJ)

THIS SECTION IS
REPEATED FOR
EACH COMPONENT

THIS SECTION IS

REPEATED FOR
EACH FEED

REPEAT FOR
EACH DRAW

REPEAT FOR
EACH STRIPPER

Figure 4: Input Data File Form
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the flexibility of the program and is very useful when

working with hypothetical components.
IThe Main Program

The main program reads in all the input data,
initializes liquid, temperature, and vapor profiles,
calculates the assumed liquid composition, formulates the
Jacobian, calls the solving subroutines, and updates the
profiles.

This same routine is followed for both the main column
and the strippers. The order for solution is as follows:

(1) Constant molal overflow iterations are done for
the main column.

(2) Each stripper is solved using the current liguid
compositions on the stage from which the liquid
feed is drawn.

(3) The vapor leaving each stripper is fed to the main
column.

(4) The feed to the column from a pumparound stream is
assumed.

(5) One iteration of the main column is performed.

(B8) Check for convergence.

(7) Return to step 2 if convergence criteria are not
satisfied.

To further illustrate how the program works, the

procedure for solving a single distillation column will be
reviewed.

Initially, the program sets all variables to zero to
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clear any data from previous runs. The input sections reads
data interactively from a terminal or from a file. A
database is setup which contains all of the process
variables and the data for each component from block data.
Input variables include pressures and estimated tray
temperatures, number of trays, reflux rate and component
identification numbers. For each feed, the inputs are feed
rate, liquid fraction, temperature, and component feed
rates. Component feed rates should_be entered in 1lb moles.

Hypothetical components can be specified when entering
the component identification number. For each hypothetical
component the program will prompt the user for the normal
boiling point, the molecular weight, and the specific
gravity. If the molecular weight is unknown, the program
can calculate it if the user desires. The program then
calculates the coefficients for Antoines’ equation using the
formula of Dreisbach (1952). The program will allow thse
user to change the input variables for the hypothetical
components if these coefficients are not acceptable. Once
all of the input data has been read, the program allows the
user to save the input data to a file. This allows simple
changes to be made to the file, without having to re-enter
all of the data.

The first step is to initialize temperatures and flow
rates. All tray temperatures may be input if desired.
Otherwise, the program will calculate intermediate tray
temperatures based on a linearization of the top and bottom

temperatures over all trays. The liquid flows are
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initialized to constant molal overflow flow rates.

The next step occurs within the iteration loop and is
the first step of every iteration. Vapor flow rates are
generated from a material balance around each tray using the
assumed liquid rate profile. The component material
balances are set up by component. The resulting tridiagonal

matrices are solved by a method similar to Russell’'s (1883).

The result is the liquid composition profile.

The next step is to form the matrix storage arrays
which store the Jacobian. The three matrices applying to
any one tray are specified for constant molal overflow. If
the iteration is a constant molal overflow iteration, the
subroutine Band used to solve and invert the Jacobian is
called. After calling Band for each tray, the temperature
profiles are updated and one iteration is complete. The
program returns to the section that calculates vapor flows
and starts another iteration.

For non-constant molal overflow itérations, full heat
balances are done on each tray. The three matrices must be
further specified for the partial derivatives of the
enthalpy balance and the total material balance. Once Band
has been called for each tray, the liquid and temperature
profiles are updated. Liquid changes are limited to 40%
fractional change of the current liquid flow for that tray.
Temperature changes are limited to 10°F on each stage.
These limits can be easily changed. Once the profiles are
updated, the program returns to the section that calculates

the vapor profiles.
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Once the ligquid compositions are calculated, the
program checks for convergence. The program checks the
change in liquid compositions from one iteration to the next
to see if the difference is less than the tolerance. Next,
the program checks the sum of the liquid changes and the sum
of the temperature changes. If any of these convergence
criteria are not met, the program performs another
iteration. If the upper limit of iterations is exceeded,
the program exits with a message of an unconverged solution.

The output section calculates reboiler and condenser
duties. The program outputs all feeds and products. Also
printed out are the amount of sour water produced and the
reboiler and condenser duties. The program prints out
vapor, liquid, and temperature profiles and the liquid
composition profile.

The method described above is for a single column. The
solution method with multiple columns is.similar with an
inner convergence loop of all strippers inside the outer

convergence loop of the main column.
Band and Solver Subroutines

The subroutines BAND and SOLVER are modified code from
Newman (1967). No attempt was made to derive a matrix
solution. Many matrix solution methods are available and
can be easily incorporated using the same method as used
here. Newman's progrém was selected for its widely
convergent characteristics. The program is versatile and

has many uses.



o4

These subroutines invert and solve the Jacobian matrix.
The subroutine BAND was developed so that the entire
Jacobian does not need to be stored at once. The main
program calls BAND on a tray by tray basis. BAND partially
inverts the Jacobian at each call, storing the partial
Jacobian in the E array. The subroutine BAND calls the
subroutine SOLVER to solve the inverted Jacobian. Once BAND
has been called for each tray the entire Jacobian has been

inverted and solved.
Equilibri Calou] . Sul .

The subroutine that calculates‘the K-values and K-value
derivatives is called KVALUE. The K-value calculations are

based on Raocult’'s and Henry s law:

yiP = PyXy (1]

This law is valid for ideal mixtures at low pressures.
Raoult’'s law is usually valid for wvalues of X, close to
unity and can be valid for any value of X where the mixture
is of similar substances such as a mixture of straight-chain
hydrocarbons (Felder and Rousseau, 18978). According to
Green (1984), equation [1] can be used for K-value data if
the total system pressure is less than 2 atmospheres and the
liquid phase is ideal. From equation [1], the K-values, Ki,

which are defined as yi/xi may be determined as:

K., =p;/P (3]

Antoine’s equation is used to calculate the vapor
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pressure. The form of Antoine’s equation is:
log p; = Ai - Bi/(T+Ci) [25]

For the 81 component database, the values of Ai’ B. and Ci

i
have been provided. For these coefficients, the vapor
pressure is in mm Hg and the temperature in °c. For

hypothetical fractions, equation [25] becomes:

In P; = Ai—Bi/(T+Ci) (26]

The values of Ai’ Bi and Ci are calculated by the main
program using Dreisbach’s (18952) relation. The vapor
pressure is in psia and the temperature in °F.

K-value temperature derivatives are also calculated in
this subroutine. For the pure components, the K-value

derivatives are:
EQDT = pi(-Bi/(T+Ci)zlog10/P [27]
For the hypothetical fractions, the derivatives are:

EQDT = pi(-Bi/(T+Ci)2)/P [28]

Enthal caleulati Syl .

The enthalpy calculations include calculations for
liguid and vapor enthalpies and enthalpy temperature
derivatives.

The subroutine VENTH calculates the vapor enthalpies.
For the pure components, the enthalpy is calculated from the

correlation in Chapter 7 of the American Petroleum



Institute’s Technical Databook (1876). The correlation is
for ideal gas enthalpies and is a function of temperature
only. The hypothetical enthalpy calculations come from the
GPAEKXH computer program (Erbar, 1874). The coefficients
used are functions of the specific gravity and the mean
average boiling point of the fraction. The enthalpy is a
function of temperature.

The VLNTH subroutine calculates the liquid enthalpies.
The same correlations used above are used here. The liquid
enthalpy of the pure components are obtained by subtracting
the heat of vaporization from the vapor enthalpy.

The VENHDT calculates the temperature derivatives of
the enthalpies. The heat of vaporization assumed not to be
a function of temperature. Therefore, the derivatives of

the vapor and liquid enthalpies are the same.
Solution Strategy

The details of each section of the program have been
presented. The purpose of this section is to show how the
sections fit together. The solution strategy is detailed,
similar to the solution strategy in Gas Conditioning and
Processing, Volume 3 (Maddox and Erbar, 1882).
(1) Input the system conditions
A) Temperatures of top and bottom stages
B). Components and relative amounts
C) Hypothetical component parameters

(2) Calculate the feed conditions

(3) Estimate the temperature and liquid rate profiles
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(4)
(5)

(6)
()
(8)
(9)

(10)

(11)
(12)

(13)
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Calculate the vapor rate profile

Calculate the K-values based on the estimated
temperatures

Estimate the component liquid and vapor rates for
each tray

Set up and solve each stripper

Set return feeds to the main column

Estimate Pﬁmparound streams

Correct temperature and liquid and vapor rate
profiles

Check for convergence

Return to step (4) until desired tolerance is
reached

OQutput input variables and solution



CHAPTER 1V
RESULTS AND DISCUSSION
Introduction

The intent of this section is to illustrate the uses
and validity of the model. Different case studies will be
reviewed to show thé'range of applications of the program.
For each case study, the assumptions used and the input
variables will be given. The results of each study are
given and comparisons to existing data, where available,
will be presented. The final tests of the program will be
an atmospheric column design and a model of an existing

crude unit compared with industrial operating data.
Convergence Techniques

It is important toc have good initiasl estimates of the
column conditions for a Newton-Raphson technique of
solution. When using the program to model an existing
column, these initial estimates are readily available. For
these conditions, convergence is virtually assured. When
designing a new column, it is necessary to properly estimate
temperatures and flows. |

To model a crude column it is important to properly

characterize the crude. The characterization is dependent
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upon the number and size of the fractions. If fractions are
split up on a TBP curve, it is important to carefully
extrapolate the curve to split up the light and heavy ends.
These fractions will not be very asccurate so it is important
to take as much care in doing this as possible. By
increasing the number of fractions, the accuracy of the
average boiling point and specific gravity of each fraction
is increased. This increases the overall accuracy of the
characterization.

When designing a crude tower, it is important to
carefully analyze the amounts of each cut. It is
recommended that the user utilize the shortcut techniques of
Watkins (1979). From Watkins method it is easy to obtain
the approximate steam rates to the column and the strippers,
the number of trays between cuts, and reflux to the column.
When a column is estimated in this manner, speed of
convergence will be greatly increased. The most crucial
elements to convergence are the specifications of reflux
rate and feed boilup. When these specifactions are
reasonable, the model will converge for wide ranges of

starting temperature profiles.
Model Verification

The different elements of the program were each
analyzed by a series of case studies. The purpose of these
case studies was to analyze independently each aspect of the
program and verify its validity. The inputs, outputs, and

results are presented in Appendix B.
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The entire program is tested by simulating three
different crude towers. The first crude tower is an
atmospheric crude tower design. The results are compared
with the amounts of each product published for the specific
crude. The other two simulations are models of an existing
crude unit. The results are compared to operating
conditions of these columns. The crude characterizaion,
simulation inputs and outputs, and the results are presented

in the Appendices.
Case Study I

The first test of the program was to test the default
column, a simple conventional 2-phase distillation column.
A hypothetical column of 13 trays and one feed was solved.
The solution was compared to the solution of the same column
from MAXISIM (Erbar, 1987), a proven successful simulator.

Table III shows the comparison of the two simulators
for product rates. The temperature and liquid rate profiles
are very similar and well within a 1-2% error. These
differences can be accounted for by the use of vapor
pressures to calculate K-values and the use of ideal gas

enthalpies instead of the use of the SRK equation of state.
Case Study II

The second test was to compare the program to publish-
ed tray by tray output for a stripper. The HZS stripper
data was found in Gas Conditioning and Processing (Erbar and

Maddox, 1982). The intent of this test was to show that the



TABLE III
PRODUCT RATE COMPARISON OF 2 PHASE DISTILLATION

DISTILLATE

MAXISIM PROGRAM DEV %ZDEV
Component
C3H8 1.000 1.000 0.000 0.00
NC4H10 2.000 2.000 0.000 0.00
NC5H12 2.998 2.998 0.000 0.01
NC7H16 2.002 2.002 -0.000 -0.02
NC10H22 0.000 0.000 0.000 0.00
NC13H28 0.000 0.000 0.000 0.00
NC15H32 0.000 0.000 0.000 0.00
RATE, LBMOLS/HR 8.000 8.000 0.000 0.00
TEMPERATURE, F 126.870 127.117 -0.247

BOTTOMS

MAXISIM PROGRAM DEV #DEV
Component
C3H8 0.000 0.000 0.000 0.00
NC4H10 0.000 0.000 0.000 0.00
NCSH12 0.002 0.002 0.000 0.00
NC7H16 2.988 2.998 0.000 0.00
NC10H22 22.000 22.000 0.000 0.00
NC13H28 30.000 30.000 0.000 0.00
NC15H32 40.000 40.000 0.000 0.00
RATE, LBMOLS/HR 85.000 85.000 0.000 0.00
TEMPERATURE, F 373.280 367.579 5.701
DUTIES
REBOILER, BTU/HR 947604 708608 238997

CONDENSER, BTU/HR -163108 -1526886 -10423
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program worked for columns without a reboiler or a
condenser.

The products obtained from the program and those
published are shown in Table IV. The products produced by
the program are very close to those printed by Erbar and
Maddox (1982). The errors in distribution of the components
can be attributed to the differences in K-values. The heavy
component was only classified as "heavy’ with the molecular
weight given. The molecular weight was closest to
heptadécane so this component was used to approximate the
heavy fraction. The success of this simulation shows that
the program can be applied to the solution of a steam
stripper, which is very similar to the HZS stripper solved

here.

Case Study III

This case study involves the design of a crude tower
column for an Iranian crude. The characterization of this
crude is given in Table V. The crude tower was designed
with sidedraws in place of sidestream strippers and no
pumparounds. The column is steam stripped with no reboiler.
This test show the applicability of the program for columns
using steam stripping and the accuracy of the hypothetical
component correlation.

Yields for each cut in an atmospheric column using this
crude were given with the assa& data along with the required
number of trays between cuts. No mention was made of steam

rates to the column, operating conditions, or pumparounds.



TABLE IV

H2S STRIPPER PRODUCT COMPARISON
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Component
H2S

N2

c02
CH4
C2HB
C3H8
iC4H10
nC4H10
iC5H12
nCSH12
HEAVY

RATE, LBMOLS/HR
TEMPERATURE, F

Component
H2S '
N2

c02

CH4
C2H8B
C3H8
iC4H10
nC4H10
iC5H12
nC5H12
HEAVY

RATE, LBMOLS/HR
TEMPERATURE, F

GAS LEAVING

PUBLISHED PROGRAM DEV
4.98 5.34 0.35
6.82 6.85 0.03

25.82 31.46 5.64
248 .49 258.97 10.48
87.40 77.81 10.41
75.64 88.81 13.17
17.87 19.88 2.19
47.45 53.96 6.51
15.91 17.42 1.51
28.58 31.18 2.80
0.00 0.00 0.00
538.77 591.865 52.88
130.08 129.64 -0.45

STRIPPED CRUDE

PUBLISHED PROGRAM DEV
2.00 1.85 -0.35
0.25 0.22 -0.03
5.64 0.01 -5.63

27.80 17.32 -10.48
38.866 28.26 -10.40
98.38 85.19 -13.17
48.43 46.24 -2.18
181.97 175.46 -8.51
145.92 144 .41 -1.51
338.50 335.90 -2.80
5011.48 5011.48 0.00
5898.01 5846. 14 -52.87
129.05 128.36 -0.869

ZDEV

21

17

[
<O O www

.95%
.41%
.83%
.22%
15.

45%

.41%
12.
L72%
.48%
.08%
.00%

42%

.81%

#DEV

.35%
.00%
.82%
.70%
.90%
.39%
.53%
.58%
.03%
T7%
.00%

.90%



TABLE V
IRANIAN CRUDE CHARACTERIZATION

VOL% TBP MWT 5.G

COMPONENT

C2 0.04

C3 0.62

IC4 0.32

NC4 1.34

ICS 1.23

NC5 1.85

Cé 3.39

FRACTION 1 1.41 173 80 0.7201
FRACTION 2 6.00 215 104 0.7368
FRACTION 3 6.00 280 116 0.7620
FRACTION 4 8.00 354 140 0.7826
FRACTION 5 8.00 430 170 0.8040
FRACTION 6 8.00 510 185 0.8373
FRACTION 7 8.00 590 230 0.8524
FRACTION 8 8.00 863 265 0.8794
FRACTION 8 8.00 748 340 0.8013
FRACTION 10 6.00 832 - 420 0.8309
FRACTION 11 6.00 920 480 0.8458
FRACTION 12 6.00 1090 550 0.9712
FRACTION 13 6.00 1130 8600 1.0283
FRACTION 14 6.00 1180 8690 1.0528

OVERALL CRUDE
MOLECULAR WEIGHT 233.86
SPECIFIC GRAVITY 0.8756
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The program was run using the data available making
approximations for reflux rate, steam rate, and pressure.
Comparisons of the yields are given in Tablg VI. The
volume percent yvields and gravities obtained by the program
are well within the errors expected when designing a column.
The column design including inputs and outputs is given in

Appendix B.
Case Study IV

The following case study uses the same data and column
conditions as in case study III. The column has all the
same features as before except now it includes a pumparound
stream. The pumparound stream does not upset the balance of
products and requires only a few extra iterations. The

computer output for this column is given in Appendix B.
Case Study V

This case study uses the same crude and coluhn
conditions as in case study III. The only difference is
that one of the sidedraws is steam stripped. This case
study verifies the sidestream stripper section of the
program. The program also allows for the pumpback of some
of the liquid product from the stripper to the main column.
The pumpback was also applied here. The computer outputs

for this case study are located in Appendix B.
Iranian Crude Tower Design

An stmospheric crude column was designed for an Iranian



TABLE VI
COMPARISON OF YIELDS IN CASE STUDY III

—— - —— - - ———— ———————————————————————————————— — -

PRODUCT YIELDS

PUBLISHED PROGRAM DEV
PRODUCT
OVERHEAD GAS 2.80% 1.30% ~1.50
GASOLINE 9.30% 9.90% 0.60
No. 1 CUT 9.70% 10.80% 0.90
No. 2 CUT 4.00% 4.00% 0.00
No. 3 CUT 3.80% 4.50% 0.60
No. 4 CUT 13.60% 12.20% -1.40

RESIDUUM 56.70% 57.50% 0.80
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crude whose characterization is given in Table V. The
column was designed with four side cuts with the bottom
three cuts steam stripped. No pumparounds or pumpbacks were
included. The number of trays between cuts was given with
the assay data along with volume percent yields. These
numbers were used along with estimates of the reflux rate,
steam rate and temperature, and pressure of the column. The
inputs and outputs of the simulation for this column are
given in Appendix C. The program took 25 iterations to
converge. The temperature profile and liquid rate profile
are shown in Figures 5 and 6, respectively. The profiles
look reasonable and the yields are very similar to those

published with the assay data.

Louisianna Crude Unit Comparison

The final test of the program was to compare it to
industrial operating data available for an existing crude
unit. The model consists of two columns, a preflash tower
and an atmospheric tower. The products from the preflash
tower are the feeds to the atmospheric tower.

The crude charge to the preflash tower is a mixed
Louisianna crude. A Louisianna mixed crude was chosen that
seemed comparable to the one at which the unit was
operating, which was unavailable. The major difference
between the characterized crude and the operating crude is
in the volume percent of light ends. The characterized
crude has only about 1% light ends where the operating crude

has about 3% light ends. The difference in light end
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analysis should be considered when looking at the results
obtained. The characterization of the crude used in the
model is given in Table VII. The results and outputs from
the program are given for both columns in Appendix D.

Operating temperature comparisons for both towers are
given in Table VIII. Overall, the temperatures are good,
but tend to deviate from experimental data by approximately
twenty degrees. Part of this error can be attributed to the
accuracy of the characterization of the crude. The
difference in the condenser temperature can be attributed to
the light ends difference discussed above.

Figure 7 shows the temperature profile for the
atmospheric column. Overlayed on the graph as, +°'s, are the
operating temperatures for that column. The profile is
smooth and proceeds in the same direction as the operating
data.

Each of the side cuts and products were compared based
on their gravities. Table IX shows the comparison of each
of these gravities with operating data. The numbers
obtained from the program are extremely close and show that
the program models quite accurately the steam strippers and

the splits of each cut.



TABLE VII

LOUISIANNA CRUDE CHARACTERIZATION
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VOLX TBP
COMPONENT
c2 0.03
C3 0.20
IC4 0.20
NC4 0.27
ICS 0.48
NC5 0.44
CYCCS 0.02
FRACTION 1 1.38 110
FRACTION 2 2.00- 143
FRACTION 3 4.00 180
FRACTION 4 4.00 242
FRACTION 5 4.00 288
FRACTION 6 4.00 332
FRACTION 7 4.00 374
FRACTION 8 6.00 416
FRACTION 9 6.00 461
FRACTION 10 6.00 508
FRACTION 11 6.00 552
FRACTION 12 6.00 599
FRACTION 13 4.00 835
FRACTION 14 4.00 664
FRACTION 15 4.00 697
FRACTION 18 6.00 744
FRACTION 17 6.00 810
FRACTION 18 8.00 886
FRACTION 18 6.00 980
FRACTION 20 6.00 1085
3.00 1210

FRACTION 21

OVERALL CRUDE
MOLECULAR WEIGHT 220.8
SPECIFIC GRAVITY 0.8380
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87
101
115
129
143
158
174
193
